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Factors for Converting AE and CGS Units to SI Units

To convert from To Multiply by
Area

ft? m? 0.0929

in? m? 6.452 x 107*
Acceleration

ft/h? m/s 2.352 x 1078
Density

Ib,, /¢ kg/m? 16.02

Ib,, /gal (US) kg/m? 119.8

g/cm? kg/m® = g/L 1000
Diffusivity, Kinematic Viscosity

ft2/h m?/s 2.581 x 1073

cm?/s m?/s 1x 1074
Energy, Work, Heat

ft-1b; J 1.356

Btu (IT) J 1055

cal (IT) J 4.187

erg J 1x 1077

kW-h J 3.6 x 10°
Enthalpy

Btu (IT)/1b,, J/kg 2326

cal (IT)/g J/kg 4187
Force

Ib, N 4.448

dyne N 1x107
Heat-Transfer Coefficient

Btu (IT)/h-ft>-°F W/m?2-K 5.679

cal IT)/s-cm? -°C W/m?2-K 4.187 x 10~
Interfacial Tension

Ib,/ft kg/s? 14.59

dyne/cm kg/s? 1x10™
Length

ft m 0.3048

in m 0.0254
Mass

b, kg 0.4536

ton kg 907.2

tonne (metric ton) kg 1000
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To convert from To Multiply by
Mass Flow Rate

b, /h kg/s 1.26 x 107*

b, /s kg/s 0.4536
Mass Flux, Mass Velocity

Ib,, /h-ft? kg/s-m? 1.356 x 1073
Power

ft-b,/h W=1/s 3.766 x 10~

ft-1b; W =1/s 1.356

hp W=1J/s 745.7

Btu (IT)/h W =1/s 0.2931
Pressure

Ib, /ft? Pa 47.88

Ib, /in® Pa 6895

atm Pa 1.013 x 10°

Bar Pa 1x10°

torr = mmHg Pa 133.3

in Hg Pa 3386

in H,0 Pa 249.1
Specific Heat

Btu (IT)/1b,,-°F J/kg-K 4187

cal/g-°C J/kg-K 4187
Surface Tension

Ib,/ft N/m 14.59

dyne/cm N/m 0.001

erg/cm? N/m 0.001
Thermal Conductivity

Btu (I/T)-ft/h-ft>-°F W/m-K = J/s-m-K 1.731

cal (IT)-cm/s-cm?-°C W/m-K = J/s-m-K 418.7
Velocity

ft/h m/s 8.467 x 1073

ft/s m/s 0.3048
Viscosity

Ib, /ft-s kg/m-s 1.488

Ib_ /ft-h kg/m-s 4.134 x 1074

cP kg/m-s 0.001
Volume kg/m-s 0.001

ft® m3 0.02832

L m’ 1x1073

gal (US) m3 3.785 x 1073
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Preface to the Fourth Edition

INTRODUCTION

Separation Process Principles was first published in 1988 to
provide a rigorous and comprehensive treatment of industrial
separation processes in the form of a student-friendly textbook
format. Both equilibrium-stage and mass-transfer (rate-based)
models were covered. Included also were chapters on thermo-
dynamic and mass-transfer theory for separation operations.
Five of the 15 chapters began with an example of an indus-
trial separation process and descriptions of how and why
modern process design techniques evolved. The 2006 second
edition expanded the coverage of mass-transfer-based design
methods by adding three new chapters (16, 17, and 18)
covering leaching, washing, crystallization, desublimation,
evaporation, and drying of solids. In the 2011 third edition,
the content was enlarged to include approximately 175 pages
on biochemical separations as well as a new Chapter 19
covering mechanical phase separations such as filtration
and centrifugation. The title of the third edition, Separation
Process Principles—Chemical and Biochemical Operations,
reflected this expansion.

This new condensed fourth edition focuses on material
widely taught in undergraduate separations courses and
on process simulations using Aspen Plus, CHEMCAD, and
ChemSep to design separation operations. Hence, the new title
for the fourth edition: Separation Process Principles—with
Applications Using Process Simulators. Professor Seader
began using process simulation programs in 1957 while
engaged in process design in the petroleum industry and was
the AIChE Institute Lecturer on this subject in 1984. Professor
Henley founded what is now Chemstations and was its first
president (when it was named COADE). Professor Roper
introduced simulation to vaccine process development in
1997. Authors of this fourth edition believe that students who
learn to solve separation problems with process simulators as
juniors will be well prepared to tackle difficult process design
problems in their senior year. The fourth edition provides com-
parisons of features of process simulators as well as examples
of how they are used to solve industrial-level design problems.

Much of the material removed from the third edition—
biochemical separation process principles in: sections of
Chapters 1, 2, 3, 8, 14, and 15; Chapters 16, 17, and 18,
and Chapter 19 on mechanical phase separations—is being
prepared by the authors for inclusion in a volume devoted to
bioseparation operations. Meanwhile, this content will remain
available from the publisher in the third edition.

STUDENT-FRIENDLY FEATURES

Each chapter begins by stating an average of nine instructional
objectives to give the student an introduction to the author’s
expectations. In chapters that introduce separation technology,
this is followed by a flow sheet and description of an industrial
process to demonstrate how the technology is used to create
saleable products. The theory needed to design equipment or
simulate a separation operation is developed and applications
are demonstrated by more than 200 examples, many of which
make use of process simulators.

Each chapter ends with study questions suitable for class
discussion (the inverted classroom) or qualitative examination
questions. There are more than 600 homework exercises,
many of which require the use of a process simulator. Other
examples and exercises involve nonlinear equations with rec-
ommendations for using Matlab to solve them. In preparation
of the fourth edition, text was clarified based on student feed-
back, and errors were eliminated. Following a suggestion by
some reviewers, chapter-specific nomenclature sections have
been added. A general nomenclature lists symbols common
to many of the chapters. Each chapter-specific nomenclature
keys symbols to equations, figures, or chapter sections. These
revisions in the fourth edition reflect our desire to prepare an
accessible introduction to chemical separations that includes
the methods and equations used by process simulators and the
problems and opportunities this has created.

TOPICAL ORGANIZATION

Chapter 1 provides the student with a classification of
separation operations and an overview of industrial chemical
engineering separations. The next two chapters review ther-
modynamics and mass transfer, as applied to separation
operations, at a level consistent with the level of this book.
Chapter 4, which introduces design specifications, and
equilibrium flash calculations are a prerequisite for all sub-
sequent chapters. Chapter 5, which is also a prerequisite for
all subsequent chapters, extends the single-stage concept
to multiple-equilibrium-stage processing units, including a
degrees-of-freedom analysis for determining the number of
design variables that can be specified for a given separation
process. A further prerequisite is Chapter 6, which describes
trays and packing, introduces general graphical methods,
stage efficiencies, and a transfer unit design method for
packed units.
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Once the contents of the first six chapters have been
mastered, the subsequent chapters can be studied in any
order preferred by the reader or the instructor, with a few
exceptions: (1) Concepts of minimum stage and minimum
reflux are mentioned early in the text, but a quantitative elab-
oration, using McCabe-Thiele diagrams, resides in Section
7.2. McCabe-Thiele diagrams are used in three other chapters
to help readers visualize concepts such as pinch points.
(2) Unique technology such as Freundlich and Langmuir
isotherms is fully developed in Chapter 15 but applied earlier.
(3) Mathematical tools such as solution methods for stiff
differential equations and the Newton—Raphson method for
solving nonlinear algebraic equations are described where
applied. In these three instances, the reader is referred to a
book section where the technique is fully developed.

To help students obtain an awareness of a section’s com-
plexity, section titles listed in the table of contents include the
following symbols as prefixes:

* Important for a basic understanding of separations and
therefore recommended for presentation in class, unless
already covered in a previous course.

© Optional because the material is descriptive, probably
covered in a previous course, or can be read outside of
class with little or no discussion in class.

Advanced material suitable for an undergraduate course
if students are familiar with, and have access to, a process
simulator.

NEW TO THIS EDITION

The focus on using process simulators to design separa-
tion processes required some rearrangement and revision of
Chapters 1, 2, and 4-13, which deal with operations covered
in process simulators. Many of the examples and exercises
have been revised and new ones added. Some chapters contain
correlations that stretch the state of the art. Chapter 7, for
example, develops an improved method for obtaining plate
efficiencies for sieve-tray columns that is just beginning to
appear in process simulators.

HELPUL WEBSITES In the 1980s, local computer net-
works began to interconnect in a global system, called the
Internet. In late 1990, Tim Berners-Lee at the European
Organization for Nuclear Research (CERN), Switzerland,
completed all the tools required for sharing information over
the Internet. This included the HyperText Transfer Protocol
(HTTP), the HyperText Markup Language (HTML), and a
document-information system called the World Wide Web
(WWW). In early 1991, the first-known web page was sent
over the internet by Lee to Paul Jones of UNC-Chapel Hill.
Physicists around the world could now quickly and efficiently
share data. Later that year, the WWW became available to
the public, but its popularity was restrained until the release
of the Mosaic web browser in December 1992. Today the

combination of a web browser (e.g., Chrome, Firefox, and
Internet Explorer) and a general search engine (e.g., Google,
Yahoo, Bing, and Ask) has made it so simple to search for
information that the number of internet users has increased
from about 400 million in 2000 to almost 3 billion (compared
to a world population of 7.2 billion) in 2014.

Some useful websites for the study of separation pro-
cesses are presented in chapters of this book. However, such
websites are sometimes removed from the Internet. Readers
of this book are encouraged to conduct their own searches by
using key words. Many subjects have articles in the Wikipedia,
a free, open-ended encyclopedia on the internet. An initial
search, where the word “wiki” is added to the key word(s) is
often useful. For example, if the key words “distillation wiki”
are entered in the Google search engine, a 13-page article
appears that provides excellent background material on a wide
spectrum of the subject.

The 15 most-used websites are:

Search engines (Google, Yahoo, Bing, and Ask)

Social networking websites (Facebook, Twitter, Instagram,
LinkedIn, and Pinterest)

News, Entertainment, Purchases, and
(YouTube, Amazon, eBay, MSN)

Blog creation (WordPress)

Information

Students using this book are encouraged to communicate
with each other and their instructors via social networking
websites to enhance their learning of separation processes.

RESOURCES FOR INSTRUCTORS

The website www.wiley.com/college/seader furnishes the fol-
lowing resources in the Instructor Companion Site:
1. Instructor’s Solution Manual
. Resources for Instructors-An introduction
. Image Gallery
. PowerPoint slides

. Sample Preliminary Examination

S Ut A W N

. Suggestions for Completing Homework Exercise

7. Suggested Review of Prerequisite Material

Instructors adopting this book must request a password from
their Wiley sales representative.

RESOURCES FOR STUDENTS

Students are encouraged to consult www.wiley.com/college/
seader for the following resources in the Student Companion
Site:

1. Suggestions for Completing HW Exercises

2. Suggested Review of Prerequisite Material


http://www.wiley.com/college/seader
http://www.wiley.com/college
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General Nomenclature

All symbols are defined in the text where they first appear.
The list below contains only those symbols that are com-
mon to two or more chapters.
Other symbols are listed in chapter-specific nomenclatures
at the end of each chapter.

Abbreviations and Acronyms

BWR
CSTR

CW (cw)

DAE
DDB

DDBST
DECHEMA

EM
EOS
ESA
FUG
HEPT

HETS

HHK
HK
HTU
LK
LKP
LLK
LM
LW
MSA
MW
NRTL
NTU
ODE
PR
PSRK
RK
STP
SRK

UNIFAC

UM

Benedict—Webb—Rubin EOS, §2.5
completely stirred tank or reactor, §3.6.3
cooling water, Figure 2.11
differential-algebraic equations, §13.5.2
Dortmund data bank, §2.5.3

DDB software package, §2.5.3

data bank, §2.5.3

equimolar diffusion, Table 6.5

equation of state (P-v-T relationship), §2.2
energy-separation agent, Table 1.1
Fenske—Underwood—Gilliland method, §9.1
height equivalent to a theoretical plate,
(6-68)

height equivalent to a theoretical stage,
(6-68)

heavier than the heavy key, Figure 9.6
heavy key, §9.1

height of a transfer unit, §6.8.3

light key, §9.1

Lee—Kessler—Plocker EOS, §2.11
lighter than the light key, Figure 9.6

log mean, (3-33)

lost work, Table 2.10

mass-separation agent, Table 1.2
molecular weight

nonrandom, two-liquid model, Table 2.8
number of transfer units, Table 6.5
ordinary differential equations, §13.5.2
Peng—Robinson EOS, Table 2.8
predictive SRK method, §2.8.2
Redlich—-Kwong EOS, §2.8.2

standard conditions, 1 atm, 0°C
Suave—Redlich—-Kwong EOS, Table 2.8

functional group activity coefficient
method, Table 2.8

unimolecular diffusion, Table 6.5

UNIQUAC

VLE
VLLE
VOC
VTPR
Wilson

Latin Symbols

N

a0 % w

universal quasichemical theory method,
Table 2.8

vapor—liquid equilibrium, Figure 4.6
vapor-liquid-liquid equilibrium, §11.8
volatile organic compounds
volume-translated P-R EOS, §2.8.3
Wilson EOS, Table 2.8

Angstrom, §14.1
mass-transfer area, (3-13)
absorption factor, L/KV, (5-38)

interfacial area per unit volume, (14-5);
activity, Table 2.1

identifier for bottoms, Figure 1.12
bottoms molar flow rate, Figure 5.15
identifier for condenser, Figure 1.12
components, (4-1)

drag coefficient, Table 3.9

heat capacity at constant pressure, (2-38)
liquid concentration, moles/volume,
(3-40)

an identifier for distillate, Figure 1.12
molecular diffusivity of A in B, (3-3a)
solute diffusivity, (14-14)

Knudsen diffusivity, (14-18)

effective diffusivity, (3-49)

distillate flow rate, Figure 5.7; diameter,
(3-121)

hydraulic diameter, (14-5)

particle diameter, (6-58)

extract mass flow rate, Figure 5.2

an identifier for extract phase, Figure 5.2
extraction factor, (4-35)

Murphree vapor tray efficiency, (6-53)
stage (plate efficiency), (6-41)
Murphree vapor point efficiency, (6-51)
molar feed rate, Example 1.1

identifier for feed, Figure 1.2

Faraday’s constant, (3-47)

drag force, (6-57)

pure component fugacity, §2.1.1; Fanning
friction factor, Table 3.9
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Q ™%

J
Jp>JrJm
Jj-factor
K

o~ =

™~ %h

I X<

fugacity at standard state, (2-14)

partial fugacity, (2-7)

Gibbs free energy, §2.1: mass velocity,
(3-145)

Gibbs molar free energy, §2.1; gravitational
constant, (6-94)

excess free energy, (2-62)

force to mass conversion factor in AE
system of units

Henry’s law constant (2-31); vessel height,
Figure 4.18

enthalpy of vaporization, (2-43)

height of a mass-transfer unit (L) liquid or
(V) vapor, Table 6.5

height of an overall mass-transfer unit (L or
V), Table 6.5

molar enthalpy, §2.2; heat transfer
coefficient, (15-18)

ideal gas molar enthalpy, §2.2

molar flux by molecular diffusion relative to
mixture, (3-3)

mass flux relative to mixture, (3-5)

Chilton—Colburn factors for mass, heat, and
momentum transfer (3-147)

Table 3.9

vapor-liquid equilibrium ratio (K-value),
(2-18)

various subscripted overall mass-transfer
coefficients, Tables 6.5 and 3.12, §3.7.1
distribution ratio, partition coefficient,
(2-19)

liquid—liquid equilibrium ratio in mole or
mass ratios (4-33)

various subscripted individual mass-transfer
coefficients, Tables 6.5 and 3.12, §3.7.1

thermal conductivity, (3-2)

liquid molar flow rate, Table 1.1; length,
(3-82)

liquid reflux flow rate, Figure 5.8

liquid molar flow rate in stripping section,
Figure 7.5

component liquid flow rate, (6-15); packed
height, Figure 6.25

membrane thickness, (14-1)

molecular weight

slope of equilibrium curve dy/dx, Figure
(3-16)

number of moles, (2.1); number of stages
(5-7); flux, molar flow/area (3-1)

molar trans-membrane flux, (14-1)
Avogadro’s number, (3-38)

PS
Py
FM= PM/lM

p
o

<l

SE TSNS oG

degrees of freedom, number of design
variables, (4-1)

number of independent equations, (4-3)
number of phases, (4-1)

number of variables, (4-1)

Froude number, Table 3.9

Lewis number, Table 3.9

Nusselt number, Table 3.9

Peclet number, Table 3.9

Reynolds number, Table 3.9

Schmidt number, Table 3.9

Sherwood number, Table 3.9

Stanton number, Table 3.9

‘Weber number, Table 3.9

number of gas phase (G) or liquid phase (L)
mass-transfer units, Table 6.5

number of overall gas (G) or liquid phase
(L) mass-transfer units, Table 6.5

molar flow rate, Example 1.1; mass transfer
rate, §6.5.4

pressure, (2-1); product flow rate, Figure 5.3
vapor pressure, (2-13)

permeability, KD, (14-1), (14-27)
permeance, (14-1)

partial pressure (for designated component)

rate of heat transfer, (4-17); volumetric flow
rate, (7-51)

heat flux, Q/A, (3-2); g —line, (4-11)
universal gas constant, (3-47): retentate,
Example 1.1

reflux ratio L/D, Table 7.2; raffinate flow
rate, Figure 5.2

identifier for reflux, Example 2.5: raffinate,
Figure 4.14

radius, (3-54)

entropy (2-2); solvent flow rate, (4-32); side
stream, Table 5.4

stripping factor, (5-51)

irreversible change in entropy, Table 2.11
identifier for solvent, §4.4

molar entropy, Table 2.3

temperature, (2-1)

critical temperature, Table 15.4

reduced temperature, 7/7,, (2-49)

time

liquid velocity, (3-71)

molar vapor flow rate, Table 1.1; volume,
(2-2)

molar vapor flow in stripping section,
Figure 7.5
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kinematic viscosity (6-98); vapor
component flow rate, (6-13); liquid molar
volume, (3-43); pore flow velocity, (14-2)

shaft work, Table 2.11

mass fraction, (3-5)

mass or mole ratio in liquid, (4-32)
liquid mole fraction

mass or mole ratio in vapor,
Figure 4.19

vapor mole fraction

mole fraction of feed component,
Figure 2.9

compressibility factor, (2-49)

Greek Symbols

relative volatility, K, /Kg, (4-10)
relative selectivity, (2-21), (8-4)
activity coefficient, Table 2.1
change in value of variable
porosity, (15-2)

second-law efficiency, Table 2.10

viscosity, (3-38), chemical potential or partial
molar Gibbs free energy, (2-2)

mass density

liquid mass density, (2-41)

vapor mass density, Table 2.3

liquid surface tension, (3-43)

tortuosity, (3-49)

pure species fugacity coefficient, Table 2.1

pure species fugacity coefficient at saturation
pressure, (2-30)

partial fugacity coefficient, Table 2.1
local volume fraction, §2.7.1
acentric factor, (2-48)

General Nomenclature XV

Subscripts

AB,C components, Figure 5.4

B bottoms, (7-4)

C condenser, (7-37)

D distillate, (7-4)

F feed, (7-6)

c critical point, §2.5

i component in a mixture

irr irreversible

min minimum

Jj stage, Figure 10.1

n stage, (6-11)

R reboiler, (7-37)

r reference component, (9-14)

sat saturated

by in the x direction

y in the y direction

z in the z direction

0 datum (reference state), 1 atm., 25°C
00 infinity

Superscripts

F feed, (4-32)

N number of stages, (5-7): a stage, (5-15)
R raffinate, Figure 5.4

s saturation vapor pressure, (2-28)
0 reference state, Table 2.3

phase equilibrium value (with respect to
another phase), Figure 3.16

- average, (3-74); partial molar property, (2-8)
derivative, (4-28); mass instead of moles, for
K and D values, etc., (4-33); normalized
values, §4.5; solute free gas or adsorbent, §6.3
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Dimensions and Units

Chemical engineers must be proficient in the use of three systems of units: (1) the Interna-
tional System of Units, SI System (Systeme Internationale d’Unites), which was established
in 1960 by the 11th General Conference on Weights and Measures and has been widely
adopted; (2) the AE (American Engineering) System, which is based largely upon an English
system of units adopted when the Magna Carta was signed in 1215 and is a preferred system
in the United States; and (3) the CGS (centimeter-gram-second) System, which was devised
in 1790 by the National Assembly of France, and served as the basis for the development
of the SI System. A useful index to units and systems of units is given on the website
http://www.sizes.com/units/index.php.

Engineers must deal with dimensions units, and values to express numerical quantities.
Thus, for 10 gallons of gasoline, the dimension is volume, the unit is gallons, and the value
is 10. As detailed in NIST (National Institute of Standards and Technology) Special Publi-
cation 811, Guide for the Use of the International System of Units (SI), 2008 edition, which
is available at the website http://www.nist.gov/physlab/pubs/sp811/index.cfm, units are base
or derived.

BASE UNITS
The base units are those that are independent, cannot be subdivided, and are accurately defined.
The base units are for dimensions of length, mass, time, temperature, molar amount, electrical
current, and luminous intensity, all of which can be measured independently. Derived units
are expressed in terms of base units or other derived units and include dimensions of vol-
ume, velocity, density, force, and energy. In this book we deal with the first five of the base
dimensions. For these, the base units are:

Base Dimension SI Unit AE Unit CGS Unit
Length meter, m foot, ft centimeter, cm
Mass kilogram, kg pound, Ib gram, g

Time second, S hour, h second, S
Temperature kelvin, K Fahrenheit, °F Celsius, °C
Molar amount gram-mole, mol pound-mole, Ibmol gram-mole, mol

ATOM AND MOLECULE UNITS

atomic weight = atomic mass unit = the mass of one atom

molecular weight (MW) = molecular mass (M) = formula weight” = formula mass™ = the
sum of the atomic weights of all atoms in a molecule ( *also applies to ions)

1 atomic mass unit (amu or u) = 1 universal mass unit = 1 dalton (Da) = 1/12 of the mass of
one atom of carbon-12 = the mass of one proton or one neutron

The units of MW are amu, u, Da, g/mol, kg/kmol, or 1b/Ibmol (the last three are most
convenient when MW appears in a formula).

The number of molecules or ions in one mole = Avogadro’s number = 6.022 X 1023.
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xviii Dimensions and Units

DERIVED UNITS

Many derived dimensions and units are used in chemical engineering. Some are listed in the
following table:

Derived Dimension SI Unit AE Unit CGS Unit
Area = Length? m? ft? cm?
Volume = Length? m’ ft? cm?
Mass flow rate = Mass/Time kg/s b, /h gfs
Molar flow rate = mol/s Ibmol/h mol/s
Molar amount/Time
Velocity = Length/Time m/s ft/h cm/s
Acceleration = Velocity/Time m/s? ft/h? cm/s?
Force = Mass - Acceleration newton, N = 1kg-m/s>  1b; dyne = 1 g-cm/s?
Pressure = Force/Area pascal, Pa = 1b,/in.? atm
I N/m? =
1 kg/m-s?
Energy = Force - Length joule, J = ft-1b;, Btu erg = 1 dyne-cm =
I N-m= 1 g-cm?/s?, cal
1 kg-m?/s?
Power = Energy/Time = watt, W = hp erg/s
Work/Time 1J/s=
1 N-m/s
1 kg-m?/s’
Density = Mass/Volume kg/m? Ib, /ft? g/cm?

OTHER UNITS ACCEPTABLE FOR USE WITH THE SI SYSTEM

A major advantage of the SI System is the consistency of the derived units with the base units.
However, some acceptable deviations from this consistency and some other acceptable base
units are given in the following table:

Dimension Base or Derived SI Unit Acceptable SI Unit

Time S minute (min), hour (h), day (d), year (y)
Volume m? liter (L) = 1073 m?

Mass kg metric ton or tonne (t) = 103 kg
Pressure Pa bar = 10° Pa

PREFIXES

Also acceptable for use with the SI System are decimal multiples and submultiples of SI units
formed by prefixes. The following table lists the more commonly used prefixes:

Prefix Factor Symbol
tera 1012 T
giga 10° G
mega 10° M
kilo 103 k
deci 107! d
centi 1072 c
milli 1073 m
micro 107° p
nano 1070 n
pico 10712 P
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USING THE AE SYSTEM OF UNITS

The AE System is more difficult to use than the SI System because of the units for force,
energy, and power. In the AE System, the force unit is the pound-force, lb;, which is defined to
be numerically equal to the pound-mass, 1b,,, at sea-level of the earth. Accordingly, Newton’s
second law of motion is written,

F=m%

8¢

where F = force in Ib;, m = mass in lb,,, g = acceleration due to gravity in ft/ s2, and, to
complete the definition, the constant g. = 32.174 1b-ft/lb;-s?, where 32.174 ft/s? is the
acceleration due to gravity at sea-level of the earth. The constant g, is not used with the SI
System or the CGS System because the former does not define a kg; and the CGS System does
not use a g;.

Thus, when using AE units in an equation that includes force and mass, incorporate g, to
adjust the units.

EXAMPLE OF UNIT CONVERSIONS

A 5.000-pound-mass weight, m, is held at a height, 4, of 4.000 feet above sea-level. Calculate its potential energy above sea-level, P.E. = mgh,
using each of the three systems of units. Factors for converting units are given on the inside front cover of this book.

SI System:
m = 5.0001b,, = 5.000(0.4536) = 2.268 kg
g =9.807 m/s?
h =4.000 ft = 4.000(0.3048) = 1.219 m
P.E. = 2.268(9.807)(1.219) = 27.11 kg-m?/s> = 27.11J
CGS System:
m =5.0001b,, =5.000(453.6) = 2268 g
g =980.7 cm/s’
h =4.000 ft = 4.000(30.48) = 121.9 cm
P.E. = 2268(980.7)(121.9) = 2.711 x 10® g-cm?/s>
=2.711 x 10%rg
AE System:
m = 5.0001b,
g =32.174 ft/s*
h =4.000 ft

P.E. = 5.000(32.174)(4.000) = 643.5 Ib,_-ft*/s>

However, the accepted unit of energy for the AE System is ft-1b;, which is obtained by dividing by g.. Therefore, P.E. = 643.5/32.174 =
20.00 ft-Ib,.

Another difficulty with the AE System is the differentiation between energy as work and energy as heat. As seen in the preceding table,
the work unit is ft-Ib;, while the heat unit is Btu. A similar situation exists in the CGS System with corresponding units of erg and calorie
(cal). In older textbooks, the conversion factor between work and heat is often incorporated into an equation with the symbol J, called Joule’s
constant or the mechanical equivalent of heat, where

J =778.2 ft-b;/Btu = 4.184 x 107 erg/cal

Thus, in the previous example, the heat equivalents are

AE System:
20.00/778.2 = 0.02570 Btu

CGS System:
2.711 x 10%/4.184 x 107 = 6.479 cal
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In the SI System, the prefix M, mega, stands for million. However, in the natural gas and petroleum industries of the United States, when
using the AE System, M stands for thousand and MM stands for million. Thus, MBtu stands for thousands of Btu, while MM Btu stands for
millions of Btu.

It should be noted that the common pressure and power units in use for the AE System are not consistent with the base units. Thus, for
pressure, pounds per square inch, psi or Ib/in.2, is used rather than 1b,/ft>. For power, Hp is used instead of ft-1b,/h, where the conversion
factor is

1 hp = 1.980 x 10° ft-Ib; /h

CONVERSION FACTORS
Physical constants may be found on the inside back cover of this book. Conversion factors are
given on the inside front cover. These factors permit direct conversion of AE and CGS values
to SI values. The following is an example of such a conversion, together with the reverse
conversion.
EXAMPLE

1. Convert 50 psia (Ib/in.? absolute) to kPa:
The conversion factor for lbf/in,2 to Pa is 6,895, which results in

50(6, 895) = 345,000 Pa or 345 kPa

2. Convert 250 kPa to atm:
250 kPa = 250,000 Pa. The conversion factor for atm to Pa is 1.013 x 10°. Therefore, dividing by the conversion factor,

250,000/1.013 x 10° = 2.47 atm

Three of the units [gallons (gal), calories (cal), and British thermal unit (Btu)] in the list of conversion factors have two or more definitions.
The gallons unit cited here is the U.S. gallon, which is 83.3% of the Imperial gallon. The cal and Btu units used here are international (IT).
Also in common use are the thermochemical cal and Btu, which are 99.964% of the international cal and Btu.

FORMAT FOR EXERCISES IN THIS BOOK

In numerical exercises throughout this book, the system of units to be used to solve the problem
is stated. Then when given values are substituted into equations, units are not appended to the
values. Instead, the conversion of a given value to units in the above tables of base and derived
units is done prior to substitution into the equation or carried out directly in the equation, as
in the following example.

EXAMPLE

Using conversion factors on the inside back cover of this book, calculate a Reynolds number, N, = Dvp/j, given D = 4.0 ft, v = 4.5 ft/s,
p =60 1bm/ft3, and p = 2.0 cP (i.e., centipoise).
Using the SI System (kg-m-s),

_ Dvp _ [(4.00)(0.3048)]((4.5)(0.3048)][(60)(16.02)]

e H [(2.0)(0.001)] = 804,000
Using the CGS System (g-cm-s),
Ny, = 2P _ [(G.00G048)][(4-5)B04B)IIE0)0.0160) _ gy 00

B [(0.02)]
Using the AE System (Ib, -ft-h) and converting the viscosity 0.02 cP to Ib, /ft-h,

N. = Dvp _ (4.00)[(4.5(3600)I(60) _ ¢0r 100
Re™ 1 [(0.02)(241.9)] ’
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Chapter 1

Separation Processes

§1.0 INSTRUCTIONAL OBJECTIVES
After completing this chapter, you should be able to:

o Explain the role of separation operations in the chemical industries.

¢ Enumerate the four basic separation techniques.

o Explain the uses of energy-separating agents (ESA) and mass-separating agents (MSA).
e Calculate component material balances around a separation operation based on specifications of component recovery

and/or product purity.

e Understand the concept of sequencing of separation operations, particularly distillation.

Separation processes for chemical mixtures have been known
for millennia. Early civilizations developed processes for:
(1) extraction of metals from ores, perfumes from flowers,
dyes from plants, and potash from burnt plants; (2) evapora-
tion of seawater to obtain salt; (3) refining of rock asphalt; and
(4) distilling of liquors. The human body could not function
if it had no kidney to separate water and waste products from
blood.

Chemical engineers design large-scale facilities that em-
ploy separation methods that most often differ considerably
from those used by chemists in laboratories. For example, che-
mists separate light-hydrocarbon mixtures by chromatogra-
phy, while a manufacturing plant uses distillation to separate
the same mixture. This book discusses methods for the
design of large-scale separation operations for processes that
manufacture chemical products economically. Included are
all of the most common operations, including distillation (both
continuous and batch), gas absorption, stripping, liquid—liquid
extraction, membrane separations, and gas and liquid adsorp-
tion. These design methods are incorporated into commercial
computer-aided process simulators such as Aspen Plus,
Aspen HYSYS, CHEMCAD, ChemSep, ProSimPlus, and
UniSim.

Chemical engineers also design small-scale industrial sep-
aration systems involving manufacture of specialty chemicals
by batch processing; recovery of biological solutes; crystal
growth of semiconductors; recovery of chemicals from wastes;
and products such as lung oxygenators, espresso machines,
and hemodialysis devices. A companion book, Bioseparation
Process Principles, covers these smaller-scale processes and
the principles of bioseparations. Included in that book are
membranes and adsorption for bio applications, chromatog-
raphy, electrophoresis, leaching, crystallization, drying, and
mechanical separation operations. Both large- and small-scale
operations are illustrated in examples and homework exercises
in this book and in Bioseparation Process Principles.

§1.1 INDUSTRIAL CHEMICAL PROCESSES

Chemical companies manufacture products that differ from
those in the feedstocks. Included can be (1) naturally occurring
living or nonliving materials; (2) chemical intermediates that
are precursors for producing other chemicals; (3) “chemicals
in commerce” that can be purchased from the global market;
or (4) waste products that can be processed into valuable
products. Especially common are oil refineries, which process
crude oil, synthetic crude oil from tar sands, and tight oil from
the use of horizontal drilling followed by fracking of shale
deposits, to produce a variety of hydrocarbon-based products.
For example, starting in 1967, Canada began increasing its
oil production dramatically by processing tar sands from the
huge Athabasca deposit in the province of Alberta. Figure 1.1
shows the initial products produced by Great Canadian Oil
Sands Ltd. (GCOS), now Suncor Energy, from its 1967 plant.
The products are the result of numerous separation opera-
tions within the plant. By 2013, several Canadian companies
produced more than 1.6 million barrels per day (bbl/day)
of synthetic crude oil (syncrude). Because Canada produces
more oil than it needs, it exports syncrude to the United
States by the Keystone Pipeline. If phases 3 and 4 of the
pipeline are completed, Canadian syncrude will flow more
than 2,000 miles from the Keystone Hardisty Terminal in
Alberta, Canada, to the Gulf near Houston, Texas.

Chemical plants operate in a batchwise, continuous, or
semicontinuous manner. Plant operations may be key oper-
ations unique to chemical engineering because they involve
changes in chemical composition, or auxiliary operations
that are necessary to the success of the key operations but
are often designed by mechanical engineers because they
do not involve changes in chemical composition. The key
operations involve (1) chemical reactions and (2) separation
of chemical mixtures, such as the separation of a mixture of
chemicals into pure, or nearly pure, species (components).
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Plant fuel oil and fuel gas

Sulfur

2.85 x 10° kg/day (314 tons/day)

Naphtha
2560 m®%day
Tar sands (16,100 bbl/day)
Syntheti
8.41 x 107 kg/day cmee ¢
(92,700 tons/day) GPFOtS Kerosene
an
1685 m®/day 7154 m¥day
Natural gas (10,600 bbl/day) (45,000 bbl/day)
Gas oil
Water 2909 m3/day

(18,300 bbl/day)

Coke
2.36 x 10° kg/day (2,600 tons/day)

Tailings

7.22 x 107 kg/day
(79,600 tons/day)

Figure 1.1 GCOS process for producing synthetic crude oil from Canadian Athabasca tar sands.

The auxiliary operations include phase separation (e.g., sep- product, 99% HCI, with small amounts of H,, N,, H,O, CO,
aration of gas from liquid or separation of two immiscible and CO,, requires no purification. However, simple process

liquid phases), heat addition or removal (heat exchangers), flowsheets that do not require separation operations are rare.
shaft-work (pumps, compressors, turbines), mixing or divid- In most process flowsheets, separation operations dominate.

ing of streams, solids agglomeration, size reduction of solids, Most industrial chemical processes involve at least one
and separation of solids by size. chemical reactor accompanied by one or more separation

Block-flow diagrams can represent key operations in  operations. An example is the continuous hydration of ethy-
chemical processes. They indicate, by square or rectangular lene with water to produce ethyl alcohol, shown in Figure 1.3.
blocks, only the chemical reaction and separation steps and,  Central to the process is a reactor packed with catalyst parti-
by connecting lines, the process streams. More detail is shown  ¢les. in which the reaction C,H, + H,0 — C,H;OH occurs.
in process-flow diagrams, which also include auxiliary Due to chemical equilibrium limitations, conversion of ethy-
operations and utilize icons that depict the particular type of  jepe is only 5% per pass through the reactor. However, by
equipment employed. Figure 1.2 shows a block-flow diagram  recovering unreacted ethylene, in a partial condensation sep-
for manufacturing hydrogen chloride gas from chlorine and aration step, and recycling the ethylene to the reactor, nearly
hydrogen. Central to the process is a chemical reactor, where  omplete overall conversion of the ethylene feed is achieved.
the gas-phase combustion reaction, H, 4+ Cl, — 2HCI, occurs. Recycling is a common element of chemical processes.

In this process, no separation operations are necessary because If pure ethylene were available as a feedstock and no
of the complete conversion of chlorine and the absence of any side reactions occurred, the simple process in Figure 1.3

side reactions. A slight excess of hydrogen is used, and the could be realized. It utilizes a reactor, a partial condenser

for unreacted gaseous ethylene recovery, and distillation to
produce an overhead distillate of aqueous ethyl alcohol of
near-azeotropic composition (93 wt%), with a wastewater
bottoms product. Unfortunately, impurities in the ethylene
Water-jacketed feed, together with side reactions involving ethylene and the
combustion chamber impurities, increase the number of separators required for the
process, as shown in Figure 1.4. Also, as shown, an additional
Hydrogen (slight excess) Water-jacketed reactor may b.e necessary to convert impurities or by-products
burner to other chemicals that can be more easily separated from the
main product. Such an escalation of the need for separation
operations is common. Thus, most chemical processes include

Figure 1.2 Synthetic process for anhydrous HCI production. many more separation operations than chemical reactors.

99% HCI

Chiorine vapor
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Figure 1.4 Industrial process for hydration of ethylene to ethanol.

Chemical engineers also design products that can involve
separation operations. One such product is the espresso coffee
machine. Very hot water rapidly leaches desirable chemicals
from the coffee bean, leaving behind ingredients responsible
for undesirable acidity and bitterness. The resulting cup of
espresso has (1) a topping of creamy foam that traps the
extracted chemicals, (2) a fullness of body due to emulsifica-
tion, and (3) a richness of aroma. Typically, 25% of the coffee
bean is extracted and the espresso contains less caffeine than
filtered coffee. Cussler and Moggridge [1] and Seider, Seader,
Lewin, and Widagdo [2] discuss other examples of products
designed by chemical engineers that involve the separation of
chemical mixtures.

§1.2 BASIC SEPARATION TECHNIQUES

The separation of a chemical mixture into its components is
not a spontaneous process, like the mixing by diffusion of
soluble components. Separations require energy in some form.
A mixture to be separated into its separate chemical species
is usually a single, homogeneous phase. If it is multiphase, it
is often best to first separate the phases by gravity or centrifu-
gation, followed by the separation of each phase mixture.

A schematic of a general separation process is shown in
Figure 1.5. The phase state of the feed can be a vapor, liquid,
or solid mixture. The products of the separation differ in
composition from the feed and may differ in the state of the



Process Engineering Channel

@ProcessEng

4 Chapter 1  Separation Processes

Product 1
Feed mixture Product 2
to be separated Separation !
- !
process | Product N-1

[ Product N

Figure 1.5 General separation process.

phase. The separation is accomplished by inducing the dif-
ferent chemical species in the feed to partition among the
different product phases. Four basic methods for doing this
are shown in Figure 1.6. Most common is the phase creation
technique in Figure 1.6a. For example, the feed may be a liquid
mixture. By heating the mixture to partially vaporize the lig-
uid, the more-volatile components tend to move to the vapor,
while less-volatile components tend to remain in the liquid
phase. Alternatively, the feed may be a vapor that is partially
condensed.

A second technique, labeled phase addition, is shown in
Figure 1.6b. For example, a liquid solvent may contact a lig-
uid feed to selectively dissolve certain species from the feed.
Less common is the third separation technique that uses a bar-
rier, such as a membrane, as shown in Figure 1.6¢. The barrier
allows passage of certain species in the feed while exclud-
ing or slowing other species. Finally, in a fourth technique,
an external force field or gradient is used to preferentially
attract certain species in the feed as indicated in Figure 1.6d.
The force field might be electrical or centrifugal.

For the techniques of Figure 1.6, the rate of separation
is governed by the rates of mass transfer of the different
components, while the extent of separation is limited by ther-
modynamic equilibrium. These two topics are the subject of
previous chemical engineering courses, but are reviewed here
in Chapters 2 and 3. Also, fluid mechanics and heat trans-
fer play important roles in the separation of mixtures, and
their principles are applied, where appropriate, throughout
this book.

The extent of separation achieved depends on the exploita-
tion of differences in molecular, thermodynamic, and transport
properties of the species in the feed mixture. Of importance are
molecular weight, molecular shape, dipole moment, electric
charge, vapor pressure, solubility, adsorptivity, and diffusivity.
Values of these properties appear in handbooks, reference
books, textbooks, and journals. Many can be obtained from
physical property models in process-simulation programs.
When properties are not available, they are estimated or
determined experimentally.

§1.3 SEPARATIONS BY PHASE CREATION

The simplest and most widely used industrial separation tech-
nique is phase creation. The feed to the separator is a single-
phase vapor, liquid, or solid. The second phase is created by the
transfer of energy to or from the feed by an energy-separating
agent (ESA). The ESA can be heat transfer or shaft work by
means of compression or by the reduction of pressure through
a turbine or across a valve. After sufficient time and agitation
to approach phase equilibrium, the product phases are sepa-
rated. The size of the process vessel depends on the flow rate
in and out of the vessel and the time for the phases to approach
equilibrium.

The most common separation operations using phase
creation are listed in Table 1.1. For these operations, design
procedures are well established and are included as unit
operation models in commercial process simulators.

When the feed mixture is a vapor or a liquid with com-
ponents that differ widely in volatility (e.g., hydrogen and
benzene), partial condensation or partial vaporization,
Operation (1) in Table 1.1, may be adequate to achieve the
desired separation. Heat is transferred to or from the feed in
a heat exchanger followed by phase separation by gravity in a
vessel. Partial vaporization of a liquid occurs in flash vapor-
ization, Operation (2), by reducing the feed pressure with a
valve or turbine, followed by phase separation. Both of these
separation operations are referred to as single equilibrium
stages because experimental evidence shows that interphase

Phase 1 Phase 1
Feed Phase Feed Phase
Creation Addition
l Phase 2 MsA | | Phase 2
(a) (b}
] Phase 1 Phase 1
Feed r
Barri B— ' . .
arrier Feed Force field Figure 1.6 Basic separation process
or gradient techniques: (a) separation by phase
l Phase 2 | Phase 2 creation; (b) separation by phase addition;
(c) separation by barrier; (d) separation by
{c) (d) external force field or gradient.



Table 1.1 Common Separation Operations Based on Phase Creation

§1.3

Separations by Phase Creation

Separation Operation Symbol Feed Phase Created Phase Separating Agent(s)
Vv
(1) Partial condensation V/L Vapor and/or liquid Liquid or vapor Heat transfer (ESA)
or vaporization
L
4
@ Flas}.l . L Liquid Vapor Pressure reduction
vaporization
L
4,
(3) Distillation = Vapor and/or liquid Vapor and liquid Heat transfer (ESA) and

=

sometimes shaft work (ESA)

mass transfer of species is so rapid that phase equilibrium
is closely approached. The liquid product is enriched with
respect to the less volatile species, while the vapor product
is enriched with respect to the more volatile species. These

operations are discussed in Chapter 4.

When the degree of separation by a single equilibrium
stage is inadequate because the volatility differences among
key species are insufficiently large (e.g., benzene and toluene),
distillation, Operation (3) in Table 1.1, with multiple stages,
often becomes the separation method of choice. It is and
has long been the most widely utilized industrial separa-
tion method. Distillation involves vigorous mixing during
contacts between countercurrently flowing liquid and vapor
phases. Figure 1.7 shows schematics of three widely used
phase-contacting methods. Figure 1.7a depicts a series of
trays, where the phases are mixed and then disengaged.
tray is some fraction of an equilibrium stage. In Figures 1.7b

Tray

Tray 1

Downcomer

i

i3

I
=
11

Tray 2

Tray 3

=
}

(a)

Figure 1.7 Phase-contacting methods in distillation columns.
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Each

Dumped packing

and 1.7c, the phases are in continuous contact with other. In the
first case, randomly dumped ceramic, metal, or plastic rings
or saddles, called packing, promote turbulence as the vapor
follows a tortuous path through the liquid, which flows over
and through the packing. In the latter case, stacked, structured
packing is used in the form of metal or plastic meshes, grids,
or coils. Depending on the efficiency of the packing, inches or
feet of packed height are equivalent to an equilibrium stage.
In the icon for distillation in Table 1.1, horizontal lines within
the column indicate the stages. As vapor flows up the column,
it is increasingly enriched with respect to the more volatile
species. The liquid flowing down the column is increasingly
enriched with respect to the less-volatile species.

Feed to a distillation column enters at a stage somewhere
between the top and bottom stages. Any vapor in the feed starts
up the column; feed liquid starts down. Liquid is also required
for making contacts with vapor above the feed stage, and vapor

Structured packing

<—
<L—
|

(c)
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is also required for making contacts with liquid below the feed
stage. Therefore, at the top of the column, vapor is condensed
to provide distillate product and down-flowing liquid (reflux).
Similarly, part of the liquid at the bottom is removed as bot-
toms product, while the other part passes through a reboiler,
where it is heated to provide up-flowing vapor (boilup). Con-
tinuous distillation is introduced in Chapter 5. The separation
of a binary mixture by continuous distillation is discussed in
Chapter 7, while the continuous distillation of multicompo-
nent mixtures is discussed in Chapters 9-12. Batch distillation
is discussed in Chapter 13.

§1.4 SEPARATIONS BY PHASE ADDITION

The next most widely used industrial separation technique
is phase addition. The feed to the separator is a single-phase
vapor, liquid, or solid. The second added phase is called a
mass-separating agent (MSA). Certain components in the feed
move from the feed phase to the MSA phase. After sufficient
time and agitation to approach phase equilibrium, the product
phases are separated. Disadvantages of using an MSA are
(1) the need for an additional separator to recover the MSA for
recycle, (2) the need for MSA makeup, (3) possible product
contamination by the MSA, and (4) more complex design
procedures. Table 1.2 lists the most common separation
operations using phase addition. For these operations, design
procedures are well established and are included in process
simulators.

Table 1.2 Common Separation Operations Based on Phase Addition

When the feed mixture is a vapor, and it is desired to remove
the higher molecular weight (heavier) components from the
lower molecular weight (lighter) components, absorption,
Operation (1) in Table 1.2, is used. The feed gas enters at
the bottom of a multistage column and flows up the column
countercurrent to the MSA, called an absorbent, which enters
at the top of the column. Typically, absorbers operate at
near-ambient temperature at an elevated pressure. A subse-
quent separation, often distillation, separates the absorbate
from the absorbent, which is then recycled to the absorber.

The inverse of absorption is stripping, Operation (2) in
Table 1.2. Here, a liquid feed mixture is separated, at ele-
vated temperature and near-ambient pressure, by contacting
the feed, which enters at the top of the column, with a gas
stripping MSA that enters at the bottom. A second separation
operation may be needed if it is necessary to separate the
stripping agent from the components stripped from the liquid
feed and/or to recycle the stripping agent to the stripper.
Absorption and stripping are discussed in Chapter 6. Column
internals for absorption and stripping are those of Figure 1.7.

Liquid-liquid extraction, Operation (3) in Table 1.2,
using a solvent as the MSA, can be used when distillation is
impractical, e.g., because the feed is temperature-sensitive. A
solvent (MSA) selectively dissolves only certain components
in the feed. The products are an extract, )23 containing the
extracted components, and a raffinate, L, containing the
unextracted species. Several countercurrently arranged stages
may be necessary, either in a staged column with mechanical

Separation Operation Symbol Feed Phase Added Phase Separating Agent(s)
4
MSA
(1) Absorption v Vapor Liquid Liquid absorbent (MSA)
L
PN
(2) Stripping % MSA Liquid Vapor Stripping vapor (MSA)
T
o
MSA
(3) Liquid-liquid extraction L Liquid Liquid Liquid solvent (MSA)
—
L
L
é MSA
(4) Adsorption L § Vapor or liquid Solid Solid adsorbent (MSA)
1
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agitation or in a series of mixing and settling vessels. Addi-
tional separation operations, often distillation, are needed to
recover the solvent for recycle. Liquid-liquid extraction is
described in Chapter 8.

The MSA may be a porous solid, in the form of granules,
that selectively removes one or more components from a
vapor or liquid feed mixture by adsorption, Operation (4) in
Table 1.2. Adsorption is confined to the exterior and interior
surfaces of the solid adsorbent, unlike absorption, which
occurs throughout the liquid absorbent. Adsorption separa-
tions are often conducted batchwise or semicontinuously in
vessels or columns. However, equipment is available to simu-
late continuous operation, as in Table 1.2. When the adsorbent,
S, becomes saturated with the adsorbed solutes (adsorbate),
it must be regenerated to recover the adsorbate and reuse the
adsorbent. Alternatively, if the adsorbate is a waste product,
the spent adsorbent may be discarded and replaced with fresh
adsorbent. Adsorption is described in Chapter 15.

§1.5 SEPARATIONS BY BARRIER

The use of microporous and nonporous membranes as semi-
permeable barriers for separating vapor or liquid mixtures
is rapidly gaining adherents. The products are the retentate
(components that do not pass through the membrane) and
the permeate (components that do pass through the mem-
brane). For microporous membranes, separation is effected
by differing rates of species diffusion through the membrane
pores. For nonporous membranes, separation is controlled by
differences in solubility in the membrane and rates of species
diffusion through the membrane material. The most complex
and selective membranes are found in the trillions of cells in
the human body.

Table 1.3 lists four of the most common industrial
membrane separation operations. Dialysis, Operation (1) in
Table 1.3, is the transport, by a concentration gradient, of small
solute molecules through a porous membrane. The molecules
unable to pass through the membrane are small, insoluble,

Table 1.3 Common Separation Operations Based on Barriers

§1.6  Separations by an External Field or Gradient 7

non-diffusible particles. Reverse osmosis, Operation (2), is
the selective transport of a solvent, for example, water, through
a microporous membrane after the pressure of the feed is
increased to a value higher than the osmotic pressure of the
solution. Solutes in the solvent do not permeate the membrane.
It is widely used to produce drinkable water.

Separation of gases by selective gas permeation through
nonporous membranes, Operation (3), using a pressure driving
force, is a process first used by the U.S. government in the
1940s with porous fluorocarbon barriers to separate 23 UF4 and
238UFg. Today, nonporous polymer membranes are employed
to enrich mixtures containing hydrogen, recover hydrocarbons
from gas streams, and produce oxygen-enriched air.

To achieve high purities, pervaporation, Operation (4), can
be used. Certain species in the liquid feed diffuse through the
nonporous membrane, where they are evaporated before exit-
ing as permeate. This method uses low pressures to enhance
vaporization and the heat of vaporization must be supplied. It
is used to separate azeotropic mixtures.

All four of the membrane separation operations in Table 1.3
are described in Chapter 14.

§1.6 SEPARATIONS BY AN EXTERNAL FIELD
OR GRADIENT

External fields take advantage of differing degrees of response
of certain molecules. Centrifugation establishes a pressure
field that separates mixtures according to their size, shape, and
density. It is used to separate 2*>UF, from 2*®UF,, and can
also separate large polymer molecules according to molecular
weight.

If a temperature gradient is applied to a homogeneous
solution, concentration gradients induce thermal diffusion. It
has been used to enhance separation of isotopes in permeation
processes.

When water containing 0.000149 atom fraction deuterium
is decomposed by electrolysis into hydrogen and oxygen, the
deuterium concentration in the hydrogen is lower than in water.

Separation Operation Symbol Feed Phase Barrier Separating Agent(s)
L L
—_— _—
(1) Dialysis L Liquid Microporous membrane Pressure (ESA)
L — 5
L L
—
(2) Reverse osmosis L Liquid Microporous membrane Pressure (ESA)
L -5
4 4
— —>
(3) Gas permeation y Vapor Nonporous membrane Pressure (ESA)
I—>
L L
—_— —_—
(4) Pervaporation Liquid Nonporous membrane Pressure and heat transfer (ESA)
— Y,
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Until 1953, this process was the source of heavy water (D,0).
In electrodialysis, cation- and anion-permeable membranes
carry a fixed charge that prevents migration of species with like
charge. This phenomenon is applied to desalinate seawater. A
related process is electrophoresis, which exploits the different
migration velocities of charged colloidal or suspended species
in an electric field.

These external field separation operations are not discussed
further in this textbook, with the exception of electrodialysis,
which is described in Chapter 14.

§1.7 BRIEF COMPARISON OF COMMON
SEPARATION OPERATIONS

When selecting among feasible separation techniques for
a given application, some major factors to consider are
(1) technological maturity, which allows designers to apply
prior knowledge; (2) cost; (3) ease of scale-up from labora-
tory experiments; (4) ease of providing multiple stages; and
(5) need for parallel units for large capacities. A survey
by Keller [3], Figure 1.8, shows that the degree to which
a separation operation is technologically mature correlates
with its extent of commercial use. Operations based on mem-
branes are more expensive than those based on phase creation
(e.g., distillation) or phase addition (e.g., absorption, extrac-
tion, and adsorption). All separation equipment is limited
to a maximum size. For capacities requiring a larger size,
parallel units must be provided. Except for size constraints
or fabrication problems, capacity of a single unit can be dou-
bled for an additional investment cost of about 60%. If two
parallel units are installed, the additional investment for the
second unit is 100% of the first unit, unless a volume-discount

Table 1.4 Ease of Scale-Up of the Most Common Separations

Operation in Decreasing  Ease of Need for
Ease of Scale-Up Staging Parallel Units
Distillation Easy No need
Absorption Easy No need
Liquid-liquid Easy Sometimes
extraction
Membranes Re-pressurization Almost always
required between
stages
Adsorption Easy Only for
regeneration
cycle

applies. Table 1.4 lists operations ranked according to ease of
scale-up. Those ranked near the top are frequently designed
without pilot-plant or laboratory data. Operations near the
middle usually require laboratory data, while those near
the bottom require pilot-plant tests. Included in the table is
an indication of the ease of providing multiple stages and
whether parallel units may be required. Ultimately, the most
cost-effective process, based on operating, maintenance, and
capital costs, is selected, provided it is controllable, safe,
and nonpolluting.

Also of interest are studies by Sherwood, Pigford, and
Wilke [4], Dwyer [5], and Keller [3] that show that the cost
of recovering and purifying a chemical depends strongly on
its concentration in the feed. Keller’s correlation, Figure 1.9,
shows that the more dilute the feed in the product, the higher
the product price. The five highest priced and most dilute
chemicals shown are all proteins.

1,000,000,000 -
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Figure 1.8 Technological and use maturities of separation
processes.

[Reproduced from [3] with permission of the American Institute of
Chemical Engineers.]
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Figure 1.9 Effect of concentration of product in feed material on
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[Reproduced from [3] with permission of the American Institute of
Chemical Engineers.]
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§1.8 SEPARATION PROCESSES, PRODUCT
PURITY, COMPONENT RECOVERY, AND
SEPARATION SEQUENCES

Separation processes usually consist of more than one oper-
ation and may produce more than one product. The process
is designed to meet product specifications, given as product
purities and compositions. The process strives to do this with
high component recoveries.

Consider the continuous hydrocarbon recovery process
shown in Figure 1.10, which consists of a sequence of three
multistage distillation operations (C1, C2, and C3). The feed
consists of propane (C3;Hg), iso-butane (iC,H;,), normal-
butane (nC,H,;), iso- and normal-pentane (iCsH;, and
nCsH;,), higher molecular weight (heavier) hydrocarbons
(CgL ), and a small amount of ethane (C,Hg). The compo-
nents in the feed are rank-ordered by decreasing volatility
(increasing normal boiling point), with ethane being the most
volatile. The distillation columns were designed with the
Aspen Plus simulator, using mathematical models described
in Chapter 10, to produce four products: a CZ-rich bottoms
from C1, a C5 (propane)-rich distillate from C2, and an iC,
(isobutane)-rich distillate and an nC, (normal butane)-rich
bottoms from C3. A material balance for the process is given
in Table 1.5. Streams 4, 6, and 7 are final products, while
Stream 2 is an intermediate that requires further processing.
Specifications for the products are included in Table 1.6. The

Column 1 Column 2 Column 3
m m Cs m iCy
Deethanized feed  [7]
C1 o= C2 —> C3
Component Ibmol/h
CoHg 0.60
C3Hg 57.00
iCyHyg 171.80
nCy4H1g 227.30
iCgHy, 40.00
nCgHa, 33.60
cl 205.30
735.60 151 [m

nCy-rich

gy -
f_l
CZ-rich

Figure 1.10 Hydrocarbon recovery process using distillation.

CZ-rich component for Stream 2 indicates that all components
less volatile than the pentanes are included.

Each column separates two key components in the column
feed. In Column C1, the separation is between nC,H, (light
key) and iCsH,, (heavy key). This is indicated by the hori-
zontal line separating the flow rates of these two components

Table 1.5 Material Balance for Hydrocarbon Recovery Process of Figure 1.10

Flow rates in Ibmol/h

Stream 1 2 3 4 5 6 7
Component  Feed to C1 Cf-rich Product ~ Feedto C2  C,-rich Product ~ Feed to C3 iC,-rich Product ~ nC,-rich Product
C,H, 0.60 0.00 0.60 0.60 0.00 0.00 0.00
C;H, 57.00 0.00 57.00 54.80 2.20 2.20 0.00
iC,H,, 171.80 0.10 171.70 0.60 171.10 162.50 8.60
nC,H,, 227.30 0.70 226.60 0.00 226.60 10.80 215.80
iCsH,, 40.00 11.90 28.10 0.00 28.10 0.00 28.10
nCsH,, 33.60 16.10 17.50 0.00 17.50 0.00 17.50

Ce 205.30 205.30 0.00 0.00 0.00 0.00 0.00
Totals 735.60 234.10 501.50 56.00 445.50 175.50 270.00

Table 1.6 Comparison of Process Product Purities with Product Specifications

mol% in Product

Propane-Rich

Iso-Butane-Rich

Normal-Butane-Rich
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Data Spec Data Spec Data Spec
1.07 5 max 0 0
97.86 93 min 1.25 3 max 0 1 max
1.07 2 max 92.59 92 min .
0 6.16 7 max 83.11 {80 min
0 0 16.89 20 max
100.00 100.00 100.00
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in the “Feed to C1” column of Table 1.5. Column C1 pro-
duces a C? -rich product (Stream 2) as bottoms. The distillate
from Cl is the feed to C2. Column C2 separates between C;Hg
(light key) and iC,H,, (heavy key) to produce a C;-rich prod-
uct (Stream 4) as distillate. The bottoms from C2 is the feed
to C3, which produces two products by separating between
iC4H,, (light key) and nC,H,, (heavy key).

In Table 1.5, it should be noted that an overall material
balance equation is satisfied for each of the six components
and the C{ multicomponent. For Figure 1.10, that equation in

terms of n; ;, the Ibmol /h flow rate of component i in stream j is

Ny =Niptnigtnectn;

For example, for propane (C;Hg), 57.00 = 0.00 + 54.80 +
2.20 + 0.00.

From the data in Table 1.5, product purities and compo-
nent recoveries for the process can be computed. For example,
the mol% purity of propane in the C;-rich product, Stream 4,
is 54.80/56.00 = 0.9786 = 97.86 mol%. The propane recov-
ery in this product is 54.80/57.00 = 0.9614 = 96.14%. Other
components in the propane product are ethane and isobutene.
Table 1.6 compares the product purities of the final products
of Streams 4, 6, and 7 with commercial product specifications.
Note that all product specifications are achieved.

The following example illustrates the use of material bal-
ances for a separator when product purities and/or component
recoveries are specified.

EXAMPLE 1.1 Material balances around a separator

A feed, F, of 100 kmol/h of air containing 21 mol% O, (1) and
79 mol% N, (2) is to be partially separated by a gas permeation mem-
brane unit, Operation (3) in Table 1.3, according to each of three
sets of specifications. Compute the flow rates (n, and n,,) in kmol/h
and compositions in mol% of the two products (retentate, R, and
permeate, P). In Figure 1.6(c), Phase 1 is the retentate while Phase 2
is the permeate. The membrane is more permeable to O, than to N,.

Case 1: 50% recovery of O, to the permeate and 87.5% recovery of
N, to the retentate.
Case 2: 50% recovery of O, to the permeate and 50 mol% purity of
O, in the permeate.
Case 3: 85 mol% purity of N, in the retentate and 50 mol% purity of
O, in the permeate.

Solution
The feed (F) rates of oxygen (1) and nitrogen (2) are

n, ;= 0.21(100) = 21 kmol/h
n, » = 0.79(100) = 79 kmol /h

Case 1: Because two recoveries are given:

n,p = 0.50(21) = 10.5 kmol/h
1,z = 0.875(79) = 69.1 kmol /h
ng =21 —10.5 = 10.5 kmol/h
nyp =179 —69.1 = 9.9kmol/h

For the permeate: n, = 10.5 + 9.9 = 20.4 kmol/h
mol% O, = 10.5/20.4 = 0.515 = 51.5%
mol% N, = 100 — 51.5 = 48.5%

For the retentate: n, = 69.1 + 10.5 = 79.6 kmol /h
mol% O, = 10.5/79.6 = 0.132 = 13.2%
mol% N, = 100 — 13.2 = 86.8%

Case 2: O, recovery is given; its distribution to the products is
n; p = 0.50(21) = 10.5 kmol /h
ny g =21-10.5 = 10.5 kmol/h
Using the purity of O, in the permeate, the total permeate flow rate is
np = 10.5/0.5 = 21 kmol/h
By a total permeate material balance:
n,p =21-10.5 = 10.5 kmol/h
By an overall N, material balance:
n, g =79 —10.5 = 68.5 kmol/h

For the permeate: n, = 21 kmol/h
mol% O, = 10.5/21 = 0.50 = 50%
mol% N, = 100 — 50 = 50%

For the retentate: n, = 100 — 21 = 79 kmol/h
mol% O, = 10.5/79 = 0.133 = 13.3%
mol% N, = 100 — 13.3 = 86.7%

Case 3: Two material-balance equations, one for each component,
can be written:

For nitrogen, with a purity of 0.85 in the retentate and 1.00 — 0.50 =
0.50 in the permeate,
n, p = 0.85n; +0.50n, = 79 kmol/h (1)

For oxygen, with a purity of 0.50 in the permeate and 1.00 — 0.85 =
0.15 in the retentate,

ny = 0.50n, + 0.15n; = 21 kmol/h 2)

Solving (1) and (2) simultaneously for the total flow rates of the prod-
ucts gives

np = 17.1 kmol/h and nj, = 82.9 kmol/h

Therefore, the component flow rates are
n; p = 0.50(17.1) = 8.6 kmol/h
n, x = 0.85(82.9) = 70.5 kmol /h
ny g = 82.9 —70.5 = 12.4 kmol/h
n,p=17.1 — 8.6 = 8.5 kmol /h

For the permeate: n, = 17.1 kmol/h
mol% O, = 8.6/17.1 = 0.503 = 50.3%
mol% N, = 100 — 50.3 = 49.7%

For the retentate: n, = 100 — 17.1 = 82.9 kmol/h
mol% O, = 12.4/82.9 = 0.150 = 15.0%
mol% N, = 100 — 15.0 = 85.0%
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§1.8.1 Purity and Composition Designations

The product purities in Table 1.6 are given in mol%, a des-
ignation usually restricted to gas mixtures, for which vol %
is equivalent to mol%. For liquids, purities are more often
specified in mass fractions or wt%. Although vol% is also
common for liquid mixtures, it is not easily calculated when
the liquid mixture is a nonideal solution. To meet environ-
mental regulations, the allowable concentration of an impurity
in gas, liquid, or solids streams is typically specified in parts
of impurity per million parts (ppm) or parts of impurity per
billion parts (ppb), where if a gas, the parts are moles or
volumes; if a liquid or solid, then mass or weight. For aqueous
solutions, especially those containing acids and bases, com-
mon designations for composition are molarity (M), which is
the molar concentration in moles of solute per liter of solution;
molality (mm) in moles of solute per kilogram of solvent; and
normality (N) in number of equivalent weights of solute per
liter of solution. Concentrations (¢) in mixtures can be in
units of moles or mass per volume (e.g., mol/L, g/L, kg/m3,
Ibmol/ft3, 1b/ft3). For some chemical products, an attribute,
such as color, may be used in place of purity in terms of
composition.

§1.8.2 Alternative Separation Sequences

The three-distillation-column recovery process shown in
Figure 1.10 is only one of five alternative sequences of distil-
lation operations that can separate the process feed into four

Ca fIC4 n C4
| f-Cs, i Cs
Cs : ’ : !‘C4

iCs, nCs HC4 iCy

Y

Figure 1.11 Alternative distillation sequences to produce four products.

products when each column has a single feed that is separated
into one distillate and one bottoms. Consider a hydrocarbon
feed that consists, in the order of decreasing volatility, propane
(Cy), isobutane (iC,), n-butane (nC,), isopentane (iCs), and
n-pentane (nCs). A sequence of distillation columns is used
to separate the feed into three nearly pure products of Cs, iC,,
and nC,; and one multicomponent product of combined iCs
and nCs. Figure 1.11 shows the five alternative sequences.
When two final products are desired, only a single distillation
column is needed. For three final products, there are two alter-
native sequences. As the number of final products increases,
the number of alternative sequences grows rapidly as shown
in Table 1.7.

For the initial selection of a feasible sequence, the following
heuristics (plausible but not infallible rules) are useful and easy
to apply, and do not require an economic evaluation:

1. Remove unstable, corrosive, or chemically reactive
components early in the sequence. Then the materials
of construction used in later columns will be less expen-
sive. Also remove very volatile components early in the
sequence so that column pressures can be reduced in
later columns.

2. Remove final products one by one, in order of decreas-
ing volatility or increasing boiling point, as overhead
distillates.

3. Remove, early in the sequence, those components of
greatest molar percentage in the feed. The remaining
columns will be smaller in diameter.

C;g fC,q

nCy

iCs, nCq

nCy

sz, fECE
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Table 1.7 Number of Alternative Sequences

Number of Final Number of Number of Alternative
Products Columns Sequences

2 1 1

3 2 2

4 3 5

5 4 14

6 5 42

4. Make the most difficult separations in the absence of the
other components. This will usually lower the diameter
of the tallest column.

5. Leave later in the sequence those separations that pro-
duce final products of the highest purities. This will also
lower the diameter of the tallest column.

6. Select the sequence that favors near-equimolar amounts
of distillate and bottoms in each column. Then the
two sections of the column will tend to have the same
diameter.

Unfortunately, these heuristics sometimes conflict with
one another so that one clear choice may not be possible. If
applicable, Heuristic 1 should always be employed. The most
common industrial sequence is that of Heuristic 2. When
energy costs are high, Heuristic 6 is favored because of lower
utility costs. When one of the separations is particularly diffi-
cult, such as the separation of isomers, Heuristic 4 is usually

SUMMARY

1. Industrial chemical processes include equipment for sep-
arating chemical mixtures in process feed(s) and/or
produced in reactors within the process.

2. The more widely used separation operations involve trans-
fer of species between two phases, one of which is created
by an energy separation agent (ESA) or the introduction of
a mass-separating agent (MSA).

3. Less commonly used operations employ a barrier to prefer-
entially pass certain species or a force field to cause species
to diffuse to another location at different rates.
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STUDY QUESTIONS
1.1. What are the two key process operations in chemical
engineering?

1.2. What are the main auxiliary process operations in chemical
engineering?

applied. For determining an optimal sequence, Seider et al. [2]
present rigorous methods that do require column designs and
economic evaluations. They also consider complex sequences
that include separators of different types and complexity.

EXAMPLE 1.2 Selection of a Separation Sequence
using Heuristics.

A distillation sequence is to produce four final products from five
hydrocarbons. Figure 1.11 shows the five possible sequences. The
molar percentages in the process feed to the sequence are C; (5.0%),
iC, (15%), nC, (25%), iC5 (20%), and nC, (35%). The most difficult
separation by far is that between the isomers, iC, and nC,. Use the
heuristics to determine the best sequence(s). All products are to be of
high purity.

Solution

Heuristic 1 does not apply. Heuristic 2 favors taking C,, iC,, and nC,
as distillates in Columns 1, 2, and 3, respectively, with the multicom-
ponent product of iC; and nCy taken as the bottoms in Column 3.
Heuristic 3 favors the removal of the multicomponent product (55%
of the feed) in Column 1. Heuristic 4 favors the separation of iC,
from nC, in Column 3. Heuristics 3 and 4 can be combined with C;
taken as distillate in Column 2. Heuristic 5 does not apply. Heuristic 6
favors taking the multicomponent product as bottoms in Column 1
(45/55 mole split), nC, as bottoms in Column 2 (20/25 mole split),
and C, as distillate with iC, as bottoms in Column 3. Thus, the heuris-
tics lead to three possible sequences as most favorable.

4. Separation operations are designed to achieve product
purity and to strive for high recovery.

5. A sequence of separators is usually required when more
than two products are to be produced or when the required
product purity cannot be achieved in a single separator.

6. The cost of purifying a chemical depends on its concentra-
tion in the feed. The extent of industrial use of a particular
separation operation depends on its cost and technological
maturity.

3. KELLER, G.E., II, AIChE Monogr. Ser, 83(17) (1987).

4. Suerwoobn, T.K., R.L. PigrorDp, and C.R. WILKE, Mass Transfer,
McGraw-Hill, New York (1975).

5. DWYER, J.L., Biotechnology, 1,957 (Nov. 1984).

1.3. What are the four general separation techniques and what do
they all have in common?

1.4. Why is the rate of mass transfer a major factor in separation
processes?
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1.5.  What limits the extent to which the separation of a mixture can
be achieved?

1.6. What are the most common methods used to separate two fluid
phases?

1.7. What is the difference between an ESA and an MSA? Give
three disadvantages of using an MSA.

1.8.  What is the most widely used industrial separation operation?

EXERCISES

Section 1.1

1.1. Description of the ethanol process.
Considering possible side reactions, describe as best you can what
takes place in each block of the process shown in Figure 1.4.

Section 1.2

1.2. Mixing vs. separation.
Explain, using thermodynamic principles, why mixing pure chem-
icals to form a homogeneous mixture is a spontaneous process, while
separation of that mixture into its pure species is not.

1.3. Separation of a mixture requires energy.
Explain, using the laws of thermodynamics, why the separation
of a mixture into pure species or other mixtures of differing compo-
sitions requires energy transfer to the mixture.

Sections 1.3 and 1.4
1.4. ESA vs. MSA.

Compare the advantages and disadvantages of making separations
using an ESA versus using an MSA.

1.5. Differences
extraction.
Under what conditions should liquid—liquid extraction be consid-
ered over distillation?

among distillation and liquid-liquid

Section 1.5

1.6. Osmotic pressure.

The osmotic pressure, m, of seawater is given by n = RTc/M,
where ¢ is the concentration of the dissolved salts (solutes) in
g/cm?, M is the average molecular weight of the solutes as ions, T
is temperature in Kelvin, and R is the ideal gas constant. Consider
recovering pure water from seawater containing 0.035 g of salts/cm’
of seawater and M = 31.5, at 298 K. What is the minimum required
pressure difference across the membrane in kPa to just overcome the
osmotic pressure?

1.7. Basic separation techniques.

For each of the following separation operations, state the basic
separation process technique shown in Figure 1.6: absorption, adsorp-
tion, dialysis, distillation, flash vaporization, gas permeation, liquid—
liquid extraction, pervaporation, reverse osmosis, and stripping.

Section 1.7

1.8. Removing organic pollutants from wastewater.

The need to remove organic pollutants from wastewater is com-
mon to many industrial processes. Separation methods to be consid-
ered are: (1) adsorption, (2) distillation, (3) liquid-liquid extraction,
(4) membrane separation, (5) stripping with air, and (6) stripping with
steam. Discuss the advantages and disadvantages of each method.
Consider the fate of the organic material.

Exercises 13

1.9. What is the difference between adsorption and absorption?

1.10. The degree of separation in a separation operation is often spec-

ified in terms of product purities and component recoveries.
How do these two differ?

1.11. Whatis a key component? What is a multicomponent product?
1.12. Why are sequences of separators sometimes necessary to sep-

arate a feed mixture?

1.9. Removal of VOCs from a wastewater stream.

Many waste gas streams contain volatile organic compounds
(VOCs), which must be removed. Recovery of the VOCs may be
accomplished by (1) absorption, (2) adsorption, (3) condensation,
(4) freezing, (5) membrane separation, or (6) catalytic oxidation.
Discuss the pros and cons of each method, paying particular attention
to the fate of the VOC. For the case of a stream containing 3 mol%
acetone in air, draw a flow diagram for a process based on absorption.
Choose a reasonable absorbent and include in your process a means
to recover the acetone and recycle the absorbent.

1.10. Separation of air.

Describe three methods suitable for the separation of air into nitro-

gen and oxygen.

Section 1.8

1.11. Material balance for a distillation sequence.

The feed to Column C3 in Figure 1.10 is given in Table 1.5. The
separation is to be altered to produce a distillate of 95 mol% pure
isobutane with a recovery in the distillate of 96%. Because of the
sharp separation in Column C3 between iC, and nC,, assume all
propane goes to the distillate and Css to the bottoms.

(a) Compute the flow rates in Ibmol/h of each component in each of
the two products leaving Column C3.

(b) What is the percent purity of the n-butane bottoms product?

(c) If the isobutane purity in the distillate is fixed at 95%, what
percent recovery of isobutane in the distillate will maximize the
percent purity of normal butane in the bottoms product?

1.12. Material balance for a distillation sequence.

Five hundred kmol/h of liquid alcohols containing, by moles,
40% methanol (M), 35% ethanol (E), 15% isopropanol (IP), and
10% normal propanol (NP) is distilled in two distillation columns in
series. The distillate from the first column is 98% pure M with a 96%
recovery of M. The distillate from the second is 92% pure E with a
95% recovery of E from the process feed. Assume no propanols in
the distillate from Column C1, no M in the bottoms from Column
C2, and no NP in the distillate from Column C2.

(a) Compute flow rates in kmol/h of each component in each feed,
distillate, and bottoms. Draw a labeled block-flow diagram.
Include the material balances in a table, similar to Table 1.5.

(b) Compute the mole-percent purity of the propanol mixture leaving
as bottoms from the second column.

(¢) If the recovery of ethanol is fixed at 95%, what is the maximum
purity of the ethanol in the distillate from the second column?

(d) If instead, the purity of the ethanol is fixed at 92%, what is the
maximum recovery of ethanol (based on the process feed)?

1.13. Material balance for separation by pervaporation.
Ethanol and benzene are separated in a network of distillation
and membrane separation steps. In one step, a near-azeotropic liquid
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mixture of 8,000 kg/h of 23 wt% ethanol in benzene is fed to a per-
vaporation membrane consisting of an ionomeric film of perfluoro-
sulfonic polymer cast on a Teflon support. The membrane is selective
for ethanol, producing a vapor permeate containing 60 wt% ethanol,
while the non-permeate (retentate) liquid contains 90 wt% benzene.

(a) Draw a flow diagram of the pervaporation using symbols from
Table 1.3 and include all process information.

(b) Compute the component flow rates in kg/h in the feed stream
and in the product streams, and enter these results in the diagram.

(c) What separation operation could be used to purify the vapor
permeate?

1.14. Material balance for an absorption-distillation sequence.

1,000 kmol/h of a gas mixture containing 90 mol% acetone and
10% nitrogen is to be processed to recover the acetone. First the gas
is fed to a multistage absorber where 95% of the acetone is absorbed
with 500 kmol/h of a liquid absorbent of methyl-isobutyl-ketone
(MIBK). Two percent of the entering MIBK is lost to the gas leaving
the top of the absorber. Nitrogen does not dissolve in the MIBK.

The liquid leaving the bottom of the absorber is sent to a distilla-
tion column to separate the acetone from the MIBK. In this column,
a distillate of 98 mol% acetone and a bottoms of 99 mol% MIBK is
obtained.

(a) Draw a flow diagram of the separation process and place the
above data on the diagram.

(b) For each stream in the process, calculate by material balances
the flow rate of each component and enter your results in a table
similar to Table 1.5.

1.15. Separation by Gas Permeation.

The Prism gas permeation process developed by the Monsanto
Company is selective for hydrogen when using hollow-fiber mem-
branes made of silicone-coated polysulphone. A feed gas at 16.7 MPa
and 40°C containing 42.4 H,, 7.0 CH,, and 0.5 N, kmol/h is sepa-
rated by the membrane into a retentate gas at 16.2 MPa and a permeate
gas at 4.56 MPa.

(a) Assume the membrane is non-permeable to nitrogen, the recov-
ery of H, is 60.38%, and the mole ratio of CH, to H, in the
permeate is 0.0117. Calculate the total flow rate of the retentate
and permeate gases and the flow rates of each component in them.

(b) Compute the percent purity of the hydrogen in the permeate gas.

(¢) Draw a process-flow diagram that displays pressure and compo-
nent flow rates.

1.16. Separation by membrane separation and adsorption.
Nitrogen is injected into oil wells to increase the recovery of
crude oil (enhanced oil recovery). It mixes with the natural gas
that is produced along with the oil. The nitrogen must be separated
from the natural gas. A total of 170,000 SCFH (based on 60°F
and 14.7 psia) of natural gas containing 18% N,, 75% CH,, and
7% C,H¢ at 100°F and 800 psia is to be processed in two steps to
reduce nitrogen content to 3 mol%: (1) membrane separation with
a nonporous glassy polyimide membrane, followed by (2) adsorp-
tion using molecular sieves to which the permeate gas is fed. The
membrane separator is highly selective for N, (90.83% recovery),
and completely impermeable to ethane. The mole ratio of CH, to
N, in the permeate is 1.756. The adsorption step selectively adsorbs
methane, giving 97% pure methane in the adsorbate, with an 85%
recovery of CH, fed to the adsorber. The non-permeate (retentate)
gas from the membrane step and adsorbate from the adsorption step
are combined to give a methane stream that contains 3.0 mol% N,.
The pressure drop across the membrane is 760 psia. The permeate at
20°F is compressed to 275 psia and cooled to 100°F before entering

the adsorption step. The adsorbate, which exits the adsorber during
regeneration at 100°F and 15 psia, is compressed to 800 psia and
cooled to 100°F before being combined with non-permeate gas to
give the final pipeline natural gas.

(a) Draw a process flow diagram of the process using appropriate
symbols. Include compressors and heat exchangers. Label the
diagram with the data given and number all streams.

(b) Compute component flow rates of N,, CH,, and C,H, in Ibmol/h
and create a material-balance table similar to Table 1.5.

1.17. Partial condensation of a reactor effluent.

Toluene (methylbenzene) is used as a solvent and a fuel and is
a precursor for making benzene by hydrodealkylation; benzene and
xylenes by disproportionation; and 2.,4,6-trinitrotoluene (TNT)—an
explosive used by the military and construction companies—by
nitration. Consider a hydrodealkylation process, where the main
reaction is:

Toluene + H, — Benzene + CH,

with an undesirable side reaction:
2 Benzene = Biphenyl + H,

The reactor effluent is cooled and partially condensed. The liquid
phase is then distilled in a sequence of three distillation columns to
give the following four products, one of which is recycled back to
the reactor.

Benzene Toluene Biphenyl
Oft-gas, Product, Recycle, By-product,

Component kmol/h kmol/h kmol/h kmol/h
Hydrogen 1.48 0.00 0.00 0.00
Methane 11.07 0.06 0.00 0.00
Benzene 0.80 264.72 1.33 0.00
Toluene 0.00 0.09 88.79 0.45
Biphenyl 0.00 0.00 0.02 4.59

Total 13.35 264.87 90.14 5.04

(a) Calculate for the sequence the percent recoveries for benzene
and biphenyl.

(b) Calculate the mol% purities for benzene and biphenyl.
(¢) Why is there a toluene recycle stream?

(d) What would happen if the biphenyl was not separated from the
toluene, but was recycled back to the reactor with the toluene?

1.18. Separation by Gas Permeation.

In a hydrodealkylation process of the type stated in Exercises 1.17
and 1.22, a gas rich in hydrogen and methane is separated from the
reactor effluent by partial condensation. The gas is then sent to a gas
permeation membrane separator (Operation 3 in Table 1.3) to sepa-
rate the hydrogen from the methane. The permeate is recycled to the
reactor and the retentate is used for fuel. The component flow rates
for the membrane feed, retentate, and permeate are as follows:

Component Feed, kmol/h Retentate, kmol/h Permeate, kmol/h
Hydrogen 1575.7 157.6 1418.1
Methane 2388.1 2313.5 74.6
Benzene 29.8 29.8 0.0
Toluene 3.5 3.5 0.0
Biphenyl 0.0 0.0 0.0
Total 3997.1 2504.4 1492.7
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(a) Calculate the percent recoveries and mol% purities of hydrogen
in the permeate and methane in the retentate. (b) Why not sepa-
rate hydrogen from methane by distillation or absorption?

1.19. Distillation sequences.

The feed stream in the table below is to be separated into four
nearly pure products. None of the components is corrosive and, based
on the boiling points, none of the three separations is difficult. As seen
in Figure 1.11, five distillation sequences are possible. (a) Determine
a suitable sequence of three columns using the heuristics of §1.8.2.
(b) If a fifth component were added to give five products, Table 1.7
indicates that 14 alternative distillation sequences are possible. Draw,
in a manner similar to Figure 1.10, all 14 of these sequences.

Component Feed rate, kmol/h Normal boiling point, K
Methane 19 112
Benzene 263 353
Toluene 85 384
Ethylbenzene 23 409

1.20. Distillation sequence for a solution from
fermentation.

Starch from corn or sugarcane can be fermented to an aqueous
solution of acetone (A), n-butanol (B), and ethanol (E). Typically, the
mass ratio of bioproducts is 3(A):6(B):1(E). The solution contains
33 g of bioproducts per liter of water. After removal of solid particles
from the broth by centrifugation, the remaining liquid is distilled in a
sequence of distillation columns to recover (1) acetone with a maxi-
mum of 10 wt% water; (2) ethanol with a maximum of 10 wt% water;
(3) n-butanol (99.5 wt% purity with a maximum of 0.5% water); and
(4) water (W), which can be recycled to the fermenter. If the four
products distill according to their normal boiling points in °C of 56.5
(A), 117 (B), 78.4 (E), and 100 (W), devise a suitable distillation
sequence using the heuristics of §1.8.2.

1.21. Separation by a distillation sequence.

Alight-hydrocarbon feed stream contains 45.4 kmol/h of propane,
136.1 kmol/h of isobutane, 226.8 kmol /h of n-butane, 181.4 kmol /h
of isopentane, and 317.4 kmol/h of n-pentane. This stream is to
be separated by a sequence of three distillation columns into four
products: (1) propane-rich, (2) isobutane-rich, (3) nr-butane-rich,
and (4) combined pentanes-rich. The first-column distillate is the
propane-rich product; the distillate from Column 2 is the isobutane-
rich product; the distillate from Column 3 is the n-butane-rich
product, and the combined pentanes are the Column 3 bottoms.
The recovery of the main component in each product is 98%. For
example, 98% of the propane in the feed stream appears in the
propane-rich product.

(a) Draw a process-flow diagram for this distillation sequence,
similar to Figure 1.10.

Exercises 15

(b) Complete a material balance for each column and summarize the
results in a table similar to Table 1.5. To complete the balance,
you must make assumptions about the flow rates of: (1) isobutane
in the distillates for Columns 1 and 3 and (2) n-butane in the
distillates for Columns 1 and 2, consistent with the specified
recoveries. Assume no propane in the distillate from Column 3
and no pentanes in the distillate from Column 2.

(c) Calculate the mol% purities of the products and summarize your
results as in Table 1.6, but without the specifications.

1.22. Distillation sequence for a wide-boiling mixture.
The effluent from the reactor of a toluene hydrodealkylation pro-
cess of the type stated in Exercise 1.17 is as follows:

Component Boiling Point, °C Flow Rate, kmol/h
Hydrogen -252.8 1577.1
Methane -169.0 2399.2
Benzene 80.1 296.6
Toluene 110.6 92.8
Biphenyl 255.2 4.6

Total 4370.3

The reactor effluent at 1265°F and 500 psia is to be separated into
four products: (a) a gaseous mixture rich in hydrogen and methane;
(b) abenzene-rich product of high purity; (c) a toluene-rich mixture of
low purity thatis recycled to the reactor; and (c) a biphenyl by-product
of high purity. Using the heuristics of §1.8.2, determine one or two
favorable sequences. A sequence can contain one single-stage partial
condenser in place of one multistage distillation column.

1.23. Distillation sequence for an alcohol mixture.

A mixture of five alcohols is to be separated into nearly pure prod-
ucts in a sequence of distillation columns, each of which produces
a distillate and a bottoms. According to Table 1.7, four columns
are needed that can be arranged into 14 different sequences. Using
the heuristics of §1.8.2, determine one or two feasible sequences.
The following table lists the alcohols in the order of volatility. The
volatilities relative to the fifth (least volatile) alcohol, 1-hexanol, are
shown. Also included are the flow rates of the five alcohols in the
feed to the sequence.

Feed flow rate, Volatility relative to

Alcohol kmol/h 1-hexanol

1-Butanol 360 3.6

2-Methyl-1-Butanol 180 2.5

3-Methyl-2-Butanol 360 2.3

1-Pentanol 2520 1.8

1-Hexanol 3600 1.0
Total 7020
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Chapter 2

Thermodynamics of Separation Operations

§2.0 INSTRUCTIONAL OBJECTIVES

After completing this chapter, you should be able to:

o Explain phase equilibria in terms of Gibbs free energy, chemical potential, fugacity, fugacity coefficient, activity, and

activity coefficient.

¢ Understand the usefulness of phase equilibrium ratios (e.g., K-values and distribution ratios) for determining vapor

and liquid phase compositions.

o Derive K-value expressions in terms of fugacity coefficients and activity coefficients.
o Explain how computer programs use equation of state (EOS) models to compute thermodynamic properties of vapor

and liquid mixtures, including K-values.

e Explain how computer programs use liquid-phase activity-coefficients derived from Gibbs excess free-energy models
to compute thermodynamic properties, including K-values.
e Make energy, entropy, and exergy (availability) balances around a separation process.

Thermodynamic properties play a major role in designing
and simulating separation operations with respect to energy
requirements, phase equilibria, and equipment sizing. This
chapter reviews methods for calculating molar volume or den-
sity, enthalpy, entropy, exergy (availability), fugacities, activity
coefficients, and phase equilibria ratios of ideal and nonideal
vapor and liquid mixtures as functions of temperature, pres-
sure, and composition. These thermodynamic properties are
used for determining compositions at phase-equilibrium, and
for making energy balances, entropy balances, and exergy
balances to determine energy efficiency. Emphasis is on the
thermodynamic property methods most widely used in process
simulators.

Experimental thermodynamic property data should be
used, when available, to design and analyze separation oper-
ations. When not available, properties can often be estimated
with reasonable accuracy by methods discussed in this chapter.
The most comprehensive source of thermodynamic proper-
ties for pure compounds and nonelectrolyte and electrolyte
mixtures—including excess volume, excess enthalpy, activity
coefficients at infinite dilution, azeotropes, and vapor-liquid,
liquid-liquid, and solid-liquid equilibrium—is the comput-
erized Dortmund Data Bank (DDB), described briefly at
www.ddbst.com, and in detail by Gmehling, et al. [1]. It was
initiated by Gmehling and Onken in 1973. It is updated annu-
ally and widely used by industry and academic institutions on
a stand-alone basis or with process simulators via the DDB
software package (DDBST). In 2014, the DDB contained
more than 6.4 million data sets for more than 49,000 compo-
nents from more than 65,400 literature references. The DDB
contains openly available experimental data from journals,
which can be searched free of charge. A large percentage of the
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data is from non-English sources, industry, and MS and PhD
theses. The DDB also presents comparisons of experimental
data with various estimation methods described in this chapter.

§2.1 PHASE EQUILIBRIA

Many separations are determined by the extent to which
species are partitioned among two or more phases at equilib-
rium at a specified 7" and P. The distribution is determined by
application of the Gibbs free energy, G. For each phase in a
multiphase, multicomponent system, the Gibbs free energy is

G=G{T,P,N1,N2,...,Nc} (2'1)

where T = temperature, P = pressure, and N; = moles of
species i. At equilibrium, the total G for all phases is a
minimum, and methods for determining this are referred
to as free-enmergy minimization techniques. Gibbs free
energy is also the starting point for the derivation of com-
monly used equations for phase equilibria. From classical
thermodynamics, the total differential of G is

C

dG = -SdT +VdP+ ¥ pdN,
=1

(2-2)

where § = entropy, V = volume, and y, is the chemical poten-
tial or partial molar Gibbs free energy of species i. For a closed
system consisting of two or more phases in equilibrium, where
each phase is an open system capable of mass transfer with
another phase,

Np [ C
)
G = 3 [ u,@dzv?]
p=1 |

(2-3)

i=

PT
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where superscript (p) refers to each of Np phases. Conserva-
tion of moles of species, in the absence of chemical reaction,
requires that

an = Z ANy (2-4)
which, upon substitution into (2-3), gives
Np
Z Z (W2 = u)an?| =0 (2-5)

With del) eliminated in (2-5), each a’N,-(’7 ) term can be varied
independently of any other dN}p ) term. But this requires that
each coefficient of le-(p ) in (2-5) be zero. Therefore,

O _ @G (Np)

b= =W = (2-6)

Thus, the chemical potential of a species in a multicompo-
nent system is identical in all phases at physical equilibrium.
This equation is the basis for the development of all phase-
equilibrium calculations.

§2.1.1 Fugacities and Activity Coefficients

Chemical potential is not an absolute quantity, and the numer-
ical values are difficult to relate to more easily understood
physical quantities. Furthermore, the chemical potential appro-
aches an infinite negative value as pressure approaches zero.
Thus, the chemical potential is not a favored property for
phase-equilibria calculations. Instead, fugacity, invented by
G. N. Lewis in 1901, is employed as a surrogate.

The partial fugacity of species i in a mixture is like a
pseudo-pressure, defined in terms of the chemical potential by

fi= lCexp< Hi )

where K is a temperature-dependent constant. Regardless of
the value of £, it is shown by Prausnitz, Lichtenthaler, and de
Azevedo [2] that (2-6) can be replaced with

Z(1 (2 73
FOZFO _ 70

where, f; is the partial fugacity of species i. Thus, at equi-
librium, a given species has the same partial fugacity in
each phase. This equality, together with equality of phase
temperatures and pressures,

2-7)

=5" (2-8)

T = 7@ — 73 — ... = TWNp)

(2-9)

= pp) (2-10)

P — p@ _ p3 _ ...
constitutes the well-accepted conditions for phase equilibria.
For a pure component, the partial fugacity, f;, becomes the
pure-component fugacity, f;. For a pure, ideal gas, fugac-
ity equals the total pressure, and for a component in an
ideal-gas mixture, the partial fugacity equals its partial pres-
sure, p; =y;P, such that the sum of the partial pressures
equals the total pressure (Dalton’s Law). Because of the close
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relationship between fugacity and pressure, it is convenient to

define a pure-species fugacity coefficient, ¢;, as
fi

d; = ;’, (2-11)

which is 1.0 for an ideal gas. For a mixture, partial fugacity
coefficients for vapor and liquid phases, respectively, are

(T)iV:l

o (2-12)
5= i )
b = (2-13)

i

As ideal-gas behavior is approached, ¢;; — 1.0 and
$;;. — P{/P, where P§ = vapor pressure.

At a given temperature, the ratio of the partial fugacity of a
component to its fugacity in a standard state, f*, is termed the
activity, g;. If the standard state is selected as the pure species
at the same pressure and phase condition as the mixture, then

a=1 (2-14)
I
Since at phase equilibrium, the value of /* is the same for each
phase, substitution of (2-14) into (2-8) gives another alterna-
tive condition for phase equilibria,
aEl) — agz) — a§3) — .. = agNP) (2-15)

For an ideal solution, a;;, = y; and a;; = x;.

To represent departure of activities from mole fractions
when solutions are nonideal, activity coefficients based on
concentrations in mole fractions are defined by

a;

Yy = y—lV (2-16)
aA

v, = YL (2-17)
X

For ideal solutions, y;;, = 1.0 and y;; = 1.0
For convenient reference, thermodynamic quantities useful
in phase equilibria are summarized in Table 2.1.

§2.1.2 Definitions of K-Values

A phase-equilibrium ratio is the ratio of mole fractions of
a species in two phases at equilibrium. For vapor—liquid sys-
tems, the ratio is called the K-value or vapor-liquid equilib-
rium ratio:

=

K.

1

(2-18)

R

For the liquid-liquid case, the ratio is a distribution ratio,
partition coefficient, or liquid-liquid equilibrium ratio:

D

Ky 5(2)

(2-19)
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Table 2.1 Thermodynamic Quantities for Phase Equilibria

Limiting Value for Ideal Gas

Thermodynamic Quantity Definition Physical Significance and Ideal Solution
. . _ (oG . _ _
Chemical potential p= - Partial molar free energy, g, W =g,
aNi P.,T.N;
Partial fugacity fi=Kexp <i> Thermodynamic pressure fv =P
RT 2 s
Jio = x;P;
Fugacity coefficient of a pure ¢, = fl—’) Deviation to fugacity due to pressure ¢y =1.0
species o Pf
iL P
. . . — fiV L . b, =1.0
Partial fugacity coefficient of by = ny Deviations to fugacity due to pressure by = 1.
a species in a mixture J and composition - P}
(I)' = JiL q)iL F
R
Activity a; = L’O Relative thermodynamic pressure Ay =i
i dip =X
— v
Activity coefficient Yiv = 7 Deviation to fugacity due to Yy = 1.0
a_'L composition v, = 1.0
Yo = -
Xi
For equilibrium-stage calculations, separation factors are defi- or
ned by forming ratios of equilibrium ratios. For the vapor— fir = byx;P (2-24)
liquid case, relative volatility o; ; between components i and
Jj is given by and
K. foy = by P 2-25
(xi,j = El (2_20) flV (I)lVyl ( )
/ If (2-24) and (2-25) are used with (2-18), an equation-of-
Separations are easy for very large values of ; ;, but become state (EOS) formulation of the K-value follows, where the

impractical for values close to 1.00.
Similarly for the liquid-liquid case, the relative selectivity

[Si’j is

L= 2-21
b= &, @-21)

Equilibrium ratios are formulated in a variety of ways using
the thermodynamic quantities in Table 2.1. The two of most
practical interest are formulated next.

§2.1.3 Rigorous K-Value Formulations

For vapor-liquid equilibrium, (2-8) becomes, for each
component,

Jiv=fi (2-22)
To form an equilibrium ratio, partial fugacities are commonly
replaced by expressions involving mole fractions. From the
definitions in Table 2.1:

Jio =Yuxifin (2-23)

partial fugacity coefficients are obtained from an EOS, as
described later in this chapter.

Pir
K, == 2-26
"o ( )

If (2-23) and (2-25) are used, an activity coefficient or
gamma-phi formulation of the K-value is obtained:

K. = YirfiL _ Yigd)iL

L 2-27
T @27

If the ideal gas EOS, Pv =RT applies—where v =
molar volume and R = the ideal-gas constant—and both the
vapor and liquid form ideal solutions, then y; = 1.0, ¢;; =
P§/P, and ¢, = 1.0. If these are substituted into (2-27), the
result is Raoult’s law or ideal K-value expression:

(2-28)
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If, however, the liquid phase is a nonideal solution,
vi 7 1.0 and (2-28) becomes the modified Raoult’s law
K-value expression:

K = Vi P}

=1 (2-29)

For moderate pressures, the Poynting correction is intro-
duced into (2-27) by approximating the pure-component liquid
fugacity coefficient in (2-27) by

P 1"
(I)iL = (I)fV Fl exXp <m/ ViLdP> (2‘30)
P

where (I)fv = pure component vapor fugacity coefficient at
the saturation pressure. The exponential term is the Poynting
correction. If the liquid molar volume, v, is reasonably con-
stant over the pressure range, the integral in (2-28) becomes
v (P — P}). For moderate to high pressures, an EOS is used
to obtain ¢,y in (2-27).

For a low-molecular-weight gas species, whose tempera-
ture at the critical point, T, is less than the system temperature,
the Henry’s law form for the K-value is convenient, provided
H;, the Henry’s law coefficient, is available. It depends on
composition, temperature, and pressure. At low to moderate
pressures, it replaces the vapor pressure in (2-28) to give

(2-31)

Table 2.2 lists the above-mentioned vapor-liquid K-value
expressions and includes recommendations for their appli-
cation.

Regardless of which thermodynamic formulation in
Table 2.2 is used for estimating K-values, its accuracy depends
on the correlations used for the thermodynamic properties
(vapor pressure, activity coefficient, and fugacity coefficients).
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For practical applications, the choice of K-value formulation
is a compromise among accuracy, complexity, convenience,
and past experience.

For liquid-liquid equilibria, (2-8) becomes

) — 72

fiL _fiL
where superscripts (1) and (2) refer to the immiscible liquid
phases. A rigorous formulation for the distribution coefficient

is obtained by combining (2-23) with (2-19) to obtain an
expression involving only activity coefficients:

(2-32)

1) (2) Fo(2) (2)
X _ Yy i _ i
T

K, (2-33)

For vapor—solid equilibria, if the solid phase consists of
just one of the components of the vapor phase, combination
of (2-8) and (2-25) gives

fis = GiyyiP
At low pressures, ¢;; = 1.0 and the fugacity of the solid is

approximated by its vapor pressure. Thus, for the vapor-phase
mole fraction of the component forming the solid phase:

(PDsol
v = ]:ohd
For liquid—solid equilibria, if the solid phase is a pure com-
ponent, the combination of (2-8) and (2-23) gives

(2-34)

(2-35)

fis = viLxifiL (2-36)

At low pressure, the fugacity of a solid is approximated by
vapor pressure to give, for a component in the solid phase,

_ (Psolia

= (2-37)
YiL(P f)liquid

i

Table 2.2 Useful K-Value Expressions for Estimating Vapor-Liquid Equilibria (K; =y,/x;)

i

Equation

Recommended Application

Rigorous forms:

(1) Equation-of-state K, = &
by
(2) Activity coefficient K = Y’qf)&
iv
Approximate forms:
P
(3) Raoult’s law (ideal) K, = F’

P
(4) Modified Raoult’s law K. = Yy

(5) Poynting correction

i

(6) Henry’s law

P 1 [
K =v,d5 (ﬁ) exp ﬁ/Ps vy dP

Hydrocarbon and light gas mixtures from cryogenic temperatures to
the critical region

All mixtures from ambient to near-critical temperature

Ideal solutions at near-ambient pressure

Nonideal liquid solutions at near-ambient pressure

Nonideal liquid solutions at moderate pressure and below the
critical temperature

Low-to-moderate pressures for species at supercritical temperature
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EXAMPLE 2.1 K-Values from Raoult’s and Henry’s
Laws.

Estimate K-values and the relative volatility, o, v, of a vapor-liquid
mixture of water (W) and methane (M) at P =2 atm, 7 = 20 and
80°C. What is the effect of T on the K-values?

Solution

At these conditions, water exists mainly in the liquid phase and will
follow Raoult’s law (2-28) if little methane dissolves in the water.
Because methane has a critical temperature of —82.5°C, well below
the temperatures of interest, it will exist mainly in the vapor phase
and follow Henry’s law (2-31). The Aspen Plus process simulator is
used to make the calculations using the Ideal Properties option with
methane as a Henry’s law component. The Henry’s law constants for
the solubility of methane in water are provided in the simulator data
bank. The results are as follows:

T,°C Ky Ky Uy
20 0.01154 18,078 1,567,000
80 0.23374 33,847 144,800

For both temperatures, the mole fraction of methane in the water is
less than 0.0001. The K-values for H,O are low but increase rapidly
with temperature. The K-values for methane are extremely high and
change much less rapidly with temperature.

§2.2 IDEAL-GAS, IDEAL-LIQUID-SOLUTION
MODEL

Classical thermodynamics provides a means for obtaining
fluid thermodynamic properties in a consistent manner from
P—v—T EOS models. The simplest model applies when both
liquid and vapor phases are ideal solutions (all activity coef-
ficients equal 1.0) and the vapor is an ideal gas. Then the
thermodynamic properties of mixtures can be computed
from pure-component properties of each species using the
equations given in Table 2.3. These ideal equations apply only
at low pressures—not much above ambient—for components
of similar molecular structure.

The vapor molar volume, vy, and mass density, py,, are com-
puted from (1), the ideal-gas law in Table 2.3. It requires only
the mixture molecular weight, M, and the gas constant, R. It
assumes that Dalton’s law of additive partial pressures and
Amagat’s law of additive volumes apply.

The molar vapor enthalpy, &y, is computed from (2) in
Table 2.3 by integrating an equation in temperature for the
zero-pressure heat capacity at constant pressure, Cp , starting
from a reference (datum) temperature, 7, to the temperature
of interest, and then summing the resulting species vapor
enthalpies on a mole-fraction basis. Typically, 7, is taken
as 25°C, although 0 K is also common. Pressure has no
effect on the enthalpy of an ideal gas. A number of empirical
equations have been used to correlate the effect of temperature
on the zero-pressure vapor heat capacity. An example is the
fourth-degree polynomial:

B, = lag + &\ T+ a,T° + a;T° + a,T*| R (2-38)

Table 2.3 Thermodynamic Properties for Ideal Mixtures

Ideal gas and ideal-gas solution:

c
\4 M  RT
1 v, = c =—=73 M:Zyl.M
i=1

ZN Py

C
@) hy= Yy, / (Cp)ydT = Zyl v
i=1

C T (Co) P C
@) s, = Zyl_/ %dT—Rln(F> ~RY y,Iny,
i=1 T, o i=1

where the first term is s7,

Ideal-liquid solution:

c c
@) v, = CL = M = inViL’ M=2xiMi
[ i=1
S
i=1
c
(5) hy = Y x,(% — AH;™)
i=1

©) s, = Z" [/ (Ch)w g A?_vap]
—Rln( ) RZx In x,

Vapor-liquid equilibria:

P
7) K, =i
(7N K, P

Reference conditions (datum): &, ideal gas at T, and zero pressure; s, ideal
gasat7) and P, =1 atm.

Refer to elements if chemical reactions occur; otherwise refer to
components.

where the constants, a, depend on the species. Values of the
constants for hundreds of compounds, with 7 in K, are tabu-
lated by Poling, Prausnitz, and O’Connell [3]. Because Cp =
dh/dT, (2-38) can be integrated for each species to give the
ideal-gas species molar enthalpy:

T 5 k _ Tk
“)/ — / ;'))VdT = Z —ak_l (Tk To)R
T, k=1

14

(2-39)

The molar vapor entropy, sy, is computed from (3) in
Table 2.3 by integrating Cp, /T trom T, to T for each species;
summing on a mole-fraction basis; adding a term for the
effect of pressure referenced to a datum pressure, P,, which is
generally taken to be 1 atm (101.3 kPa); and adding a term for
the entropy change of mixing. Unlike the ideal vapor enthalpy,
the ideal vapor entropy includes terms for the effects of pres-
sure and mixing. The reference pressure is not zero, because
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the entropy is infinity at zero pressure. If (2-38) is used for the
heat capacity,

T /ey, T\ o a T —T5
/T< T)dT—[a01n<T0>+kZ} . R
(2-40)
The liquid molar volume, v;, and mass density, p;, are
computed from the pure species using (4) in Table 2.3 and
assuming additive molar volumes (not densities). The effect of
temperature on pure-component liquid density from the freez-

ing point to the near-critical region at saturation pressure is
correlated well by the Rackett equation [4]:

A

AT (2-41)

where values of constants A and B, and the critical temperature,
T.., are tabulated for approximately 700 organic compounds by
Yaws et al. [5].

The vapor pressure of a liquid species, P?, is well repre-
sented over temperatures from below the normal boiling point
to the critical region by an extended Antoine equation:

NP’ =ky +ky/(ks +T) + kT + ks InT + kgTX 7 (2-42)

where constants k for hundreds of compounds are built into the
physical-property libraries of all process simulation programs.
At low pressures, the molar enthalpy of vaporization is given
in terms of vapor pressure by classical thermodynamics:

.S
AH"® = RT? (M ) (2-43)
dr
If (2-42) is used for the vapor pressure, (2-43) becomes
va 2 k2 k5 k7—1
AHYP = RT? (=2 + ky + > + kyka TV
(ks +T) T

(2-44)
The molar enthalpy, h;, of an ideal-liquid mixture is
obtained by subtracting the molar enthalpy of vaporization
from the ideal molar vapor enthalpy for each species, as given
by (2-39), and summing, as shown in (5) in Table 2.3. The
molar entropy, s;, of the ideal-liquid mixture, given by (6), is
obtained in a similar manner from the ideal-gas entropy by
subtracting the molar entropy of vaporization, AH"* /T.
The final equation in Table 2.3 gives the expression for
the ideal K-value, previously included in Table 2.2. It is the

K-value based on Raoult’s law, using
pi = xP; (2-45)

and Dalton’s law:
pi=yP (2-46)

Combination of (2-45) and (2-46) gives the Raoult’s law
K-value:

P}

X; P

l

(2-47)

where the extended Antoine equation, (2-42), is used to esti-
mate vapor pressure. The ideal K-value is independent of com-
position, but exponentially dependent on temperature because
of the vapor pressure, and inversely proportional to pressure.
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Note that from (2-20), the ideal relative volatility using (2-47)
is pressure independent.

EXAMPLE 2.2 Thermodynamic Properties of an
Ideal Mixture.

Styrene is manufactured by catalytic dehydrogenation of ethyl ben-
zene, followed by vacuum distillation to separate styrene from unre-
acted ethyl benzene [6]. Typical conditions for the feed are 77.9°C
(351 K) and 100 torr (13.33 kPa), with the following flow rates:

n, kmol/h
Component Feed
Ethyl benzene (EB) 103.82
Styrene (S) 90.15

Assuming that the ideal-gas law holds and that vapor and liquid
phases exist and are ideal solutions, use a process simulator to
determine the feed-stream phase conditions and the thermody-
namic properties listed in Table 2.2. Also, compute the relative
volatility, o .

Solution:

The Aspen Plus Simulator with the Ideal Properties option gives the
following results where the datum is the elements (not the compo-
nents) at 25°C and 1 atm.

Property Vapor Liquid
EB Flow rate, kmol/h 57.74 46.08
S Flow rate, kmol/h 4291 47.24
Total Flow rate, kmol/h 100.65 93.32

Temperature, °C 77.9 77.9

Pressure, Bar 0.1333 0.1333
Molar Enthalpy, kJ/kmol 87,200 56,213
Molar Entropy, kJ/kmol-K —244.4 -350.0
Molar Volume, m3/kmol 219.0 0.126
Average MW 105.31 105.15
Vapor Pressure, Bar 0.1546 0.1124
K-Value 1.16 for EB 0.843 for S
Relative Volatility 1.376

§2.3 GRAPHICAL REPRESENTATION
OF THERMODYNAMIC PROPERTIES

Plots of thermodynamic properties are useful not only for
the data they contain, but also for the graphical representa-
tion, which permits the user to: (1) make general observations
about the effects of temperature, pressure, and composition;
(2) establish correlations and make comparisons with experi-
mental data; and (3) make extrapolations. All process simula-
tors that calculate thermodynamic properties also allow the
user to make property plots. Handbooks and thermodynamic
textbooks contain generalized plots of thermodynamic proper-
ties as a function of temperature and/or pressure. A typical plot
is Figure 2.1, which shows vapor pressure curves of common
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Figure 2.1 Vapor pressure of some common industrial chemicals.
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chemicals for temperatures from below their normal boiling
point to their critical temperature where the vapor pressure
curves terminate. These curves fit the extended Antoine equa-
tion (2-42) reasonably well and are useful in establishing the
phase of a pure species. If the pressure is above the curve, the
phase is liquid, if below it is vapor. Vapor pressures are also
used for estimating Raoult’s law K-values prior to using a pro-
cess simulator.

Before the advent of digital computers and process simula-
tors, various types of graphs were used for determining effects
of temperature and pressure on vapor-liquid K-values for
hydrocarbons and light gases. These graphs, often in nomo-
graph form, were correlations of experimental phase equilibria
data. They were not applicable when mixtures contained suffi-
ciently different hydrocarbons such that liquid-phase activity
coefficients were not close to 1.0 and were strongly dependent
on composition. With the advent of computers, empirical
models that account for effects of composition in addition to
temperature and pressure, and can be applied to mixtures of
organic chemicals as well as hydrocarbons, displaced graph-
ical correlations. These empirical models are available in all
process simulators. Those most widely used are discussed in
subsequent sections of this chapter. Some of the models apply
to liquid-liquid equilibrium.

§2.4 NONIDEAL THERMODYNAMIC
PROPERTY MODELS

Of importance to all separation processes are nonideal thermo-
dynamic properties of mixtures. Models have been formulated
to estimate thermodynamic properties of nonideal, nonelec-
trolyte, electrolyte, and polymer mixtures. Many of these
models, together with the constants and parameters needed
to apply them to the design and simulation of separation
operations, are available in process simulators. In this chapter,
emphasis is on the most widely used models of three types:
(1) P—v-T equation-of-state (EOS) models; (2) Gibbs excess
free-energy (gf) models from which liquid-phase activity
coefficients can be calculated; and (3) predictive thermody-
namic models. Their applicability depends on the nature of
the components in the mixture, the degree of nonideality, the
pressure and temperature, and the reliability of the equation
constants and parameters.

§2.4.1 Reference State (Datum) for Enthalpy

It is important to note that enthalpy is not an absolute thermo-
dynamic property. It is determined relative to a reference state
(datum) and no standard has been accepted. Instead, many
different reference states are used in practice. It is important
to be aware of the enthalpy reference states used in process
simulators.

In the Aspen Plus process simulator, two options, discussed
by Felder and Rousseau [47], are available: (1) elemental
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reference state and (2) component reference state. For
both states, the reference temperature is 25°C (298.15 K).
The default option is the elemental reference state, in which
the enthalpy of a pure component is referenced to its stan-
dard elements by its standard enthalpy of formation. The
component reference state is the pure component as an ideal
gas. The advantage of the default option is that an enthalpy
balance around a chemical reactor automatically accounts for
the heat of reaction because components are referred to the
standard elements. The default option must be used for elec-
trolyte systems. As an example, the enthalpy of superheated
steam at 300°C and 1 MPa, using the elemental reference
state, is —12,920 kJ/kg. If the component reference state
is used, the enthalpy becomes 508 kJ/kg. The difference is
—13,428 kJ /kg or —241,900 kJ /kmol, which is the value for
the standard enthalpy of formation at 25°C for water vapor
from the standard elements by the reaction, Hyg) + 1605y —
Hy0).

In the ChemSep process simulator, the reference tempera-
ture is also 25°C, but the reference phase state can be vapor
or liquid. The standard enthalpy of formation can be included
or excluded to achieve either the elemental or the component
reference state for enthalpy.

In the CHEMCAD process simulator, the reference tem-
perature is also 25°C, but only the elemental reference state
is used.

§2.5 P-v-T EQUATION-OF-STATE (EOS)
MODELS

A relationship between molar volume, temperature, and pres-
sure is a P-v-T equation of state. Numerous such equations
have been proposed. The simplest is the ideal-gas law, which
applies only at low pressures or high temperatures because it
neglects intermolecular forces and the volume occupied by the
molecules. All other equations of state attempt to correct for
these two deficiencies. The most widely used equations of state
are listed in Table 2.4.

Not included in Table 2.4 is the van der Waals equation,
P =RT/(v —b) —a/v?, where a and b are species-dependent
constants. This equation was the first successful formulation
of an equation of state for a nonideal gas. It is now rarely
used because of its narrow range of application. However, its
development suggested that all species have approximately
equal reduced molar volumes, v, = v/v, at the same reduced
temperature, 7, = 7/T., and reduced pressure, P, = P/P,,
where the subscript ¢ refers to the critical point. This finding,
referred to as the law of corresponding states, was utilized to
develop the generalized equation-of-state, (2) in Table 2.4,
which defines the compressibility factor, Z = Pv/RT, where
Z is a function of P,, T,, and either the critical compress-
ibility factor, Z., or the acentric factor, o. The latter was
introduced by Pitzer et al. [7] to account for differences in
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Table 2.4 Useful Equations of State

Name Equation Equation Constants and Functions
(1) Ideal-gas law P= RT None
v
. ZRT .
(2) Generalized P=—— Z=Z{P,T,Z. oro} asderived from data
v
. RT a
(3) Redlich-Kwong (RK) P= - b = 0.086064RT. /P,
v=b 24+ bv)ﬁ
a=0.42748R*T>3 /P,
. RT a
(4) Soave-Redlich-Kwong (SRK) P = - b = 0.08064RT. /P,
v—>b vI+by
a=042748RT2[1 + £, (1 - T°%)]*/P,
£, =048 + 1.5740 — 0.1760>
(5) Peng—Robinson (PR) P= R _ b =0.07780RT./P
g v=b 2+ 2bv—h? ' o/ T

a=045724RT2[1 + £, (1 - T°)|*/P,
£, = 0.37464 + 1542260 — 0.269920)°

molecular shape and is determined from the vapor pressure

curve by:
S
= —log<P> - 1.0
Pc T,=0.7

The value for o is zero for symmetric molecules. Some typical
values of o are 0.264, 0.490, and 0.649 for toluene, n-decane,
and ethyl alcohol, respectively, as taken from the extensive tab-
ulation of Poling et al. [3].

A common empirical P-v-T equation is the virial equation
of state due to Thiesen [8] and Onnes [9]. It is a power series
for compressibility factor, Z, in terms of 1/v:

Z=1+§+£2+---
v 1%

(2-48)

A modification of the virial equation is the Starling form [10]
of the Benedict—-Webb—Rubin (BWR) equation for hydro-
carbons and light gases. Walas [11] presents a discussion of
BWR-type equations, which—because of the large number of
terms and species constants (at least 8)—is not widely used
except for pure substances at cryogenic temperatures. A more
useful modification of the BWR equation is a generalized
corresponding-states form developed by Lee and Kesler [12]
with an extension to mixtures by Plocker et al. [13]. All
of the constants in the LKP equation are given in terms of
the acentric factor and reduced temperature and pressure, as
developed from P-v-T data for three simple fluids (o = 0),
methane, argon, and krypton, and a reference fluid n-octane
(o = 0.398). The equations, constants, and mixing rules are
given by Walas [11]. The LKP equation describes vapor and
liquid mixtures of hydrocarbons and/or light gases over wide
ranges of 7" and P.

§2.5.1 The Redlich-Kwong (RK) Model

In 1949, Redlich and Kwong [14] published the RK equation
of state which, like the van der Waals equation, contains only
two constants, a and b, both of which can be determined from
T, and P,, by applying conditions at the critical point:

2
( op ) =0 and P =
ov/r, o ),

The RK model, given as (3) in Table 2.4 together with the
two parameters, iS an improvement over the van der Waals
equation. When applied to nonpolar compounds, its accuracy
is comparable to other EOS models containing many more
constants. Furthermore, the RK equation can approximate the
liquid-phase region.

A cubic equation in v results when the RK equation is
expanded to obtain a common denominator. Alternatively, (2)
and (3) in Table 2.4 can be combined to eliminate v to give
the more useful compressibility factor, Z, form of the RK
equation:

72 -7*+(A-B-B)»Z-AB=0 (2-49)
where
aP
p="bP (2-51)
RT

Equation (2-49), a cubic in Z, can be solved for the three roots
using MATLAB with the Roots function. At supercritical
temperatures, where only one phase exists, one real root and a



Process Engineering Channel

@ProcessEng

complex conjugate pair of roots are obtained. Below the crit-
ical temperature, where vapor and/or liquid phases can exist,
three real roots are obtained, with the largest value of Z apply-
ing to the vapor and the smallest root corresponding to the
liquid (Z,, and Z; ). The intermediate value of Z is discarded.
To apply the RK model to mixtures, mixing rules are used
to average the constants a and b for each component. The rec-
ommended rules for vapor mixtures of C components are

C C
a= Z lz ViYj (aiaj)o'sl (2-52)
i=1 | j=1
C
b= yib, (2-53)
i=1

§2.5.2 The Soave-Redlich—-Kwong (SRK)
Model

Following the work of Wilson [15], Soave [16] replaced
the ﬁ term in the RK EOS with a third parameter, the
acentric factor, w, to better represent nonspherical molecules.
The resulting Soave—Redlich—-Kwong (SRK) or Redlich—
Kwong—Soave (RKS) equation, given as (4) in Table 2.4, was
quickly accepted for application to mixtures of hydrocarbons
and light gases because of its simplicity and accuracy. It makes
the constant a a function of w and 7', as shown in Table 2.4,
achieving a good fit to vapor pressure data, thereby improving
the prediction of liquid-phase properties, and vapor-liquid
K-values as discussed below. This is clearly shown in
Figure 2.2 where experimental equilibrium data at 250°F
for a mixture of 10 components ranging in volatility from N,
to n-decane is compared to predictions by the SRK EOS over
a pressure range of about 250 to 2,500 psi. Note that at a pres-
sure somewhat above 2,500 psi, K-values of all 10 components
appear to be approaching a value of 1.0. That point is called
the convergence pressure for the mixture. It is analogous to
the critical pressure for a pure chemical.

The mixing rules for the SRK model are (2-52) and (2-53)
except that (2-52) is modified when light gases are present
in the mixture to include a binary interaction coefficient, k
giving

jj’

(2-54)

cJc
a= Zyiyj(“i“j)oj (1=4ky)
i=1 [j=1
Equation (2-54) is particularly useful for gas mixtures con-
taining N,, CO, CO,, and H,S. Values of k; back-calculated
from experimental data are used in process simulators. Gener-
ally, k;; is zero for hydrocarbons paired with hydrogen or other

hydrocarbons.

§2.5.3 The Peng—Robinson (PR) Model

Four years after the introduction of the SRK equation, Peng
and Robinson [17] presented a modification of the RK and
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Figure 2.2 Comparison of experimental K-value data and the SRK
equation.

SRK equations to achieve improved agreement in the critical
region and for liquid molar volume. The Peng—Robinson (PR)
EOS is (5) in Table 2.4. The mixing rules for the PR model are
(2-52), (2-53), and (2-54). Both the SRK and PR equations
are used in process simulators for calculations of vapor-liquid
phase equilibrium compositions for mixtures of hydrocarbons
and light gases.

§2.5.4 Derived Thermodynamic Properties
from EOS Models

If a temperature-dependent, ideal-gas heat capacity or en-
thalpy equation such as (2-38) or (2-39) is available, along
with an EOS, other vapor- and liquid-phase properties can
be derived using the integral equations listed in Table 2.5.
These equations, in the form of departures from the ideal-gas
equations of Table 2.3, apply to both vapor and liquid.

When the ideal-gas law, P = RT/v, is substituted into
Equations (1) to (4) of Table 2.4, the results for the vapor are
(h—hy)=0,¢p=1land(s—s})=0, ¢ =1.
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When the RK equation is substituted into the equations of
Table 2.5, the results for the vapor phase are:

hv—zl,(yl ,v)+RT[ 1—%1 <1+ZB;>] (2-55)

c
0 P
sy = Z:,()’isiv) —R In <1To>
c

-R Z(y,. In y;) + R In(Zy, — B)
i=1

A B
¢V=exp[ZV—1—ln(ZV—B) —Bln<1+Zv>]

(2-57)

(2-56)

(2-58)

Similar results are obtained with the SRK and PR models.

The results for the liquid phase are identical if y; and Z;,
(but not hj,) are replaced by x; and Z;, respectively. The
liquid- phase forms of (2-55) and (2-56) account for the
enthalpy and entropy of vaporization. This is because the RK
equation, as well as the SRK and PR equations, are continuous
functions through the vapor and liquid regions, as shown for
enthalpy in Figure 2.3. Thus, the liquid enthalpy, at tempera-
tures below the critical point, is determined by accounting for
four effects. From (1), Table 2.5, and Figure 2.3:

v
oP
h, =ho + Py—RT — [P T( )]d
L V+ vV A aT VvV

This equation is then divided into four parts as shown in
Figure 2.3:

1. Vapor at zero pressure = hf,

2. Pressure correction for vapor to saturation pressure =

VVS&
+(Pv)y,, —RT—/ ‘[P T(S;) ] dv

3. Latent heat of vaporization =

oP
(57 ), (=)

4. Correction to liquid for pressure in excess of saturation
pressure =

+ [P - oy, | - / |P- T(ZIT) )] @59

where the subscript “sat” refers to the saturation pressure.

Table 2.5 Integral Departure Equations of Thermodynamics

At a given temperature and composition, the following equations
give the effect of pressure above that for an ideal gas.

Mixture enthalpy:

(1) (h—-Hh)=Pv—RT - /V[P—T(a—P>v]dv

Mixture entropy:

) (s—sov)=/(gl;)dv—/ gdv

Pure-component fugacity coefficient:

1 [ RT
3) ¢, = exp [ﬁ/o (v—?>dP]

—CXP[RT/ P—— dv—1nZ, +(Z, —1)]

Partial fugacity coefficient:

@ ¢p{ / [(g;;) ] - 1}
i T.V.N;

c
where V = vZ N;

i=1

Molar enthalpy, H

Temperature, T

Figure 2.3 Contributions to enthalpy.

The fugacity coefficient, ¢, of a pure species from the RK
equation, as given by (2-57), describes the vapor for P < P;.
If P> P}, ¢ is the liquid fugacity coefficient. Saturation
pressure corresponds to the condition of ¢y, = ¢,. Thus, at
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a temperature T < T, the vapor pressure, P} for species, i,
can be estimated from the RK equation of state by setting
(2-57) for the vapor equal to (2-57) for the liquid and solv-
ing for P, which equals P;j. Unfortunately, vapor pressure
curves calculated by the RK equation do not satisfactorily
represent experimental data for a wide range of molecular
shapes. This failure is why Soave [16] modified the RK
equation by introducing the acentric factor, ®. Thus, while
the critical constants 7. and P, are insufficient to generalize
thermodynamic behavior, a substantial improvement results
by incorporating a third parameter, o, that accounts for mole-
cular shape.

Both the SRK and the PR equations are used for estimating
thermodynamic properties, including K-values, for hydrocar-
bon and light-gas mixtures. However, SRK is limited to tempe-
ratures above about —140°C, while PR can be used almost to
0 K. The properties are computed from the departure equations
in Table 2.5. K-values are computed using the partial fugacity
coefficients with (2-26), K; = ¢, /¢;y. Although enhan-
cements to both equations have been made to extend their
application to polar organic chemicals, activity-coefficient
models, discussed next, are preferred at near ambient
conditions.

EXAMPLE 2.3 Use of SRK and PR Equations with
a Process Simulator.

In the thermal hydrodealkylation of toluene to benzene (C;Hg +
H, - C/Hy + CH,), excess hydrogen minimizes cracking of
aromatics to light gases. In practice, conversion of toluene per
pass through the reactor is only 70%. To separate and recycle
hydrogen, hot reactor—effluent vapor of 5,597 kmol/h at 500 psia
(3,448 kPa) and 275°F (408.2 K) is cooled to 120°F (322 K) and
partially condensed with phases separated in a flash drum. If the
composition of the reactor effluent is as given below and the pressure
is 485 psia (3,344 kPa), calculate equilibrium compositions and
flow rates of vapor and liquid, K-values, and the amount of heat
transferred to partially condense the vapor feed, using a process
simulation program for both the SRK and PR equations. Compare
the results.

Component Mole Fraction
Hydrogen (H) 0.3177
Methane (M) 0.5894
Benzene (B) 0.0715
Toluene (T) 0.0214
1.0000

Solution

The computations were made using Aspen Plus with the SRK-ML
and PENG-ROB methods. The results are as follows:
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Equation of State

SRK PR
Vapor flows, kmol/h:
Hydrogen 1,776.1 1,776.2
Methane 3,274.3 3,275.7
Benzene 57.8 59.5
Toluene 6.9 7.1
Total 5,115.1 5,118.5
Liquid flows, kmol/h:
Hydrogen 2.0 1.9
Methane 24.6 23.2
Benzene 3424 340.7
Toluene 112.9 112.7
Total 481.9 478.5
K-values:
Hydrogen 80.93 85.58
Methane 12.54 13.208
Benzene 0.0159 0.0163
Toluene 0.00573 0.00587
Enthalpy change, 35.108 34.686
GJ/h
Percent of benzene 87.4 87.2
and toluene
condensed

Because the K-values for the two methods are reasonably close,
the percentage of benzene and toluene condensed by the two
methods differ only slightly. Of particular note are the closeness of
the K-values estimated by the two methods for H, and CH,. Both
components are far above their critical temperatures. H, values are
within 15% of experimental values measured by Zhou et al. [18].
Raoult’s law K-values for benzene and toluene are 0.01032 and
0.00350, which are considerably lower than the values computed
from the two equations of state because deviations to fugacities due
to pressure are important.

Because the reactor effluent is mostly hydrogen and methane, the
effluent at 275°F and 500 psia, and the equilibrium vapor at 120°F
and 485 psia, are nearly ideal gases (0.98 < Z < 1.00), despite the
moderately high pressures. Thus, the enthalpy change is dominated
by vapor heat capacity and latent heat effects, which are indepen-
dent of which equation of state is used. Consequently, the enthalpy
changes differ by only about 1%.

Note that the material balances are accurately satisfied. However,
users of simulation programs should never take this as an indication
that all results are correct, but instead should always verify outputs
in all possible ways.

§2.6 HIGHLY NONIDEAL LIQUID
SOLUTIONS

When a liquid contains dissimilar polar species that can form
or break hydrogen bonds, the use of EOS models is not recom-
mended unless their mixing rules are modified. Preferred are
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activity-coefficient models. Ewell, Harrison, and Berg [19]
provide a classification of nonideality based on the potential
for association or solvation due to hydrogen-bond formation.
If a molecule contains a hydrogen atom attached to a donor
atom (O, N, F, and in certain cases C), the active hydrogen
atom can form a bond with another molecule containing a
donor atom. The classification in Table 2.6 permits qualitative
estimates of deviations from Raoult’s law for binary pairs
when used in conjunction with Table 2.7.

Positive deviations correspond to values of y;; > 1. Nega-
tive deviations, which are less common, correspond toy;; < 1.
Nonideality results in variations of y;; with composition, as
shown in Figure 2.4 for several binary systems, where the
Roman numerals refer to classification in Tables 2.6 and

2.7. Starting with Figure 2.4a, the following explanations for
the nonidealities are offered: n-heptane (V) breaks ethanol
(II) hydrogen bonds, causing strong positive deviations. In
Figure 2.4b, similar, but less positive, deviations occur when
acetone (III) is added to formamide (I). Hydrogen bonds are
broken and formed with chloroform (IV) and methanol (II)
in Figure 2.4c, resulting in an unusual deviation curve for
chloroform that passes through a maximum. In Figure 2.4d,
chloroform (IV) provides active hydrogen atoms that form
hydrogen bonds with oxygen atoms of acetone (III), thus
causing negative deviations. For water (I) and n-butanol (II)
in Figure 2.4e, hydrogen bonds of both molecules are broken,
and nonideality is sufficiently strong to cause formation of
two immiscible liquid phases.

Table 2.6 Classification of Molecules Based on Potential for Forming Hydrogen Bonds
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Class Description Example
1 Molecules capable of forming three-dimensional networks of Water, glycols, glycerol, amino alcohols, hydroxylamines,
strong H-bonds hydroxyacids, polyphenols, and amides
1T Other molecules containing both active hydrogen atoms and donor Alcohols, acids, phenols, primary and secondary amines, oximes,
atoms (O, N, and F) nitro and nitrile compounds with «-hydrogen atoms, ammonia,
hydrazine, hydrogen fluoride, and hydrogen cyanide
I Molecules containing donor atoms but no active hydrogen atoms  Ethers, ketones, aldehydes, esters, tertiary amines (including
pyridine type), and nitro and nitrile compounds without
a-hydrogen atoms
v Molecules containing active hydrogen atoms but no donor atoms ~ CHCl,, CH,Cl,, CH,CHCl,, CH,CICH,CI, CH,CICHCICH,CI,
that have two or three chlorine atoms on the same carbon as a and CH,CICHCI,
hydrogen or one chlorine on the carbon atom and one or more
chlorine atoms on adjacent carbon atoms
\Y All other molecules having neither active hydrogen atoms nor Hydrocarbons, carbon disulfide, sulfides, mercaptans, and

donor atoms

halohydrocarbons not in class IV

Table 2.7 Molecule Interactions Causing Deviations from Raoult’s Law

Type of Deviation

Classes

Effect on Hydrogen Bonding

Always negative

Quasi-ideal; always positive or ideal

Usually positive, but some negative

Always positive

Always positive

I +1v
1T + 1T

H-bonds formed only
No H-bonds involved

m+v
IV +1vV
IV+Vv
V+V

I+1

H-bonds broken and formed

I+1I
I+ 110
n+1I
I+ 1II

I+1Vv
(frequently limited solubility)

H-bonds broken and formed, but dissociation
of Class I or II is a more important effect

II+1v

I+Vv

H-bonds broken only

nI+v
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§2.7

Acetone

Formamide
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Mole fraction acetone in liquid phase
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§2.7 GIBBS EXCESS FREE-ENERGY
(¢¥) MODELS

Predictions of liquid properties for highly nonideal solu-
tions are based on Gibbs excess free-energy models
for liquid-phase activity coefficients. From these models,
K-values and excess functions, such as volume of mixing and
enthalpy of mixing, can be estimated. The more recent and
most accurate models, Wilson, NRTL, and UNIQUAC, sum-
marized in Table 2.8, are based on the concept of local compo-
sition, introduced by Wilson [20]. These models are in process
simulators and are widely used for mixtures containing
polar components. They require experimentally determined

04 06 08 1.0

Mole fraction of acetone
in liquid phase

(d)

Gibbs Excess Free-Energy (¢%) Models 29

Phase B

Figure 2.4 Typical variations of
activity coefficients with composition in
binary liquid systems:

(a) ethanol (II)/n-heptane (V);

(b) acetone (III)/formamide (I);

(¢) chloroform (IV)/methanol (II);

(d) acetone (III)/chloroform (IV);

(e) water (I)/n-butanol (II).

binary interaction parameters. Fortunately, many of the
available parameters are automatically accessible in process
simulators.

The molar Gibbs free energy, g, is the sum of the molar free
energy of an ideal solution and an excess molar free energy g%
for nonideal effects. For a liquid,

c c c
g =Zx,-gi +RTinlnxi +g° =Zx,- (8;+RTIn x +g§)
i=1 i=1 i=1
(2-60)

where g = h — Ts and excess molar free energy, g, is the sum
of the partial excess molar free energies, g© that are related to
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Table 2.8 Empirical and Semitheoretical Equations for Correlating Liquid-Phase Activity Coefficients of Binary Pairs

Name

Equation for Species 1

Equation for Species 2

(1) Wilson (two-constant) In vy, =—=In(x; + A},x,) In vy, =—=In(x, +Ayx))
Ty Ay Ny . A Ny
2 X+ Apx, x4+ Ay X ! X+ Appx, x4+ A x
2 GZ 2 G 2 GZ 2 G
(2) NRTL (three-constant) Invy, = 12T 5 IRibAle: 5 Invy, = IRIbAlE 3 2T 3
(x; +x,G,,) (x, +x,Gy,) (x, +x,Gy,) (x; +x,G,))

G; = exp (—a;T;)

Z 0
iy Zq, In -1

(3) UNIQUAC (two-constant) —
x 2 W,

Iny, =In

.
+v, <ll - r—112> —q,In (0, +6,T,,)
2

G; = exp (—a,T;)

0
¥ + Zqzln—2

Iny, =In—=
Y2 x, 2 v,

.
+ vy, (12 - r—zll) —q,In (6, +6,T,,)
1

T. T T T.
) 21 _ 12 9 12 _ 21
" 2 (el +62T21 92+91T12> " 2 <92+61T12 el +92T21 >
the liquid-phase activity coefficients by 30p
1 atm
RT ~— Vi = ON. 20} O A Experimental data ]
! P.L.N; b van Laar e i
\ quation
- \ === Wilson equation
E 0 RT
=85 _ Zxk [M] (2-61) 5\
RT <4 0x; P.Tx, 1N _
\ —
where j # i, r # k,k #i,and r # i. 3:\
The relationship between excess molar free energy and sl 4
excess molar enthalpy and entropy is 7 sl ]
c i \\ —
gE = hE - TSE = Z xi<hlE - TglE> (2_62) \ Yethanol Yn-hexane
i=1 3l \q _
Activity-coefficient models use the K-value formulation A
given by (2-27), K =vy;;,$;./P;y. For moderate pressures, Py _
¢;; is approximated by (2-30), which includes the Poynting
correction. At near ambient pressures, ¢;;, = P;/P. The partial
fugacity coefficient, ¢;y, is obtained from Eq. (4) in Table 2.5 P X
using an BOS such as SRK or PR. At near-ambient pressures, / | | | 2
$;y = 1 and (2-27) reduces to (2-29), the modified Raoult’s 1.0 2.0 “o i IG-O 8.0 1.0
ethano

law, K =vy;, P{/P.

§2.7.1 The Local-Composition Concept
and the Wilson Model

Following its publication in 1964, the Wilson equation
[20], Eq. (1) in Table 2.8, received wide acceptance because
of its ability to fit strongly nonideal binary systems (e.g.,
alcohol-hydrocarbon) that do not undergo phase splitting.
Figure 2.5 shows the fit of the experimental data of Sinor
and Weber [21] by Cukor and Prausnitz [22] for ethanol
(1)-n-hexane (2). The binary interaction parameters for the
Wilson equation, A, = 0.0952 and A,; = 0.2713 from Orye
and Prausnitz [23], fit the experimental data well, even in the

Figure 2.5 Activity coefficients for ethanol/n-hexane.
[Reprinted from [21] with permission of the American Chemical Society.]

dilute region where the variation of y; becomes exponential.
The once-popular van Laar model fails to do so. Correspond-
ing infinite-dilution activity coefficients computed from the
Wilson equation are y° = 21.72 and y5° = 9.104.

The Wilson equation introduced the concept of local
compositions that differ from overall compositions. The
model accounts for differences in both molecular size and
intermolecular forces. Local volume fractions, d_Dl-, related
to local-molecule segregations caused by differing energies
of interaction between pairs of molecules, are used. This
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015 of type 1
O15 of type 2

Overall mole fractions: x; =x, ="/2
Local mole fractions:

_ Molecules of 2 about a central molecule 1
Total molecules about a central molecule 1
X1+ x99 =1, as shown

21

X9+ X9p =1
X171~ 3/8
Xp1 ~ 5/8

Figure 2.6 The concept of local compositions.
[Reproduced from [22] with permission of the Institution of Chemical
Engineers.]

concept is illustrated for an overall equimolar binary solution
in Figure 2.6, from Cukor and Prausnitz [22]. About a central
molecule of type 1, the local mole fraction of type 2 molecules
is shown to be 5/8, while the overall composition is 1/2.

For local-volume fraction in a binary solution, Wilson
proposed

b, = Cviin expl—A;/RT] (2-63)
Vi X exp[—}\ij/RT]
=1

J

where energies of interaction A; = A;, but A; # ;. Follow-
ing Orye and Prausnitz [23], binary interaction parameters are
defined by

Ay — A

A, = VaL exp [—7( 12 11)] (2-64)
273 RT
Ay = A

Agy = 2L exp [—( = 22)] (2-65)
Vor RT

Equations (2-64) and (2-65) lead to the excess free energy, pre-
dicted by the Wilson model for a binary system as:

gE

RT
The expressions for the two activity coefficients of the binary
system (species 1 and 2) in Table 2.8 are obtained by substitu-
tion of (2-66) into (2-61).

The Wilson equation is effective for dilute compositions
where entropy effects dominate enthalpy effects. Values of
Ajj <1 correspond to positive deviations from Raoult’s law,
while values > 1 signify negative deviations. Ideal solutions
result when A;; = 1. Studies indicate that A;; and A;; are temper-
ature dependent. Values of v;; /v iz, also depend on temperature,
but the variation is small compared to the effect of tempera-
ture on the exponential terms in (2-64) and (2-65).

The Wilson equation is extended to multicomponent mix-
tures by neglecting ternary and higher interactions and assum-
ing a pseudo-binary mixture. The following multicomponent
Wilson equation involves only binary interaction parameters:

c o Xilu
C
my=1-In{ YxA; )= T xA, (2-67)
=1 ==Y

where Aii = Aj] = Akk =1.
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For highly nonideal, but still miscible, multicomponent
mixtures, the Wilson equation (2-67) is preferred over the
older Margules, van Laar, and regular-solution equations,
which are discussed in detail by Walas [11]. The constants in
the Wilson equation for many binary systems are tabulated
in the DECHEMA collection of Gmehling and Onken [24]
and in the Dortmund Data Bank (DDB) and are accessible in
process simulators. Two limitations of the Wilson equation are
its inability to (1) predict immiscibility, as in Figure 2.4e, and
(2) predict maxima and minima in activity coefficient—mole
fraction relationships, as in Figure 2.4c.

When insufficient data are available to determine binary
parameters from a best fit of activity coefficients, infinite-
dilution or single-point values can be used. At infinite dilution,
the Wilson equation in Table 2.8 becomes

Iny?¥=1-InAy —Ap, (2-69)
If temperatures corresponding to y{° and y5° are not close or
equal, (2-64) and (2-65) should be substituted into (2-68) and
(2-69), with values of (A;, —A;;) and (A, — Ay,) determined
from estimates of pure-component liquid molar volumes, to
estimate A, and A,,.

When the data of Sinor and Weber [21] for n-hexane/
ethanol, shown in Figure 2.5, are plotted as a y—x diagram in
ethanol (Figure 2.7), the equilibrium curve crosses the 45°
line at y = x = 0.332. The temperature corresponding to this
composition is 58°C. This is a minimum-boiling azeotrope
for this mixture at 1 atm. The azeotrope temperature is lower
than the normal boiling points of ethanol (78.33°C) and
n-hexane (68.75°C). Nevertheless, ethanol is more volatile
than n-hexane up to an ethanol mole fraction of x = 0.322,
the composition of the azeotrope. The azeotrope occurs
because of the close boiling points of the two species and the
high activity coefficients for ethanol at low concentrations.
At the azeotropic composition, y; = x;; therefore, K; = 1.0
and a separation cannot be made by a single or multistage

1.0 T T T T
1 atm

0.8
g 0.6 45° line .
8
©
B Equilibrium
304l _

0.2 —

0 | | | |
0 0.2 0.4 0.6 0.8 1.0

Xethyl alcohol

Figure 2.7 Equilibrium curve for n-hexane/ethanol.
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distillation. Applying the modified Raoult’s law, (2-29), to

both species,
V1P1 =712P;

If pure species 2 is more volatile (P5 > P} ), the criteria for
formation of a minimum-boiling azeotrope are

(2-70)

>l (2-71)

oy (2-72)
and s

N2z (2-73)

Y2 P

for x; less than the azeotropic composition. These criteria
are most readily applied at x; = 0. For example, for the
n-hexane (2)/ethanol (1) system at 1 atm when the liquid-
phase mole fraction of ethanol approaches zero, the tempera-
ture approaches 68.75°C, the boiling point of pure n-hexane. At
this temperature, P} = 10 psia (68.9 kPa) and P} = 14.7 psia
(101.3 kPa). Also, from Figure 2.5, y{® =21.72 when
¥, = 1.0. Thus, y° /vy, = 21.72, but P5/P] = 1.47. Therefore,
a minimum-boiling azeotrope will occur.

Maximum-boiling azeotropes are less common. They
occur for close-boiling mixtures when negative deviations
from Raoult’s law arise, giving y; < 1.0. Criteria are derived
in a manner similar to that for minimum-boiling azeotropes.
At x; = 1, where species 2 is more volatile,

v, =10 (2-74)

y;" < 1.0 (2-75)
and o !

b < P—j (2-76)

Y1 P;

For azeotropic binary systems, interaction parameters A, and
A, can be determined by solving Equation (1) of Table 2.8
at the azeotropic composition, as shown in the following
example.

EXAMPLE 2.4 Wilson Binary-Interaction Constants
from Azeotropic Data.

From measurements by Sinor and Weber [21] of the azeotropic con-
dition for the ethanol (E)/n-hexane (H) system at 1 atm (101.3 kPa,
14.696 psia), calculate the binary-interaction constants, A, and A,
for the Wilson model.

Solution

The azeotrope occurs at x;=0.332, x;=0.668, and T =
58°C (331.15 K). At 1 atm, Raoult’s law, (2-29) can be used to
approximate K-values. Thus, at azeotropic conditions, with K; = 1
and y; = P/P{. The vapor pressures at 58°C are P}, = 6.26 psia and
Py, = 10.28 psia. Therefore,

14.696
= 14696 _ 5 348
e~ "626
14.696
= 12696 _ 4 43
Y= 7028 3

Substituting these values together with the above corresponding val-
ues of x; into the binary form of the Wilson equation in Table 2.8
gives

In 2.348 = —1n (0.332 + 0.668Ay,)

Agy _ Ay
0332+ 0.668A,;  0.332A,; + 0.668

+ 0.668 <

In 1.430 = —In (0.668 + 0.332A ;)

Agy _ Ay
0.332+0.668Ay;  0.332A,; + 0.668

—0.332 <

Solving these two simultaneous nonlinear equations with fsolve
of MATLAB gives Agy = 0.041 and A = 0.281. From these
constants, the activity-coefficient curves can be predicted if the
temperature variations of A, and Ay are ignored. The results are
plotted in Figure 2.8. The fit of experimental data is good, except for
near-infinite-dilution conditions, where yp® = 49.82 and yy = 9.28.
The former is considerably greater than the value of 21.72 obtained
by Orye and Prausnitz [36] from a fit of all data points. A comparison
of Figures 2.5 and 2.8 shows that widely differing yp> values have
little effect on y in the region of x; = 0.15 to 1.00, where the Wilson
curves are almost identical to the data. For accuracy over the entire
composition range, data for at least three liquid compositions per
binary are preferred.

§2.7.2 The NRTL Model

The nonrandom, two-liquid (NRTL) equation devel-
oped by Renon and Prausnitz [25, 26], given for a binary
mixture in Table 2.8, is an extension of Wilson’s local
composition concept to multicomponent liquid-liquid, and
vapor—liquid-liquid systems. The NRTL model assumes that a

I I I I
40 |- —
30 1 atm |
O A Experimental data
20 Wilson equation 1
P (constants from
azeotropic condition)
O!
10 —
9 —
8 A
v 7 =
6 ]
5 ]
= Yethanol “n-hexane ]
3 ]
2 ]
1.0 | | | folo¥e¥ )
0 0.2 0.4 0.6 0.8 1.0

Xethanol

Figure 2.8 Liquid-phase activity coefficients for ethanol/n-hexane
system.
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binary mixture is composed of cells of molecules 1 and 2, each
surrounded by assortments of the two molecules, with each of
those molecules surrounded in a similar manner. It is widely
used for liquid-liquid extraction calculations because unlike
the Wilson model, the NRTL model can predict phase split-
ting. The NRTL equation for the activity coefficient is derived
from the following model for the excess Gibbs free energy:

o = RTx,x, 751Gy 1261 2-77)
(X] +.X2G21) ()Cz +.X'] Glz)
where G;; = exp (-o;T;), T;; = %, and T;; = %

The double-subscripted g values are energies of interaction
for molecule pairs. In the equations, G;; # G;;, T;; # Tj;, G; =
Gj = l,andt; = t;; = 0. Often, (g;; — gﬂ) and other constants
are linear in temperature. For ideal solutions, Tj; = 0.

For multicomponent systems, only binary-pair parameters
from binary-pair experimental data are required, and the
NRTL expression for activity coefficients becomes

Z %G ¢ <G Z %G
InYz— +Z cj g Tji_kZIC
2 G | X G 2 G
k=1 k=1

(2-78)
Accessible data banks in process simulators include fitted val-
ues for T, and t,; binary interaction parameters, sometimes
as a function of temperature.

The third parameter, o i characterizes the tendency of
species j and i to be distributed nonrandomly. When o; = 0,
local mole fractions equal overall solution mole fractions.
Generally, o; is independent of temperature and depends on
molecule properties similar to the classifications in Tables 2.6
and 2.7. Fitted values of o; usually lie between 0.2 and 0.47.
When o;; > 0.426, phase splitting is predicted. Although o
can be treated as an adjustable parameter determined from
experimental binary-pair data, commonly o; is set according
to the following rules, which are occasionally ambiguous:

1. o; = 0.20 for hydrocarbons and polar, nonassociated
species (e.g., n-heptane/acetone).

2. a; =0.30 for nonpolar compounds (e.g., benzene/
n-heptane), except fluorocarbons and paraffins; non-
polar and polar, nonassociated species (e.g., benzene/
acetone); polar species that exhibit negative deviations
from Raoult’s law (e.g., acetone/chloroform) and mod-
erate positive deviations (e.g., ethanol/water); mixtures
of water and polar nonassociated species (e.g., water/

acetone).

3. a; = 0.40 for saturated hydrocarbons and homolog per-
fluorocarbons (e.g., n-hexane/perfluoro-n-hexane).

4. o; = 0.47 for alcohols or other strongly self-associated
species with nonpolar species (e.g., ethanol/benzene;
carbon tetrachloride with either acetonitrile or nitro-
methane; water with either butyl glycol or pyridine).

§2.7  Gibbs Excess Free-Energy (¢f) Models 33

§2.7.3 The UNIQUAC Model

In an attempt to place calculations of activity coefficients
on a more theoretical basis, Abrams and Prausnitz [27] used
statistical mechanics to derive an expression for Gibbs excess
free energy. Their UNIQUAC (universal quasichemical)
model, generalizes an analysis by Guggenheim and extends
it to molecules that differ in size and shape. As in the Wilson
and NRTL models, local concentrations are used. However,
rather than local volume fractions or local mole fractions,
UNIQUAC uses local area fraction 0; as the primary concen-
tration variable. As with the NRTL model, the UNIQUAC
model predicts phase splitting and is, therefore, applicable to
LLE and VLLE, as well as for VLE simulations.

The local area fraction is determined by representing a
molecule by a set of bonded segments. Each molecule is char-
acterized by two structural parameters determined relative to
a standard segment, taken as an equivalent sphere of a unit
of a linear, infinite-length, polymethylene molecule. The two
structural parameters are the relative number of segments
per molecule, r (volume parameter), and the relative surface
area, g (surface parameter). These parameters, computed from
bond angles and bond distances, are given for many species
by Abrams and Prausnitz [27,28] and Gmehling and Onken
[24]. Values can also be estimated by the group-contribution
method of Fredenslund et al. [29].

For a multicomponent liquid mixture, the UNIQUAC
model gives the Gibbs excess free energy as

RET Zx ln<w’> qux ln< ,~>
—Zq,x In <Ze, ,,)

The first two terms on the right-hand side account for
combinatorial effects due to differences in size and shape; the
last term provides a residual contribution due to differences
in intermolecular forces, where

(2-79)

v, = C)C’# = segment fraction (2-80)
Z Xl
i=1
0= g’i = area fraction (2-81)

Z Xidi

i=1

where Z = lattice coordination number set equal to 10, and
(2-82)

Equation (2-79) contains two adjustable parameters for each
binary pair, (uj,» —u;) and (ulj - ujj). Abrams and Prausnitz
show that u; = u;; and T;; = Tj; = 1. In general, (u; — u;;) and
(u;; — uy;) are linear functions of absolute temperature.
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Table 2.9 Partial Molar Excess Functions

Excess volume:

(1 (viL—vFLD) == =RT<m>
: i p ),

Excess enthalpy:

®) (E,.L - ﬁ}f) =JE = —RT2<76 ISTY"L>
Px

Excess entropy:

- o Jlny,
3) (s,,L—s}?> =5 = R [T(#)

ID = ideal mixture; E = excess because of nonideality.

+Iny, L]
Px

If (2-61) is combined with (2-79), the activity coefficient
for a species in a multicomponent mixture becomes:

Iny; =1n y,»C + In yiR
C
= In (y,;/x) + Z/2)g; In 0,/w) + 1, = (w;/x) Y xi;
j=1

- /
N

C, combinatorial

(2-83)

C C
+4; 1‘1“<29./'Tﬁ>‘2 ceji

j=1 j=1
2. Ty
k=1

~
R, residual

b= (5) ma-6-0

For a mixture of species 1 and 2, (2-83) reduces to Eq. (3) in
Table 2.8 for Z = 10.

where
(2-84)

§2.7.4 Excess Thermodynamic Functions

Values of the excess functions for molar volume, molar
enthalpy, and molar entropy are derived from the expressions
for the liquid-phase activity coefficient for the Wilson, NRTL,
and UNIQUAC equations using the expressions in Table 2.9.
These functions are built into process simulators.

§2.8 PREDICTIVE MODELS

The above Gibbs excess free-energy (g%) models require
binary interaction parameters determined from experimental
data. When EOS models are applied to slightly nonideal sys-
tems, they also perform best when experimentally determined
binary interaction parameters are included in the mixing
rules. When binary parameters are not available, laboratory
experiments can be performed to obtain them or the following

predictive thermodynamic models based on molecular group
contributions can be employed.

The lack of a sufficient number of binary interaction param-
eters for industrial applications is pointed out by Gmehling
etal. [1]. Assuming that N = 1,000 nonelectrolyte compounds
are of industrial interest, then the number of nonelectrolyte
binary systems is given by N (N-1)/2 = 499,500. As of 2012,
the Dortmund Data Bank (DDB) included more than 64,500
VLE data sets for nonelectrolyte systems, but only for 10,300
binary pairs, corresponding to only 2% of the binary systems
of interest.

§2.8.1 The UNIFAC Model

In the 1960s, Wilson and Deal [30], and then Derr and
Deal [31], developed a predictive method for estimating
liquid-phase activity coefficients, called the analytical solu-
tion of groups (ASOG) method. It is based on functional group
contributions instead of molecular contributions and used the
formulation of the Wilson model. For example, in a solution
of toluene and acetone, the group contributions might be
5 aromatic CH groups, 1 aromatic C group, and 1 CHj
group from toluene; and 2 CH; groups plus 1 CO carbonyl
group from acetone. Alternatively, larger groups could be
employed to give 5 aromatic CH groups and 1 CCH; group
from toluene; and 1 CH; group and 1 CH;CO group from
acetone. As larger functional groups are used, the accuracy
increases, but the advantage of the group-contribution method
decreases because more groups are required. In practice,
about 50 functional groups represent thousands of chemicals.

In 1975, concurrently with the development of the UNI-
QUAC method, Fredenslund, Jones, and Prausnitz [32] publi-
shed a more advanced group-contribution method called the
UNIFAC (UNIQUAC functional-group activity coefficients)
method. Its advantages were: (1) it is theoretically based;
(2) the parameters are essentially independent of temperature;
(3) predictions can be made over a temperature range of 275—
425 K and for pressures to a few atmospheres; and (4) exten-
sive comparisons with experimental data are available. All
components must be condensable at near-ambient conditions.

For partial molar Gibbs excess free energies, g¥, and
corresponding activity coefficients, size parameters for each
functional group and interaction parameters for each pair of
groups are required for the UNIFAC method. Size param-
eters are calculated from theory. Interaction parameters are
back-calculated from experimental phase-equilibria data, and
used with the size parameters to predict properties of mixtures
for which data are unavailable.

The UNIFAC method is based on the UNIQUAC formula-
tion (2-83), wherein the molecular volume and area parameters
are replaced by

(2-85)

rl' = z VI((I)Rk
k

9= Y W0 (2-86)
k
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where vf) is the number of functional groups of type k in
molecule 7, and R, and Q,, are the volume and area parameters,
respectively, for the type-k functional group.

The residual term in (2-83), which is represented by In y&,
is replaced by the expression

nyk=Y WanT, —InT{) (2-87)
k

7/

~~
all functional groups in mixture

where I} is the residual activity coefficient of group k, and F,(j)
is the same quantity but in a reference mixture that contains
only molecules of type i. The latter quantity is required so that
¥R > 1.0 as x; - 1.0. Both I'; and F,(f) have the same form as
the residual term in (2-83). Thus,

(2-88)

In Fk Qk 1 _1n<zem mk) Z i.:eT’;f

m n-nm
n

where 0,, is the area fraction of group m, given by an equation
similar to (2-82),
XnOm

B Z O,

where X, is the mole fraction of group m in the solution,
Z v,

X

and 7, is a group interaction parameter given by an equation
similar to (2-82),

(2-89)

(2-90)

T, = exp (-M) (2-91)
T

where a,,, # a;,,. Whenm = k, thena,,; =0andT,, = 1.0.

For I'", (2-88) also applies, where 0 terms correspond to the

pure component i. Although R, and Q, differ for each func-

tional group, values of a,,;, are equal for all subgroups within

a main group. For example, main group CH, consists of sub-

groups CH;, CH,, CH, and C. Accordingly,

AcH,,cHO = 4CH,,CHO = 4CH,cHO = 4C,CHO

Thus, the experimental data required to obtain values of a,,,
and a,,;, and the size of the corresponding bank of data for these
parameters are not as great as might be expected.

Since the publication of the UNIFAC method, a number of
updates have been published that add group parameters and
interaction parameters for binary group pairs. Unfortunately,
it has been found that two sets of parameters were needed,
one based on VLE data and the other on LLE data, with the
temperature range of application of the latter reduced from
280-420 down to 280-310 K. A major improvement of the
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UNIFAC model was published in 1993 by Gmehling et al.
[51], referred to as modified UNIFAC (Dortmund). The com-
binatorial part of (2-83) was modified for mixtures having a
range of molecular sizes. For temperature dependence, (2-91)
was replaced with a three-coefficient equation. These changes
permit reliable predictions of activity coefficients (including
dilute solutions and multiple liquid phases), heats of mixing,
and azeotropic compositions, with one set of parameters. In
2013, modified UNIFAC (Dortmund) parameters were avail-
able for 1,530 binary functional group pairs. These parameters
are available to users of most of the process simulators. They
can be used within a temperature range of 290 to 420 K.

Despite the many favorable aspects of the modified UNI-
FAC (Dortmund) model, it has some weaknesses, as described
by Gmehling et al. [1]: (1) it cannot differentiate between
isomers; (2) it cannot make reliable predictions for large
molecules with many different functional groups; and (3)
poor results are obtained for the solubilities of some hydro-
carbons in water.

§2.8.2 The Predictive Soave—Redlich—-Kwong
(PSRK) Model

EOS models are mainly useful for mixtures of nonpolar
and slightly polar components, such as hydrocarbons and
light gases. Gibbs excess free-energy models are suitable for
mixtures of subcritical nonpolar and polar organic compo-
nents. When a mixture contains both polar compounds and
supercritical gases, neither method gives satisfactory results.
To describe VLE for such mixtures, more theoretically based
mixing rules for use with the SRK and PR equations of state
have been developed. To broaden the range of applications
of these models, Holderbaum and Gmehling [33] formulated
a group-contribution equation of state called the predictive
Soave—Redlich—-Kwong (PSRK) model, which combines the
SRK EOS with the UNIFAC model. To improve the abil-
ity of the SRK equation to predict vapor pressure of polar
compounds, they make the pure-component parameter, a, in
Table 2.4 temperature dependent. To handle mixtures of non-
polar, polar, and supercritical components, they use a mixing
rule for a that includes the UNIFAC model for non-ideal
effects:

a_ 2-92
bRT Z’bRT 064663<RT+ZX ) (2-92)

where

b= xb, (2-93)
l

Pure-component and group-interaction parameters for use
in the PSRK model are provided by Fischer and Gmehling
[34]. In particular, [33] and [34] provide parameters for nine
light gases in addition to UNIFAC parameters for 50 groups.
The PSRK model can be used up to high temperatures and
pressures, but it loses accuracy close to the critical point. The
method is available in most process simulators.
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§2.8.3 Predictive Peng—Robinson UNIFAC Models

The Peng-Robinson EOS has also been successfully extended
to handle mixtures of polar components and light supercrit-
ical gases by incorporating the UNIFAC model into mixing
rules for the a and b parameters shown in Table 2.4 for the
PR model. The result is better estimates of liquid density,
heat of mixing, and liquid-phase activity coefficients at
infinite dilution. Most popular are the extensions to the PR
method that use the mixing rules of Huron and Vidal [35] or
those of Wong and Sandler [36], and the Volume-Translated
Peng—Robinson (VTPR) model developed by Ahlers and
Gmehling [37]. Schmid, Schedemann, and Gmehling [38]
increased the number of VTPR group parameters to 252 and
suggested that process simulators add the VTPR model to
their physical-properties libraries.

§2.9 ELECTROLYTE SOLUTION MODELS

Electrolyte solutions are common in the petroleum, chemical,
and biochemical industries. For example, sour water, found in
many petroleum plants, consists of water and five dissolved
gases: CO, CO,, CH,, H,S, and NH;. Because of dissocia-
tion, the aqueous solution includes ionic as well as molecular
species. For sour water, the ionic species include Ht, OH™,
HCO;~, CO5=, HS™, S=, NH,*, and NH,COO~, with the
positive and negative ions subject to electron neutrality. For
example, while the apparent concentration of NHj; in the solu-
tion might be 2.46 moles per kg of water, the molality is 0.97
when dissociation is taken into account, with NH," having
a molality of 1.49. All eight ionic species are nonvolatile,
while all six molecular species are volatile to some extent.
Calculations of vapor-liquid equilibrium for multicomponent
electrolyte solutions must consider both chemical and phys-
ical equilibrium, both of which involve liquid-phase activity
coefficients.

Models are available for predicting activity coefficients in
multicomponent systems of electrolytes. Of particular note are
those of Pitzer [39] and Chen et al. [40, 41, 42], both of which
are included in process simulation programs. Both models can
handle dilute to concentrated solutions, but only the model of
Chen et al., referred to as the electrolyte NRTL model, which
is a substantial modification of the NRTL model, can handle
mixed-solvent systems.

§2.10 POLYMER SOLUTION MODELS

Polymer processing involves solutions of solvent, monomer,
and soluble polymer, thus requiring vapor—liquid and, some-
times, liquid-liquid phase-equilibria calculations, for which
activity coefficients of all components are needed. Usually,
the polymer is nonvolatile, but the solvent and monomer
are volatile. When the solution is dilute in the polymer,
activity-coefficient methods of §2.7, such as the NRTL
method, are suitable. Of more interest are mixtures with
appreciable concentrations of polymer, for which the methods
of §2.5 and §2.7 are inadequate. So special-purpose mod-
els have been developed. One method, available in process

simulation programs, is the modified NRTL model of Chen
[43], which combines a modification of the Flory—Huggins
equation for widely differing molecular sizes with the NRTL
concept of local composition. Because Chen represents the
polymer with segments, solvent—solvent, solvent-segment,
and segment—segment binary interaction parameters are
required. These are available from the literature and may be
assumed to be independent of temperature, polymer chain
length, and polymer concentration.

§2.11 K-VALUE METHODS IN PROCESS
SIMULATORS

Process simulators include data banks of numerous methods
for estimating K-values. Table 2.10 is a list of many of the
available methods in Aspen Plus, CHEMCAD, and ChemSep.
The methods are grouped under three classifications: hydrocar-
bon systems, chemical systems, and special types of systems.
The most widely selected methods in practice are prefixed
with an asterisk. Some of those methods, for example, SRK
and UNIFAC, have multiple versions. Process simulators also
permit user-specified activity coefficients and K-values in the
form of tables or equations. Currently the most extensive set of
K-value methods is found in Aspen Plus. For those using Aspen
Plus, Sandler [49] presents a step-by-step guide for obtaining
thermodynamic properties for VLE, LLE, and VLLE using
that process simulator. Four of the chapters cover regression
of phase equilibria data to obtain necessary constants.

Table 2.10 K-Value Methods in Process Simulators

Method Aspen Plus  CHEMCAD  ChemSep
Hydrocarbon Systems:

BWR X X

CSGS X X X
Lee—Kesler—Plocker X

*PR X X X
*SRK X X X
Chemical Systems:

Margules X X X
*NRTL X X X
PSRK X X X
Regular solutions X X X
*UNIFAC X X X
*UNIQUAC X X X
*Vapor pressure X X X
van Laar X X X
*Wilson X X X
Special Systems:

Amines X X

*Electrolyte NRTL X X
Flory—Huggins X X

*Henry’s law X X

Pitzer electrolyte X X

Polymers X X

Sour water X X
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§2.11.1 Selecting an Appropriate Model

Design or analysis of a separation process requires a suit-
able thermodynamic model. Detailed recommendations for
selecting appropriate physical-property methods are given by
Carlson [44] for users of Aspen Plus. This section presents an
abbreviated selection procedure for any process simulator.

The procedure includes a few thermodynamic models not
covered in depth in this chapter, but for which a literature
reference is given. The procedure begins by characterizing
the mixture by chemical type: light gases (LG), hydrocarbons
(HC), polar organic compounds (PC), and aqueous solutions
(AS), with or without electrolytes (E).

If the mixture is (AS) with no (PC), and if electrolytes
are present, select the Pitzer or electrolyte NRTL method.
Otherwise, select a special model, such as one for sour water
(containing NH;, H, S, CO,, etc.) or aqueous amine solutions.

If the mixture contains (HC), with or without (LG), for a
wide boiling range, choose the corresponding-states method
of Lee—Kesler—Plocker [12,13]. If the HC boiling range is
not wide, selection depends on the pressure and temperature.
The Peng—Robinson equation is suitable for all temperatures
and pressures. For all pressures and non-cryogenic temper-
atures, the Soave—Redlich—-Kwong equation is applicable.
For all temperatures, but not pressures in the critical region,
the Benedict—Webb—Rubin-Starling [10, 45, 46] method is
viable. For mixtures of environmentally safe refrigerants, use
the Lee—Kesler—Plocker [12,13] method.

If the mixture contains (PC), selection depends on whether
(LG) are present. If they are, the VTPR, PSRK, or one of
the other PR-UNIFAC methods is recommended. If not, then
a Gibbs excess free-energy model should be chosen. If the
binary interaction parameters are available and splitting into
two liquid phases does not occur, select the Wilson or NRTL
equation. Otherwise, if phase splitting is probable, select
the NRTL or UNIQUAC equation. If the binary interaction
coefficients are not available, select the modified UNIFAC
(Dortmann) method.

All process simulators have expert systems that help users
chose what the program designers believe to be the optimal
thermodynamic package for the chemical species and condi-
tions involved. However, since temperature, composition, and
pressure in the various processing units vary, care must be
taken in using any expert system.

§2.12 EXERGY AND SECOND-LAW ANALYSIS

Industrial separation operations utilize large quantities of
energy in the form of heat and/or shaft work. The distillation
of crude oil into its fractions is very energy-intensive, requiring
as much as 40% of the total energy used in a petroleum refin-
ery. Thus, it is important to know the energy consumption in
a separation process, and to what degree energy requirements
might be reduced.

Consider the continuous, steady-state, flow system for a
general separation process in Figure 2.9. The process may
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Heat transfer in and out

Qin' T.v Qout' Ts
Streams in
n,z, T, P, h, s, b, v
—_— Separation
—— process )
—_—
. (system)
Streams out
AS;py, LW n, 2, T, P, s, b, v
(surroundings)
Ty
(Wy)in (Ws)oul

Shaft work in and out

Figure 2.9 General separation system.

include one or more separation operations of the type intro-
duced in Chapter 1. One or more feed streams flowing into the
system are separated into two or more product streams. Each
stream is characterized by molar flow rates n, component mole
fractions z;, temperature 7, pressure P, molar enthalpies A,
molar entropies s, and molar volumes v. If chemical reactions
occur, enthalpies and entropies are best referred to the ele-
ments, as discussed by Felder and Rousseau [47]; otherwise
they can be referred to the compounds. Flows of heat in or
out are denoted by Q, and shaft work crossing the system
boundary of the system is denoted by W..

At steady state, if kinetic, potential, and surface energy
changes are neglected, the first law of thermodynamics (con-
servation of energy) states that the sum of energy flows into the
system equals the sum of the energy flows leaving the system.
The energy balance is given by Eq. (1) in Table 2.1, where
all flow-rate, heat-transfer, and shaft-work terms are positive.
Molar enthalpies may be positive or negative, depending on
the reference state.

The first law of thermodynamics provides no information
on energy efficiency, but the second law of thermodynamics,
given by Equation (2) in Table 2.11, does. In the entropy bal-
ance, the heat sources and sinks in Figure 2.9 are at absolute
temperatures, T,. For example, if condensing steam at 150°C
supplies heat, Q, to the reboiler of a distillation column, then
T, =150 4+ 273 = 423 K. Unlike the energy balance, which
states that energy is conserved, the entropy balance predicts the
production of entropy, AS;,,, which is the irreversible increase
in the entropy of the universe. This term, which must be pos-
itive, is a measure of the thermodynamic inefficiency. In the
limit, as a reversible process is approached, AS;, tends to zero.
Unfortunately, AS,,, is difficult to relate to energy lost because
of inefficiency because it does not have the units of energy/unit
time (power).

A more useful measure of process inefficiency is lost
work, LW, also referred to as loss of exergy or availability.
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Table 2.11 Universal Thermodynamic Laws for a Continuous,
Steady-State, Flow System

Energy balance:

(1) Y h+Q+W)— D (th+Q+W)=0
out of in to
system system

Entropy balance:

@ <ns+%> - (ns+%> = AS,,

out of $ in to
system system

Exergy (availability) balance:

3 ) nb+Q(1—%)+WS

in to
system
TO
- |nv+0 L= 2 )+ W =1w
out of s
system

where b = h—T,s = exergy (availability) of a stream

Minimum work of separation:

@ W, = z nb — Z nb

out of in to
system system

Second-law efficiency:

W
(5) n=

, where LW = T, AS; = = lost work
LW+ W

It is derived by combining Equations (1) and (2) to obtain
a combined statement of the first and second laws, given as
(3) in Table 2.11. To perform this derivation, it is necessary
to define an infinite source or sink available for heat transfer
at absolute temperature, 7}, of the surroundings. This tem-
perature, typically about 300 K, represents the largest source
of coolant (heat sink) available. This could be the average
temperature of cooling water in a plant, air, or a nearby river,
lake, or ocean. Heat transfer associated with this coolant and
transferred from (or to) the process is Q. Thus, in both (1) and
(2) in Table 2.11, the Q and Q /T, terms include contributions
from Q, and Q,/T,.

In the derivation of Equation (3), as shown by de Nevers and
Seader [47], any terms in Q, are eliminated. The resulting bal-
ance is referred to as an exergy (or availability) balance, where
the word, exergy, was coined in 1956 by Zoran Rant from
the Greek ex ergon meaning “from work.” The synonymous
word, “availability” means “available for complete conversion
to shaft work.” The availability of a stream, b, is a derived

thermodynamic property like 4 and s, defined by

b=h—Tys (2-94)

It is a measure of the maximum amount of energy that can
be converted into shaft work if the stream is taken to the
reference state. It is similar to Gibbs free energy, g = h — T,
but differs in that the infinite source or sink temperature, T,
replaces the temperature, T of the pure component or mix-
ture. In (3) of Table 2.11, terms that contain Q are modified
to reflect the availability of shaft work from heat. They are
multiplied by (1 — 7,,/Ty), which, as shown in Figure 2.10,
is the reversible Carnot heat-engine cycle efficiency, repre-
senting the maximum amount of shaft work producible from
Q at T, where the residual amount of energy (Q — W,) is
transferred as heat to a sink at 7;, Shaft work, W, has no
modifier and is completely available and remains at its full
value in (3). It is important to note that in (1) in Table 2.11,
energy is never destroyed in a process, and Q and W, have
the same energy value. In the exergy (availability) balance in
(3), exergy (availability) is always destroyed in a real process
involving a temperature change and heat transfer has less
value in (3). Shaft work can be converted completely to heat,
but heat cannot be converted completely to shaft work.

The total availability (i.e., ability to produce shaft work)
entering a system is always greater than the total availability
leaving the system. For that reason, (3) in Table 2.11 is written
with the “in to system” terms first. The difference is the lost
work, LW, also called the loss of availability or exergy. It can
be calculated in either of two ways: (1) from the exergy bal-
ance in Table 2.11, or (2) from the irreversible increase in the
entropy of the universe:

Lost work is always positive. The greater its value, for a
given process, the greater the energy inefficiency. In the lower
limit, for a reversible process, it is zero. The lost work has
units of energy, thus making it easy to attach significance
to its numerical value. Its magnitude depends on process

First law: T=T;
0=0i,
Oin =W+ Qo
Second law:
Oin _ 0, .
=in _ Zout Reversible
T To heat
engine W

Combined first and (ASir=0)

second laws (to

eliminate Q,,): l

Wy =[1-(To/T) Qi

T=T,
0= 0oyt

Figure 2.10 Carnot heat-engine cycle for converting heat to
shaft work.
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P = 1931 kPa
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Propyiene 163.3
Propane 108.9
272.2
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P = 2069 kPa
Component kmol/h
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113.0 Figure 2.11 Distillation of propylene-propane.
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irreversibilities, which include fluid friction, heat transfer due
to finite temperature-driving forces, mass transfer due to finite
concentration or activity driving forces, chemical reactions
proceeding at finite displacements from chemical equilibrium,
mixing streams of differing temperature, pressure, and/or com-
position, etc. To reduce lost work, driving forces for momen-
tum, heat, and mass transfer; and chemical reaction must be
reduced. However, economic limits to reduction exist because,
as driving forces decrease, equipment sizes increase, tending
to infinity as driving forces approach zero.

For a separation without chemical reaction, the availabil-

EXAMPLE 2.5 Second-Law Efficiency of a Distillation
Operation.

For the distillation of propylene—propane shown in Figure 2.11,
use the following results from a process simulator to calculate:
(a) condenser duty, Q; (b) reboiler duty, Q; (c) irreversible entropy
production, assuming 303 K for 7|, the condenser cooling-water
sink, and 378 K for T, the reboiler steam source; (d) lost work;
(e) minimum work of separation; and (f) second-law efficiency.

. . . Phase Enthalpy (), Entropy (s), Exergy (b)
ity of streams leaving the process is usually greater than that S O i R W
for streams entering the process. In the limit for a reversible —
process (LW = 0), and (3) of Table 2.11 reduces to (4), where Feed (F) Liquid 13338 —4.1683 14,601
Wi, is the minimum shaft work for conducting the separa- Ove(;l\lfad Vegr Ve sl 2l Y
tion. It is equivalent to the difference in the heat-transfer and Diitilla)te (Dyand  Liquid 12243 —13.8068 16,426
shaft-work terms in (3). This minimum work of separation Reflux (R) ’ ’ ’
is a property independent of the nature (or path) of the separa- g (5) Liquid 14687  —2.3886 15,411
tion process. The actual work of separation for an irreversible
process is greater than the minimum value from (4).

Equation (3) of Table 2.11 shows that as a process becomes Solution

more irreversible, and thus more energy inefficient, the increas-
ing LW causes the actual work of separation to increase. Thus,
the actual work of separation for an irreversible process is the
sum of the lost work and the minimum work of separation. The
second-law energy efficiency, therefore, is defined by (5) in
Table 2.11.

Let Q. and Qy cross the system boundary. That is, the cooling water
for the condenser and the steam for the reboiler are outside of the
system. The following calculations are made using the stream flow
rates in Figure 2.11 and the above thermodynamic properties.
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(a) From an energy balance, (1) in Table 2.11, noting that the CHAPTER 2 NOMENCLATURE

overhead-vapor molar flow rate is given by n,, =n, +n, Latin Symbols
and Ay, = h,,, the condenser duty is

Ry Z aculmy’ T'albf' 1%1 Table 2.11
= (2,293 + 159.2)(24,400 — 12,243) ot avatiabl ltyf’ exer,gy’Tabl e2 '1
=29,811,000 kJ/h f pure component ugacTty,. able 2.
f°  pure component fugacity in the standard state, (2-14)
(b) An energy balance around the reboiler cannot be made because f partial fugacity, Table 2.1
data are not given for the boilup rate. From (1), Table 2.11, an .
. . ; ) G Gibbs free energy, (2-1)
energy balance around the entire system is used instead: ]
gf  Gibbs excess free energy, (2-60)
Qg = nphy, +nghy + Q¢ = nphyy H  Henry’s law coefficient, (2-31)
= 159.2(12,243) + 113(14,687) h molar enthalpy, Table 2.11
+29,811,000 — 272.2(13,338) kij binary interaction coefficient, (2-54)
= 29,789,000 kJ/h s molar entropy, Table 2.11
(¢) Compute the production of entropy from an entropy balance ~ £  compressibility factor, Section 2.5
around the entire system using (2) from Table 2.11:
AS,, = npsp +ngsp + O /Ty — npsp — O/ T, Greek Symbols
= 159.2(-13.8068) + 113(—2.3886) Y activity coefficient, Table 2.1
+29,811,000/303 — 272.2(—4.1683) U chemical potential (partial molar Gibbs free energy),

= 18,246 kI /h-K Table 2.1

fi it fficient, Table 2.1
(d) Compute lost work from its definition at the bottom of Table 2.11: ugacity coetlicient, table

partial fugacity coefficient, Table 2.1

e e

LW = T,AS,,
= 303(18,246) = 5,529,000 kJ/h

acentric factor, (2-48)

Alternatively, compute lost work from an exergy balance around Subscripts
the system. From (3), Table 2.11:

c critical condition
LW = npbp + Qp(l = To/Tp) distribution ratio, partition coefficient, liquid-liquid

—npby, —ngby — 0 (1 =T, /T,) equilibrium ratio

= 272.2(14,601) + 29,789,000(1 — 303/378) iG  component i as a gas
—159.2(16,426) — 113(15,411) iL  component i as a liquid
—29,811,000(1 — 303/303) irr  irreversible

= 5,529,000 kJ /h (same result) min minimum

(e) Compute the minimum work of separation for the entire system. o reference state
From (4), Table 2.11, r reduced condition

W, =nyby, +ngby —nyb, iS  component i as a solid
= 159.2(16,426) + 113(15,411) — 272.2(14,601) 0 infinite source or sink

= 382,100 kJ/h

) o Superscripts
(f) Compute the second-law efficiency for the entire distillation sys-
tem. From (5), Table 2.1 1, E excess, Section 2.7
- Woin iL component i as a liquid
LW + Wi iV component i as a vapor
382,100

= hase
5,529,000 + 382,100 p P

— 00646 or 6.46% partial molar

vap  vaporization
The lost work is much larger than the minimum work. The low
second-law efficiency is typical of a difficult distillation separation,
which in this case requires 150 theoretical stages with a reflux ratio
of almost 15 times the distillate rate.
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SUMMARY

1. Phase equilibrium is expressed in terms of vapor-liquid and
liquid-liquid K-values, which are formulated in terms of
fugacity coefficients and activity coefficients.

2. For separation systems involving an ideal-gas and an
ideal-liquid solution, thermodynamic properties can be
estimated from the ideal-gas law, a vapor heat-capacity
equation, a vapor-pressure equation, and an equation for
the liquid density.

3. Use of graphical representations of thermodynamic prop-
erties have declined because of widespread use of process
simulators that can quickly estimate needed thermo-
dynamic properties from complex and more accurate
formulations.

4. For non-ideal mixtures containing light gases and hydro-
carbons, P-v-T equation-of-state (EOS) models such as
SRK, PR, and LKP are used to estimate density, enthalpy,
entropy, fugacity, and K-values.

5. For non-ideal liquid solutions of nonpolar and/or polar
components, Gibbs excess free-energy (¢©) models, such
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STUDY QUESTIONS

2.1. Why is fugacity used in place of chemical potential to deter-
mine phase equilibria? Who invented fugacity?

2.2. How is the K-value for vapor-liquid equilibria defined?

2.3. How is the distribution coefficient for a liquid-liquid mixture
defined?

2.4. Define relative volatility and relative selectivity.

2.5. What are the three types of models used to estimate thermody-
namic properties?

2.6. State the limitation of the Redlich—-Kwong equation of state.
How did Soave modity it to overcome the limitation?

2.7. Name the four most widely used methods for estimating
liquid-phase activity coefficients.

EXERCISES

Section 2.1

2.1. Expressions for computing K-values.
Which of the following K-value expressions are rigorous? For the
nonrigorous expressions, cite the assumptions.

@ K, =d, /by
(b) K, =d; /b
© K=y

@) K, = 7,0,/
(e) K, =P}/P

® K =700 /Vivbw
(®) K, =v,P;/P

2.2. Comparison of experimental K-values to Raoult’s law
predictions.

Experimental measurements of Vaughan and Collins [Ind. Eng.
Chem., 34, 885 (1942)] for the propane—isopentane system, at
167°F and 147 psia, show a propane liquid-phase mole fraction of
0.2900 in equilibrium with a vapor-phase mole fraction of 0.6650.
Calculate:

(a) The K-values for C; and iC from the experimental data.

(b) The K-values of C; and iCy from Raoult’s law, assuming vapor
pressures at 167°F of 409.6 and 58.6 psia, respectively.

Compare the results of (a) and (b). Assuming the experimental
values are correct, how could better estimates of the K-values
be achieved? To respond to this question, compare the rigorous
K, =y, $;./®,y to the Raoult’s law expression K, = P{/P.

43. CHEN, C.-C., Fluid Phase Equilibria, 83, 301-312 (1993).
44. CARLSON, E.C., Chem. Eng. Progress, 92(10) 35-46 (1996).

45. BENEDICT, M., G.B. WEBB, and L.C. RUBIN, Chem. Eng. Progress,
47(8), 419 (1951).

46. BENEDICT, M., G.B. WEBB, and L.C. RUBIN, Chem. Eng. Progress,
47(9), 449 (1951).

47. FELDER, R.M., and R.-W. RoUSSEAU, Elementary Principles of Chemical
Processes, 3rd ed., John Wiley & Sons, New York, (2000).

48. DE NEVERS, N., and J.D. SEADER, Latin Am. J. Heat and Mass Transfer,
8, 77-105 (1984).

49. SANDLER, S.I., Using Aspen Plus in Thermodynamics Instruction,
John Wiley & Sons, Hoboken, NJ, (2015).

2.8. What very important concept did Wilson introduce in 1964?
2.9. What advantage does the NRTL equation have over the Wilson
equation?
2.10. What is a minimum-boiling azeotrope? What is a maximum-

boiling azeotrope? Which type is by far the most common?

2.11. Why must electrolyte-solution activity-coefficient models con-
sider both chemical and physical equilibrium?

2.12. In an energy balance, what are the two most common refer-
ences (datums) used for enthalpy and entropy? Does one have
an advantage over the other?

2.13. In what way does availability differ from Gibbs free energy?

2.3. Distribution coefficients from L/L data.
Mutual solubility data for the isooctane (1) furfural (2) system at
25°C [Chem. Eng. Sci., 6, 116 (1957)] are:

Liquid Phase I
X, 0.0431

Liquid Phase II

0.9461

Compute:
(a) The distribution (partition) coefficients for isooctane and furfural
(b) The selectivity for isooctane relative to that of furfural

(c) The activity coefficient of isooctane in phase 1 and an activity

coefficient of furfural in phase 2, assuming yg) and y(111> =1.0

2.4. Activity coefficients of solids dissolved in solvents.

In refineries, alkylbenzene and alkylnaphthalene streams result
from catalytic cracking operations. They can be hydrodealkylated to
yield valuable products such as benzene and naphthalene. At 25°C,
solid naphthalene (normal melting point = 80.3°C) has the following
solubilities in liquid solvents including benzene [Naphthalene, API
Publication 707, Washington, DC (Oct. 1978)]:

Solvent Mole Fraction of Naphthalene
Benzene 0.2946

Cyclohexane 0.1487

Carbon tetrachloride 0.2591

n-hexane 0.1168

Water 0.18 x 107
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For each solvent, compute the activity coefficient of naphthalene
in the solvent phase using the following equations (with 7" in K) for
the vapor pressure in torr of solid and liquid naphthalene:

In P}, = 26.0708 — 8,712/T

St

In P}y = 16.1426 — 3992.01/(T — 71.29)

liquid —

Section 2.2

2.5. Relative volatility from Raoult’s law.

The separation of isopentane from n-pentane by distillation is
commonly practiced in industry. However, the separation is difficult
(approximately 100 trays are required). Using the extended Antoine
vapor pressure equation, (2-42), with Raoult’s law, calculate relative
volatilities for the isopentane/n-pentane system and compare the
values on a plot with the following experimental values [J. Chem.
Eng. Data, 8, 504 (1963)]:

Temperature, °F iy nCs
125 1.26
150 1.23
175 1.21
200 1.18
225 1.16
250 1.14

What do you conclude about the applicability of Raoult’s law in this
temperature range for this binary system? Vapor pressure constants
for (2-42) with vapor pressure in kPa and 7 in K are

Constants in (2-42) iCs nCy

k, 13.6106 13.9778
k, —2,345.09 —2,554.60
k; —40.2128 -36.2529
ky, ks, kg 0 0

2.6. Calculation of condenser duty.

Conditions at the top of a vacuum distillation column for the
separation of ethylbenzene from styrene are given below, where
the overhead vapor is condensed in an air-cooled condenser to give
sub-cooled reflux and distillate. Use a process simulator to estimate
the heat-transfer rate (duty) for the condenser in kJ/h, assuming
an ideal gas and ideal-gas and liquid solutions. Are these valid
assumptions?

Overhead Vapor Reflux Distillate

Phase condition  Saturated vapor Liquid Liquid
Temperature — 5°C subcooled 5°C subcooled
Pressure, kPa 6.69 6.40 6.40
Component flow

rates, kg/h:
Ethylbenzene 77,500 66,960 10,540
Styrene 2,500 2,160 340

2.7. Liquid density of a mixture.

Conditions for the bottoms at 229°F and 282 psia from a
depropanizer distillation unit in a refinery are given below, including
the pure-component liquid densities. Assuming an ideal-liquid solu-
tion (volume of mixing = 0), compute the liquid density in lb/ft3,
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Ib/gal, 1b/bbl (42 gal), and kg/m3. Compare your results to the
density obtained with a process simulator.

Component Flow Rate, Ibmol/h Liquid Density, g/cm?
Propane 22 0.20
Isobutane 171.1 0.40
n-butane 226.6 0.43
Isopentane 28.1 0.515
n-pentane 17.5 0.525
Section 2.3

2.8. Phase condition of a mixture.

Toluene is hydrodealkylated to benzene, with a conversion per
pass through the reactor of 70%. The toluene must be recovered and
recycled. The conditions for the feed to a commercial distillation
unit are 100°F, 20 psia, 415 Ibmol/h of benzene, and 131 Ibmol/h
of toluene. Use Figure 2.1 to determine, if possible, the phase con-
dition of the feed (i.e. superheated vapor, saturated vapor, vapor and
liquid phases, saturated liquid, or subcooled liquid).

Section 2.5

2.9. Volumetric flow rates for an adsorber.

Sub-quality natural gas contains an intolerable amount of N,
impurity. Separation processes that can be used to remove N, include
cryogenic distillation, membrane separation, and pressure-swing
adsorption. For the last-named process, a set of typical feed and
product conditions is given below. Assume 90% removal of N, and a
97% methane natural-gas product. Using the RK EOS with a process
simulator, compute the flow rate in thousands of actual ft* /h for each
of the three streams. Stream conditions are:

Feed (Subquality Product
Natural Gas) (Natural Gas) Waste Gas
Flow Rate, Ibmol/h:
Nitrogen 174
Methane 704
Temperature, °F 70 100 70
Pressure, psia 800 790 280

2.10. K-values from the PR and SRK equations.

Use a process simulation program to estimate the K-values, using
the PR and SRK equations of state, of an equimolar mixture of the
following two butane isomers and four butene isomers at 220°F and
276.5 psia. Compare the computed values with the following experi-
mental results [J. Chem. Eng. Data, 7, 331 (1962)]:

Component K-value
Isobutane 1.067
Isobutene 1.024
n-butane 0.922
1-butene 1.024
trans-2-butene 0.952
cis-2-butene 0.876

2.11. Cooling and partial condensation of a reactor effluent.
The disproportionation of toluene to benzene and xylenes is car-

ried out in a catalytic reactor at 500 psia and 950°F. The reactor efflu-

ent is cooled in a series of heat exchangers for heat recovery until a
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temperature of 235°F is reached at a pressure of 490 psia. The effluent
is then further cooled and partially condensed by the transfer of heat
to cooling water in a final heat exchanger. The resulting two-phase
equilibrium mixture at 100°F and 485 psia is then separated in a flash
drum. For the reactor-effluent composition given below, use a process
simulation program with the SRK and PR equations of state to com-
pute the component flow rates in Ibmol/h in the resulting vapor and
liquid streams, the component K-values for the equilibrium mixture,
and the rate of heat transfer to the cooling water. Compare the two
sets of results.

Component Reactor Effluent, Ibmol/h
H, 1,900
CH, 215
C,H 17
Benzene 577
Toluene 1,349
p-xylene 508

2.12. Recovery of acetone from air by absorption.

Acetone can be recovered from air by absorption in water. The
conditions for the streams entering and leaving are listed below. If the
absorber operates adiabatically, obtain the temperature of the exiting
liquid phase using a simulation program.

Feed Gas Liquid
Gas Absorbent Out Out
Flow rate, Ibmol/h:
Air 687 0 687 0
Acetone 15 0 0.1 14.9
Water 0 1,733 22 1,711
Temperature, °F 78 90 80 —
Pressure, psia 15 15 14 15
Phase Vapor Liquid Vapor Liquid

Concern has been expressed about a possible feed-gas explosion
hazard. The lower and upper flammability limits for acetone in air are
2.5 and 13 mol%, respectively. Is the feed gas within the explosive
range? If so, what can be done to remedy the situation?

Section 2.7

2.13. Condenser duty for two-liquid-phase distillate.
Isopropanol, with 13 wt% water, can be dehydrated to obtain
almost pure isopropanol at a 90% recovery by azeotropic distillation
with benzene. When condensed, the overhead vapor from the column
forms two immiscible liquid phases. Use a process simulator to
compute the heat-transfer rate in Btu/h and kJ /h for the condenser.

Water-Rich Organic-Rich
Overhead Phase Phase
Phase Vapor Liquid Liquid
Temperature, °C 76 40 40
Pressure, bar 1.4 1.4 1.4
Flow rate, kg/h:
Isopropanol 6,800 5,870 930
Water 2,350 1,790 560
Benzene 24,600 30 24,570

2.14. Minimum work for separation of a nonideal-liquid
mixture.

For a process in which the feed and products are all nonideal solu-
tions at the infinite surroundings temperature, 7,,, Equation (4) of
Table 2.11 for the minimum work of separation reduces to

‘Z‘—;:’ - Zn [inln (yix,-)] N Zn [inln (Yixi)]

out i in

For the separation at ambient conditions (298 K, 101.3 kPa) of a
35 mol% mixture of acetone (1) in water (2) into 99 mol% acetone
and 98 mol% water, calculate the minimum work in kJ/kmol of
feed. Use a process simulator with the Wilson equation to obtain the
activity coefficients. What is the minimum work if acetone and water
formed an ideal solution?
2.15. Relative volatility and activity coefficients of an azeotrope.
A sharp separation of benzene (B) and cyclohexane (CH) by dis-
tillation is impossible because of an azeotrope at 77.6°C, as shown by
the data of K.C. Chao [PhD thesis, University of Wisconsin (1956)].
At 1 atm:

T,°C X VB B Ycu

79.7 0.088 0.113 1.300 1.003
79.1 0.156 0.190 1.256 1.008
78.5 0.231 0.268 1.219 1.019
78.0 0.308 0.343 1.189 1.032
77.7 0.400 0.422 1.136 1.056
77.6 0.470 0.482 1.108 1.075
77.6 0.545 0.544 1.079 1.102
77.6 0.625 0.612 1.058 1.138
77.8 0.701 0.678 1.039 1.178
78.0 0.757 0.727 1.025 1.221
78.3 0.822 0.791 1.018 1.263
78.9 0.891 0.863 1.005 1.328
79.5 0.953 0.938 1.003 1.369

(a) Use the data to calculate and plot the relative volatility of benzene
with respect to cyclohexane versus benzene composition in the
liquid phase. What happens in the vicinity of the azeotrope?

(b) Estimate the composition of the azeotrope. Is it a maximum-
boiling or minimum-boiling azeotrope?

(c) Using a process simulator with the Wilson equation to compute
and plot the activity coefficients. How well do they compare with
the experimental data?

Section 2.12

2.16. Minimum work of separation.

A refinery stream is separated at 1,500 kPa into two products under
the conditions shown below. Using the data given, compute the min-
imum work of separation, W, , in kJ /h for T, = 298.15 K.

min?

Flow Rate, kmol/h

Component Feed Product 1
Ethane 30 30
Propane 200 192
n-butane 370 4
n-pentane 350 0
n-hexane 50 0
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Feed Product 1 Product 2

Phase condition Liquid Vapor Liquid
Temperature, K 364 313 394

Enthalpy, kJ/kmol 19,480 25,040 25,640
Entropy, kJ/kmol-K 36.64 33.13 54.84

2.17. Minimum work of separation.

In refineries, a mixture of paraffins and cycloparaffins is reformed
in a catalytic reactor to produce blending stocks for gasoline and
aromatic precursors for petrochemicals. A typical product from cat-
alytic reforming is ethylbenzene with the three xylene isomers. If this
mixture is separated, these four chemicals can be processed to make
styrene, phthalic anhydride, isophthalic acid, and terephthalic acid.
Compute the minimum work of separation in Btu/h for 7;; = 560°R
if the mixture below is separated at 20 psia into three products.

Fraction of Feed to Product

Component Feed, Ibmol/h  Product 1 Product2 Product 3
Ethylbenzene 150 0.96 0.04 0.000
p-xylene 190 0.005 0.99 0.005
m-xylene 430 0.004 0.99 0.006
o-xylene 230 0.000 0.015 0.985

Feed Product 1 Product2 Product 3

Phase condition Liquid  Liquid Liquid Liquid
Temperature, °F 305 299 304 314

Enthalpy, Btu/Ibmol 29,290 29,750 29,550 28,320
Entropy, Btu/lbmol-°R  15.32 12.47 13.60 14.68

2.18. Second-law analysis of a distillation.

Column C3 in Figure 1.10 separates stream 5 into streams 6 and
7, according to the material balance in Table 1.5. The separation is
carried out at 700 kPa in a distillation column with 70 plates and a
condenser duty of 27,300,000 kJ /h. Using the following data and an
infinite surroundings temperature 7;,, of 298.15 K, compute: (a) the
duty of the reboiler in kJ /h; (b) the irreversible production of entropy
in kJ/h-K, assuming condenser cooling water at 25°C and reboiler
steam at 100°C; (c) the lost work in kJ/h; (d) the minimum work
of separation in kJ /h; and (e) the second-law efficiency. Assume the
shaft work of the reflux pump is negligible.

Feed Distillate Bottoms

(Stream 5) (Stream 6) (Stream 7)
Phase condition Liquid Liquid Liquid
Temperature, K 348 323 343
Pressure, kPa 1,950 700 730
Enthalpy, kJ/mol 17,000 13,420 15,840
Entropy, kJ/kmol-K 25.05 5.87 21.22

2.19. Second-law analysis of membrane separation.

A spiral-wound, nonporous cellulose acetate membrane separator
is used to separate a gas containing H,, CH,, and C,H. The permeate
is 95 mol% pure H, and contains no ethane. The relative split ratio for
H, relative to methane is 47, where the split ratio for each component
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is defined as nlbmol/h in the permeate to 7 lbmol/h in the retentate.
Using the following data and an infinite surroundings temperature of
80°F, compute the: (a) irreversible production of entropy in Btu/h-R;
(b) lost work in Btu/h; and (¢) minimum work of separation in Btu/h.
Why is it negative? What other method(s) might be used to make the
separation?

Stream flow rates and properties:

Feed Flow Rates, Ibmol/h

H, 3,000

CH, 884

C,H 120

Feed Permeate Retentate

Phase condition Vapor Vapor Vapor
Temperature, °F 80 80 80
Pressure, psia 365 50 365
Enthalpy, Btu/Ibmol 8,550 8,380 8,890
Entropy, Btu/lbmol-K 1.520 4.222 2.742

2.20. Minimum isothermal work of separation.

An ideal-gas mixture of A and B undergoes an isothermal, iso-
baric separation at 7;, the infinite surroundings temperature. Starting
with Eq. (4), Table 2.11, derive an equation for the minimum work of
separation, W, . in terms of mole fractions of the feed and products.
Use your equation to plot the dimensionless group, W,.,. /RT,n, as
a function of mole fraction of A in the feed for:

in

(a) A perfect separation

(b) A separation with 98% of A to product 1 and 2% of B to
product 1.

(c) A separation with the ratio of moles of A in product 1 to moles
of A in product 2 = 9/1 and the same ratio for B = 1/9.

How sensitive is W, ;. to product purities? Does W, ; depend on the
separation operation used? Prove, by calculus, that the largest value

of W, occurs for a feed with equimolar quantities of A and B.

2.21. Exergy change for heating and vaporizing water.

Water at 25°C and 1 atm (state 1) is heated and compressed to
produce saturated steam at 2 MPa (state 2). Using a process sim-
ulator to obtain enthalpies and entropies, and do flash calculations,
calculate the change in exergy of the stream in kJ /kmol, assuming an
infinite surroundings temperature, 7, = 298.15 K. Would it be more
energy-efficient to: (1) first heat and vaporize the water and compress
the steam or (2) first pump the water to the higher pressure and then
heat and vaporize it? Give reasons for your choice. How could you
prove that your choice is correct?

2.22. Exergy
methane gas.

100 kmol/h of methane gas is compressed adiabatically from
0.5 MPa and 300 K to 2.0 MPa, after which it is cooled isobarically
to 300 K by a large amount of water at 300 K. Assume an infinite
surroundings temperature 7, of 300 K. The mechanical efficiency
of the compressor with its motor is 80%. Using a process simulator,
determine Hp of the compressor, heat duty of the cooler in kJ/h,
and exergies in kJ/h of the entering and exiting methane. For
the process determine lost work, LW, in kJ/h, minimum work in
kJ/h, irreversible change in entropy in kJ/h-K, and the second-law
efficiency.

change for compression and cooling of



Process Engineering Channel

@ProcessEng

Chapter 3

Mass Transfer and Diffusion

§3.0 INSTRUCTIONAL OBJECTIVES

After completing this chapter, you should be able to:

e Explain the relationship between mass transfer and phase equilibrium, and why models for both are useful.

o Discuss mechanisms of mass transfer, including bulk flow.

o State Fick’s law of diffusion for binary mixtures and discuss its analogy to Fourier’s law of heat conduction.
o Estimate, in the absence of data, diffusivities for gas and liquid mixtures.

¢ Calculate multidimensional, unsteady-state molecular diffusion by analogy to heat conduction.

o Calculate rates of mass transfer by molecular diffusion in laminar flow.

o Define a mass-transfer coefficient and explain its analogy to the heat-transfer coefficient.

o Use analogies, particularly those of Chilton and Colburn, to calculate rates of mass transfer in turbulent flow.
o Calculate rates of mass transfer across fluid—fluid interfaces using two-film theory and penetration theory.

Mass transfer is the net movement of a species in a mixture
from one location to another. Different species move at differ-
ent rates and may move in opposite directions. In separation
operations, mass transfer often takes place across an interface
between two phases. Absorption by a liquid of a solute from
a carrier gas involves transfer of the solute through the gas
to the gas—liquid interface, across the interface, and into the
liquid. Extraction of a species from a liquid mixture involves
transfer of the solute through the liquid to the liquid-liquid
solvent interface, across the interface and into the solvent.
A component in a gas or liquid may travel to the interior
surface of a porous particle, where the species is adsorbed.
Mathematical models for these processes, as well as others,
are described throughout this book based on the fundamentals
of mass transfer presented in this chapter.

Two mechanisms of mass transfer are (1) molecular
diffusion by random and spontaneous microscopic movement
of molecules as a result of thermal motion; and (2) eddy
(turbulent) diffusion by random, macroscopic fluid motion.
Both molecular and eddy diffusion may involve the movement
of different species in opposing directions. The total rate of
mass transfer of individual species is increased or decreased
by a bulk flow, which is a third mechanism of mass transfer.
However, bulk flow alone does not provide a separation of the
species in a mixture.

Molecular diffusion is extremely slow, while eddy diffusion
is rapid. Therefore, if industrial separation processes are to
be conducted in equipment of reasonable size, the fluids must
be agitated and/or interfacial areas maximized. For solids, the
particle size is decreased and/or made porous to increase the
surface area/volume for mass transfer and decrease the dis-
tance for diffusion.

46

In multiphase systems, the extent of the separation is
limited by phase equilibrium (discussed in Chapter 2) because
with time, concentrations equilibrate by mass transfer. When
mass transfer is rapid, equilibration takes seconds or minutes,
and design of separation equipment can be based on phase
equilibrium, rather than on mass transfer rates. For separations
involving barriers such as membranes, mass-transfer rates
govern equipment design.

In binary mixtures, diffusion of species A with respect to
B occurs because of driving forces, which include concentra-
tion gradients (ordinary diffusion), pressure, temperature,
and external force fields that act unequally on different
species. Pressure diffusion requires a large gradient, which
is achieved for gas mixtures with a centrifuge. Thermal
diffusion columns can be employed to separate mixtures by
establishing a temperature gradient. Widely applied is forced
diffusion of ions or charged particles in an electrical field.

This chapter only describes ordinary diffusion driven by
composition gradients (e.g., concentration, mole fraction,
activity, partial pressure), which is the most common type
of diffusion in chemical separation processes. Emphasis is
on binary systems, for which diffusion theory is relatively
simple and applications are straightforward. Multicompo-
nent ordinary diffusion is introduced in Chapter 12. Taylor
and Krishna [1] support advanced study of multicomponent
diffusion.

Molecular diffusion occurs in solids and in fluids that
are stagnant or in laminar motion. Eddy diffusion occurs in
fluids when turbulent motion exists. When both molecular
diffusion and eddy diffusion occur, they are additive. When
mass transfer occurs under bulk turbulent flow but across a
fluid—fluid interface or to a solid surface, flow is generally
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laminar or stagnant near the interface or solid surface. Thus,
the eddy-diffusion mechanism is dampened or eliminated
as the diffusing species approaches the interface or solid
surface.

Mass transfer can result in a total net rate of bulk flow or flux
in a direction relative to a fixed plane or stationary coordinate
system. When a net flux occurs, it carries all species present.
Thus, the molar flux of a species can be the sum of all three
mechanisms. If ; is the molar flux of i with mole fraction x;,
and N is the total molar flux in moles per unit time per unit
area in a direction perpendicular to a stationary plane across
which mass transfer occurs, then the three mechanisms give

N; = molecular diffusion flux of i
3-D
+ eddy diffusion flux of i + x;N

where x;N is the bulk-flow flux. Each term in (3-1) is positive
or negative depending on the direction of the flux relative to
the direction selected as positive. When the molecular and
eddy-diffusion fluxes are in one direction and N is in the
opposite direction (even though a gradient of i exists), the net
species mass-transfer flux, ;, can be zero.

This chapter covers seven areas: (1) steady-state diffusion
in stagnant media, (2) estimation of diffusion coefficients,
(3) unsteady-state diffusion in stagnant media, (4) mass
transfer in laminar flow, (5) mass transfer in turbulent flow,
(6) mass transfer at fluid—fluid interfaces, and (7) mass transfer
across fluid—fluid interfaces.

§3.1 STEADY-STATE, ORDINARY
MOLECULAR DIFFUSION

Imagine a cylindrical glass vessel partly filled with dyed water.
Clear water is carefully added on top so that the dyed solution
on the bottom is undisturbed. At first, a sharp boundary exists
between layers, but as mass transfer of the dye occurs because
of a dye-concentration difference, the upper layer becomes
colored and the bottom layer below less colored. The upper
layer is more colored near the original interface between
the dyed solution and the clear water, and less colored in
the region near the top of the liquid contents. During this
color change, the motion of each dye molecule is random,
undergoing collisions with water molecules and sometimes
with dye molecules, moving first in one direction and then in
another, with no one direction preferred. This type of motion
is sometimes called a random-walk process, which yields
a mean-square distance of travel in a time interval but not in
a direction interval. At a given horizontal plane through the
solution, it is not possible to determine whether a particular
molecule will cross the plane or not in a given time interval.
On the average, a fraction of all (dye and water) molecules in
the solution below the plane cross over into the region above,
and the same fraction will cross over in the opposite direction.
Therefore, if the concentration of dye molecules in the lower
region is greater than in the upper region, a net rate of mass
transfer of dye takes place from the lower to the upper region.
Ultimately, a dynamic equilibrium is achieved and the dye
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concentration will be uniform throughout the liquid in the
vessel. Based on these observations, it is clear that:

1. Mass transfer by ordinary molecular diffusion in a binary
mixture occurs because of a composition gradient; that
is, a species diffuses in the direction of decreasing
concentration.

2. The mass-transfer rate is proportional to the area normal
to the direction of mass transfer. Thus, the rate can be
expressed as a flux.

3. Net mass transfer stops when concentrations are uni-
form throughout.

§3.1.1 Fick’s Law of Diffusion

The above three observations were quantified by Fick in 1855.
He proposed an analogy to Fourier’s 1822 first law of heat

conduction,
dr

4. =~k (3-2)
where ¢_ is the heat flux by conduction in the z-direction, k
is the thermal conductivity, and dT/dz is the temperature gra-
dient, which is negative in the direction of heat conduction.
Fick’s first law also features a proportionality between a flux
and a gradient. For a mixture of A and B,

dc
Jp, == ABd_ZA (3-3a)
and
d
s, = _DBAdLZB (3-3b)

where J, is the molar flux (moles per unit perpendicular area
and per unit time) of A by ordinary molecular diffusion relative
to the molar-average velocity of the mixture in the z-direction,
D g is the mutual diffusion coefficient or diffusivity of A
in B, ¢, is the molar concentration of A, and dc, /dz is the
concentration gradient of A, which is negative in the direction
of diffusion of A. Similar definitions apply to (3-3b). If the
medium through which diffusion occurs is isotropic, then val-
ues of k and D,y are independent of direction. Nonisotropic
(anisotropic) materials include fibrous and composite solids as
well as noncubic crystals.

Alternative composition driving forces can be used in
(3-3a) and (3-3b). An example is

(3-4)

where the z subscript on J has been dropped, ¢ = total mixture
molar concentration, and x, = mole fraction of A. Two other
possible driving forces are partial pressure for a gas and activ-
ity for a nonideal liquid.

Equation (3-4) can also be written in an equivalent mass
form, where j, is the mass flux of A relative to the mass-
average velocity of the mixture in the positive z-direction, p
is the mixture mass density, and w, is the mass fraction of A:

dWA

3 )

Ja =—pPDap
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§3.1.2 Species Velocities in Diffusion

If velocities are based on molar flux, N, and molar diffusion
flux, J, then the molar average mixture velocity, v,,, relative to
stationary coordinates for the binary mixture, is
_ N _ Npo+Ng

c c

Yy (3-6)
Similarly, the velocity of species i in terms of N;, relative to
stationary coordinates, is

v, = G-7)

Combining (3-6) and (3-7) with x; = ¢;/c gives

VM = XAVA + vaB (3'8)

Diffusion velocities, Vi defined in terms of J;, are relative
to molar-average velocity and are defined as the difference
between the species velocity and the molar-average mixture
velocity:

(3-9)

V., =

P— oy —
ip ;_Vi M

1
When solving mass-transfer problems involving net mix-
ture movement (bulk flow), fluxes and flow rates based on v,
as the frame of reference are inconvenient to use. It is preferred
to use mass-transfer fluxes referred to stationary coordinates.

§3.1.3 Equimolar Counter Diffusion (EMD)

In EMD, the molar fluxes in (3-12) and (3-13) are equal but
opposite in direction, so

N=N,+Ng=0 (3-14)

Thus, from (3-12) and (3-13), the diffusion fluxes are also
equal but opposite in direction:

JA = _JB (3_15)

This idealization is approached in distillation of nearly ideal
binary mixtures, as discussed in Chapter 7. From (3-12) and
(3-13), in the absence of bulk flow,

(3-16)

and
(3-17)

If the total concentration, pressure, and temperature are
constant and the mole fractions are constant (but different) at
two sides of a stagnant film between locations z; and z,, then
(3-16) and (3-17) can be integrated from z; to any z between
z; and z, to give

. .. D
Thus, from (3-9), the total species velocity is Iy = a8 (xa, —xa) (3-18)
-z
Vi = vy v, G-10) .4
Combining (3-7) and (3-10), Ty =PBA (g —xp) (3-19)
i—q
Ni=cvy + CiVip G-1D) At steady state, the mole fractions are linear in distance, as
Combining (3-11) with (3-4), (3-6), and (3-7), shown in Figure 3.1a. Furthermore, because total concentra-
tion c is constant through the film, where
n dx
Ny = XA =xaAN — cDyp <d—zA> (3-12) c=cp+cp (3-20)
by differentiation,
and
dc=0=dcy +dc (3-21)
n dx A B
Ng = =2 =xgN — cD =B 3-13
B B BA ( d > (3-13) Thus.
dcx = —d 3-22
In (3-12) and (3-13), n, is the molar flow rate in moles per €A=" (3-22)
unit time, A is the mass-transfer area, the first right-hand side From (3-3a), (3-3b), (3-15), and (3-22),
terms are the total fluxes resulting from bulk flow, and the D D
. . . AB _ ZBA (3-23)
second terms are the diffusion fluxes. Two cases are important dz d
for a binary mixture: (1) equimolar counter diffusion (EMD)
and (2) unimolecular diffusion (UMD).
s 8 s 8
o o
=] (o]
S x > XA \
“ Distance, z K a Distance, z K
(a) (b)

Figure 3.1 Concentration profiles for limiting cases of ordinary molecular diffusion in binary mixtures across a stagnant film: (a) equimolar

counter diffusion (EMD); (b) unimolecular diffusion (UMD).
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Therefore, D g = Dy, . This equality of diffusion coefficients
at a given composition is always true in a binary system.

EXAMPLE 3.1 EMD in a Tube.

Two bulbs are connected by a straight tube, 0.001 m in diameter and
0.15 m in length. Initially, the bulb at End 1 contains N, and the bulb
at End 2 contains H,. Pressure and temperature are constant at 25°C
and 1 atm. At a time after diffusion starts, the nitrogen content of the
gas at End 1 of the tube is 80 mol% and 25 mol% at End 2. If the
binary diffusion coefficient is 0.784 cm?/s, determine:

(a) The rates and directions of mass transfer of N, and H, in mol/s.

(b) The species velocities relative to stationary coordinates, in cm/s.

Solution

(a) Because the gas system is closed and at constant pressure and
temperature, no bulk flow occurs and mass transfer in the con-
necting tube is EMD.

The area for mass transfer through the tube, in cm?, is
A=3.14(0.1)%/4 = 7.85 x 107 cm?. By the ideal gas law, the
total gas concentration is ¢ = P/RT = 1/(82.06)(298) = 4.09 x
10~ mol/cm’. Take End 1 as the reference plane of the
connecting tube. Applying (3-18) to N, over the tube length,

ny, =

2" 7, -1 [(xNz)l - (xNz)z]A

_ (4.09 % 107°)(0.784)(0.80 — 0.25)
B 15
=9.23 x 1072 mol/s in the positive z-direction

— CDNz Hy

(7.85%x 107%)

ny, =9.23 x 1072 mol/s in the negative z-direction

(b) For EMD, the molar-average velocity of the mixture, v,,, is 0.
Therefore, from (3-9), species velocities are equal to species dif-
fusion velocities. Thus,

JN ny
i, = (My)p =2 =
P 2/D CNZ AC)CN2
~ 9.23x 107
[(7:85%107) (4.09x 107) x|
_ 0.0287 in the positive z-direction
)CN2
0.0287

Similarly, vy =

in the negative z-direction
H,

Thus, species velocities depend on mole fractions, as follows:

Z,cm XN, Xy, Vy,>Cm/s Vy,,Cm/s
0 (End 1) 0.800 0.200 0.0351 —0.1435
5 0.617 0.383 0.0465 -0.0749
10 0.433 0.567 0.0663 —0.0506
15 (End 2) 0.250 0.750 0.1148 —0.0383

Note that species velocities vary along the length of the tube, but at
any location z, v,, = 0. For example, at z = 10 cm, from (3-8),

vy = (0.433)(0.0663) + (0.567)(—0.0506) = 0
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§3.1.4 Unimolecular Diffusion (UMD)

In UMD, mass transfer of component A occurs through stag-
nant B, resulting in a bulk flow. Thus,

Ng =0 (3-24)
and
N =N, (3-25)
Therefore, from (3-12),
Ny = x\Ny —cDAde—A (3-26)

which can be rearranged to a Fick’s law form by solving
for Ny,

cDyg dx, cD g dxy
NA = = - =

3-27

The factor (1 —x,) accounts for the bulk-flow effect. For a
mixture dilute in A, this effect is small. But in an equimo-
lar mixture of A and B, (1 —x,) = 0.5 and, because of bulk
flow, the molar mass-transfer flux of A is twice the ordinary
molecular-diffusion flux.

For the stagnant component, B, (3-13) becomes

0= xgN, cDBAddiZB (3-28)
or d
X
1Ny = Dgy (3-29)

Thus, the bulk-flow flux of B is equal to but opposite its diffu-
sion flux.

At quasi-steady-state conditions (i.e., no accumulation of
species with time) and with constant molar density, (3-27) in
integral form is:

z XA
/ dz = —Pas / i (3-30)
2 NA EN 1- XA
which upon integration yields
Ny = Doy (1= (3-31)
- Z] 1 - xAl

Rearranging (3-31) gives the mole-fraction variation as a func-
tion of z.

(3-32)

Na (Z_Zl)]

xy=1- (l—xAl)exp[ D

Figure 3.1b shows that the mole fractions are nonlinear in z.
A more useful form of (3-31) can be derived from the def-

inition of the log mean, which is often used for the driving

force in countercurrent heat exchangers. When z = z,, (3-31)

becomes
1—x
Ny = cDyp In Ay
i — 1 1 - xAl

(3-33)
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The log mean (LM) of (1 — x,) at the two ends of the stagnant
layer is

C (=) = (1-xy))
R (€ —xn)/(1=xp )]

(3-34)
_ (xAl _xAZ)
In [(1=x5,)/(1 = xy,)]
Combining (3-33) with (3-34) gives
N. = DPas (xa, = Xa,) _ D (-Axy)
A= =
n-u (T-x)  (T-xa)yy Az
Dyp (—Axs) (3-35)

(xs) Az

EXAMPLE 3.2 Evaporation from an Open Beaker.

In Figure 3.2, an open beaker, 6 cm high, is filled with liquid ben-
zene (A) at 25°C to within 0.5 cm of the top. Dry air (B) at 25°C
and 1 atm is blown across the mouth of the beaker so that evapo-
rated benzene is carried away by convection after it transfers through
an air layer within the beaker. The air layer is assumed to be stag-
nant. The vapor pressure of benzene at 25°C is 0.131 atm. As shown
in Figure 3.2, the mole fraction of benzene in the air at the top of
the beaker is zero and is at equilibrium at the gas-liquid interface.
The diffusion coefficient for benzene in air at 25°C and 1 atm is
0.0905 cm?/s. Compute: (a) the initial rate of evaporation of ben-
zene as a molar flux in mol /cm?-s; (b) initial mole-fraction profiles in
the stagnant air layer; (c) initial fractions of the mass-transfer fluxes
due to molecular diffusion; (d) initial diffusion velocities, and the
species velocities (relative to stationary coordinates) in the stagnant
layer; and (e) time for the benzene level in the beaker to drop 2 cm
if the specific gravity of benzene is 0.874. Neglect the accumulation
of benzene and air in the stagnant layer with time as it increases in
height (quasi-steady-state assumption). In this example, x is the mole
fraction in the gas.

Solution

The total vapor concentration by the ideal-gas law is:

¢ =P/RT = 1/(82.06)(298) = 4.09 x 10~° mol /cm?

Air 1 atm
25°C

PR

xp=0 T
A 1 Mass 0.5 om

transfer V
xp = PplP
Interface

Liquid
benzene

Beaker

Figure 3.2 Evaporation of benzene from a beaker—Example 3.2.

(a) With z equal to the distance down from the top of the beaker, let
z, = 0 at the top of beaker and z, = the distance from the top of
the beaker to the gas—liquid interface. Then, initially, the stagnant
gas layer thickness is z, — z; = Az = 0.5 cm. From Raoult’s and
Dalton’s laws, assuming equilibrium at the liquid benzene—air
interface,

xy =Py/P=0.131/1=0.131, x, =0
0.131

1- = =0.933 =

(=% = 4 0= 0) /(1 = 0.130)] (e
From (3-35),

(4.09 x 107°) (0.0905) /0.131 > 2

N, = o= (Go33 )= 1:04x 107 mol/em’-s
- 1.04x107°) (z-0

by Ma=2) _ - )@=0) _ e,

Dy (4.09 x 107) (0.0905)
From (3-32),

x, =1-0.869 exp (0.281z) (D)

Using (1), the following results are obtained:

Z, cm Xy Xg

0.0 0.1310 0.8690
0.1 0.1060 0.8940
0.2 0.0808 0.9192
0.3 0.0546 0.9454
0.4 0.0276 0.9724
0.5 0.0000 1.0000

These profiles are only slightly curved.

(¢) Equations (3-27) and (3-29) yield the bulk-flow terms, x, N and
xgN, from which the molecular-diffusion terms are obtained.

x;N J;
Bulk-Flow Flux, Molecular-Diffusion
mol/cm?-s X 10°

Flux, mol/cm?-s x 10°

Z, cm A B A B

0.0 0.1360 0.9040 0.9040 —0.9040
0.1 0.1100 0.9300 0.9300 —0.9300
0.2 0.0840 0.9560 0.9560 —0.9560
0.3 0.0568 0.9832 0.9832 —-0.9832
0.4 0.0287 1.0113 1.0113 —-1.0113
0.5 0.0000 1.0400 1.0400 —1.0400

Note that the molecular-diffusion fluxes are equal but opposite
and the bulk-flow flux of B is equal but opposite to its molecular
diffusion flux; thus Ny is zero, making B (air) stagnant.

(d) From (3-6),

1.04 x 107°

N _Ny_ 104x10™
4.09%x 107°

=i —A —
C

Vi = =0.0254 cm/s 2)
c

From (3-9), the diffusion velocities are given by

v; ﬁzi 3)
b Xx;c
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From (3-10), species velocities relative to stationary coordinates are
V=V, vy 4)

Using (2) to (4), there follows

Vi v,

Molecular-Diffusion Species
Velocity, cm/s Velocity, cm/s
Z, cm A B A B
0.0 0.1687 —0.0254 0.1941 0
0.1 0.2145 —0.0254 0.2171 0
0.2 0.2893 —0.0254 0.3147 0
0.3 0.4403 —0.0254 0.4657 0
0.4 0.8959 —0.0254 0.9213 0
0.5 o0 —0.0254 o0 0

Note that vy is zero everywhere, because its molecular diffusion
velocity is negated by the molar-mean velocity.

(e) The mass-transfer flux for benzene evaporation equals the rate
of decrease in the moles of liquid benzene per unit cross-section
area of the beaker.

Using (3-35) with Az = z,

NA — CDJ (_AixA) — p7L @ )
z (I—x)q M, dt
Separating variables and integrating,
t Z
Pl =X )im -
dt=t= zdz (6)
./0 M cD\g(=Ax,) J.,

where z, = initial location of the interface and z, = location of the
interface after it drops 2 cm.
The coefficient of the integral on the RHS of (6) is constant at

0.874(0.933)
78.11(4.09 x 107°) (0.0905)(0.131)

2 )
/ zdz:/ zdz =3 cm?
2] 0.5

From (6), r = 21,530 (3) = 64,590 s or 17.94 h, which is a long time
because of the absence of turbulence.

= 21,530 s/cm?

§3.2 DIFFUSION COEFFICIENTS
(DIFFUSIVITIES)

Diffusion coefficients (diffusivities) are defined for a binary
mixture by (3-3) to (3-5). Measurement of diffusion coeffi-
cients involves a correction for bulk flow using (3-12) and
(3-13), with the reference plane being such that there is no net
molar bulk flow. Binary diffusivities, D, and Dg,, are called
mutual or binary diffusion coefficients. Other coefficients
include D; (D;) the diffusivity of /i in a multicomponent
mixture; and D;;, the self-diffusion coefficient. In this chapter
and throughout this book, the focus is on the mutual diffusion
coefficient, which will be referred to as the diffusivity or
diffusion coefficient. Experimental values of diffusivity are
available in handbooks. Diffusivities can also be estimated
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from the following correlations and by using methods in
process simulators.

§3.2.1 Diffusivity in Gas Mixtures

As discussed by Poling, Prausnitz, and O’Connell [2], equa-
tions are available for estimating the value of D,p = Dgy
in gases at low to moderate pressures. The theoretical equa-
tions (based on Boltzmann’s kinetic theory of gases, the
theorem of corresponding states, and a suitable intermolecular
energy-potential function, as developed by Chapman and
Enskog) predict D, to be inversely proportional to pressure,
to increase significantly with temperature, and to be almost
independent of gas composition. Of greater accuracy and
ease of use is the empirical equation of Fuller, Schettler,
and Giddings [3], which retains the form of the Chapman—
Enskog theory but utilizes empirical constants derived from
experimental data:

0.001437"7
Djg =Dgp = 12 13 17312 (3-36)
PG [(Z0) + (205
where D g is in cmz/s, Pisinatm, TisinK,
2 (3-37)

Mae = (/M) + (/M)

and )}, = summation of atomic and structural diffusion vol-
umes from Table 3.1, which includes diffusion volumes of
simple molecules.

Experimental values of binary gas diffusivity at 1 atm and
near-ambient temperature vary from about 0.10 to 10.0 cm?/s.
Poling et al. [2] compared (3-36) to experimental data for 51
different binary gas mixtures at low pressures over a temper-
ature range of 195-1,068 K. The average deviation was only
5.4%, with a maximum deviation of 25%. Equation (3-36)

Table 3.1 Diffusion Volumes

Atomic Diffusion Volumes
and Structural Diffusion-Volume Increments

C 15.9 F 14.7
H 2.31 Cl 21.0
(0} 6.11 Br 21.9
N 4.54 I 29.8
Aromatic ring —18.3 S 22.9
Heterocyclic ring —18.3

Diffusion Volumes of Simple Molecules

He 2.67 co 18.0
Ne 5.98 o, 26.7
Ar 16.2 N,0 35.9
Kr 245 NH, 20.7
Xe 327 H,0 13.1
H, 6.12 SF, 71.3
D, 6.84 cl, 38.4
N, 18.5 Br, 69.0
0, 163 o} 41.8
Air 19.7

[Reproduced from [3] with permission of the American Chemical Society.]



Process Engineering Channel

@ProcessEng

52 Chapter3 Mass Transfer and Diffusion

Table 3.2 Experimental Binary Diftusivities of Gas Pairs at 1 atm

Gas pair, A-B Temperature, K D,g, cmz/ S
Air—carbon dioxide 317.2 0.177
Air—ethanol 313 0.145
Air—helium 317.2 0.765
Air—n-hexane 328 0.093
Air—water 313 0.288
Argon—ammonia 333 0.253
Argon—hydrogen 2422 0.562
Argon—hydrogen 806 4.86
Argon—methane 298 0.202
Carbon dioxide—nitrogen 298 0.167
Carbon dioxide—oxygen 293.2 0.153
Carbon dioxide—water 307.2 0.198
Carbon monoxide—nitrogen 373 0.318
Helium—benzene 423 0.610
Helium—methane 298 0.675
Helium—methanol 423 1.032
Helium—water 307.1 0.902
Hydrogen—ammonia 298 0.783
Hydrogen—ammonia 533 2.149
Hydrogen—cyclohexane 288.6 0.319
Hydrogen—methane 288 0.694
Hydrogen—nitrogen 298 0.784
Nitrogen—benzene 311.3 0.102
Nitrogen—cyclohexane 288.6 0.0731
Nitrogen—sulfur dioxide 263 0.104
Nitrogen—water 352.1 0.256
Oxygen—benzene 311.3 0.101
Oxygen—carbon tetrachloride 296 0.0749
Oxygen—cyclohexane 288.6 0.0746
Oxygen—water 352.3 0.352

[Reproduced from [59] with permission of the American Chemical Society.]

indicates that D ,p is proportional to T'73/P, which can be
used to adjust experimental diffusivities for 7" and P. Rep-
resentative experimental values of binary gas diffusivity are
given in Table 3.2.

EXAMPLE 3.3 Estimation of a Gas Diffusivity.

Estimate the diffusion coefficient for oxygen (A) in benzene (B) at
38°C and 2 atm using the method of Fuller et al. (3-36). No experi-
mental value is available.

Solution
2
— = =454
(1/32) + (1/78.11)
From Table 3.1, (¥,), =163 and (Z,); =6(15.9) +6(2.31) —
18.3 = 90.96
From (3-36), at 2 atm and 311.2 K,

From (3-37), M, =

0.00143(311.2)'75
D,g =Dy, =

= = 0.0495 cm?/s
2(45.4)2((16.3)'° + (9.96)' /]

At 1 atm, the predicted diffusivity is 0.0990 cm?/s, which is about
2% below the experimental value in Table 3.2. The theoretical
equation of Chapman and Enskog predicts 0.092 cm?/s, while a
modification of the theory by Wilke and Lee (see [2]) predicts
0.096 cm?/s. The value for 38°C can be extrapolated to other

temperatures using the T'7° dependency. For example, for a
temperature of 200°C, using the experimental value at 38°C,

200 + 273.2 ) e
38 +273.2
=0.212 cm?/s

D, at 200°C and 1 atm = 0.102(

For the estimation of binary gas diffusivities at low pres-
sures, Aspen Plus uses the Wilke-Lee modification of the
Chapman-Enskog theory, while ChemSep uses (3-36) of
Fuller et al. unless the diffusion volumes cannot be estimated.
In that case, ChemSep uses the Wilke-Lee modification of the
Chaptman—Enskog theory. CHEMCAD uses the Fuller et al.
method.

For light gases, at pressures to about 10 atm, the pressure
dependence on diffusivity is adequately predicted by the
inverse relation in (3-36); that is, PD,g = a constant. At
higher pressures, deviations are similar to the modification of
the ideal-gas law by the compressibility factor, Z, based on
the theorem of corresponding states. Takahashi [4] published
a corresponding-states correlation, shown in Figure 3.3,
patterned after a correlation by Slattery [5]. In the Takahashi
plot, DogP/(DAgP)ip is a function of reduced tempera-
ture and pressure, where (DgP); p is at low pressure when
(3-36) applies. Mixture critical temperature and pressure are
molar-average values. Thus, a finite effect of composition is
predicted at high pressure. The effect of high pressure on dif-
fusivity is important in separations at supercritical conditions.

EXAMPLE 3.4 Estimation of a Gas Diffusivity at High
Pressure.

Estimate the diffusion coefficient for a 25/75 molar mixture of argon
and xenon at 200 atm and 378 K. No experimental value is available
for these conditions. At this temperature and 1 atm, the experimental
diffusion coefficient is 0.180 cm?/s. Critical constants are:

T.,K P, atm
Argon 151.0 48.0
Xenon 289.8 58.0

=2 NhWw
Mo owoviom

w

DpgP/(DpgP)p
Y

0.0 | | | | |
1.0 2.0 3.0 4.0 5.0 6.0

Reduced Pressure, P,

Figure 3.3 Takahashi [4] correlation for effect of high pressure on
binary gas diffusivity. Used with permission.
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Solution
Calculate reduced conditions:

T, =0.25(151) +0.75(289.8) = 255.1 K
T.=T/T, =378/255.1 = 1.48

P, =0.25(48) + 0.75(58) = 55.5 atm
P.=P/P,=200/555=36

D,.P
From Figure 3.3, —AB—__

=0.82
(DppP)p

— DapPhp [ _DapP | _ 0.180)(1)
Do =""p [(DABP)LJ_ 200 82

=7.38 x 10~* cm?/s

§3.2.2 Diffusivity in Nonelectrolyte
Liquid Mixtures

Liquid diffusivities are difficult to estimate because of the lack
of a suitable model for the liquid state. An exception is an
infinitely dilute solute (A) of large, rigid, spherical molecules
diffusing through a solvent (B) of small molecules with no slip
at the surface of the solute molecules. The resulting relation,
based on the hydrodynamics of creeping flow to describe drag,
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is the Stokes—Einstein equation:

RT
(DAB)co =

= (3-38)
6T RAN Ay

where pg = the viscosity of the solvent, R is the solute-mole-
cule radius, and N,y is Avogadro’s number. Equation (3-38)
has long served as a starting point for more widely appli-
cable empirical correlations for liquid diffusivity. The
Stokes—Einstein equation is restricted to dilute binary mixtures
of not more than 10% solutes.

An extension of (3-38) to more concentrated solutions
for small solute molecules is the empirical Wilke—Chang [6]
equation:

7.4 x 108 (pgMp)/>T

(Dpple = 0.6
HBVA

where the units are cm?/s for D ,p; cP (centipoises) for sol-
vent viscosity, pg; K for T; and cm?/mol for v,, the solute
molar volume at its normal boiling point. The parameter ¢y is
a solvent association factor with a value of 2.6 for water, 1.9
for methanol, 1.5 for ethanol, and 1.0 for unassociated solvents
such as hydrocarbons. The effects of temperature and viscosity
in (3-39) are identical to the prediction of the Stokes—Einstein
equation, while the radius of the solute molecule is replaced
by v,, which can be estimated by summing atomic contribu-
tions tabulated in Table 3.3. Some representative experimental
values of solute diffusivity in dilute binary liquid solutions are
given in Table 3.4.

(3-39)

Table 3.3 Molecular Volumes of Dissolved Light Gases and Atomic Contributions for Other Molecules at the Normal Boiling Point

Atomic Volume
(m3/kmol) x 10°

Atomic Volume
(m%/kmol) x 10°

C 14.8
H 3.7
O (except as below) 7.4
Doubly bonded as carbonyl 7.4
Coupled to two other elements:
In aldehydes, ketones 7.4
In methyl esters 9.1
In methyl ethers 9.9
In ethyl esters 9.9
In ethyl ethers 9.9
In higher esters 11.0
In higher ethers 11.0
In acids (—OH) 12.0
Joined to S, P, N 8.3
N
Doubly bonded 15.6
In primary amines 10.5
In secondary amines 12.0
Br 27.0
Cl in RCHCIR' 24.6
Cl in RCI (terminal) 21.6
F 8.7
I 37.0
S 25.6
P 27.0

Ring
Three-membered, as in )
ethylene oxide
Four-membered -8.5
Five-membered —-11.5
Six-membered —15
Naphthalene ring -30

—47.5

Molecular Volume
(m?/kmol) x 10°

Anthracene ring

Air 29.9
0, 25.6
N, 31.2
Br, 53.2
cl, 484
co 30.7
o, 34.0
H, 14.3
H,0 18.8
H,S 32,9
NH, 25.8
NO 23.6
N,0 36.4
SO, 448

Source: G. Le Bas, The Molecular Volumes of Liquid Chemical Compounds, David McKay, New York (1915).
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Table 3.4 Experimental Binary Liquid Diffusivities for Solutes, A,
at Low Concentrations in Solvents, B

Diffusivity,
Temperature, D,y

Solvent, B Solute, A K cm?/s x 10°
Water Acetic acid 293 1.19
Aniline 293 0.92
Carbon dioxide 298 2.00
Ethanol 288 1.00
Methanol 288 1.26
Ethanol Allyl alcohol 293 0.98
Benzene 298 1.81
Oxygen 303 2.64
Water 298 1.24
Benzene Acetic acid 298 2.09
Cyclohexane 298 2.09
Ethanol 288 2.25
n-Heptane 298 2.10
Toluene 298 1.85
n-Hexane Carbon tetrachloride 298 3.70
Methyl ethyl ketone 303 3.74
Propane 298 4.87
Toluene 298 4.21
Acetone Acetic acid 288 2.92
Formic acid 298 3.77
Water 298 4.56

EXAMPLE 3.5 Estimation of a Liquid
Diffusivity.

Use the Wilke—Chang equation to estimate the diffusivity of aniline
(A) in a 0.5 mol% aqueous solution at 20°C. The solubility of ani-
line in water is 4 g/100 g or 0.77 mol%. Compare the result to the
experimental value in Table 3.4.

Solution

Hg = Hy,o = 1.01 cP at 20°C

Table 3.5 Parachors for Representative Compounds

v, = liquid molar volume of aniline at its normal boiling point of
457.6 K = 107 cm?/mol

¢y = 2.6 for water; My = 18 for water; T =293 K

From (3-39),

_ (74x 107)[2.6(18)]1°5(293)

1.01(107)06 =0.89 x 107 cm?/s

D AB
This value is about 3% less than the experimental value of 0.92 x
107° cm?/s in Table 3.4 for an infinitely dilute solution of aniline in
water.

More recent liquid diffusivity correlations due to Hayduk
and Minhas [7] give better agreement than the Wilke—Chang
equation with experimental values for nonaqueous solutions.
For a dilute solution of one normal paraffin (Cs to Cj,) in
another (Cs to Cy),

1.47, ¢
(Dap)e = 133 x 10781 HB

3-40

where 10.2
e= —=

VA

-0.791 (3-41)

and the other variables have the same units as in (3-39). For
nonaqueous solutions in general,

0—8 T1.29((@E§15/9£‘42)

(Dap)e = 1.55 % 1 50033 (3-42)
HB""VB
where & is the parachor,
P =vol! (3-43)

When units for liquid molar volume, v, are cm3/mol and for
surface tension, o, are g/s> (dynes/cm), then the units of the
parachor are cm?-g!'/4/s!'/2-mol. Normally, at near-ambient
conditions, & is treated as a constant, for which a tabulation
of H.P. Meissner, Chem. Eng. Prog., 45(2) 149—153 (1949)
is given in Table 3.5 from Quayle [8], who also provides in
Table 3.6 a group-contribution method for estimating & for
compounds not listed.

Parachor, Parachor, Parachor,
cm’-g!/4/s1/2-mol cm?-g!/4/s!/2-mol cm?-g!/4/s!/2-mol
Acetic acid 131.2 Chlorobenzene 244.5 Methyl amine 95.9
Acetone 161.5 Diphenyl 380.0 Methyl formate 138.6
Acetonitrile 122 Ethane 110.8 Naphthalene 312.5
Acetylene 88.6 Ethylene 99.5 n-octane 350.3
Aniline 234.4 Ethyl butyrate 295.1 1-pentene 218.2
Benzene 205.3 Ethyl ether 211.7 1-pentyne 207.0
Benzonitrile 258 Ethyl mercaptan 162.9 Phenol 221.3
n-butyric acid 209.1 Formic acid 93.7 n-propanol 165.4
Carbon disulfide 143.6 Isobutyl benzene 365.4 Toluene 245.5
Cyclohexane 239.3 Methanol 88.8 Triethyl amine 297.8

[Reproduced from H.P. Meissner, Chem. Eng. Prog., 45(2) 149-153 (1949) with permission from the AIChE.]
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Table 3.6 Structural Contributions for Estimating the Parachor

Carbon-hydrogen: R—[—CO—]—R’

(ketone)
C 9.0 R+R'=2 51.3
H 15.5 R+R' =3 49.0
CH, 55.5 R+R' =4 475
CH, in —(CH,), R+R'=5 46.3
n<12 40.0 R+R' =6 453
n>12 40.3 R+R =7 44.1
—CHO 66

Alkyl groups

1-Methylethyl 133.3 O (not noted above) 20

1-Methylpropyl 171.9 N (not noted above) 17.5
1-Methylbutyl 2117 S 49.1
2-Methylpropyl 1733 P 40.5
1-Ethylpropyl 2095 F 26.1
1,1-Dimethylethyl 1704 Cl 552
1,1-Dimethylpropyl 207.5  Br 68.0
1,2-Dimethylpropyl 2079 1 90.3
1,1,2-Trimethylpropyl ~ 243.5  Ethylenic bonds:
CcHs 189.6 Terminal 19.1
2,3-position 17.7
Special groups: 3,4-position 16.3
—COO0— 63.8
—COOH 73.8  Triple bond 40.6
—OH 29.8
—NH, 425  Ring closure:
—0— 20.0 Three-membered 12
—NO, 74 Four-membered 6.0
—NO, (nitrate) 93 Five-membered 3.0
—CO(NH,) 91.7 Six-membered 0.8

[Reproduced from [8] with permission of the American Chemical Society.]

EXAMPLE 3.6 Estimation of Solute Liquid Diffusivity.

Estimate the diffusivity of formic acid (A) in benzene (B) at 25°C
and infinite dilution, using the appropriate correlation of Hayduk and
Minhas.

Solution

Equation (3-42) applies, with 7 = 298 K
From Table 3.5:

P, =93.7 cm?’-g'/4/s!/2-mol;
pp = 0.6 cP at 25°C;

Py =205.3 cm?-g!/4/s!/2-mol
v = 96 cm*/mol at 80°C

However, for formic acid, &, is doubled to 187.4.
From (3-41),

298'% (205.3°/187.4"%)

(Dap)e = 1.55%107° 0.67296023

=2.15x% 107 cm¥/s

which is within 6% of the experimental value of 2.28 x 107 cm?/s.

The restrictions that apply to (3-42) are:

1. Solvent viscosity should not exceed 30 cP.
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2. For organic acid solutes and solvents other than water,
methanol, and butanols, the acid should be treated as a
dimer by doubling the values of &, and v,.

3. For a nonpolar solute in monohydroxy alcohols, values
of vy and Py should be multiplied by 8 pg, where vis-
cosity is in cP.

Liquid diffusivities range from 10~ to 10™® cm?/s for
solutes of molecular weight up to about 200 and solvents with
viscosity up to 10 cP. Thus, liquid diffusivities are five orders
of magnitude smaller than diffusivities for gas mixtures at
1 atm. However, diffusion rates in liquids are not necessarily
five orders of magnitude smaller than in gases because, as
indicated in (3-5), the product of concentration (molar density)
and diffusivity determines the rate of diffusion for a given gra-
dient in mole fraction. At 1 atm, the molar density of a liquid is
three times that of a gas and, thus, the diffusion rate in liquids
is only two orders of magnitude smaller than in gases at latm.

Aspen Plus and CHEMCAD use the Wilke—Chang method,
while users of ChemSep can choose from among several mod-
els, including Wilke—Chang and Hayduk—Minhas.

Equations (3-39), (3-40), and (3-42) apply only to solute A
in a dilute solution of solvent B. Unlike binary gas mixtures
in which the diffusivity is almost independent of composition,
the effect of composition on liquid diffusivity is complex,
sometimes showing strong positive or negative deviations
from linearity with mole fraction.

Fick’s first law for ordinary molecular diffusion uses a
concentration or mole-fraction driving force. While this is
adequate for gases, except at very high pressure, and for ideal
liquid solutions, experimental evidence sheds doubt on its
validity for nonideal solutions. For thermodynamic consis-
tency, a driving force in terms of chemical potential, activities,
or activity coefficients should be applied. A modification of
(3-5) that utilizes the activity coefficient is:

dlny, dxy
Jy=—cD 1+ —* —a

Vignes [9] has shown that, except for strongly associated
binary mixtures, such as chloroform-acetone, which exhibit
a rare negative deviation from Raoult’s law, infinite-dilution
binary diffusivities, (D)., can be combined with mixture
activity-coefficient data or correlations thereof to predict lig-
uid binary diffusion coefficients over the entire composition
range. The Vignes equations are:

(3-44)

. dlny
Din = (Dxn)B(Dp A 1+ —FA 3-45
D = (Dpa)2 (Dap)2 ( 1+ 22Y8 (3-46)
« « dlnxg / 1p

EXAMPLE 3.7 Effect of Composition on Liquid
Diffusivities.

At 298 K and 1 atm, infinite-dilution diffusion coefficients for the
methanol (A)—water (B) system are 1.5 X 1070 cm?/s and 1.75 X
1075 cm?/s for AB and BA, respectively.
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Activity-coefficient data over the entire range of compositions as
estimated by the UNIFAC method are:

XA Ya X VB

0.0 2.245 1.0 1.000
0.1 1.748 0.9 1.013
0.2 1.470 0.8 1.044
0.3 1.300 0.7 1.087
04 1.189 0.6 1.140
0.5 1.116 0.5 1.201
0.6 1.066 0.4 1.269
0.7 1.034 0.3 1.343
0.8 1.014 0.2 1.424
0.9 1.003 0.1 1.511
1.0 1.000 0.0 1.605

Use the Vignes equations to estimate diffusion coefficients over a
range of compositions.

Solution

A spreadsheet was used to compute the derivatives in (3-45) and
(3-46). They were found to be essentially equal at any composition.
The following results are obtained with D,, = Dy, at each compo-
sition. A minimum diffusivity occurs at a methanol mole fraction
of 0.30.

b Dy, cm?/s Dy, cm?/s
0.20 1.10x 1073 1.10x 1073
0.30 1.08 x 107° 1.08 x 107°
0.40 1.12 x 1075 1.12x 1075
0.50 1.18 x 1073 1.18 x 1073
0.60 1.28 x 1073 1.28 x 1073
0.70 1.38 x 1073 1.38 x 1073
0.80 1.50 x 10-3 1.50 x 10-3

If the diffusivity is assumed to be linear with mole fraction, the value
at x, = 0.50 is 1.625 x 107>, which is almost 40% higher than the
predicted value of 1.18 x 107,

§3.2.3 Diffusivities of Electrolytes

For an electrolyte solute, diffusion coefficients of dissolved
salts, acids, and bases depend on the ions present in solution.
However, in the absence of an electric potential, only diffusion
of the electrolyte is of interest. The infinite-dilution diffusivity
in cm?/s of a salt in an aqueous solution can be estimated from
the Nernst—Haskell equation:

_ RT[(1/ny) + (1 /n )]
F2[(1/0) + (1/00)]

where n, and n_ are valences of the cation and anion; A
and A_ are limiting ionic conductances in (A/cm?)(V/cm)
(g-equiv/cm?), with A in amps and V in volts; F = Faraday’s
constant = 96,500 coulombs/g-equiv; T = temperature, K;
and R = gas constant = 8.314 J/mol-K.

Some values of A, and A_ at 25°C are listed in Table 3.7. At
other temperatures, these values are multiplied by 7/334 py,

(Dap)eo (3-47)

where T and pg are in K and cP, respectively. As the concentra-
tion of the electrolyte increases, the diffusivity at first decreases
10% to 20% and then rises to values, at a concentration of
2-N (normal), that approximate the infinite dilution value.
Some representative experimental values from Volume V of
the International Critical Tables are given in Table 3.8.

Table 3.7 Limiting Ionic Conductance in Water at 25°C, in
(A/cm?) (V/ecm) (g-equiv/em?®)

Anion A Cation Ay

OH~ 197.6 H* 349.8
Cl- 76.3 Li* 38.7
Br- 78.3 Na* 50.1
I 76.8 K* 73.5
NOj 71.4 NH; 73.4
Clo; 68.0 Agt 61.9
HCO; 44.5 TI* 74.7

Table 3.8 Experimental Diffusivities of Electrolytes in Aqueous
Solutions

Concentration, Temperature, Diffusivity, D g,

Solute mol/L °C cm?/s x 10°
HCI 0.1 12 2.29
HNO, 0.05 20 2.62

0.25 20 2.59
H,SO, 0.25 20 1.63
KOH 0.01 18 2.20

0.1 18 2.15

1.8 18 2.19
NaOH 0.05 15 1.49
NaCl 0.4 18 1.17

0.8 18 1.19

2.0 18 1.23
KCl 0.4 18 1.46

0.8 18 1.49

2.0 18 1.58
MgSO, 0.4 10 0.39
Ca(NO,), 0.14 14 0.85

EXAMPLE 3.8 Diffusivity of an Electrolyte.

Estimate the diffusivity of KCl in a dilute solution of water at 18.5°C.
Compare your result to the experimental value of 1.7 X 10~ cm?/s.
Solution

At 18.5°C, T /334 p, =291.7/[(334)(1.05)] = 0.832. Using Table
3.7, at 25°C, the limiting ionic conductances are:

A, =73.5(0.832) =61.2 and A_ = 76.3(0.832) = 63.5

From (3-47),

_ (8314)9L.7D[(1/1) + (1/1)]
~96,500%[(1/61.2) + (1/63.5)]

(Drp)eo =1.62x 107 cm?/s

which is 95% of the experimental value.
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§3.2.4 Diffusivity in Solids

Diffusion in solids takes place by mechanisms that depend
on the diffusing atom, molecule, or ion; the nature of the
solid structure, whether it be porous, nonporous, crystalline,
or amorphous; and the kind of solid material, whether it be
metallic, ceramic, polymeric, biological, or cellular. Crys-
talline materials are further classified according to the type of
bonding, as molecular, covalent, ionic, or metallic, with most
inorganic solids being ionic. Ceramics can be ionic, covalent,
or a combination of the two. Molecular solids have relatively
weak forces of attraction among the atoms. In covalent solids,
such as quartz silica, two atoms share two or more electrons
equally. In ionic solids, such as inorganic salts, one atom loses
one or more of its electrons by transfer to other atoms, thus
forming ions. In metals, positively charged ions are bonded
through a field of electrons that are free to move.

Diffusion coefficients in solids cover a range of many
orders of magnitude. Despite the complexity of diffusion in
solids, Fick’s first law can be used if a measured diffusivity
is available. However, when the diffusing solute is a gas, its
solubility in the solid must be known. If the gas dissociates
upon dissolution, the concentration of the dissociated species
must be used in Fick’s law. The mechanisms of diffusion in
solids are complex and difficult to quantify. In the next sub-
sections, examples of diffusion in solids are given, together
with measured diffusion coefficients that can be used with
Fick’s first law.

Polymers

Diffusion through nonporous polymers is dependent on the
type of polymer, which may be crystalline or amorphous
and, if the latter, glassy or rubbery. Commercial crystalline
polymers are about 20% amorphous, and it is through these
regions that diffusion occurs. Nonporous polymers are widely
used in membrane separations, described in Chapter 14.
Mass transfer is characterized by Fick’s first law using a
solution-diffusion mechanism involving the solubility, S, of
the component at the polymer surface followed by diffusion
throughout the polymer. Accordingly, the concentration of the
solute in the membrane when using Fick’s law is given by:

This is illustrated in the following example.

EXAMPLE 3.9 Diffusion of Hydrogen through a
Nonporous Polymer Membrane.

Hydrogen diffuses through a nonporous polyvinyltrimethylsilane
membrane at 25°C. Feed and permeate pressures at the upstream
and downstream sides of the membrane are 3.5 MPa (P,) and
200 kPa (P,), respectively. The solubility, S, of hydrogen in the
polymer is 0.54 X 10™ mol/m?-Pa. The diffusivity of dissolved
hydrogen in the polymer, Dy, , is 160 X 107" m?¥s. If the mem-
brane thickness, Az, is 1.6 pm, calculate the hydrogen flux, Ny , in
kmol/m?-h for a fully developed concentration profile.
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Solution

The driving force for diffusion in the membrane is the hydrogen con-
centration difference across the membrane. At the upstream side of
the membrane, the hydrogen concentration is given by (3-48) as

¢, =S P, =0.54x107*(3.5)(10% = 189 mol/m’
At the downsteam side, the hydrogen concentration is
¢, =S P, = 0.54x 107*(200)(10%) = 11 mol/m?
Az=1.6pm=1.6x10"m
Dy, =160 x 107" (3600) = 5.76 X 10 m’/h

For a fully developed concentration profile, the integrated concentra-
tion form of Fick’s first law (3-13) is used:

NHz = DI_Iz

Az 1.6x 107°
= 0.641 kmol/m?-h

€ =, _ s s i [ = 11)/1000]

Membranes must be thin to achieve practical permeation rates.

Porous solids

For porous solids, predictions of the diffusivity of gaseous and
liquid solute species in the pores can be made. These methods
are considered only briefly here, with details deferred to
Chapters 14 and 15, where membrane separations and adsorp-
tion are described. Diffusion in pores is also of importance
in reactors using porous solid catalysts. Any of the follow-
ing four mass-transfer mechanisms or combinations thereof
take place:

1. Molecular diffusion through pores, which present tortu-
ous paths and hinder movement of molecules when their
diameter is more than 10% of the pore

2. Knudsen diffusion, which involves collisions of diffus-
ing gaseous molecules with the pore walls when pore
diameter and pressure are such that the molecular mean
free path is large compared to pore diameter

3. Surface diffusion involving the jumping of molecules,
adsorbed on the pore walls, from one adsorption site to
another based on a surface concentration-driving force

4. Bulk flow through or into the pores

When diffusion occurs only in the fluid in the pores, it
is common to use an effective diffusivity, Dy, based on
(1) total cross-sectional area of the porous solid rather than
cross-sectional area of the pore and (2) a straight path, rather
than a tortuous pore path. If pore diffusion occurs only by
molecular diffusion, Fick’s law (3-3) is used with the effective
diffusivity replacing the ordinary diffusion coefficient, D :

_ Dpge

D
eff T

(3-49)
where € is fractional solid porosity (typically 0.5) and 7 is
pore-path tortuosity (typically 1 to 3), which is the ratio
of the pore length to the length if the pore were straight.
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Effective diffusivity is determined by experiment, or predicted
from (3-49) based on measurement of porosity and tortuos-
ity and use of predictive methods for molecular diffusivity.
Applications of (3-49) to porous membranes are discussed in
Chapter 14.

§3.3 STEADY-STATE AND UNSTEADY-STATE
MASS TRANSFER THROUGH STATIONARY
MEDIA

Mass transfer occurs in (1) stagnant or stationary media,
(2) fluids in laminar flow, and (3) fluids in turbulent flow. Each
requires a different calculation procedure. The first flow
regime is presented in this section for both steady-state
and unsteady-state conditions. Mass transfer in laminar and
turbulent flow is covered in subsequent sections.

Fourier’s law is used to derive equations for the rate of heat
transfer by conduction for steady-state and unsteady-state con-
ditions in stationary media consisting of shapes such as slabs,
cylinders, and spheres. Analogous equations are used for mass
transfer with Fick’s law for diffusion.

In one dimension, the molar flux of A in a binary mixture
with stationary B is given by (3-27), which includes bulk flow
and molecular diffusion. If the mixture is dilute in A, such that
xg &~ 1, the rate of mass transfer of A, n, = N,A, becomes

dz

which is Fick’s first law for one-dimensional diffusion. Alter-
natively, (3-50) can be written in terms of a concentration

gradient:
dz

This equation is analogous to Fourier’s law for the rate of heat

conduction, Q:
0= —kA<dT> (3-52)
dz

(3-50)

(3-51)

§3.3.1 Steady-State Diffusion

For steady-state, one-dimensional diffusion, with constant
D g, (3-51) can be integrated for various geometries, with the
results being analogous to heat conduction.

1. Plane wall with a thickness, z; — z:

(3-53)

2. Hollow cylinder of inner radius r; and outer radius r,,
with diffusion in the radial direction outward:

DAB(CA1 - CAZ)

3-54
In(ry/ry) (559

ny =2nL

or
(ca, —Ca,)

3-55
=7 (3-55)

ny = DpgApm

where

A;m = log mean of areas 2rrL at | and r,
L = length of the hollow cylinder

3. Spherical shell of inner radius r; and outer radius r,,
with diffusion in the radial direction outward:

. 4nr ryDag(ca, = Ca))
A (ry—rp)

(3-56)

or
(CA1 - CAz)

3-57
. (3-57)

na = DapAcm
where Agy = geometric mean of the areas, 4mr?.
When r,/r, < 2, the arithmetic mean area is no
more than 4% greater than the log mean area. When
r,/ry < 1.33, the arithmetic mean area is no more than
4% greater than the geometric mean area.

§3.3.2 Unsteady-State Diffusion

Consider one-dimensional molecular diffusion of species A
in stationary B through a differential control volume with
diffusion in the z-direction only, as shown in Figure 3.4.
Assume constant diffusivity and negligible bulk flow. The
molar flow rate of species A by diffusion in the z-direction is
given by (3-51):

Ny = —DABA<65A> (3-58)
z z ).
At the plane, z = z + Az, the diffusion rate is
dc
NI —DABA<0A> (3-59)
) </ 44z

The accumulation of species A in the control volume is

AaC—AAz
ot

Since rate in — rate out = accumulation,

dc dc dc
—DABA<A> +DABA<A> =A(—A>Az
0z . 0z ctAz ot

(3-60)

(3-61)
Flow in Accumulation Flow out
dc p) dcp acy
np, = —DpgA <¥>z A ?Az N =D pgA (g a
—_—
z Z+Az

Figure 3.4 Unsteady-state diffusion through a volume A dz.
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Rearranging and simplifying,

(9ca/0z) o, = 0ca/0D). | ac,

3-62
AB Az o (3-62)
In the limit, as Az — 0,
ocy cy
eA ZA 3-63
ot AB 522 ( )

Equation (3-63) is Fick’s second law for one-dimensional
diffusion.

The more general form of Fick’s second law for
three-dimensional rectangular coordinates is

()CA ach 026A 626A
%a_p + %6
o AB ( o2 a2 | o2

(3-64)

For one-dimensional diffusion in the radial direction only
for cylindrical and spherical coordinates, Fick’s second law
becomes, respectively,

56’7A = DiAB 2 <raC7A) (3-652)
ot r or or
and dcx  Dag 0 [ 20
Ea = Pan 0 (200 ) 3-65b
ot 2 or\" or ( )

These two equations are analogous to Fourier’s second law of
heat conduction, where c, replaces T, and diffusivity, D,p,
replaces thermal diffusivity, @ = k/pCp.

Analytical solutions to these partial differential equations
in the form of either Fick’s law or Fourier’s law are avail-
able for a variety of boundary conditions. They are derived
and discussed by Carslaw and Jaeger [10] and Crank [11].
Extensions of these solutions to slabs and cylinders with sealed
edges are achieved by the method of Newman [12]. Only the
semi-infinite medium solution is presented here, which is par-
ticularly instructive for gaining an understanding of the large
differences in the rates of diffusion in solids, liquids, and gases.

§3.3.3 Diffusion in a Semi-infinite Medium

The semi-infinite medium shown in Figure 3.5 extends in
the z-direction from z = 0 to z = o0. The x and y coordinates
extend from —oo to +oo but are not of interest because dif-
fusion is assumed to take place only in the z-direction. Thus,
(3-63) applies to the region z > 0. At time 7 < 0, assume the
concentration of ¢ Ao for z > 0. At t =0, the surface of the
semi-infinite medium at z = 0 is instantaneously brought to
the concentration ¢, > ¢, and held there for 7 > 0, causing
diffusion into the medium to occur. Because the medium is
infinite in the z-direction, diffusion cannot extend to z = oo
and, therefore, as z = o0, cp = ¢ Ao forall r > 0.

Because (3-63) and its one initial condition in time and two
boundary conditions in distance are linear in the dependent
variable, c,, an exact solution can be obtained by combination

v

2z Direction of
diffusion

Figure 3.5 One-dimensional diffusion into a semi-infinite medium.

of variables [13] or the Laplace transform method [14]. The
result, in terms of fractional concentration change, is

Ch —C
0= 2 A0 _erfe 2 (3-66)
Ca, ~ Ca, 24/Dypt
where the complementary error function, erfc, is related to the
error function, erf, by

X
erfe(x) = 1 —erf(x) = 1 — % / e dn (3-67)
TJo
The error function is included in MATLAB and most spread-

sheet programs and is tabulated by Abramowitz and Stegun
[15]. The variation of erf(x) and erfc(x) is:

X erf(x) erfc(x)
0 0.0000 1.0000
0.5 0.5205 0.4795
1.0 0.8427 0.1573
1.5 0.9661 0.0339
2.0 0.9953 0.0047
00 1.0000 0.0000

Equation (3-66) determines the concentration in the
semi-infinite medium as a function of time and distance from
the surface, assuming no bulk flow. It applies rigorously to
diffusion in solids and also to stagnant liquids and gases when
the medium is dilute in the diffusing solute.

In (3-66), when z/24/Dagt = 2, the complementary error
function is only 0.0047, which represents less than a 1%
change in the ratio of the concentration change at z = z to the
change at z = 0. It is common to call z = 44/D gt the pene-
tration depth and to apply (3-66) to media of finite thickness
as long as the thickness is greater than the penetration depth.

The instantaneous rate of mass transfer across the medium
surface at z = 0 can be obtained by taking the derivative of
(3-66) with respect to distance and substituting it into Fick’s
first law applied at the surface of the medium. Then, using
the Leibnitz rule for differentiating the integral in (3-67) with

X=Z/2\/DABZ,

dc

CcpA —C 2
Y exp<_ z >

=0
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| D
nA|Z:0= fA (CAS—CA())

The total number of moles of solute, ./, transferred into
the semi-infinite medium is obtained by integrating (3-68) with
respect to time:

Thus,
(3-68)

t t
dt
N / Nal=odt = \/Dag/m A (CAS - CAO) -
g -

=2A<CA _CAO) M
s v L

EXAMPLE 3.10 Rates of Diffusion in Stagnant Media.

(3-69)

Determine how long it will take for the dimensionless concentra-
tion change, 6 = (c, — ¢, )/(cy — ¢, ), to reach 0.01 at a depth
z=100 cm in a semi-infinite medium. The medium is initially at
a solute concentration ¢, —after the surface concentration at z =0
increases to ¢, for diffusivities representative of a solute diffusing
through a stagﬁant gas, a stagnant liquid, and a solid.

Solution

For a gas, assume D, = 0.1 cm?/s. From (3-65) and (3-66),

Z
0=001=1-erf
(555)

erf < =0.99
2y/Drgt

Therefore,

From MATLAB, the value of erf corresponds to = 1.8214
Solving, awt
- [100]21 =7.5405=2.09h
1.8214(2)| 0.10

In a similar manner, the times for typical gas, liquid, and solid media
are found to be drastically different, as shown below.

Semi-infinite Medium D, g, cm?*/s Time for 0 = 0.0l atz =1 m

Gas 0.10 2.09 hours
Liquid 1x107 2.39 years
Solid 1x107° 239 centuries

The results show that molecular diffusion is very slow, especially in
liquids and solids. For separations involving liquids and gases, the
rate of mass transfer is greatly increased by agitation to induce tur-
bulent motion. For separations involving solid particles, it is best to
reduce the size of the particles.

§3.4 MASS TRANSFER IN LAMINAR FLOW

Some separations involve diffusion in fluids in laminar flow.
As with convective heat-transfer in laminar flow, the calcu-
lation of such operations is amenable to well-defined theory.

This is illustrated in this section by three common configura-
tions: (1) a fluid falling as a film down a surface; (2) a fluid
flowing slowly along a horizontal, flat surface; and (3) a fluid
flowing slowly through a circular tube, where mass transfer
occurs, respectively, between a gas and the falling liquid film,
from the flat surface into the flowing fluid, and from the inside
surface of the tube into the flowing fluid.

§3.4.1 Falling Laminar, Liquid Film

Consider a thin liquid film containing A and nonvolatile B,
falling at steady state in a laminar flow down one side of a verti-
cal surface and exposed to pure gas, A, which diffuses into the
liquid, as shown in Figure 3.6. The surface is infinitely wide
in the x-direction (normal to the page), flow is in the down-
ward y-direction, and mass transfer of A is in the z-direction.
Assume that the rate of mass transfer of A into the liquid film
is so small that the liquid velocity in the z-direction, u_, is
zero. From fluid mechanics, in the absence of end effects, the
equation of motion for the liquid film in fully developed lam-
inar flow in the y-direction is
dzuy
=y +pg=0
Usually, fully developed flow, where u, is independent of
the distance y, is established quickly. If § is the film thickness
and the boundary conditions are u, =0 at z =23 (no slip of
fluid at the solid surface) and du,/dz = 0 at z = 0 (no drag at
the gas—liquid interface), (3-70) is readily integrated, giving a
parabolic velocity profile:

(3-70)

|-G
u,==>—|1—-(= 3-71
=B (2 @70
The maximum liquid velocity occurs at z = 0,
62
(1D = % (3-72)
=08 = =
o z b4 _z=0,y=0
cp; (in liquid)
Liquid ?
Bulk
Gas flow
l y
Ufﬂ“mid | < Diffusion
element of A
y +Ay
z +Az l z
ca iz

Figure 3.6 Mass transfer from a gas into a falling, laminar
liquid film.
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The bulk-average velocity in the liquid film is

ITty = 4/(.)8 uydz = —pg62

) 3p

Thus, with no entrance effects, the film thickness for fully
developed flow is independent of location y and is

. <3ﬁyu>l/2= <3H_F>1/2
pg p’g

where I' = liquid film flow rate per unit width of film, W. For
film flow, the Reynolds number (a dimensionless group),
which is the ratio of the inertial force to the viscous force, is

(3-73)
(3-74)

N, = 4ryingp _ 45i,p _ 4r (3-75)
B p B
where ry = hydraulic radius = (flow cross section)/(wetted
perimeter) = (W38)/W =38 and, by continuity (flow rate =
velocity X density X flow area), I' = ,pd

Grimley [16] found that for N, < 8 to 25, depending on
surface tension and viscosity, flow in the film is laminar and
the interface between the liquid film and the gas is flat. The
value of 25 is obtained with water. For 8 to 25 < Np. < 1,200,
the flow is still laminar, but ripples may appear at the interface
unless suppressed by the addition of wetting agents.

For a flat interface, I, and a low rate of mass transfer of A,
(3-70) to (3-75) hold, and the film velocity profile is given
by (3-71). Consider a mole balance on A for an incremen-
tal volume of liquid film of constant density, as shown in
Figure 3.6. Neglect bulk flow in the z-direction and axial dif-
fusion in the y-direction. Thus, mass transfer of A from the
gas into the liquid occurs only by molecular diffusion in the
z-direction. Then, at steady state, neglecting accumulation or
depletion of A in the incremental volume (quasi-steady-state
assumption),

— Dpp(AY)(AY) <a§;> + 1tyca ] (A2)(AY)

+ 1,0 |y+Ay(Az)(Ax)

- —DAB(AyXAx)(‘);—;)
7+Az
(3-76)

Rearranging and simplifying (3-76),

luyCAM ] uyCAb] = Dy l(acA/ )., g, = @s /00,

Ay Az
(3-77)
which, in the limit, as Az — 0 and Ay — 0, becomes
ocy ey
—4 = —4 3-78
uy ay AB azz ( )
Substituting the velocity profile of (3-71) into (3-78),
pgd’ ( z )2 aca cy
e L e —8 =D,g—2= 3-79
2 [ 5/ | oy AB 522 3-79)

This linear PDE was solved by Johnstone and Pigford [17] and
Olbrich and Wild [18] for the following boundary conditions,
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where the initial concentration of A in the liquid film is ¢, :

ca=cy atz=0 fory>0
ca=0¢y, aty=0 for0<z<3d

0cp/0z=0 atz=9 forO<y<L

where L = height of the vertical surface. The solution of
Olbrich and Wild is in the form of an infinite series, giving
¢, as a function of z and y. Of greater interest, however, is
the average concentration of A in the film at the bottom of the
wall, where y = L, which, by integration, is

5
_ 1
Ca, = L‘tyS/o uycAydz (3-80)
For the condition y = L, the result is
M TN 7857¢7512190 4 0,097266 0501
CAl - CAO
+0.036093¢~!06-25n (3-81)
where
_ 2D gL _ 8/3 _ 8/3 (3-82)
3621‘4y NN (8/L) NPeM(S/L)
Ng. = Schmidt number = =
PDAB
(3-83)

_ momentum diffusivity, p/p
mass diffusivity, D,g

Npe,, = NgcNg. = Peclet number for mass transfer
4du,

(3-84)
DAB

The Schmidt number is analogous to the Prandtl number used
in heat transfer:

_ Cpp _ (u/p) _ momentum diffusivity
k (k/pCp) thermal diffusivity

NPr

The Peclet number for mass transfer is analogous to the Peclet
number for heat transfer:
46ﬁy Cpp
k
Both are ratios of convective to molecular transport.

The total rate of absorption of A from the gas into the liquid
film for height L and width W is

NPeH = NReNPr =

nA = ﬁySW(EAL - CAO) (3'85)

§3.4.2 Mass-Transfer Coefficients

Mass-transfer problems involving flowing fluids are often
solved using graphical or algebraic correlations of mass-
transfer coefficients. These are analogous to heat-transfer
coefficients. For the latter, Newton’s law of cooling defines a
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heat-transfer coefficient, &, by

0 = hAAT (3-86)

where Q = rate of heat transfer, A = area for heat transfer
(normal to the direction of heat transfer), and AT = tempera-
ture driving force.

For mass transfer, a composition driving force replaces AT.
Because composition can be expressed in a number of ways,
different mass-transfer coefficients apply. If concentration is
used, Ac, is selected as the driving force and

which defines the mass-transfer coefficient, k., in mol/time-
area-driving force, for a concentration driving force.

For the falling laminar film, Acy = ¢, — ¢4, Where ¢, is
the bulk average concentration of A in the film, which varies
with vertical location, y. This is because even though c, is
independent of y, the average film concentration of A increases
with y. A theoretical expression for k. in terms of diffusivity
is formed by equating (3-87) to Fick’s first law, (3-50), in con-
centration form at the gas—liquid interface:

(3-87)

kA(cy —2y) = —DygA( %A (3-88)
: 0z z=0

Although this is the most widely used approach for defining

a mass-transfer coefficient for a falling film, it fails because

Oc, /0z at z = 0 is not defined. Therefore, another approach is

used. For an incremental height,

ny = 0, 8W de = k(ca, — EA)W dy (3-89)

This defines a local value of k., which varies with distance y
because ¢, varies with y. An average value of k., over height L,
can be defined by separating variables and integrating (3-89):

L — z
=M=@/°“L&
Cave L L J., ca—Ca

B0 1 AL~ Ca (3-90)

The argument of the natural logarithm in (3-90) is obtained
from the reciprocal of (3-81). For values of 1 in (3-82) > 0.1,
only the first term in (3-81) is significant (error is less than
0.5%). In that case,

ko="%m [65'1213"] (3-91)
ae L 0.7857
Since In e* = x,
ii,d
cag = (0:241 +5.1213m) (3-92)

In the limit for large n, using (3-82) and (3-84), (3-92) becomes

(3-93)

As suggested by the Nusselt number, Ny, = h8/k for heat
transfer, where 9 is a characteristic length, a Sherwood number
for mass transfer is defined for a falling film as

ey 3-94
N. — _ave _
Shyye Dyp ( )

From (3-93), NShavg = 3.414, which is the smallest value the
Sherwood number can have for a falling liquid film. The aver-
age mass-transfer flux of A is

A

avg -
- kcavg (CA[ - CA)mean

re = (3-95)

For n < 0.001 in (3-82), when the liquid—film flow regime is
still laminar without ripples, the time of contact of gas with
liquid is short and mass transfer is confined to the vicinity of
the interface. Thus, the film acts as if it were infinite in thick-
ness. In this limiting case, the downward velocity of the liquid

film in the region of mass transfer is Uy and (3-78) becomes

ocy cy
uymax ay — YAB azz

Since from (3-72) and (3-73) u o = 3L'ty /2, (3-96) becomes

dcy _ (2Dpp) Pcp
oy \ 3, ) o

(3-96)

(3-97)

where the boundary conditions are

cp =cp, forz>0andy >0
cp =c¢y, forz=0andy>0
cp = ¢y, forlargezand y > 0
Equation (3-97) and the boundary conditions are equivalent to

the case of the semi-infinite medium in Figure 3.6. By analogy
to (3-63) and (3-66), the solution is

cA—C
g= A "Ao _ erfc<z_>
Ca; ~ Ca, 24/2D gy /30,
Assuming that the driving force for mass transfer in the film is

Ca,— €A, Fick’s first law can be used at the gas-liquid inter-
face to define a mass-transfer coefficient:

(3-98)

dc
Ny =—Dpp —A

o (3-99)

= kC(CAI - CA())
z=0

To obtain the gradient of ¢, at z = 0 from (3-98), note that erfc
is defined from (3-67) as

Z
erfc(z) = 1 — i/ et
N

Combining (3-100) with (3-98) and applying the Leibnitz dif-
ferentiation rule,

(3-100)

[ZIN 3,

0z z=0

= —(ca, — Cay) (3-101)

27D sy
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Substituting (3-101) into (3-99) and introducing the Peclet
number for mass-transfer from (3-84), the local mass-transfer
coefficient as a function of distance down from the top of the
wall is obtained:

k = 3DZABIVPeM — 3DABF
¢ 8myd 27mySp

The average value of k,. over the film height, L, is obtained by
integrating (3-102) with respect to y, giving

(3-102)

[6D ,xT 3D
k. = AB- — AB A/ 3-103
Cave ndpL 2r8L Fem ( )
Combining (3-103) with (3-94) and (3-84),
308 4
Nsn,,, = \/ RNPeM =14/ P (3-104)

where, by (3-90), the proper mean concentration driving force
to use with kCavg is the log mean. Thus,

(CAI - Z’A)mean = (CAI - E‘A)LM

(CAI _cAo) - (CAI _CAL) (3-105)

- In [(CA[ - CAO)/(CAI - EAL)]

When ripples are present on the liquid surface, the surface area
increases and values of kcavg and NShﬂVg are considerably larger
than predicted by the above equations.

The above development shows that asymptotic, closed-form
solutions are obtained with relative ease for large and small
values of 1, as defined by (3-82). These limits, in terms of
the average Sherwood number, are shown in Figure 3.7. The
general solution for intermediate values of 1 is not available
in closed form. Similar limiting solutions for large and small
values of dimensionless groups have been obtained for a
large variety of transport and kinetic phenomena (Churchill
[19]). Often, the two limiting cases can be patched together
to provide an estimate of the intermediate solution, if an
intermediate value is available from experiment or the general
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numerical solution. The procedure is discussed by Churchill
and Usagi [20]. The general solution of Emmert and Pigford
[21] to the falling laminar liquid film problem is included in
Figure 3.7.

EXAMPLE 3.11 Absorption of CO, into a Falling
Water Film.

Water (B) at 25°C, in contact with CO, (A) at 1 atm, flows as a film
down a wall 1 m wide and 3 m high at a Reynolds number of 25.
Estimate the rate of absorption of CO, into water in kmol/s. Ignore
the vaporization of water into the gas. Applicable properties are:
D, = 1.96 X 107 cm?/s;
p=10g/cm?
p; = 0.89 cP = 0.00089 kg/m-s

Solubility of CO, in water at 1 atm and 25°C = 3.4 X 107> mol /cm?.

Solution
From (3-75),
L= N H _ 25(0.89)(0.001) — 0.00556 kg
4 4 m-s
From (3-83),
Ny, = B (0.89)(0.001)_5 =454
pD,s  (1.0)(1,000)(1.96 x 107°)(107")
From (3-74),

5= [3(0.89)(0.001)(0.00556)

1/3
=1.15x 10~
1.0%(1.000)2(9.807) ] m

From (3-72) and (3-73), &, = (2/3)”ymax' Therefore,

2 [(1.0)(1,000)(9.807)(1.15><104
Q=2

- 2(0.89)(0.001)

2
v =3 ) ] =0.0486 m/s

From (3-82),

8/3

17 25)s4) [(1.15x 107*) /3]

100 T T TTTTT T

10

Sherwood number

T TTTT I T TTTTH

Long residence-time solution
Eq. (3-93) —

1
0.001 0.01

n

0.1 1 10

___ 83
(8/L)Npgy,

Figure 3.7 Limiting and general solutions for mass transfer to a falling laminar liquid film.
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Therefore, (3-93) applies, giving

_3.41(1.96 x 107°)(10™)

e = 5% 10~ =581x10" m/s

To obtain the rate of absorption, ¢ AL is determined. From (3-85) and
(3-95),

_ (EAL - CAO)
= e (em, = o) /(Cs, = ay)]

Solving for ¢, ,

k
B = _ _ _ Cave
Cap = Ca (CA] CAo) CXD ( ﬁy8W>
L=3m, W=1m A=WL=1)3)=3m’
Cag =0, ¢y =34Xx 107° kmol/cm® = 3.4 x 1072 kmol/m’

(5.81x107) (3) ] }

(0.0486) (1.15x 107*) (1)

Ty, =34%107° { 1 —exp [—
= 3.4 x 1072 kmol/m*

Thus, the exiting liquid film is saturated with CO,, which implies
equilibrium at the gas-liquid interface. From (3-85),

n, =0.0486 (1.15x 107*) (3.4 x 107*) = 1.9 x 10~" kmol/s

§3.4.3 Molecular Diffusion to a Fluid Flowing
across a Flat Plate—the Boundary Layer Concept

Figure 3.8 shows a flow of fluid (B) over a thin, horizontal, flat
plate. Some possibilities for mass transfer of species A into B
are: (1) the plate consists of solid material A, which is slightly
soluble in B; (2) A is in the pores of an inert solid plate from
which it evaporates or dissolves into B; and (3) the plate is a
dense polymeric membrane through which A can diffuse and
pass into fluid B. Let the fluid velocity profile upstream of the
plate be uniform at a free-system velocity of u,. As the fluid
passes over the plate, the velocity u, in the direction x of flow
is reduced to zero at the wall, which establishes a velocity pro-
file due to drag. At a certain distance z that is normal to and

Velocity
boundary
layer

T

Flat plate

Figure 3.8 Laminar boundary layer for flow across a flat plate.

upward out from the plate surface, the fluid velocity is 99%
of u. This distance, which increases with increasing distance
x from the leading edge of the plate, is defined as the veloc-
ity boundary-layer thickness, 5. This thickness is shown as
the dashed line in Figure 3.8. Essentially all flow retardation is
assumed to occur in the boundary layer, as first suggested by
Prandtl [22]. The buildup of this layer, the velocity profile, and
the drag force can be determined for laminar flow by solving
the Navier—Stokes equations of fluid mechanics.

For a Newtonian fluid of constant density and viscos-
ity, with no pressure gradients in the x- or y-directions, the
Navier—Stokes equations for the boundary layer are

% + auz

ox 0z
I
0x " 0z p \ 072

The boundary conditions are

=0 (3-106)

(3-107)

u, =uyatx=0forz >0
u,=0atz=0forx>0
u, =uyatz = oo forx>0
u,=0atz=0forx>0

A solution of (3-106) and (3-107) was first obtained by Bla-
sius [23], as described by Schlichting [24]. The result in terms
of a local friction factor, f,; a local shear stress at the wall, Ty
and a local drag coefficient at the wall, C D, is '

C T,
i =]; — W _ 0332 (3-108)

where
Ngo = 2P (3-109)
! B
The drag is greatest at the leading edge of the plate, where the
Reynolds number is smallest. Values of the drag coefficient
obtained by integrating (3-108) from x = 0 to L are

Cbyy _ fuvs _ 0664

2 2 NO.S

Re;,

(3-110)

As shown in Figure 3.8, the thickness of the velocity boundary
layer increases with distance along the plate, as given by

5 _ % (3-111)
X NRCX

A reasonably accurate expression for the velocity profile
was obtained by Pohlhausen [25], who assumed the empir-
ical form of the velocity in the boundary layer to be
u,= C,z+ C,z°, where C, and C, are constants. The boundary
conditions are:

u,=0atz=0, u, =uyatz=2>9,andou,/dz =0atz =9d.

If these conditions are applied to evaluate C; and C,, the veloc-

o Uy _ 1.5(5) —0.5(5)3 (3-112)
U o o
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This solution is valid only for a laminar boundary layer, which,
by experiment, persists up to N, =5 X 10°.

When mass transfer of A from the surface of the plate
into the boundary layer occurs, a species continuity equation
applies:

ocp ocu cy
u +u, o W

* ox
If mass transfer begins at the leading edge of the plate and
the concentration in the fluid at the solid—fluid interface, ¢ A
is maintained constant, the mass-transfer boundary condi-
tions are

=D,y (3-113)

cp =y, atx = 0forz >0,

cp = ¢y, atz=0forx>0,

and ¢y = ¢, atz = ocoforx >0
If the rate of mass transfer is low, the velocity profiles are
undisturbed. The analogous heat-transfer problem was first

solved by Pohlhausen [26] for Np, > 0.5, as described by
Schlichting [27]. The analogous result for mass transfer is

N.
he = 0332 (3-114)
NRexNSc ‘ NRé.x
where
Ny = e (3-115)
Sh, = ) -
X DAB

and the driving force for mass transfer is ¢, — ¢, -
The concentration boundary layer, where essentially all of
the resistance to mass transfer resides, is defined by
Cap~ €A
! =0.99
c AT Ca, o

(3-116)

and the ratio of the concentration boundary-layer thickness,
9., to the velocity boundary thickness, 9, is

5./8 = 1/Ng/* (3-117)

Thus, for a liquid boundary layer where Ng, > 1, the
concentration boundary layer builds up more slowly than
the velocity boundary layer. For a gas boundary layer where
Ng. =~ 1, the two boundary layers build up at about the same
rate. By analogy to (3-112), the concentration profile is

3
Ccy —C

AL TA 1.5<Z> _()_5<Z>
CA; ~ €A, S, S,

Equation (3-114) gives the local Sherwood number. If this
expression is integrated over the length of the plate, L, the
average Sherwood number is

(3-118)

1/2,,1/3

NShavg = 0.664 Nge, Nsc (3-119)
where
Lk, .
Shyye = e (3-120)
¢ Dyp
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EXAMPLE 3.12 Sublimation of Naphthalene
from a Flat Plate.

Air at 100°C and 1 atm with a free-stream velocity of 5 m/s flows
over a 3-m-long, horizontal, thin, flat plate of naphthalene, causing it
to sublime. Determine: (a) the length over which a laminar boundary
layer persists, (b) the average rate of mass transfer over that length,
and (c) the thicknesses of the velocity and concentration boundary
layers at the point of transition of the boundary layer to turbulent
flow. The physical properties are: vapor pressure of naphthalene =
10 torr; viscosity of air = 0.0215 cP; molar density of air = 0.0327
kmol/m?; and diffusivity of naphthalene in air = 0.94 X 107> m?/s.

Solution

(a) NReX = 5 x 10 for transition to turbulent flow. From (3-109),

PR, [(0.0215)(0.001)] (5 x 10°)

Uop (5)[(0.0327)(29)]
at which transition to turbulent flow begins.
_ _10(0.0327) _ 4 3
(b) Cpp = 0, Ca = 0 =4.3x 107" kmol/m".
From (3-83),
N.o=_H [(0.0215)(0.001)] 041

5 oD,y - [(0.0327)(29)] (0.94 % 10—5)
From (3-119),
Ng,,, = 0.664(5 x 105)1/2(2_41)1/3 — 630
From (3-120),

_630(0.94%107)

_ -3
s = 227 =2.61%x10"" m/s

For a width of 1 m, A = 2.27 m?,

ny =k, Alcy = €p) = 261X 107(2.27) (43 x 107%)
=2.55x 107 kmol/s

(¢) From (3-111),atx =L =227 m,

_ 346R2D 01y
(5% 10%)
From (3-117), 00
0111
= =0.0083
< T Q4 m

§3.4.4 Molecular Diffusion from the Inside
Surface of a Circular Tube to a Flowing
Fluid—the Fully Developed Flow Concept

Figure 3.9 shows the development of a laminar velocity
boundary layer when a fluid flows from a vessel into a straight
circular tube of inside diameter, D. At the entrance, a, the
velocity profile is flat. A velocity boundary layer then begins
to build up, as shown by the dashed lines from a to e. The
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Thickness of
boundary layer

Edge of
boundary layer

Fully developed
tube flow

Entrance l\ /
== ~, X ~L
E —— L _
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] A E— | R —————— = ’
5 I N E— | ——— ) )
c o e
w g P
4 _ —
P "
a b c d e
—_—

Figure 3.9 Buildup of a laminar velocity boundary layer for flow in a circular tube.

central core outside the boundary layer has a flat velocity pro-
file where the flow is accelerated over the entrance velocity.
Finally, at plane e, the boundary layer fills the tube. Now the
flow is fully developed. The distance from plane a to plane e
is called the entry length L,. Mathematically, it is the distance
from the entrance to the point at which the centerline velocity
is 99% of fully developed flow. From Langhaar [27],

L,/D = 0.0575 Ng, (3-121)

Experiments show that for fully developed laminar flow in
a tube, the Reynolds number, Ny, = D i1, p/p < 2,100, where
i, is the flow-average velocity in the axial direction, x. Then
the equation of motion in the axial direction is

Eg(raux>_dP=0

ror\ or ox

3-122
o ( )

with boundary conditions:

r = 0 (axis of the tube), du,/or =0

and r=r,(tube wall), u, =0

Equation (3-122) was integrated by Hagen in 1839 and
Poiseuille in 1841. The resulting equation for the velocity
profile, in terms of the flow-average velocity, is

2
u, = 20, [1 - <L> ] (3-123)
rW
or, in terms of the maximum velocity at the tube axis,
2
;
U, = U, ll - (—) ] (3-124)
max rpv

According to (3-124), the velocity profile is parabolic.
The shear stress, pressure drop, and Fanning friction factor
are obtained from solutions to (3-122):

ou 4pii
=—p—= = X 3-125
T =0 e, . ( )
dP  32uii,  2fpii?
- =t == 3-126
dx D2 D ( )
with 16
f= (3-127)
NRe

At the upper limit of laminar flow, Ny, =2,100, and
L,/D =121, but at Ny, = 100, L,/D is only 5.75. In the entry

region, the friction factor is considerably higher than the fully
developed flow value given by (3-127). At x = 0, f is infinity,
but it decreases exponentially with increasing x, approaching
the fully developed flow value at L,. For example, for Ny, =
1,000, (3-127) gives f = 0.016, with L,/D = 57.5. Fromx = 0
to x/D = 5.35, the average friction factor from Langhaar is
0.0487, which is three times the fully developed value.

In 1885, Graetz [28] obtained a solution to the problem of
convective heat transfer between the wall of a circular tube, at
a constant temperature, and a fluid flowing through the tube
in fully developed laminar flow. Assuming constant proper-
ties and negligible heat conduction in the axial direction, the
energy equation, after substituting (3-123) for u,, is

on L (7Y o _ k10 (0T
* Ty ox pCplror\ or

with boundary conditions:

(3-128)

x = 0 (where heat transfer begins),

T=Ty and x>0,

T =T,, forall r

x>0, r=r,, r=0, 0oT/or=0

The analogous species continuity equation for mass trans-
fer, neglecting bulk flow in the radial direction and axial dif-
fusion, is

2
2m, l1 - <é> ] ";—)? = Dyg [%% (rag—;*ﬂ (3-129)
with analogous boundary conditions.

The Graetz solution for (3-129) for the temperature or con-
centration profile is an infinite series that can be obtained
from (3-128) by separation of variables using the method of
Frobenius. A detailed solution is given by Sellars, Tribus, and
Klein [29]. The concentration profile yields expressions for
the mass-transfer coefficient and the Sherwood number. For
large x, the concentration profile is fully developed and the
local Sherwood number, NShX, approaches a limiting value of
3.656. When x is small, such that the concentration boundary
layer is very thin and confined to a region where the fully devel-
oped velocity profile is linear, the local Sherwood number is
obtained from the classic Leveque [30] solution, presented by
Knudsen and Katz [31]:

N, ke D 1.077 Neey 8
Sh, = =1. (3-130)
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Figure 3.10 Limiting and general solutions for mass transfer to a fluid in laminar flow in a straight, circular tube.

where D

=X 3-131
Pu = (3-131)
The limiting solutions, together with the general Graetz
solution, are shown in Figure 3.10, where NShX = 3.656 is valid
for Np,,,/(x/D) <4 and (3-130) is valid for Np, /(x/D) >
100. These solutions can be patched together if a point
from the general solution is available at the intersection
like that discussed in §3.4.2. In the region of mass transfer,
an average Sherwood number is derived by integrating the
general expression for the local Sherwood number. An empir-
ical representation for that average, based on a log-mean

concentration driving force, proposed by Hausen [32], is

0.0668 [Np,, / (x/D))
" 14 0.04[Npyy, / /D)

(3-132)

EXAMPLE 3.13 Mass Transfer of Benzoic Acid into
Water Flowing in Laminar Motion through a Tube of
Benzoic Acid.

Linton and Sherwood [33] dissolved tubes of benzoic acid (A) into
water (B) flowing in laminar flow through the tubes. Their data
agreed with predictions based on the Graetz and Leveque equations.
Consider a 5.23-cm-inside-diameter, 32-cm-long tube of benzoic
acid, preceded by 400 cm of straight metal pipe wherein a fully
developed velocity profile is established. Water enters at 25°C at
a velocity corresponding to a Reynolds number of 100. Based on
property data at 25°C, estimate the average concentration of benzoic
acid leaving the tube before a significant increase in the inside
diameter of the benzoic-acid tube occurs because of dissolution. The
properties are: solubility of benzoic acid in water = 0.0034 g/cm?’;
viscosity of water = 0.89 cP = 0.0089 g/cm-s; and diffusivity of
benzoic acid in water at infinite dilution = 9.18 x 107% cm?/s.

Solution
o= 0.0089 =970
(1.0)(9.18 x 107%)
Ng, = 2% _ 100

p

from which

= (D000 ) 0.170 cm/s
T (5.23)(1.0)

From (3-131),

= OBNOIT0) _ g 69, 10t
M 9.18 x 10
X_ 2 612
D 523
N. 4
Pey _ 9.69 x 10 —1.58 10*
(x/D) 6.12
From (3-132),
4
0.0668(1.58 x 107) — 44

No  =3.66+
Shavg 1+ 0.04(1.58 x 10*)2/3

D —6
kcavg = Nshuvg % =4 (%) =77 10_5 Cm/s

Using a log mean driving force,

_ -~ _ (CA[ B CA()) - (CAI - (_:AX)
n, = uXS(cA) = CAO) = k(,-avg i [(CA, —Cay )/(CA, _ EAX)]

where S is the cross-sectional area for flow. Simplifying,
k(‘,
In [(CAI — CAO)/(CAl — EAX)] = %
¢y, =0 and ¢, =0.0034 g/cm’

nD? _ (3.14)(5.23)
4 4

A = 1Dx = (3.14)(5.23)(32) = 526 cm®

S = =21.5cm?

_(7.7%107°)(526)

In [(0.0034 - 0)/(0.0034 —¢, )| = 0100 - 0.0111

Solving,

¢, =0.0034— 20034
* €

— 3

Thus, the concentration of benzoic acid in the water leaving the
benzoic-acid tube is far from saturation.
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§3.5 MASS TRANSFER IN TURBULENT FLOW

The two previous sections described mass transfer in stagnant
media (§3.3) and laminar flow (§3.4), where in accordance
with (3-1), only two mechanisms needed to be considered:
molecular diffusion and bulk flow, with the latter being often
ignored. For both cases, rates of mass transfer in laminar flow
can be calculated theoretically using Fick’s law of diffusion.
In industrial applications, turbulent flow is more common
because it includes eddy diffusion, which results in much

higher heat-transfer and mass-transfer rates, which reduce
the size of the processing equipment. Lacking a fundamental
theory for eddy diffusion, estimates of mass-transfer rates
rely on empirical correlations developed from experimental
data. These correlations are comprised of the dimensionless
groups of §3.4 and use analogies with heat and momentum
transfer. For reference, the most useful dimensionless groups
for fluid mechanics, heat transfer, and mass transfer are listed
in Table 3.9. Note that most of the dimensionless groups
used in empirical equations for mass transfer are analogous

Table 3.9 Some Useful Dimensionless Groups

Name Formula Meaning Analogy
Fluid Mechanics
Drag Coefficient _ 2 Drag force
8 DT Aup Projected area x Velocity head
Fanning Friction Factor f= % 22 Plpevwlall ihe}z:r s(;ress
?p elocity hea
Froude Number _ Inertial force
e oL Gravitational force
Lu Lu LG Inertial force
Reynolds Number Ng. = “p o= " Viscous force
Weber Number N w?pL Inertial force
we c Surface-tension force
Heat Transfer
j-Factor for Heat Transfer Ju = Ney, Ny )*? Ju
hL Convective heat transfer
Nusselt Numb Ny, = — N,
fsselt umber Nk Conductive heat transfer sh
Peclet Number for Heat Transfer Npe,, = NgeNp, = % CBtgk tsans}ffr ?f hea; Npe,,
onductive heat transfer
C v Momentum diffusivity
Prandtl Number Np, = 5 == Ng.
! T T o Thermal diffusivity ¢
N,
Stanton Number for Heat Transfer Ny, = ﬁ = ChG ThHeattl$fe2 N,
reVp: b ermal capacity
Mass Transfer
J-Factor for Mass Transfer (analogous to the j-Factor m = Ngy, (Ng.)*? Ju
for Heat Transfer)
Lewis Number N = Nge k _ « Thermal diffusivity
Y N, pCpDyy Doy Mass diffusivity
Peclet Number for Mass Transfer (analogous to the Npe,, = NgelNse = lf—u Bl\l/lllkl trarllsfe;.?ff mass Npe,,
Peclet Number for Heat Transfer) AB olecular diffusion
Schmidt Number (analogous to the Prandtl Number) Ny, = l;l = DL Mogentl;@f;ilf.fuilvuy Np,
pD,p AB ass diffusivity
k.L i
Sherwood Number (analogous to the Nusselt Number) Ny, = DC CO;/I]eICtWT m(eillsfsftrzvinsfer Ny
AB olecular diffusion
N, k
Stanton Number for Mass Transfer (analogous to the Ng, = —2 =« Mass transfer Ny,

Stanton Number for Heat Transfer)

Sty —
N ReN Sc u

Mass capacity

L = characteristic length G = mass velocity = &tp,  Subscripts: M = mass transfer

H = heat transfer
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to dimensionless groups used in heat transfer. The Reynolds
number from fluid mechanics is used widely in empirical
equations of momentum, heat, and mass transfer.

As shown by a famous dye experiment conducted by
Osborne Reynolds in 1883 [34], a fluid in laminar flow
moves parallel to the solid boundaries in streamline patterns.
Every fluid particle moves with the same velocity along a
streamline, and there are no normal-velocity components. For
a Newtonian fluid in laminar flow, momentum, heat, and mass
transfer are by molecular transport, governed by Newton’s
law of viscosity, Fourier’s law of heat conduction, and Fick’s
law of molecular diffusion.

In turbulent flow, where transport processes are orders of
magnitude higher than in laminar flow, streamlines no longer
exist, except near a wall, and eddies of fluid (large compared
to the mean free path of the molecules in the fluid) mix with
each other by moving from one region to another in fluctuating
motion. This eddy mixing by velocity fluctuations occurs not
only in the direction of flow but also in directions that are
normal to flow, with the former referred to as axial trans-
port. The latter are of more interest. Momentum, heat, and
mass transfer occur by the two parallel mechanisms given in
(3-1): (1) molecular diffusion, which is slow; and (2) tur-
bulent or eddy diffusion, which is rapid except near a solid
surface, where the flow velocity accompanying turbulence
tends to zero. Superimposed on molecular and eddy diffusion
is (3) mass transfer by bulk flow, which may or may not be
significant.

In 1877, Boussinesq [35] modified Newton’s law of vis-
cosity to add a parallel eddy or turbulent viscosity, j,. Analo-
gous expressions were developed for turbulent-flow heat and
mass transfer. For flow in the x-direction and transport in the
z-direction normal to flow, these expressions are written in flux
form (in the absence of bulk flow in the z-direction) as:

du,

=) (3-133)
dTr
9, = —(k+k) - (3-134)
dCA
NAZ = _(DAB + Dt)TZ (3'135)

where the double subscript zx on the shear stress, T, stands
for x-momentum in the z-direction. The molecular contribu-
tions, p, k, and D,p, are properties of the fluid and depend
on chemical composition, temperature, and pressure. The tur-
bulent contributions, y,, k;, and D,, depend on the mean fluid
velocity in the flow direction and on the position in the fluid
with respect to the solid boundaries.

In 1925, Prandtl [36] developed an expression for p, in
terms of an eddy mixing length, /, which is a function of
position and is a measure of the average distance that an
eddy travels before it loses its identity and mingles with other
eddies. The mixing length is analogous to the mean free path
of gas molecules, which is the average distance a molecule
travels before it collides with another molecule. By analogy,
the same mixing length is valid for turbulent-flow heat transfer
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and mass transfer. To use this analogy, (3-133) to (3-135) are
rewritten in diffusivity form:

T dux
S (vt 3-136
0 (vV+ey) & ( )

q. ar
T (et 3-137
Cpp (x+ep) dz ( )
Ny =—(Dyp + sD)d—CA (3-138)

Z dZ

where €);, €y, and g, are momentum, heat, and mass eddy
diffusivities, respectively; v is the momentum diffusivity
(kinematic viscosity, p/p); and a is the thermal diffusivity,
k/pCp. As an approximation, the three eddy diffusivities
may be assumed equal. This is valid for &5 and g, but data
indicate that €), /ey = €,;/€p is sometimes less than 1.0 and
as low as 0.5 for turbulence in a free jet.

§3.5.1 Reynolds Analogy

If (3-136) to (3-138) are applied at a solid boundary, they can
be used to determine transport fluxes based on transport coef-
ficients, with driving forces from the wall (or interface), I, at
z =0, to the bulk fluid condition, designated with an overbar:

TZX d(pux/ux) fpb_lx
=+ = 3-139
i, v+ ey) dz 7=0 2 ( )
d(pC,pT _
q, = —(ax+ SH)%L#) =T, - T) (3-140)
d _
Np, = —(Dpp + SD)szA = k.(cy —Cp) (3-141)

To develop useful analogies, it is convenient to use dimen-
sionless velocity, temperature, and solute concentration,
defined by

- ca —C
o= 1=T _ A ™0 (3-142)
e Ti—=T cp —Cy
If (3-142) is substituted into (3-139) to (3-141),
® _  fu,  _ h
0z1:=0  2(v+¢gy) pCpla+ey)
=k (3-143)
(Dap +€p)

which defines analogies among momentum, heat, and mass
transfer. If the three eddy diffusivities are equal and molec-
ular diffusivities are everywhere negligible or equal, i.e., v =
a = D,p, (3-143) simplifies to

f h _k

= = e
2 pCpit, i,

(3-144)

Equation (3-144) defines the Stanton number for heat transfer
listed in Table 3.9,

- ho_ (3-145)
© pCpit,  GCp

Ngy,
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where G = mass velocity = ii,.p. The Stanton number for mass
transfer is

=~

e = kb (3-146)

Ny, = ¢ =k
ST g TG

Equation (3-144) is referred to as the Reynolds analogy. Its
development is significant, but its application for the esti-
mation of heat-transfer and mass-transfer coefficients from
measurements of the Fanning friction factor for turbulent
flow is valid only when Np. =v/a=Ng, =v/D,g=1.
Thus, the Reynolds analogy has very limited practical value
and is rarely used. Reynolds postulated its existence in 1874
[37] and derived it in 1883 [34].

§3.5.2 Chilton—Colburn Analogy

A widely used extension of the Reynolds analogy to values
of the Prandtl and Schmidt numbers other than 1 was devised
in the 1930s by Colburn [38] for heat transfer and by Chilton
and Colburn [39] for mass transfer. It is widely applied.
Using experimental data, Chilton and Colburn corrected the
Reynolds analogy for differences in dimensionless velocity,
temperature, and concentration distributions by incorporating
the Prandtl number, Np,, and the Schmidt number, Ny, into
(3-144) to define empirically the following three j-factors,
two of which are included in Table 3.9. Instead of j,,, the
Fanning friction factor is listed in Table 3.9.

= f - h 273
M — ~ —JH — ~~ ‘'Pr
2 GCp (3-147)
_ . _kepy2s
=jp= ENSC

Equation (3-147) is the Chilton-Colburn analogy or the Col-
burn analogy for estimating transport coefficients for turbulent
flow. For Np, = Ng, = 1, (3-147) equals (3-144).

Experiments show that the j-factors depend on the geo-
metric configuration and the Reynolds number, Ny.. Based
on decades of experimental turbulent-flow transport data, the
following representative j-factor correlations for turbulent
transport to or from smooth surfaces have evolved. Additional
correlations are presented in later chapters. These correlations
are reasonably accurate for Np, and Ng, in the range of 0.5 to
10 and result in average transport coefficients for:

1. Flow through a straight, circular tube of inside diame-

ter D:
Jy =Ju =Jp = 0.023(Ng.) ™2 (3-148)
for 10,000 < Ng. = DG/p < 1,000,000
2. Flow across a flat plate of length L:
Jju =jn =Jjp = 0.037(Ng)™"? (3-149)

for 5 x 10° < Ny, = Lugp/p < 5 x 108

3. Flow normal to a long, circular cylinder of diameter D,
where the drag coefficient includes both form drag and

skin friction, but only the skin friction contribution
applies to the analogy:

(Jp)skin friction =Ju =Jp = 0~193(NRe)_0'382 (3-150)
for 4,000 < Ny, < 40,000

(intskin friction =Ju =Jp = 0.0266(Nge) 1% (3-151)
for 40,000 < Ny, < 250,000

with Ny, = DG/p
4. Flow past a single sphere of diameter D:

(iM)skin friction =jH =jD = 0'37(NRe)_0.4 (3'152)
for 20 < Ng, = DG/p < 100,000

5. Flow through beds packed with spherical particles of
uniform size Dp:

jg =jp = L1T(Ng,) 0413
for 10 < Ny, = DpG/p < 2,500

The above correlations are plotted in Figure 3.11, where the
curves are not widely separated but do not coincide because of
necessary differences in Reynolds number definitions. When
using the correlations in the presence of appreciable temper-
ature and/or composition differences, Chilton and Colburn
recommend that Np, and Ng, be evaluated at the average con-
ditions from the surface to the bulk stream.

(3-153)

§3.5.3 Other Analogies

A theoretical improvement to the Reynolds analogy was made
in 1910 by Prandtl [40], who divided the flow into two regions:
(1) a thin laminar-flow sublayer of thickness & next to the wall
boundary, where only molecular transport occurs; and (2) a
turbulent region dominated by eddy transport, with ey, = e, =
€. His expression for the Stanton number for heat transfer was
less empirical, but less accurate than the later Chilton—Colburn
analogy.

Further theoretical improvements to the Reynolds anal-
ogy were made by von Karman, Martinelli, and Deissler,
as discussed in detail by Knudsen and Katz [31]. The first
two investigators inserted a buffer zone between the laminar
sublayer and turbulent core. Deissler gradually reduced the
eddy diffusivities as the wall was approached. Other advances
were made by van Driest [41], who used a modified form of
the Prandtl mixing length; Reichardt [42], who eliminated the
zone concept by allowing the eddy diffusivities to decrease
continuously from a maximum to zero at the wall; and Friend
and Metzner [43], who obtained improved accuracy at high
Prandtl and Schmidt numbers up to 3,000. Their results for
flow through a circular tube are

f/2

Ne - 3-154
ST 120+ 18V 2 — DN
Ny, = f/2 (3-155)

1.20 + 11/84/f/2(Ng. — l)Ns_cl/ ’
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Figure 3.11 Chilton—Colburn j-factor correlations.

where the Fanning friction factor can be estimated for
Reynolds numbers from 10,000 to 10,000,000 using the
empirical correlation of Drew, Koo, and McAdams [44]:

f =0.00140 + 0.125(Ng,) ™3 (3-156)

which fits the experimental data of Nikuradse [45] and is
preferred over (3-147) with (3-148), which is valid only to
Ny = 1,000,000. For two- and three-dimensional turbulent-
flow problems, some success has been achieved with the x
(kinetic energy of turbulence)—e (rate of dissipation) model
of Launder and Spalding [46], which is used in computational
fluid dynamics (CFD) computer programs.

A more theoretical alternative to (3-154) to (3-156) for
developing equations for turbulent flow is to use time-
averaged velocities, temperatures, and concentrations in the
laws of Newton, Fourier, and Fick. This approach is used in a
series of papers by Churchill and co-workers [47] to [52]. The
equation of Churchill and Zajic [48] for the Fanning friction
for turbulent flow in a straight, smooth cylindrical tube or

pipe is:

2
(R
2 _ f f
<) =3.2-227 N + 2500 N

S NRe NRe
2 2
<2>1/2 -1
1 f
1 3-157
0436 | Mee (3-157)
2

where the Reynolds number is Ny, = Dit,p/ .

Equation (3-157) is in agreement with experimental data
over a Reynolds number range of 4,000—3,000,000 and can
be used up to a Reynolds number of 100,000,000. Table 3.10
is a comparison of the Churchill-Zajic equation, (3-157), with
(3-156) of Drew et al. and (3-148) of Chilton and Colburn.
Equation (3-156) gives satisfactory agreement for Reynolds
numbers from 10,000 to 10,000,000, while (3-148) is useful
only for Reynolds numbers from 100,000 to 1,000,000.

Table 3.10 Comparison of Fanning Friction Factors for Fully
Developed Turbulent Flow in a Smooth, Straight, Circular Tube

fsDrew et al. f, Chilton—Colburn f, Churchill-Zajic

Nge (3-156) (3-148) (3-157)

10,000 0.007960 0.007291 0.008087
100,000 0.004540 0.004600 0.004559
1,000,000 0.002903 0.002902 0.002998
10,000,000 0.002119 0.001831 0.002119
100,000,000  0.001744 0.001155 0.001573

An extension of the Churchill approach by Churchill and
Zajic [48] gives an expression for the Nusselt number for
turbulent-flow convective heat transfer in a straight, smooth
cylindrical tube or pipe:

Ny, = ! (3-158)

(Npr,> . ]_<Npr,)2/3 I
NPr NNu] NPr NNuoo

where, from Yu, Ozoe, and Churchill [50],

Np,, = turbulent Prandtl number = 0.85 + 0.015 (3-159)
Pr
Nyu, = Nusselt number for (Np, = Np;)
NReJ%
1+ 145(4)
* 2
Nxu,, = Nusselt number for (Np, = o0)
1/3 12
- 0.07443<NPf> NRe<f) (3-161)
Npr[ 2

Table 3.11 is a comparison of the Churchill et al. Nusselt-
number correlation (3-158) with those of Friend and Metzner
(3-154) and Chilton and Colburn (3-148), where, from
Table 3.9, Ny, = NgNg.Np,. At a Prandtl number of 1, which
is typical of low-viscosity liquids and close to that of most
gases, the Chilton—Colburn correlation is within 10% of
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Table 3.11 Comparison of Nusselt Numbers for Fully Developed Turbulent Flow in a Smooth, Straight, Circular Tube

Prandtl number, N, = 1

Nge Ny, Friend—Metzner (3-154) Ny, Chilton—Colburn (3-1438) Ny,»> Churchill-Zajic (3-158)
10,000 332 36.5 37.8

100,000 189 230 232

1,000,000 1210 1450 1580
10,000,000 8830 9160 11400
100,000,000 72700 57800 86000

Prandtl number, N, = 1000

Nge Ny, Friend-Metzner (3-154) Ny, Chilton—Colburn (3-148) Ny,» Churchill-Zajic (3-158)
10,000 527 365 491
100,000 3960 2300 3680
1,000,000 31500 14500 29800
10,000,000 267800 91600 249000
100,000,000 2420000 578000 2140000
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the Churchill-Zajic equation for Reynolds numbers up to
1,000,000. Beyond that, serious deviations occur (25% at
Ng, = 10,000,000 and almost 50% at Ni. = 100,000,000).
Deviations of the Friend—Metzner correlation vary from 15%
to 30% over the entire range of Reynolds numbers. At all
Reynolds numbers, the Churchill-Zajic equation predicts
higher Nusselt numbers and, therefore, higher heat-transfer
coefficients.

At a Prandtl number of 1,000, which is typical of
high-viscosity liquids, the Friend—Metzner correlation is
in fairly close agreement with the Churchill-Zajic equation.
The Chilton—Colburn correlation deviates over the entire
range of Reynolds numbers, predicting values ranging from
27 to 74% of those from the Churchill-Zajic equation as the
Reynolds number increases. The Chilton—Colburn correlation
should not be used at high Prandtl numbers for heat transfer
or at high Schmidt numbers for mass transfer.

The Churchill-Zajic equation for predicting the Nusselt
number shows an exponent dependence on the Reynolds
number. This is in contrast to the typically cited constant
exponent of 0.8 for the Chilton—Colburn correlation. For the
Churchill-Zajic equation, at Np, = 1, the exponent increases
with Reynolds number from 0.79 to 0.88; at a Prandtl number
of 1,000, the exponent increases from 0.87 to 0.93.

Extension of the Churchill-Zajic equation to low Prandtl
numbers typical of molten metals, and to other geometries is
discussed by Churchill [49], who also considers the effect of
boundary conditions (e.g., constant wall temperature and uni-
form heat flux) at low-to-moderate Prandtl numbers.

For calculation of convective mass-transfer coefficients,
k., for turbulent flow of gases and liquids in straight, smooth
circular tubes, it is recommended that the Churchill-Zajic
equation be employed by applying the analogy between
heat and mass transfer. Thus, as illustrated in the following
example, the Sherwood number is substituted for the Nusselt
number and the Schmidt number is substituted for the Prandlt
number, using Table 3.9 with (3-158) to (3-161).

EXAMPLE 3.14 Analogies for Turbulent Transport in
Straight, Smooth, Circular Tubes.

Linton and Sherwood [33] conducted experiments on the dissolu-
tion of tubes of cinnamic acid (A) into water (B) flowing turbulently
through the tubes. In one run, with a 5.23-cm-i.d. tube, N, = 35,800,
and Ng, = 1,450, they measured a Stanton number for mass trans-
fer, Ngy,» of 0.0000351. Compare this value with predictions by the
Reynolds, Chilton—Colburn, and Friend—Metzner analogies, as well
as the Churchill-Zajic equations.

Solution

From either (3-156) or (3-164), the Fanning friction factor is
0.00576.

Reynolds analogy. From (3-144), Ng,, =f /2 =0.00576/2 =
0.00288, which, as expected, is in very poor agreement with the
experimental value because the effect of the large Schmidt number
is ignored.

Chilton—Colburn analogy. From (3-147),

N,

Sty

— (g) N2 = (%576) /(1450 = 0.0000225
which is 64% of the experimental value.

Friend—Metzner analogy. From (3-155), NStM = 0.0000350, which
is almost identical to the experimental value.

Churchill-Zajic equation. Using mass-transfer analogies,

(3-159) gives Ny = 0.850, (3-160) gives Ny, = 94,
(3-161) gives Ng;, = 1686, and (3-158) gives Ny, = 1680

From Table 3.9,

N, 1680
Ny, = = = 0.0000324,
ST N Ng.  (35800)(1450)

which is an acceptable 92% of the experimental value.
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§3.6 MODELS FOR MASS TRANSFER IN
FLUIDS WITH A FLUID-FLUID INTERFACE

The three previous sections considered mass transfer mainly
between solids and fluids, where the interface was a smooth,
solid surface. Applications include adsorption and membrane
separations. Of importance in other separation operations is
mass transfer across a fluid—fluid interface. Such interfaces
exist in absorption, distillation, liquid-liquid extraction, and
stripping, where, in contrast to fluid—solid interfaces, turbu-
lence may persist to the interface. The following theoretical
models have been developed to describe such phenomena in
fluids with a fluid-to-fluid interface. Use of these equations to
design equipment is found in many examples in: Chapter 6
on absorption and stripping; Chapter 7 on distillation; and
Chapter 8 on liquid-liquid extraction.

§3.6.1 Film Theory

A model for turbulent mass transfer to or from a fluid-phase
boundary was suggested in 1904 by Nernst [53], who postu-
lated that the resistance to mass transfer in a turbulent fluid
phase is in a thin, relatively stagnant region at the interface,
called a film. This is similar to the laminar sublayer that forms
when a fluid flows in the turbulent regime parallel to a flat
plate. It is shown schematically in Figure 3.12a for a gas-liquid
interface, where the gas is component A, which diffuses into
non-volatile liquid B. Thus, a process of absorption of A
into liquid B takes place. Without vaporization of B, there is
no resistance to mass transfer of A in the gas phase, because
it is pure A. At the interface, phase equilibrium is assumed,
so the concentration of A at the interface, ¢ A is related to
the partial pressure of A at the interface, p,, by a solubility
relation like Henry’s law, ¢, = Hpp,. In the liquid film of
thickness 8, molecular diffusion occurs with a driving force
of ¢y, —ca,» Where ¢, is the bulk-average concentration of
A in the liquid. Since the film is assumed to be very thin, all
of the diffusing A is assumed to pass through the film and into

Bulk liquid
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the bulk liquid. Accordingly, integration of Fick’s first law,
(3-3a), gives

D D
I = %(CAI —cp,) = £ SAB

(xa, —xAb) (3-162)

If the liquid phase is dilute in A, the bulk-flow effect can
be neglected so that (3-162) applies to the total flux, and the
concentration gradient is linear, as in Figure 3.12a.

D D
Ny = %(CAI —CA,,) =° SAB

(xAI - xAb) (3-163)

If the bulk-flow effect is not negligible, then, from (3-31),

cD 1 —xp cD
N, = ZaB | b | — AB _
e ll _xAl] 5(1 = xp)m (va, = %,)
(3-164)
where
XA, ~ XA
(I =xp)m = ! b

= (x 3-165
h’l [(l—xAb)/<l—xAI)] (B)LM ( )
In practice, the ratios D,p/d in (3-163) and D,/
[6(1 —xp);pm] in (3-164) are replaced by empirical mass-
transfer coefficients k. and k;, respectively, because the
film thickness, 8, which depends on the flow conditions, is
unknown. The subscript, ¢, on the mass-transfer coefficient
refers to a concentration driving force, and the prime super-
script denotes that k, includes both diffusion mechanisms and
the bulk-flow effect.

The film theory, which is easy to understand and apply, is
often criticized because it predicts that the rate of mass trans-
fer is proportional to molecular diffusivity. This dependency
is at odds with experimental data, which indicate a depen-
dency of D, where n ranges from 0.5 to 0.75. However, if
D, /0 is replaced with k., which is then estimated from the
Chilton—Colburn analogy (3-165), k. is proportional to D%; ,
which is in better agreement with experimental data. In effect,
d is not a constant but depends on D,y (or Ng.). Regardless

Gas Well-mixed
bulk region
CAp atcp,
Interfacial
region

(b)

Figure 3.12 Theories for mass transfer from a fluid—fluid interface into a liquid: (a) film theory; (b) penetration and surface-renewal theories.



Process Engineering Channel

@ProcessEng

74 Chapter 3 Mass Transfer and Diffusion
of whether the criticism is valid, film theory continues to be
widely used in design of mass-transfer separation equipment.

EXAMPLE 3.15 Mass-Transfer Flux in a Packed
Absorption Tower.

SO, is absorbed from air into water in a packed absorption tower.
At a location in the tower, the mass-transfer flux is 0.0270 kmol
SO,/m?-h, and the liquid-phase mole fractions are 0.0025 and
0.0003, respectively, at the two-phase interface and in the bulk
liquid. If the diffusivity of SO, in water is 1.7 X 1075 cm?/s,
determine the mass-transfer coefficient, k., and the corresponding
film thickness, neglecting the bulk flow effect.

Solution

(0.027)(1,000) ]
= QUEAIY) ) o
502 = (3.600)(100)2 A s

For dilute conditions, the concentration of water is

c= (L) =555 x 102 mol /cm®
18.02

From (3-163),

g =Das __ Na
¢ 4] c(xAI —xAh)
7.5% 1077

= - — =6.14x 107 cm/s
(5.55 x 1072)(0.0025 — 0.0003)

Therefore,

5 Dys _ 1.7 %1073
k. 6.14x 1073

@

= 0.0028 cm

which is small and typical of turbulent-flow processes.

§3.6.2 Penetration Theory

A more realistic mass-transfer model is provided by Higbie’s
penetration theory [54], shown schematically in Figure 3.12b.
The stagnant-film concept is replaced by Boussinesq eddies
that: (1) move from the bulk liquid to the interface; (2) stay
at the interface for a short, fixed period of time during which
they remain static, allowing molecular diffusion to take place
in a direction normal to the interface; and (3) leave the inter-
face to mix with the bulk stream. When an eddy moves to the
interface, it replaces a static eddy. Thus, eddies are alternately
static and moving. Turbulence extends to the interface.

In the penetration theory, unsteady-state diffusion takes
place at the interface during the time the eddy is static.
This process is governed by Fick’s second law, (3-63), with
boundary conditions

ca=cy, at =0 for 0<z< oo
ca=¢y at z=0 for 7>0;and
ca=cy, at z=oo for >0

These are the same boundary conditions as in unsteady-state
diffusion in a semi-infinite medium. The solution is a rear-
rangement of (3-66):

cp —C
B0 ()
Cap = Ca, 24/Dppt,
where ¢, = “contact time” of the static eddy at the interface
during one cycle. The corresponding average mass-transfer

flux of A, in the absence of bulk flow, is given by the following
form of (3-69):

(3-166)

— Dap
Ny =2 n—tC(CAI _CA,,) (3-167)
or
NA sz(CAI _CAb) (3'168)
Thus, the penetration theory gives
k,=2,/2a8 (3-169)
i,

which predicts that k,. is proportional to the square root of the
diffusivity, which is at the lower limit of experimental data.
Penetration theory is most useful for describing bubble,
droplet, or random-packing interfaces. For bubbles, the contact
time, ., of the liquid surrounding the bubble is approximated
by the ratio of bubble diameter to its rise velocity. An air
bubble of 0.4-cm diameter rises through water at a veloc-
ity of about 20 cm/s, making the estimated contact time
0.4/20 = 0.02 s. For a liquid spray, when no circulation of
liquid occurs inside the droplets, contact time is the total
time it takes the droplets to fall through the gas. For a packed
tower, where the liquid flows as a film over random packing,
mixing is assumed to occur each time the liquid film passes
from one piece of packing to another. Resulting contact times
are about 1 s. In the absence of any estimate for contact time,
the mass-transfer coefficient is sometimes correlated by an
empirical expression consistent with the 0.5 exponent on D 5,
as in (3-169), with the contact time replaced by a function of
geometry and the liquid velocity, density, and viscosity.

EXAMPLE 3.16 Contact Time for Penetration
Theory.

For the conditions of Example 3.15, estimate the contact time for

Higbie’s penetration theory.

Solution

From Example 3.15, k. =6.14x 107 cm/s and D,, = 1.7 X
107 cm?/s. From a rearrangement of (3-169),

_4Dyp _

@

4(1.7 % 1075)

= =0.57s
T 3.14(6.14x 107°)




Process Engineering Channel

@ProcessEng

§3.6

§3.6.3 Surface-Renewal Theory

Penetration theory assumes a constant contact time for all
eddies that reach the surface. This may be unreasonable in
some cases, especially for stirred tanks, contactors with ran-
dom packings, and bubble and spray columns where bubbles
and droplets cover a range of sizes. In 1951, Danckwerts [55]
suggested an improvement to penetration theory that involves
replacement of constant eddy contact time with the assump-
tion of a residence-time distribution, wherein the probability
of an eddy at the surface being replaced by a fresh eddy is
independent of the age of the surface eddy.

Following Levenspiel’s [56] treatment of residence-time
distribution, let F{¢} be the fraction of eddies with a contact
time of less than 7. For r = 0, F{t} =0, and F{t} approaches
1 as t goes to infinity. A plot of F{t¢} versus #, as shown in
Figure 3.13, is a residence-time or age distribution. If F{¢}is
differentiated with respect to ¢,

O{t} = dF{t}/dt

where ¢{r}dt is the probability that a given surface eddy will
have a residence time ¢. The sum of probabilities is

/DO O{t}dr =1
0

Typical plots of F{t}and ¢{7} are shown in Figure 3.13, where
¢{¢} is similar to a normal probability curve.

For steady-state flow into and out of a well-mixed vessel,
Levenspiel shows that

(3-170)

(3-171)

F{ty=1—-¢'" (3-172)

where 7 is the average residence time. This function forms the
basis, in reaction engineering, of the ideal model of a con-
tinuous, stirred-tank reactor (CSTR). Danckwerts selected the
same model for his surface-renewal theory, using the corre-

sponding ¢p{¢} function:
Gt} = s (3-173)

where
(3-174)

s=1/t
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is the fractional rate of surface renewal. As shown in
Example 3.17 below, plots of (3-172) and (3-173) are much
different from those in Figure 3.13.

The instantaneous mass-transfer rate for an eddy of age ¢ is
given by (3-167) for penetration theory in flux form as

= Dyg
Na, =24/ (ca = ca) (3-175)
The integrated average rate is
Na,, = / G{1}N, dt (3-176)
0

Combining (3-173), (3-175), and (3-176) and integrating:

Nay, = VDags (ca, = cx) (3-177)
Thus,
kC = VDABS (3-178)

Surface-renewal theory predicts the same dependency of the
mass-transfer coefficient on diffusivity as penetration theory.
Unfortunately, s, the fractional rate of surface renewal, is as
elusive a parameter as constant contact time, #.. Toor and
Marchello [57] developed a film-penetration theory com-
bining features of the film, penetration, and surface renewal
theories.

EXAMPLE 3.17 Application of Surface-Renewal
Theory.

For the conditions of Example 3.15, estimate the fractional rate of
surface renewal, s, for Danckwert’s theory and determine residence
time and probability distributions.

Solution
From Example 3.15,

k,=6.14x107 cm/s and D, =1.7x 107 cm?¥/s
From (3-178),

k2 (6.14x107°)?

—22257
Dy 17x10° °

§=

Fraction of
exit stream
older than 1,

Figure 3.13 Residence-time distribution plots: (a) typical F curve; (b) typical age distribution.



Process Engineering Channel

@ProcessEng

76 Chapter 3 Mass Transfer and Diffusion

F{r}

(030633

=

Figure 3.14 Age distribution curves for Example 3.17: (a) F curve; (b) ¢p{¢} curve.

Thus, the average residence time of an eddy at the surface is 1/2.22 =
0.45s.
From (3-173),
it} =2.22¢722 (1)

From (3-172), the residence-time distribution is
F{t}=1-¢% )

where 7 is in seconds. Equations (1) and (2) are plotted in Figure 3.14.
These curves differ from the curves of Figure 3.13.

§3.7 TWO-FILM THEORY AND OVERALL
MASS-TRANSFER COEFFICIENTS

Gas-liquid and liquid-liquid separation processes involve
two fluid phases in contact and require consideration of
mass-transfer resistances in both phases. In 1923, Whitman
[58] suggested an extension of the film theory to two films
in series. Each film presents a resistance to mass transfer, but
concentrations in the two fluids at the interface are assumed
to be in phase equilibrium. That is, there is no additional
interfacial resistance to mass transfer.

The assumption of phase equilibrium at the interface, while
widely used, may not be valid when gradients of interfacial
tension are established during mass transfer. These gradients
give rise to interfacial turbulence, resulting, most often, in
considerably increased mass-transfer coefficients. This phe-
nomenon, the Marangoni effect, is discussed in detail by
Bird, Stewart, and Lightfoot [13], who cite additional ref-
erences. The effect occurs at vapor-liquid and liquid-liquid
interfaces, with the latter having received the most attention.
By adding surfactants, which concentrate at the interface, the
Marangoni effect is reduced because of interface stabilization,
even to the extent that an interfacial mass-transfer resistance
(which causes the mass-transfer coefficient to be reduced)
results. Unless otherwise indicated, the Marangoni effect is
ignored here, and phase equilibrium is assumed at the phase
interface.

§3.7.1 Gas (Vapor)—Liquid Systems

Consider steady-state mass transfer of A from a gas of A and
B, across an interface, I, and into a liquid containing A and B.
It is postulated, as shown in Figure 3.15a, that a thin gas film
exists on one side of the interface and a thin liquid film exists
on the other side, with a diffusion resistance in each film. In
terms of film thicknesses and concentration driving forces, the
rate of mass transfer of A is given by:

_ (Daplg _ (Dap)L

Ny 56 (CAh —CAI)G 5,

(cAI —cAb)L (3-179)
Alternatively and preferably, the rate of mass transfer
can be expressed in terms of mass-transfer coefficients
determined from any suitable theory, with the driving-force
gradients visualized more realistically as in Figure 3.15b.
Any number of different combinations of mass-transfer coef-
ficients and driving forces are used. For the gas phase, under
dilute or equimolar counter diffusion (EMD) conditions, the
mass-transfer rate in terms of partial pressures is:

(3-180)

Na = (P, 72,

where k, is a gas-phase mass-transfer coefficient based on a
partial-pressure driving force.
For the liquid phase, with molar concentrations:

(3-181)

Ny = kc(cAI - CAb)

At the interface, ¢, and p, are in equilibrium. Applying a
version of Henry’s law,!

ca, = Hapa, (3-182)

I Different forms of Henry’s law are found in the literature. They include
Pp =Hpxys pp=cp/Hy, and yy =Hyx,

When a Henry’s law constant, H,, is given without citing the defining
equation, the equation can be determined from the units of the constant. For
example, if the constant has the units of atm or atm/mole fraction, Henry’s law
is p, = H,x,. If the units are mol/L-mmHg, Henry’s law is p, = c, /H,.
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Gas | Gas | Liquid | Liquid Pa,
phase [ film film | phase
PAy, | Gas Liquid
| | phase phase
: Pay : PAr
| CAY | AL
| |
| |
| A CAp
Transport > Transport >
(a) (b)

Figure 3.15 Concentration gradients for two-resistance theory: (a) film theory; (b) more realistic gradients.

Equations (3-180) to (3-182) are commonly used combina-
tions for vapor-liquid mass transfer.

Computations of mass-transfer rates are made using bulk
concentrations ¢, and p,, . To obtain an expression for Ny
in terms of an overall driving force for mass transfer that
includes both fluid phases, (3-180) to (3-182) are combined
to eliminate the interfacial compositions, ¢, and p, . Solving
(3-180) for py,

Na

Pa=Pa, = (3-183)
P
Solving (3-181) for Ca,
CAI =CAb+% (3—184)

Combining (3-184) with (3-182) to eliminate Ca, and com-
bining the result with (3-183) to eliminate p, gives

Ny = PaHA —ca,

=— 2 3-185
(Hp k) + (1/K) (G-185)

Overall Mass-Transfer Coefficients. It is customary to
define: (1) a liquid-phase concentration ¢ = p A, Ha> which
is a fictitious liquid concentration of A in equilibrium with
the partial pressure of A in the bulk gas; and (2) an overall
mass-transfer coefficient, K; . Now (3-185) becomes:

(cjg - CAb)

= b 3-186
CNE B

Ny = KL(CZ - CA,,)

where K; is the overall mass-transfer coefficient based on
the liquid phase and defined by

1 _H, 1
—=A 3-187
K,k k (3-187)

The corresponding overall driving force for mass transfer
is also based on the liquid phase, given by (c; — ¢y, ). The
quantities H,/k, and 1/k, are measures of gas and liquid

mass-transfer resistances. When 1/k. > H, /k,. the resis-
tance of the gas phase is negligible and the rate of mass transfer
is controlled by the liquid phase, with (3-186) simplifying to

NA =kC(C*A _CAb)

so that K; = k.. Because resistance in the gas phase is negligi-
ble, the gas-phase driving force becomes (p A, ~Pa) R0, 50
Pa, ® Pap-

Alternatively, (3-180) to (3-182) combine to define an over-
all mass-transfer coefficient, K;, based on the gas phase:

(3-188)

N. = pAb_CA,,/HA
A7 (1/ky) + (1/Hpk,)

(3-189)

In this case, it is customary to define: (1) a gas-phase partial
pressure p = c,, /H,, which is a fictitious partial pressure of
A that would be in equilibrium with the concentration of A in
the bulk liquid; and (2) an overall mass-transfer coefficient for
the gas phase, K;, based on a partial-pressure driving force.
Thus, (3-189) becomes

(Pa, —PA)
N, =K —p¥) = b 3-190
S (VR E N S B
where
1 1 1
—=—+4 3-191

Now the mass-transfer resistances are 1/k, and 1/H,k, . If
1/k, > 1/H Ak,

Ny =k, (pa, —PA) (3-192)
s0 K¢ = k,. Since the resistance in the liquid phase is then neg-
ligible, the liquid-phase driving force becomes (c,, — ¢y, ) ~
0,80 cy Ry,

The choice between (3-186) and (3-190) is arbitrary, but
is usually made on the basis of which phase has the largest
mass-transfer resistance. If it is the liquid, (3-186) is used.
If it is the gas, (3-190) is used. If neither is dominant, either
equation is suitable.
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Another common combination for two-film, vapor-liquid
mass transfer uses mole-fraction driving forces, which define
another set of mass-transfer coefficients k, and k:

Nj =k ()’Ab —Va,) = kelxa, — xA,,) (3-193)

Equilibrium at the interface can now be expressed in terms of

a K-value for vapor-liquid equilibrium instead of as a Henry’s
law constant. Thus,

K =ya, /%A, (3-194)

Combining (3-193) and (3-194) to eliminate Va, and Xap»
Ny = Ya, ~ XA,
(1/Kxky) + (1/k,)

Alternatively, fictitious concentrations and overall mass-
transfer coefficients can be used with mole-fraction driving
forces. Thus, x3 = y,, /K, and yj = Kx,, . If the two values
of K are equal,

(3-195)

XA —X
Ny = Kx(x/*x —Xa ) = A 2 (3-196)
)T (1/Kpky) + (1/k,)
and
) Ya —)’j&
Ny =K,(va, =YA) = 7 e s 17
A=K, (s, =2R) (1/k,) + (Kp /ky) e

where K, and K|, are overall mass-transfer coefficients based
on mole-fraction driving forces with

1 1 1

— = — 3-198

K, Kk, + k, ( )
and

S = 1 + Ka (3-199)

K, ky k,

When using handbook or literature correlations to estimate
mass-transfer coefficients, it is important to determine which
coefficient (k,, k., k,, or k,) is correlated, because often it is
not stated. This can be done by checking the units or the form
of the Sherwood or Stanton numbers. Coefficients correlated
by the Chilton—Colburn analogy are k,. for either liquid or gas
phases. The various coefficients are related by the following
expressions, which are summarized in Table 3.12.

Liquid phase:
k,=k.c=k, (p—L> (3-200)
M
Ideal-gas phase:
ko=kP=(k), L1 = k)= (k) (‘LG> (3-201)
y = tpt T Ve ERT — Welgt T \eJg M
Typical units are
SI AE
k, m/s fi/h
k, kmol/s-m?-kPa Ibmol/h-ft?-atm
k., k kmol/s-m? Ibmol/h-ft?

Table 3.12 Relationships among Mass-Transfer Coefficients

Equimolar counter diffusion (EMD):

Gases: N, =kAy, =k Acy =k,Ap,
k, = kCﬁ = k,P if ideal gas
Liquids: N, =k Ax, =k,Ac,
k. = k.c, where ¢ = total molar concentration (A + B)

Unimolecular diffusion (UMD) with bulk flow:

Gases:  Same equations as for EMD with k replaced
by K = k
O8)Lm
Liquids: Same equations as for EMD with k
replaced by k' = k
(¥g)Lum

When working with concentration units, it is convenient to use:
kg(Acg) = k (Ac) for the gas phase
k,(Ac;) = k_(Ac) for the liquid phase

When unimolecular diffusion (UMD) occurs under non-
dilute conditions, bulk flow must be included. For binary
mixtures, this is done by defining modified mass-transfer
coefficients, designated with a prime, where the subscript on
k depends on the selected driving force for mass transfer.

For the liquid phase, using subscripted &, or k,,

' = k -k (3-202)
(I=xm (Glm
For the gas phase, using subscripted kp, ky, ork,,
K k k (3-203)

- (I =ya)m - (yBILm

Expressions for kK’ are convenient when the mass-transfer
rate is controlled mainly by one of the two resistances. Liter-
ature mass-transfer coefficient data are generally correlated in
terms of k rather than k’. Mass-transfer coefficients estimated
from the Chilton—Colburn analogy [e.g., equations (3-148) to
(3-153)] are k_, not k...

§3.7.2 Liquid-Liquid Systems

For mass transfer across two liquid phases, equilibrium is
again assumed at the interface. Denoting the two phases by
LD and L@, (3-196) and (3-197) become

@ _ .0 R )
Ny =KD" =x%)) = b (3-204)
I ) (1/Kp KV) + (1/62)
and
(D) (1)
* XA, ~ XA
Ny = KO (xly) —x%) = z (3-205)

(1/67) + (Kp, /K?)
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where
x(l)
_ A
)
xAI

K, (3-206)

§3.7.3 Case of Large Driving Forces for
Mass Transfer

Previously, phase equilibria ratios such as Hy, K, and K,
have been assumed constant across the two phases. When large
driving forces exist, the ratios may not be constant. This com-
monly occurs when one or both phases are not dilute with
respect to the solute, A, in which case, expressions for the
mass-transfer flux must be revised. For mole-fraction driving
forces, from (3-193) and (3-197),

Na = k,Oa, =¥a) = Ky (va, = YA) (3-207)
Thus, .
1 YTy (3-208)
Ky ky (yAb - yAI)
or
1 _ O =oa) +Oa=08) 11 (A 0R
K, k)’(yAb_yAI) k)’ ky YA, TYA
(3-209)
From (3-193),
ke (28 704 (3-210)
ky XA T XA,
Combining (3-207) and (3-210),
LR I (3-211)
K} ky kx XAI .xAb
Similarly
XA —x
1 _1 + L ' (3-212)
Kx kx ky yAb - yAl

Figure 3.16 shows a curved equilibrium line with values of
Ya, YA Vi, XA, Xap and Xa, Because the line is curved, the
vapor-liquid equilibrium ratio, K, = y, /X, is not constant.
As shown, the slope of the curve and thus, K, decrease with
increasing concentration of A. Denoting two slopes of the
equilibrium curve by

m, = Ya T YA (3-213)
Xa; ~ XA,
and
m, = <yAb_yA‘) (3-214)
XA = XA

Substituting (3-213) and (3-214) into (3-211) and (3-212),
respectively, gives

Ly
kV

1 m,
— —= 3-215
3 5 (3-215)

§3.7  Two-Film Theory and Overall Mass-Transfer Coefficients 79

(VN
e 1 vas
o |
© |
|
we A
N4 I e .
& | ! xp is a fictitious x, in
(0\° | | equilibrium with yy,.
, | |
YAl A i i e )
| | : YA is a fictitious y, in
! ! | equilibrium with xy,.
XAp XAl XA
*A

Figure 3.16 Curved equilibrium line.

and 1 1 1
—_— =t — 3-216
K, Kk + myky ( )

EXAMPLE 3.18 Absorption of SO, into Water.

Sulfur dioxide (A) in air is absorbed into water in a packed col-
umn, where bulk conditions are 50°C, 2 atm, y Iy = 0.085, and Xy, =
0.001. Equilibrium data for SO, between air and water at 50°C are

Pso,> atm €50, Ibmol/ ft’
0.0382 0.00193
0.0606 0.00290
0.1092 0.00483
0.1700 0.00676

Experimental values of the mass-transfer coefficients are:

Liquid phase: k, = 0.18 m/h
kmol

Gas phase: k, = 0.040 bm?kPa

Using mole-fraction driving forces, compute the mass-transfer flux:
(a) assuming an average Henry’s law constant and a negligible
bulk-flow effect; (b) utilizing the actual curved equilibrium line
and assuming a negligible bulk-flow effect; (c¢) utilizing the actual
curved equilibrium line and taking into account the bulk-flow effect.
In addition, (d) determine the magnitude of the gas and liquid
resistances and the values of the mole fractions at the interface that
result from part (c).

Solution

Equilibrium data are converted to mole fractions by assuming
Dalton’s law, y, = p, /P, for the gas and x, = c,/c for the liquid.
The concentration of liquid is close to that of water, 3.43 Ibmol/ft’
or 55.0 kmol/m?>. Thus, the mole fractions at equilibrium are:

Yso, Xs0,

0.0191 0.000563
0.0303 0.000846
0.0546 0.001408
0.0850 0.001971
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These data are fitted with average and maximum absolute deviations
of 0.91% and 1.16%, respectively, by the equation
Yso, = 29.T4xsq, +6,733x3, (1)

Differentiating, the slope of the equilibrium curve:
d
m= d% =29.74 + 13.466x,, @)

The given mass-transfer coefficients are converted to k, and k, by
(3-200) and (3-201):

k, = k,c = 0.18(55.0) = 9.9 Em"l

kmol
h-m?

k, = k,P = 0.040(2)(101.3) = 8.1

(a) From (1) forxAb =0.001, y3 = 29.74(0.001) + 6,733(0.001)> =
0.0365.
From (1) for YA, = 0.085, solving the quadratic equation
yields x3 = 0.001975.
The average slope in this range is

= 0.085-0.0365 _ 497
0.001975 — 0.001

Examination of (3-215) and (3-216) shows that the liquid-phase
resistance is controlling because the term in &, is much larger than
the term in ky. Therefore, from (3-216), using m = m,,

1 1
—=—+ ——— =0.1010+ 0.0025 = 0.1035
K. 99 * 49.7(8.1) *
kmol
K_=9.66
or =9 hom?

From (3-196),

kmol

N, =9.66(0.001975 — 0.001) = 0.00942
h-m?

(b) From part (a), the gas-phase resistance is almost negligible.
Therefore, y, ~y,, andx, = x}.
From (3-214), the slope m, is taken at the point Ya, = 0.085
and x3 = 0.001975 on the equilibrium line.
By (2), m, = 29.74 + 13,466(0.001975) = 56.3. From
(3-216),

K = ! _ 9 gokmol
TT(1/9.9) + {1/[(56.3)@8.D]} 7 h-m?

giving N, = 0.00945 kmol/h-m?. This is a small change from
part (a).
(c) Correcting for bulk flow, from the results of parts (a) and (b),
ya, = 0.085,y, =0.085,x, =0.001975,x, = 0.001,
Y, = 1.0—0.085=0915 and x, =~ 0.9986

From (3-202),

' 99 kmol ' 8.1 kmol
k=—"_=99—" andk, = —— =8.85
= 09986 = > hem 245 = 5015 h-m?
From (3-216),
K = 1 _ g7 kmol
*(1/9.9) + {1/[(56.3)(8.85)]} h-m?

From (3-196),

kmol
h-m?

N, =9.71(0.001975 — 0.001) = 0.00945

which is only a very slight change from parts (a) and (b), where the
bulk-flow effect was ignored. The effect is very small because it is
important only in the gas, whereas the liquid resistance is controlling.

(d) The relative magnitude of the two mass-transfer resistances is

1/mks _ 1/1(56/3)8.85)] _
VS 1/9.9 =002

Thus, the gas-phase resistance is only 2% of the liquid-phase
resistance. The interface vapor mole fraction can be obtained from
(3-207), after accounting for the bulk-flow effect:

N
Ya, =Ya, = k—ﬁ =0.085 — 0.00947 _ 0.084
y
Similarly,
N, 0.00947
X = + X5, = 0.9 +0.001 = 0.00196

CHAPTER 3 NOMENCLATURE

Abbreviations and Acronyms

EMD equimolar counter diffusion, §3.1.3

UMD unimolecular diffusion, §3.1.4

LM log mean, (3-34)

Latin Symbols

A area for transport

D,p diffusivity of A in B, (3-3)

F{t} fraction of eddies with contact time < ft,
Figure 3.13

h heat-transfer coefficient, (3-86)

J molar flux by ordinary molecular diffusion,
(3-3)

j mass flux relative to mass-average velocity of
the mixture, (3-5)

Jp Chilton—Colburn j-factor for mass transfer,
(3-147)

Ju Chilton—Colburn j-factor for heat transfer,
(3-147)

Jum Chilton—Colburn j-factor for momentum
transfer, (3-147)

k thermal conductivity, (3-2)

ke k. ky, k, mass-transfer coefficient for different driving

forces, (3-200) and (3-201)
L entry length, (3-121)
Ny Avogadro’s number, (3-38)
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total molar mass-transfer flux of component i,
(3-1)

molar rate of mass transfer of component i,
(3-12)

rate of heat transfer, (3-86)

heat flux, (3-2)

inside radius from axis of a tube, (3-122)
solubility of component i, (3-48)

contact time of an eddy at an interface, (3-166)

component velocity relative to stationary
coordinates, (3-7)

difference between species velocity and
mixture velocity, (3-9)

molar-average mixture velocity, (3-6)
unit width of liquid film, (3-85)
component mass fraction, (3-5)

Non-Latin Symbols

difference
velocity film thickness, (3-71)
concentration film thickness, (3-117)

SUMMARY

. Mass transfer is the net movement of a species in a mix-
ture from one region to a region of different concentration,
often between two phases across an interface. Mass trans-
fer occurs by molecular diffusion, eddy diffusion, and
bulk flow. Molecular diffusion occurs by a number of dif-
ferent driving forces, including composition (ordinary),
pressure, temperature, and external force fields.

. Fick’s first law for steady-state diffusion states that
the mass-transfer flux by ordinary molecular diffu-
sion is equal to the product of the diffusion coefficient
(diffusivity) and the concentration gradient.

. Two limiting cases of mass transfer in a binary mixture
are equimolar counter diffusion (EMD) and unimolecular
diffusion (UMD). The former is a good approximation for
distillation. The latter includes bulk-flow effects.

. When data are unavailable, diffusivities (diffusion coeffi-
cients) in gases and liquids can be estimated. Diffusivities
in solids are best measured. For some solids, e.g., wood,
diffusivity is anisotropic.

. Diffusivities vary by orders of magnitude. Typical values
are 0.10, 1x107°, and 1x 10~ cm¥/s for ordinary
molecular diffusion of solutes in a gas, liquid, and an
amorphous solid, respectively.

. Fick’s second law for unsteady-state diffusion is readily
applied to semi-infinite and finite stagnant media, includ-
ing anisotropic materials.

. Molecular diffusion under laminar-flow conditions is
determined from Fick’s first and second laws, provided

€p.€y,€y  eddy diffusivities for mass, heat, and
momentum transfer, respectively,
(3-136)—(3-138)

/N moles, (3-69)

T sheer stress (3-125)

r liquid film flow rate per width of film flow,
(3-75)

0 dimensionless, fractional change in u, T, or c,
(3-142)

Subscripts

avg average

b bulk average, §3.6.1

1 interface, Figure 3.12

LP low pressure, Figure 3.3

t turbulent contribution (3-133)

w wall (3-108)

Superscripts

Summary

average

velocity profiles are available. Common cases include
falling liquid-film flow, boundary-layer flow on a flat
plate, and fully developed flow in a straight circular tube.
Results are often expressed in terms of a mass-transfer
coefficient embedded in a dimensionless group called
the Sherwood number. The mass-transfer flux is given
by the product of the mass-transfer coefficient and a
composition driving force.

. Mass transfer in turbulent flow can be predicted by anal-

ogy to heat transfer. The Chilton—Colburn analogy utilizes
empirical j-factor correlations with a Stanton number for
mass transfer. A more accurate equation by Churchill and
Zajic should be used for flow in tubes, particularly at high
Reynolds numbers.

. Models are available for mass transfer near a two-fluid

interface. These include film theory, penetration theory,
and surface-renewal theory. These predict mass-transfer
coefficients proportional to the diffusivity raised to
an exponent that varies from 0.5 to 1.0. Most exper-
imental data provide exponents ranging from 0.5
to 0.75.

. Whitman’s two-film theory is widely used to predict the

mass-transfer flux from one fluid, across an interface,
and into another fluid, assuming phase equilibrium at the
interface. One resistance is often controlling. The theory
defines an overall mass-transfer coefficient determined
from the separate coefficients for each of the phases and
the equilibrium relationship at the interface.
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3.4. How does Fick’s law of diffusion compare to Fouriers law of
heat conduction?

3.5. What is the difference between equimolar counter diffusion
(EMD) and unimolecular diffusion (UMD)?



Process Engineering Channel

@ProcessEng

3.6. What is the difference between a mutual diffusion coefficient
and a self-diffusion coefficient?

3.7. Atlow pressures, what are the effects of temperature and pres-
sure on the molecular diffusivity of a species in a binary gas
mixture?

3.8. What is the order of magnitude of molecular diffusivity in
cm?/s for a species in a liquid mixture? By how many orders
of magnitude is diffusion in a liquid slower or faster than dif-
fusion in a gas?

3.9. By what mechanisms does diffusion occur in porous solids?

3.10. What is the effective diffusivity?

3.11. Molecular diffusion in gases, liquids, and amorphous solids
ranges from slow to extremely slow. What is the best way to
increase rate of mass transfer in fluids?

3.12. What is the best way to increase the rate of mass transfer in
solids?

EXERCISES

Section 3.1

3.1. Evaporation of liquid from a beaker.

A beaker filled with an equimolar liquid mixture of ethyl alcohol
and ethyl acetate evaporates at 0°C into still air at 101 kPa (1 atm).
Assuming Raoult’s law, what is the liquid composition when half
of the ethyl alcohol has evaporated, assuming each component
evaporates independently? Also assume that the liquid is always well
mixed. The following data are available:

Vapor Pressure, Diffusivity in Air,
kPa at 0°C m?/s
Ethyl acetate (AC) 3.23 6.45 x 10°
Ethyl alcohol (AL) 1.62 9.29 x 107¢

3.2. Evaporation of benzene from an open tank.

An open tank, 10 ft in diameter, containing benzene at 25°C is
exposed to air. Above the liquid surface is a stagnant air film 0.2 inch
thick. If the pressure is 1 atm and the air temperature is 25°C, what is
the loss of benzene in Ib/day? The specific gravity of benzene at 60°F
is 0.877. The concentration of benzene outside the film is negligible.
For benzene, the vapor pressure at 25°C is 100 torr, and the diffusivity
in air is 0.08 cm?/s.

3.3. Countercurrent diffusion across a vapor film.

An insulated glass tube and condenser are mounted on a reboiler
containing benzene and toluene. The condenser returns liquid reflux
down the wall of the tube. At one point in the tube, the temperature is
170°F, the vapor contains 30 mol% toluene, and the reflux contains
40 mol% toluene. The thickness of the stagnant vapor film is esti-
mated to be 0.1 inch. The molar latent heats of benzene and toluene
are assumed equal. Calculate the rate at which toluene and benzene
are being interchanged by equimolar countercurrent diffusion at this
point in the tube in Ibmol/h-ft*>, assuming that the rate is controlled
by mass transfer in the vapor phase.

Gas diffusivity of toluene in benzene = 0.2 ft*/h. Pressure =
1 atm (in the tube). Vapor pressure of toluene at 170°F = 400 torr.

3.4. Rate of drop in water level during evaporation.

Air at 25°C and a dew-point temperature of 0°C flows past the
open end of a vertical tube filled with water at 25°C. The tube has an
inside diameter of 0.83 inch, and the liquid level is 0.5 inch below the
top of the tube. The diffusivity of water in air at 25°C is 0.256 cm?/s.

Exercises 83

3.13. What is the defining equation for a mass-transfer coefficient?
How does it differ from Fick’s law?

3.14. How is the mass-transfer coefficient analogous to the
heat-transfer coefficient?

3.15. For laminar flow, can expressions for the mass-transfer coeffi-
cient be determined from theory using Fick’s law? If so, how?

3.16. What is the difference between the Reynolds analogy and the
Chilton—Colburn analogy? Which is more useful? Why?

3.17. For mass transfer across a phase interface, what is the dif-
ference between the film, penetration, and surface-renewal
theories, particularly with respect to their dependence on
diffusivity?

3.18. What is the two-film theory of Whitman? Is equilibrium
assumed to exist at the interface of two phases?

(a) How long will it take for the liquid level in the tube to drop
3 inches?

(b) Plot the tube liquid level as a function of time for the time period
in part (a).

3.5. Mixing of two gases by molecular diffusion.

Two bulbs are connected by a tube that is 0.002 m in diameter
and 0.20 m long. Bulb 1 contains argon, and bulb 2 contains xenon.
The pressure and temperature are maintained at 1 atm and 105°C.
The binary diffusivity is 0.180 cm?/s. At time ¢ = 0, diffusion begins
for argon and xenon between the two bulbs. At a later time, the
argon mole fraction at End 1 of the tube is 0.75, and 0.20 at the other
end? Determine at the later time: (a) Rates and directions of mass
transfer of argon and xenon; (b) Transport velocity of each species;
(c) Molar-average velocity of the mixture.

Section 3.2

3.6. Measurement of diffusivity of toluene in air.

The diffusivity of toluene in air was determined experimentally
by allowing liquid toluene to vaporize isothermally into air from a
partially filled, 3-mm diameter, vertical tube. At a temperature of
39.4°C, it took 96 x 10* s for the level of the toluene to drop from
1.9 cm below the top of the open tube to a level of 7.9 cm below the
top. The density of toluene is 0.852 g/cm?, and the vapor pressure is
57.3 torr at 39.4°C. The barometer reading was 1 atm. Calculate the
experimental diffusivity and compare it with the value predicted from
(3-36). Neglect the counter diffusion of air.

3.7. Countercurrent molecular diffusion of H, and N, in a
tube.
A tube, 1 mm in inside diameter and 6 inches long, has hydrogen
blowing across one end and nitrogen across the other at 75°C.

(a) For equimolar counter diffusion, what is the rate of transfer of
hydrogen into nitrogen in mol/s? Estimate the diffusivity from
(3-36).

(b) For part (a), plot the mole fraction of hydrogen against distance
from the end of the tube past which nitrogen is blown.

3.8. Molecular diffusion of HCI across an air film.

HCl gas diffuses through a film of air 0.1 inch thick at 20°C. The
partial pressure of HCI on one side of the film is 0.08 atm and zero
on the other. Estimate the rate of diffusion in mol HCI/s-cm? if the
total pressure is (a) 10 atm, (b) 1 atm, (¢) 0.1 atm. The diffusivity of
HCl in air at 20°C and 1 atm is 0.145 cm?/s.
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3.9. Estimation of gas diffusivity.
Estimate the diffusion coefficient for a binary gas mixture of
nitrogen (A) and toluene (B) at 25°C and 3 atm using the method of
Fuller et al. or with a simulator.

3.10. Correction of gas diffusivity for high pressure.

For the mixture of Example 3.3, estimate the diffusion coefficient
at 100 atm using the method of Takahashi or the high-pressure method
in a simulator.

3.11. Estimation of infinite-dilution liquid diffusivity.

Estimate the diffusivity of carbon tetrachloride at 25°C in a dilute
solution of: (a) methanol, (b) ethanol, (¢) benzene, and (d) n-hexane
using the methods of Wilke—Chang and Hayduk—Minhas, either by
hand calculations or with a simulator. Compare values with the fol-
lowing experimental observations:

Solvent Experimental D, ;, cm?/s
Methanol 1.69 x 107 cm?¥/s at 15°C
Ethanol 1.50 x 1075 cm?/s at 25°C
Benzene 1.92 x 1075 cm?/s at 25°C
n-Hexane 3.70 x 107% cm¥/s at 25°C

3.12. Estimation of infinite-dilution liquid diffusivity.

Estimate the liquid diffusivity of benzene (A) in formic acid (B) at
25°C and infinite dilution from the Hayduk—Minhas equation, either
by hand calculations or using a simulator. Compare the estimated
value to that of Example 3.6 for formic acid at infinite dilution in
benzene.

3.13. [Estimation of infinite-dilution liquid diffusivity in
solvents.

Estimate the liquid diffusivity of acetic acid at 25°C in a dilute
solution of: (a) benzene, (b) acetone, (c) ethyl acetate, and (d) water
by manual calculations using the Hayduk—Minhas or Wilke—Chang
equation, or with a process simulator. Compare your values with the
following experimental data:

Solvent Experimental D, cm?/s
Benzene 2.09 x 107 cm?¥/s at 25°C
Acetone 2.92 x 107 cm?¥/s at 25°C

2.18 x 107 cm?¥/s at 25°C
1.19 x 107 cm?¥/s at 20°C

Ethyl acetate
Water

3.14. Vapor diffusion through an effective film thickness.

Water in an open dish exposed to dry air at 25°C vaporizes at a
constant rate of 0.04 g/h-cm? of interface area. If the water surface is
at the wet-bulb temperature of 11.0°C, calculate the effective gas-film
thickness (i.e., the thickness of a stagnant air film that would offer the
same resistance to vapor diffusion as is actually encountered).

3.15. Diffusion of alcohol through water and N,.

Isopropyl alcohol undergoes mass transfer at 35°C and 2 atm
under dilute conditions through water, across a phase boundary,
and then through nitrogen. Based on the data given below, estimate
for isopropyl alcohol: (a) the diffusivity in water using the Wilke
Chang equation; (b) the diffusivity in nitrogen using the Fuller et al.
equation; (c) the product, D,yp,,, in water; and (d) the product,
D 5P, in nitrogen, where p,, is the mixture molar density.

Compare: (e) the diffusivities in parts (a) and (b); (f) the results
from parts (c) and (d). (g) What do you conclude about molecular
diffusion in the liquid phase versus the gaseous phase?

Data: Component T.,°R P_,psia Z v, cm*/mol
Nitrogen 2273 4929  0.289 —
Isopropyl alcohol ~ 915 691 0.249 76.5

3.16. Estimation of liquid diffusivity over the entire composi-
tion range.

Experimental liquid-phase activity-coefficient data are given
below in terms of natural log functions for ethanol (1)-benzene
(2) at 45°C. Estimate and plot diffusion coefficients for both com-
ponents of the mixture versus composition using the equations of
Vignes. The diffusivities at infinite dilution are 2.51 x 107> cm?/s
for benzene and 3.4 x 10~ cm?/s for ethanol.

X Iny, Invy,

0.0374 2.0937 0.0220
0.0972 1.6153 0.0519
0.3141 0.7090 0.2599
0.5199 0.3136 0.5392
0.7087 0.1079 0.8645
0.9193 0.0002 1.3177
0.9591 -0.0077 1.3999

3.17. [Estimation of the diffusivity of an electrolyte.
Estimate the diffusion coefficient of NaOH in a 1-M aqueous solu-
tion at 25°C with the equation of Nernst and Haskell.

3.18. Estimation of the diffusivity of an electrolyte.

Estimate the diffusion coefficient of NaCl in a 2-M aqueous solu-
tion at 18°C using the equation of Nernst and Haskell. The experi-
mental value is 1.28 X 107 cm?/s.

3.19. Estimation of effective diffusivity in a porous solid.

Estimate the effective diffusivity of N, in H, in the pores of a
catalyst at 300°C and 20 atm if the porosity is 0.45 and the tortu-
osity is 2.5. Assume ordinary molecular diffusion in the pores with
D,y = 0.124 cm?/s from the Fuller et al. equation.

3.20. Diffusion of hydrogen through a steel wall.

Hydrogen at 150 psia and 80°F is stored in a spherical, steel
pressure vessel of inside diameter 4 inches and a wall thickness of
0.125 inch. The solubility of hydrogen in steel is 0.094 Ibmol /ft’,
and the diffusivity of hydrogen in steel is 3.0 x 10~ cm?/s. If the
inner surface of the vessel remains saturated at the existing hydrogen
pressure and the hydrogen partial pressure at the outer surface is
assumed to be zero, estimate: (a) initial rate of mass transfer of
hydrogen through the wall; (b) initial rate of pressure decrease inside
the vessel; and (c) time in hours for the pressure to decrease to
50 psia, assuming the temperature stays constant at 80°F.

3.21. Mass transfer of gases through a dense polymer
membrane.

A polyisoprene membrane of 0.8-pm (micron) thickness is used to
separate methane from H,. Using data in Table 14.9 and the following
partial pressures, estimate the mass-transfer fluxes.

Partial Pressures, MPa

Membrane Side 1 Membrane Side 2
Methane 2.5 0.05
Hydrogen 2.0 0.20
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Section 3.3

3.22. Diffusion of NaCl into stagnant water.

A 3-ft depth of stagnant water at 25°C lies on top of a 0.10-inch
thickness of solid NaCl. At time < 0, the water is pure. At time = 0,
the salt begins to dissolve and diffuse into the water. If the concen-
tration of salt in the water at the solid-liquid interface is maintained
at saturation (36 g NaCl/100 g H,O) and the diffusivity of NaCl is
1.2 x 107 em?/s, independent of concentration, estimate, by assum-
ing the water to act as a semi-infinite medium, the time and the
concentration profile of salt in the water when: (a) 10% of the salt
has dissolved; (b) 50% of the salt has dissolved; and (¢) 90% of the
salt has dissolved.

Section 3.4

3.23. Diffusion of oxygen in a laminar-flowing film of water.

Estimate the rate of absorption of oxygen at 10 atm and 25°C into
water flowing as a film down a vertical wall 1 m high and 6 cm in
width at a Reynolds number of 50 without surface ripples. Diffu-
sivity of oxygen in water is 2.5 x 10~ cm?/s and the mole fraction
of oxygen in water at saturation is 2.3 x 107*. Viscosity of water =
0.89 cP. Neglect the vaporization of water.

3.24. Diffusion of carbon dioxide in a laminar-flowing film of
water.

For Example 3.11, determine at what height the average concen-
tration of CO, would correspond to 50% saturation.

3.25. Evaporation of water from a film on a flat plate into flow-
ing air.

Air at 1 atm flows at 2 m/s along a 2-inch-long surface that is
covered with a thin film of water. Assume the water surface in not
rippled. If the air and water are at 25°C and the diffusivity of water in
air is 0.25 cm?/s, estimate the water mass flux for the evaporation of
water at the middle of the surface, assuming laminar boundary-layer
flow. Is this assumption reasonable? For air, viscosity = 0.018 cP.
Vapor pressure of water = 0.46 psi.

3.26. Diffusion of a thin plate of naphthalene into flowing air.

Air at 1 atm and 100°C flows across a thin, flat plate of sub-
liming naphthalene that is 1 m long. The Reynolds number at the
trailing edge of the plate is at the upper limit for a laminar boundary
layer. Estimate: (a) the average rate of sublimation in kmol/ s-m?; and
(b) the local rate of sublimation at 0.5 m from the leading edge. Phys-
ical properties are given in Example 3.12.

3.27. Sublimation of a circular naphthalene tube into air flow-
ing through it.

Air at 1 atm and 100°C flows through a straight, 5-cm i.d. tube,
cast from naphthalene, at a Reynolds number of 1,500. Air entering
the tube has an established laminar-flow velocity profile. Properties
are given in Example 3.12. If pressure drop is negligible, calculate the
length of tube needed for the average mole fraction of naphthalene in
the exiting air to be 0.005.

3.28. Evaporation of a spherical water drop into still, dry air.
A spherical water drop is suspended from a fine thread in still,
dry air. Show: (a) that the Sherwood number for mass transfer from
the surface of the drop into the surroundings has a value of 2 if the
characteristic length is the diameter of the drop. If the initial drop
diameter is 1 mm, the air temperature is 38°C, the drop temperature
is 14.4°C, and the pressure is 1 atm, calculate (b) initial mass of
the drop in grams; (c) initial rate of evaporation in grams per sec-
ond; (d) time in seconds for the drop diameter to be 0.2 mm; and
(e) initial rate of heat transfer to the drop. If the Nusselt number is
also 2, is the rate of heat transfer sufficient to supply the required
heat of vaporization and sensible heat? If not, what will happen? The
binary gas diffusion coefficient is 0.273 cm?/s. The vapor pressure
of water at 14.4°C is 12.3 torr. The thermal conductivity of air at
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38°C is 58 X 107° cal/s-cm?-(°C/cm). The specific heat of steam
is 0.44 cal/g-°C and the heat of vaporization of water at 14.4°C is
589 cal/g.

Section 3.5

3.29. Dissolution of a tube of benzoic acid into flowing water.

Water at 25°C flows turbulently at 5 ft/s through a straight, cylin-
drical tube cast from benzoic acid, of 2-inch i.d. If the tube is 10 ft
long, and fully developed, turbulent flow is assumed, estimate the
average concentration of acid in the water leaving the tube. Physical
properties are in Example 3.13.

3.30. Sublimation of a naphthalene cylinder to air flowing nor-
mal to it.

Air at 1 atm flows at a Reynolds number of 50,000 normal to a
long, circular, 1-inch-diameter cylinder made of naphthalene. Using
the physical properties of Example 3.12 for a temperature of 100°C,
calculate the average sublimation flux in kmol/s-m?.

3.31. Sublimation of a naphthalene sphere to air flowing past it.

For the conditions of Exercise 3.30, calculate the initial average
rate of sublimation in kmol/s-m? for a spherical particle of 1-inch
initial diameter. Compare this result to that for a bed packed with
naphthalene spheres with a void fraction of 0.5.

Section 3.6

3.32. Stripping of CO, from water by air in a wetted-
wall tube.

Carbon dioxide is stripped from water by air in a wetted-wall tube.
Atalocation where pressure is 10 atm and temperature 25°C, the flux
of CO, is 1.62 Ibmol /h-ft*. The partial pressure of CO, is 8.2 atm at
the interface and 0.1 atm in the bulk gas. The diffusivity of CO, in
air at these conditions is 1.6 X 1072 cm?/s. Assuming turbulent flow,
calculate by film theory the mass-transfer coefficient k_ for the gas
phase and the film thickness.

3.33. Absorption of CO, into water in a packed column.

Water is used to remove CO, from air by absorption in a column
packed with Pall rings described in Chapter 6. At a region of the col-
umn where the partial pressure of CO, at the interface is 150 psia and
the concentration in the bulk liquid is negligible, the absorption rate is
0.017 Ibmol /h-ft*. The CO, diffusivity in water is 2.0 X 107> cm?/s.
Henry’s law for CO, is p = Hx, where H = 9,000 psia. Calculate:
(a) liquid-phase mass-transfer coefficient and film thickness; (b) con-
tact time for the penetration theory; and (c) average eddy residence
time and the probability distribution for the surface-renewal theory.
3.34. Determination of diffusivity of H,S in water.

Determine an average diffusivity of H,S in water, using penetra-
tion theory, from the data below for absorption of H,S into a laminar
jet of water at 20°C. Jet diameter = 1 cm, jet length = 7 c¢m, and sol-
ubility of H,S in water = 100 mol/m®. Assume the contact time is
the time of exposure of the jet. The average rate of absorption varies
with jet flow rate:

Jet Flow Rate, cm?/s Rate of Absorption, mol/s x 10°

0.143 1.5

0.568 3.0

1.278 4.25

2.372 6.15

3.571 7.20

5.142 8.75
Section 3.7

3.35. Vaporization of water into air in a wetted-wall column.
In a test on the vaporization of H,O into air in a wetted-wall
column, the following data were obtained: tube diameter = 1.46 cm;
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wetted-tube length = 82.7 cm; air rate to tube at 24°C and 1 atm =
720 c¢cm?/s; inlet and outlet water temperatures are 25.15°C and
25.35°C, respectively; partial pressure of water in inlet air is
6.27 torr and in outlet air is 20.1 torr. The diffusivity of water vapor
in air is 0.22 cm?/s at 0°C and 1 atm. The mass velocity of air is

taken relative to the pipe wall. Calculate: (a) rate of mass transfer of
water into the air; and (b) K; for the wetted-wall column.

3.36. Absorption of NH; from air into aq. H,SO, in a wetted-
wall column.

The following data were obtained by Chamber and Sherwood
[Ind. Eng. Chem. 29, 1415 (1937)] on the absorption of ammonia
from an ammonia-air mixture by a strong acid in a wetted-wall
column 0.575 inch in diameter and 32.5 inches long:

Inlet acid (2-N H,SO,) temperature, °F 76
Outlet acid temperature, °F 81

Inlet air temperature, °F 77
Outlet air temperature, °F 84
Total pressure, atm 1.00
Partial pressure NH; in inlet gas, atm 0.0807
Partial pressure NH; in outlet gas, atm 0.0205
Air rate, lbmol/h 0.260

The operation was countercurrent with gas entering at the bottom
of the vertical tower and the acid passing down in a thin film on
the vertical, cylindrical inner wall. The change in acid strength was
negligible, and the vapor pressure of ammonia over the liquid is
negligible because of the use of a strong acid for absorption. Calculate
the mass-transfer coefficient, kp’ from the data.

3.37. Overall mass-transfer coefficient for a packed cooling
tower.

A cooling-tower packing was tested in a small column. At two
points in the column, 0.7 ft apart, the data below apply. Calculate the
overall volumetric mass-transfer coefficient K a that can be used to
design a large, packed-bed cooling tower, where a is the mass-transfer
area, A, per unit volume, V, of tower.

Bottom Top
Water temperature, °F 120 126
Water vapor pressure, psia 1.69 1.995
Mole fraction H,O in air 0.001609 0.0882
Total pressure, psia 14.1 14.3
Air rate, lbmol/h 0.401 0.401
Column cross-sectional area, ft> 0.5 0.5
Water rate, Ibmol/h (approximation) 20 20
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Chapter 4

Single Equilibrium Stages and Flash Calculations

§4.0 INSTRUCTIONAL OBJECTIVES

After completing this chapter, you should be able to:

o Explain what a single equilibrium stage is and why it may be insufficient to achieve a desired separation.
o Extend Gibbs’ phase rule for an equilibrium stage to include extensive variables so that the number of degrees of
freedom, which is the number of variables minus the number of independent relations among the variables, can be

determined.

e Use T—y—x and y—x diagrams of binary mixtures, in conjunction with a g-line, to determine equilibrium compositions.
e Understand the difference between minimum- and maximum-boiling azeotropes.

e Calculate bubble-point, dew-point, and equilibrium-flash conditions.

o Use triangular phase diagrams for ternary systems with component material balances to determine equilibrium com-

positions of liquid—liquid mixtures.

o Use distribution coefficients with component material-balance equations to calculate liquid—liquid phase equilibria

for multicomponent systems.

e Use equilibrium diagrams together with material balances to determine amounts and compositions for solid—fluid
systems (sublimation, desublimation, and adsorption) and for gas absorption in liquids.

When separations require phase creation or phase addition
as in Figure 1.6(a) and (b), two questions are pertinent:
(1) What is the temperature, pressure, and composition of the
phases at equilibrium? (2) How long does it take to closely
approach equilibrium? The first question is answered by
thermodynamics; the second by the rates of diffusion and
chemical kinetics. Thermodynamic equilibrium includes both
physical (phase) equilibrium and chemical (reaction) equi-
librium. This textbook considers, with few exceptions, only
physical equilibrium. Possible chemical reactions are, in most
cases, assumed to be too slow to occur during the interval that
mixtures are being separated. This assumption is not an impor-
tant limitation because with the exception of ionic reactions
in aqueous phases or catalyzed chemical reactions, chemical-
reaction rates are much slower than mass-transfer rates.

This chapter describes separations by phase creation and
phase addition in a single equilibrium step (a stage), as illus-
trated by separation operations in Tables 1.1 and 1.2. At phase
equilibrium, molecules are still moving in both directions
across phase boundaries, but no further temperature, pressure,
or phase composition changes occur. Thus, the equilibrium is
dynamic rather than static. Both the temperature and pressure
are equal in each phase, but the phase compositions differ
except for azeotropic mixtures. These composition differences
allow mixtures to be separated when the phases disengage.

The phases in equilibrium may be gas, liquid, or solid.
Most common are (1) a vapor and a liquid, (2) two partially
immiscible liquids, and (3) two immiscible liquids and a
vapor. Examples of all three are presented in this chapter.

More than two phases can be in physical equilibrium. An
extreme example of multiple-phase (multiphasic) equilibrium
is the seven-component system at near-ambient conditions
shown in Figure 4.1. The phase on top is air followed by six
partially miscible liquid phases of increasing density. Each of
the seven phases contains all seven components. In most of
the phases, mole fractions of many of the components range
from small to very small. For example, the aniline-rich phase
contains on the order of 10 mol% n-hexane and 20 mol%
water, but much less than 1 mol% each of dissolved air,
phosphorous, gallium, and mercury. Even though each phase
is not in direct contact with more than two other phases, all
are in equilibrium with each other. For example, even though

Air

n-hexane-rich
liquid

Aniline-rich
liquid

Water-rich
liquid

Phosphorous
liquid

Gallium
liquid

Mercury
liquid

Figure 4.1 Seven phases in physical equilibrium.
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the n-hexane-rich phase is not in direct contact with the
water-rich phase, approximately 0.06 mol% water is present
in the n-hexane-rich phase at physical equilibrium.

§4.1 GIBBS’ PHASE RULE AND DEGREES
OF FREEDOM

The theoretical foundation for phase equilibrium is the Gibbs’
phase rule, derived by J. Willard Gibbs at Yale University in
1875. Consider an equilibrium system consisting of one or
more phases, Np, with one or more chemical components, C.
In the absence of chemical reactions; and for negligible
gravitational, electrical, magnetic, and surface forces, the
intensive thermodynamic variables (those independent of
the mass) are: temperature, 7'; pressure, P; and composition,
e.g., in mole fractions. Let Ny, = the number of variables and
Ng = the number of independent equations that relate the
intensive variables. Then, the number of degrees of freedom
for the system is Np = Ny — Ng, where N is the number
of variables that must be specified so that the remaining
variables can be determined from the independent equations.
The Gibbs’ phase rule, which is derived below is

ND=C—NP+2‘ (4-1)

Consider a one-component system (C = 1) of H,O. The phase
diagram is shown in Figure 4.2 in the form of phase bound-
aries in terms of P and 7. Phase boundaries are shown between
vapor (water vapor or steam) and liquid (water), vapor and
solid (ice), and liquid (water) and solid (ice). If Np = 1, appli-
cation of (4-1) gives Ny, = 2. Since the mole fraction is fixed at
1.0, the only intensive variables remaining are 7 and P, both
of which must be specified to fix the state of the system. As
shown in Figure 4.2, single phases of water vapor, water, and
ice exist over ranges of 7" and P.

If instead of one phase, Np = 2, (4-1) gives Nj, = 1. We can
only specify T or P, each of which is the same for both phases.
As shown in Figure 4.2, the remaining intensive variable must
lie on a phase boundary, for example on the vapor pressure

critical
point
218

P, atm

0.006

7 S T R
0.01 T,°C

Figure 4.2 Phase diagram for H,0O.

curve for water in equilibrium with steam. Finally, if we let
Np =3, Np = 0and both 7 and P are fixed for all three phases,
resulting in a unique triple point shown in Figure 4.2.

The application of (4-1) to binary and multicomponent sys-
tems is elaborated in the remaining sections of this chapter,
after the following derivation of the Gibbs’ phase rule. The
number of intensive thermodynamic variables in a multiphase,

multicomponent system is
Ny =Np(C+2) (4-2)

where NpC = number of composition variables (e.g.,

mole fractions) and 2 Np is for T and P of each phase. The

number of independent equations is
Ng=Np+(C+2)(Np— 1) (4-3)

where the first term on the RHS of (4-3) refers to the require-
ment that the mole fractions in each phase must sum to one.
For example, if the phase is a vapor,

c
ZYi =1
i=1

(4-4)

If the phase is a liquid,

Zx,-:l

i=1

(4-5)

The second term on the RHS of (4-3) accounts for phase
equilibrium for (C + 2) conditions, namely C chemical com-
positions, 7, and P. As shown in §2.1 on phase equilibria in
Chapter 2, compositions for two phases in equilibrium are
commonly and most conveniently expressed by component
K-values in terms of ratios of mole fractions in the two phases.
For vapor—liquid equilibrium for component i,

_ mole fraction of i in the vapor phase
=

=yi/x;  (4-6)

mole fraction of i in the liquid phase

For liquid (1)-liquid (2) phase equilibrium, the K-value is a
distribution or partition coefficient, which for component i is

_mole fraction of i in liquid phase 1 _
i " mole fraction of i in liquid phase 2

p A @

K-values, (4-6) and (4-7), are widely used as a measure of
the degree to which a chemical component distributes between
two phases. For vapor-liquid equilibrium, high K-values favor
the vapor phase, while low K-values favor the liquid phase.
K-values are thermodynamic properties and need not be
counted as variables because they depend on the intensive var-
iables T, P, and the mole fractions of all components in the
system, as discussed in Chapter 2.

For T and P, the equilibrium equations are
I=T=--=1y, (4-8)
Py =Py =---=Py, (4-9)

where the subscripts denote the phase.
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Note that in (4-3), the number of conditions, C + 2, is mul-
tiplied by (Np — 1) because each condition is in terms of two
phases. For example, for three phases at equilibrium: 7| = T;
T, = Tz; and T = T5. However, only two of these equations
are independent because, for example, the third equation can
be derived by combining the first two equations to eliminate
T,. Subtracting (4-3) from (4-2) gives (4-1), Gibbs’ phase rule:

Np =Ny = Ny = Np(C +2) — [Np + (C + 2)(Np — )]

EXAMPLE 4.1 Equilibrium Phase Conditions for a
Three-Phase System

For three components (A, B, and C), a vapor phase (V) and two liquid
phases (L, and L;;) with mole fractions, y,, x!, and x" are at physical
equilibrium.

(a) By Gibbs’ phase rule, how many degrees of freedom are there?

(b) If the temperature and pressure of the vapor phase are specified,
can any other intensive variables be specified? If so, what would
you specify?

(¢c) Whatarethe N, (C +2) = 3 (3 +2) = 15 intensive variables that
apply?

(d) Write the N, + (C+2)(Np,—1) =34+ (3+2)(3 - 1) = 13 inde-
pendent equations that apply.

Solution

(a) From (4-1),N, =C—N, +2=3-3+2=2.

(b) Since T, and P, are specified and N, = 2, no other intensive vari-
ables can be specified.

) R (R L B | (R 1§
(©) Ty, T; . Ty Pys Pra P Y as Vs Yoo Xas Xps Xos X Xga Xe

a 7, = TL[, T, = TL”,PV = PL[,PV = PLu (Why isn’t TL[ = TL[I
included?)

Zyi= 1,2x§= 1,2xl1.1= 1
K =y,/x,i=AB,CK'=y/x',i=A,B,C

(Why isn’t K;, =x;/x',i = A, B, C included?)

§4.2 BINARY VAPOR-LIQUID SYSTEMS
AT EQUILIBRIUM

Experimental vapor-liquid equilibrium (VLE) data for binary
systems are widely available. The data are for either isobaric
or isothermal conditions, with isobaric conditions being most
common and useful. The data are presented in the form of
(1) tables like Tables 4.1 and 4.2; (2) plots like Figure 4.3; and
(3) correlation parameters for equations of state and activity-
coefficient equations of the type discussed in Chapter 2. The
most complete single source of VLE data is the computer-
ized Dortmund Data Bank (DDB) (www.ddbst.com), started
in 1973 under J. Gmehling of the University of Dortmund. The
2013 version of DDB contains 34,116 sets of VLE data. The
DDB software package (DDBSP) is designed to be accessed
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Table 4.1 VLE Data for Three Binary Systems at 1 atm Pressure

a. Water (A)-Glycerol (B) System
P =101.3kPa
Data of Chen and Thompson, J. Chem. Eng. Data, 15, 471 (1970)

Temperature, °C Va Xy NS
100.0 1.0000 1.0000
104.6 0.9996 0.8846 333
109.8 0.9991 0.7731 332
128.8 0.9980 0.4742 544
1438.2 0.9964 0.3077 627
175.2 0.9898 0.1756 456
207.0 0.9804 0.0945 481
244.5 0.9341 0.0491 275
282.5 0.8308 0.0250 191
290.0 0.0000 0.0000
b. Methanol (A)-Water (B) System
P =101.3kPa
Data of J.G. Dunlop, M.S. thesis, Brooklyn Polytechnic
Institute (1948)
Temperature, °C Ya BN NS
64.5 1.000 1.000
66.0 0.958 0.900 2.53
69.3 0.870 0.700 2.87
73.1 0.779 0.500 3.52
78.0 0.665 0.300 4.63
84.4 0.517 0.150 6.07
89.3 0.365 0.080 6.61
93.5 0.230 0.040 7.17
100.0 0.000 0.000

c¢. Para-xylene (A)-Meta-xylene (B) System
P =101.3 kPa
Data of Kato, Sato, and Hirata, J. Chem. Eng. Jpn., 4, 305 (1970)

Temperature, °C Va Xy U p
138.335 1.0000 1.0000
138.491 0.8033 0.8000 1.0041
138.644 0.6049 0.6000 1.0082
138.795 0.4049 0.4000 1.0123
138.943 0.2032 0.2000 1.0160
139.088 0.0000 0.0000

by process simulators and is available to users of Aspen Plus,
CHEMCAD, and ProSimPlus.

§4.2.1 Zeotropic Binary Mixtures

Binary mixtures are zeotropic or azeotropic. At equilibrium,
vapor and liquid phases of a zeotropic mixture never have the
same composition. An azeotropic mixture at equilibrium has
identical compositions of the vapor and the liquid (y; = x;).
Table 4.1 presents experimental VLE data for three binary
systems at 1 atm (101.3 kPa). Each row of data includes
the temperature and the phase compositions, y, and x,,
of, by convention, the more volatile component. By Gibbs’
phase rule, (4-1), with two phases and two components,
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Np=2-242=2.In Table 4.1, the pressure is specified.
Therefore, if x, is specified, then the temperature and y,
are fixed. Because yg3 =1—y, and xg = 1 —x,, the mole
fractions of the less volatile component need not be included
in the table.

For each of the three mixtures in Table 4.1, the first row
of data corresponds to the boiling-point temperature at the
system pressure of A, the more volatile component. The last
row of the table corresponds to the boiling-point temperature
of the less volatile component. Temperatures in the interme-
diate rows of data are between the boiling points of the two
components.

Table 4.1 also includes in the last column of each row
(except when one of the two components is not present) the
calculated value of the relative volatility, a, , defined by

- Ka — a/xa) _ (a/xa)
AB T Ky T Op/re)  (1—y0)/(1—xp)

For example, for the methanol (A)-water (B) system of
Table 4.1b, when x, = 0.500, y, = 0.779. Therefore, using
(4-6), Ky =ya /x4 =0.779/0.500=1.558 and Kz =(1 —y,)/
(1-x,)=01-0.779)/(1 — 0.500) = 0.442. From (4-10),
ayp = 1.558/0.442 = 3.52.

The relative volatility of a binary mixture, o, g, is a ther-
modynamic separation index that is a measure of the degree
of difficulty for the separation of a more volatile component
from a less volatile component by the three separation opera-
tions in Table 1.1: (1) partial vaporization of the mixture when
a liquid, (2) partial condensation of the mixture when a vapor,
or (3) multistage distillation. For a mixture, a, p is a function
of pressure, temperature, and phase compositions.

For the water—glycerol system in Table 4.1a, the difference
in boiling points is 190°C. Accordingly, o, g values are very
high, and a separation by a single equilibrium stage with
Operations (1) or (2) in Table 1.1 may be sufficient. Industri-
ally, the separation is often conducted in an evaporator, which
produces nearly pure water vapor and a solute-rich liquid.
For example, as seen in the Table 4.1a, at 1 atm and 207°C,
a vapor of 98 mol% water is in equilibrium with a liquid
containing more than 90 mol% glycerol.

For the methanol-water system, in Table 4.1b, the differ-
ence in boiling points is 35.5°C and a,p values are more
than an order of magnitude lower than for the water—glycerol
system. A suitable separation cannot be made with a single
equilibrium stage. Typically, a 30-stage distillation column
is required to obtain a 99 mol% methanol distillate and a
98 mol% water bottoms.

For the paraxylene-metaxylene isomer system in
Table 4.1c, the boiling-point difference is only 0.723°C and the
relative volatility is very close to 1.0, making separation by
distillation economically impractical because about 1,000
stages would be required to produce nearly pure products.
Instead, crystallization and adsorption, which have much
higher separation indices than the relative volatility, are used
commercially.

Phase-equilibrium calculations and visualization of phase
conditions using VLE data sets like those in Table 4.1 are
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Figure 4.3 Plots of VLE data for methanol-water at 1 atm.
(a) T-y—x plot. (b) y—x plot.

conveniently made from plots of the data. Most useful are
T—y,—x, and y,—x, plots for isobaric conditions. Such plots
for the methanol-water system in Table 4.1b are shown in
Figure 4.3. All of the data appear in the 7—y,—x, plot of
Figure 4.3a, while temperature does not appear in the y,—x,
plot of Figure 4.3b.

The T—y—x plot is useful for determining phase states,
phase-transition temperatures, phase compositions, and phase
amounts for a given pressure. Consider the T—y—x plot in
Figure 4.4 for the n-hexane (H)-n-octane (O) system at
101.3 kPa.

Figure 4.4 has two curves labeled “Saturated vapor” and
“Saturated liquid.” The two curves converge at xy = 0, the
normal boiling point of n-octane (258.2°F), and at xyy = 1,
the boiling point of normal hexane (155.7°F). Mixture con-
ditions above the saturated vapor curve correspond to a super-
heated vapor. Conditions below the saturated liquid curve
correspond to a subcooled liquid. Two-phase mixtures only
exist at conditions on or between the two curves. Temperatures
along the saturated vapor curve are called dew-point temper-
atures, while temperatures along the saturated liquid curve are
bubble-point temperatures.

Consider a mixture of 30 mol% H at 150°F at point A in
Figure 4.4. Point A is a subcooled liquid. When this mixture
is heated at 1 atm, it remains liquid until a temperature of
210°F, point B, is reached. This is the bubble point where
the first bubble of vapor appears. The bubble is a saturated
vapor in equilibrium with the liquid at the same temperature.
The composition of the bubble is determined by following
a dashed tie line, BC, from x;; = 0.3 to y; = 0.7. This tie
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Figure 4.4 T-y,x phase equilibrium diagram for the
n-hexane—n-octane system at 1 atm.

line is horizontal because the phase temperatures are equal.
If the temperature of the mixture at point B is increased to
point E at 225°F, two distinct phases are at equilibrium. From
horizontal tie line DEF, the mole fraction of H in the liquid
phase decreases to x; = 0.17 (because it is more volatile than
O and preferentially vaporizes), and the mole fraction of H
in the vapor phase increases to yy = 0.55. It is important to
note that throughout the two-phase region, the equilibrium
vapor is at its dew point, and the equilibrium liquid is at its
bubble point. Of course, the overall composition of the two
phases remains at a mole fraction of 0.30 for hexane. At point
E, the relative molar amounts of the vapor (V) and liquid (L)
phases are determined by the inverse-lever-arm rule using
the lengths of line segments DE and EF. In Figure 4.4, the
molar ratio V/L = DE/EF (not EF/DE). When the tem-
perature is increased to 245°F, point G, the dew point for
yu = 0.3, is reached, where the last droplet of liquid evapo-
rates. An increase in temperature to point H at 275°F gives a
superheated vapor with yy = 0.30.

Constant-pressure y—x plots like Figure 4.3b are useful
because the vapor-and-liquid compositions are points on the
equilibrium curve. Such plots usually include a 45° reference
line, y = x. The y—x plot of Figure 4.5 for H-O at 1 atm is
convenient for determining compositions as a function of
mole-percent vaporization by geometric constructions.

Consider a feed mixture of F' moles, of overall composi-
tion zy; = 0.6. To determine the phase compositions of the
equilibrium vapor (V) and liquid (L) if 60 mol% of the feed
is vaporized, make the dashed-line construction in Figure 4.5.
Point A on the 45° line represents z;;. Point B is reached on the
phase equilibrium curve by extending the dashed line, called
the g-line, upward and to the left toward the equilibrium curve
at a slope equal to [(V/F)—1]/(V/F). Thus, for 60 mol%
vaporization, the slope = (0.6 — 1)/0.6 = —2/3. Point B at
the intersection of line AB with the equilibrium curve is
the equilibrium composition yy = 0.76 and x;; = 0.37. The
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Figure 4.5 y—x phase-equilibrium diagram for the
n-hexane—n-octane system at 1 atm.

equation for the slope of the g-line in Figure 4.5 is derived by
combining a component material balance

FZH = V)’H + LXH
with the total mole balance,
F=V+L

to eliminate L, giving the g-line equation:

V/F)-1 1
- [( /F) ]XH+ [(V/F)]ZH @-11)

(V/F)
Thus, the slope of the g-line passing through the equilibrium
point (v, x) is [(V/F) — 11/(VIF). 1t is easily verified that the
g-line equation does pass through the point z; = xy; = yy on
the 45° line.

§4.2.2 Azeotropic Binary Mixtures

At vacuum or near-ambient pressures, when the ideal gas law
holds, the vapor-liquid equilibrium ratio (K-value) for each
component in a mixture can be expressed by the modified
Raoult’s law, derived in Chapter 2:

Yi _ Yali
K="="11 4-12
box P ( )

]

where y;; is the activity coefficient for component i in the lig-
uid phase, P} is the vapor (saturation) pressure of component
i, and P is the total pressure. The activity coefficient accounts
for nonideal behavior of the components in the liquid solution
and typically, but not always, has values greater than 1.0.

If the liquid phase is an ideal solution, liquid-phase activity
coefficients of all components are equal to 1.0 and

y; P
K=2="1 4-13
i=.=p (4-13)

1

Equation (4-13) is called the Raoult’s law K-value, while
(4-12) is the modified Raoult’s law K-value.
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When a liquid solution is ideal and (4-13) applies, azeo-
tropes will only occur when the vapor pressure curves for the
two components cross each other in the temperature range
between the two boiling points at the system pressure. When
the liquid solution is nonideal and (4-12) applies, the variation
of activity coefficients with composition often cause azeotrope
formation even when the vapor-pressure curves do not cross.
The DDB contains more than 53,200 azeotropic data points.

Liquid-phase activity coefficients can be readily estimated
from binary VLE data when the system pressure is low enough
that (4-12) applies and vapor pressure data are available for the
two components. This is illustrated in the following example.

EXAMPLE 4.2 Calculation of Activity Coefficients from
Binary VLE Data.

In Table 4.1b, at 101.3 kPa and 66.0°C, methanol equilibrium
mole fractions are y = 0.958 and x = 0.900. From the DDB, the
vapor pressures of methanol and water are respectively, 107.2 kPa
and 26.08 kPa. Calculate the liquid-phase activity coefficients of
methanol and water for these conditions.

Solution

Equation (4-12) applies.

yaP _ 0.958(101.3)
x, Py 0.900(107.2)
ygP (1 —0.958)(101.3)
xgPy (1 —0.900)(26.08)

For methanol (A), v, = = 1.006

= 1.631

For water (W), yg =

Values of y for the other conditions in Table 4.1b are
obtained in the same manner as in Example 4.2. The set of
values can then be fitted to liquid-phase activity-coefficient
models of the type discussed in §2.6. For example, suppose
the two-parameter Wilson equation of Table 2.8 is selected to
fit the methanol-water VLE data. The equations are:

Iny, = —In(xy + Appxp)
+xg Apg _ Aga
Xp + ApgXp X+ Agaxa
Inyg = —1In(xg + Agaxa) (4-14)

. ApB
A Xp + Appxp

_ Aga
Xg + Agpxa
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The Wilson parameters, A p and Ag,, are determined (from
the values of y, and yg calculated from the experimental VLE
data and the corresponding liquid mole fractions) by iterative
nonlinear regression, to minimize the objective function (OF):

expt cale \ 2 expt cale \ 2
_ YA —YA YB. —7YB
or=2, l( Ya© > ’ < B ) ]

where y**Pt values are those from the experimental VLE data as
in Example 4.2 and y°¥° are the values calculated from (4-14)
for a set of parameters A .5 and Ag, . Using the nlinfit function
of MATLAB, the converged parameter set is found by regres-
siontobe A g = 0.449748 and A g = 0.991449. Many of the
experimental VLE data sets in the DDB have been regressed
to provide parameters for the more widely used liquid-phase
activity-coefficient models. These results are included in the
DDBSP available to users of process simulators to predict
K-values.

The modified Raoult’s law, (4-12), using activity-coefficient
models is widely used when separations involve azeotropic
mixtures. Binary azeotropic mixtures exhibit mainly
minimum-boiling azeotropes, where, under isobaric condi-
tions, the azeotrope boils at a temperature below the boiling
point of either of the two pure components. At the azeotropic
composition, both K-values and the relative volatility are 1.

Figure 4.6 shows y—x and T—y—x plots for the system
isopropyl ether (1)—-isopropyl alcohol (2) at 1 atm. Their
normal boiling points are 68.5°C and 82.5°C, respectively.
A minimum-boiling azeotrope forms at 66°C with an iso-
propyl ether mole fraction of 0.78. The liquid-phase activity
coefficients for the system of Figure 4.6 are not less than 1.0
and as high as 3.8 over the composition range. Such behavior
constitutes a positive deviation from Raoult’s law (4-13).

Less common are maximum-boiling azeotropes, where
the azeotrope boils at a temperature greater than the pure-
component boiling points. Figure 4.7 shows y—x and T—y—x
plots for the system acetone (1)—chloroform (2) at 1 atm. Their
normal boiling points are 56°C and 61.2°C, respectively. A
maximum-boiling azeotrope forms at approximately 66°C
with an acetone mole fraction of approximately 0.40. The
liquid-phase activity coefficients for the system in Figure 4.7
are not greater than 1.0 and as low as 0.37 over the composition

T T T T T T T
90
80

70 [—

Temperature, °C
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Figure 4.6 VLE diagrams for isopropyl ether (1)—isopropyl alcohol (2) at 1 atm showing a minimum-boiling azeotrope.
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Figure 4.7 VLE diagrams for acetone (1)—chloroform (2) at 1 atm showing a maximum-boiling azeotrope.

range. Such behavior is referred to as a negative deviation
from Raoult’s law (4-13).

Azeotropes are not restricted to binary mixtures. Many
azeotropes have been observed for systems of more than
two components. The two systems of Figures 4.6 and 4.7
form, at equilibrium, homogenous azeotropes with just
one liquid phase. Some systems at equilibrium form het-
erogeneous azeotropes with two liquid phases, where the
overall mole fractions in the combined liquid phases equal
the mole fractions in the vapor. Heterogeneous azeotropes
of even three liquid phases and one vapor phase have been
observed for some mixtures of three or more components. The
separation of azeotropic mixtures is considered in detail in
Chapter 11.

§4.3 EQUILIBRIUM TWO-PHASE FLASH
CALCULATIONS

As discussed in §4.2, phase-equilibrium calculations for
binary vapor-liquid systems are readily made on plots of
experimental 7—y—x and y—x data without the need to use
K-values. This is particularly convenient and accurate when
the liquid phase exhibits nonideal behavior. For multicom-
ponent systems of more than two components, graphical
methods are not convenient and common practice is to make
calculations using (1) component material balances coupled
with (2) K-value expressions, such as (4-12) and (4-13), and
(3) an energy balance if heat transfer occurs. The calculations,
referred to as flash calculations, are best made with process
simulators, which can provide the necessary thermodynamic
properties including vapor pressures, activity coefficients, and
enthalpies by accessing property correlations in data banks
such as the DDBSP.

A flash is a single-equilibrium-stage distillation in which
a liquid feed is partially vaporized to give a vapor richer than
the feed in the more volatile components. In Figure 4.8, a pres-
surized liquid feed is heated and flashed adiabatically across a
valve to a lower pressure, resulting in creation of a vapor phase
that is separated from the remaining liquid in a flash drum.
Alternatively, the valve can be omitted and a liquid can be par-
tially vaporized in a heater and then separated into two phases.
Also, in Figure 4.9, a vapor feed can be cooled and partially
condensed to give, after phase separation, a liquid richer in the

Flash drum V, v, by
Py, Ty

Liquid _F
feed

Py, Ty
L, x; hy,
Figure 4.8 Continuous flash vaporization
Vi hy
Py, Ty
Partial
condenser
Vapor _1 3 /.\
feed hy
Tr, P 0
P, T,
Flash drum Ly xi by,

Figure 4.9 Continuous partial condensation.

less volatile components. For properly designed systems, the
streams leaving the flash drum will be in phase equilibrium.
Several types of flash calculations are available in process
simulators depending upon what variables are specified. Flash
calculations are among the most common calculations in
chemical engineering. They are used not only for separation
operations (1) and (2) in Table 1.1, but also to determine the
phase condition of mixtures anywhere in a process, e.g., in a
pipeline. To determine how many and which variables can be
specified, an extension of Gibbs’ phase rule is useful.

§4.3.1 Extension of Gibbs’ Phase Rule to Include
Extensive Variables

Gibbs’ phase rule as discussed in §4.1 does not deal with
extensive variables in feed, product, and energy streams, for
either a batch or continuous process. However, the rule can
be extended for process applications by adding extensive
variables for flow rates or amounts in material and energy
streams, together with corresponding additional independent
equations. To illustrate, consider the extension of a two-phase
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Figure 4.10 Variables for vapor-liquid phase equilibria: (a) Gibbs
Phase Rule for Intensive Variables Only; (b) Extension to Contin-

uous Partial Condensation or Vaporization with both Intensive and
Extensive Variables.

(vapor and liquid), multicomponent equilibrium condition
(shown in Figure 4.10a), to a continuous, single-stage par-
tial condensation or flash vaporization process as shown in
Figure 4.10b. The feed is a vapor, liquid, or mixture of the two.
The feed can be heated or cooled in a heat exchanger, and its
pressure can be decreased by passing the feed through a valve.
The equilibrium phases separate in the phase separator. The
vapor phase is enriched in the more volatile components, while
the liquid phase is enriched in the less volatile components.
For the continuous process in Figure 4.10b, the additional
variables are z;, Ty, Py, molar feed flow rate, F'; Q for the rate
of heat addition or removal in the heat exchanger; and V, and
L for the product molar flow rates leaving the phase separator.
Thus, C + 6 extensive variables are added. An additional
C + 3 independent equations must be added, as follows:

(C = 1) Component material balances:

Total material balance:
F=V+L (4-16)
Energy balance:
Fhy +Q = Vhy + Lh; 4-17)
Summation of mole fractions in the feed:
c
D=1 (4-18)
i=1

where z; is the mole fraction of component i in the feed
(whether it is vapor, liquid or the mixture of the two); F, V,
and L are molar flow rates; Q is the rate of heat transfer [(+)
if added to the process, (—) if removed from the process]; and
h is the molar enthalpy. In general, for Np product phases,
the additional variables total (C + Np +4) and the added
equations total (C + 2).

Single Equilibrium Stages and Flash Calculations

If we revise the degrees of freedom analysis for Gibbs’
phase rule, Equations (4-2), (4-3), and (4-1) are extended to:

Ny =Np(C+2)+ (C+Np+4) (4-19)
Ng=Np+(C+2)(Np—1)+(C+2) (4-20)
and
Np =Ny —Ng
=Np(C+2)+[C+ Np+4]
—[Np +(C+2)(Np— 1)+ C+2]
=C+4 4-21)

If we restrict Np to two phases (vapor and liquid), Ny, from
(4-19) becomes (3C +10) and Ny from (4-20) becomes
(2C + 6). Note that we could write C instead of (C —1)
component material balances (4-15) and eliminate the total
material balance (4-16). However, a procedure for solving
the equations favors the former. For process calculations, it is
common to completely specify the feed variables: F, Ty, Pp,
but only (C-1) feed mole fractions, because the missing feed
mole fraction must satisfy the sum of feed mole fractions,
(4-18). This totals C + 2 variables, leaving two more variables
to specify. Process simulators permit specification of the
following combinations of two variables:

T,,P, Isothermal flash
0=0,P, Adiabatic flash

o.P, Nonadiabatic flash
V/F,P, Percent vaporization flash
V/F=0,P, Bubble-point temperature
V/F=1,P, Dew-point temperature
T,,VIF=0 Bubble-point pressure
T, V/IF=1 Dew-point pressure

With some process simulators, it is also possible to specify
one or even two product mole fractions. However, when
attempting this, one must be careful to avoid irrational val-
ues that can lead to infeasible results. For example, if the
components are H,O, N,, and O,, and T, = 100°F and
Py =15 psia are specified, a specification of xy, = 0.8 is
not feasible because at these conditions nitrogen is not this
soluble if a water-rich phase is formed. It is recommended
that all computer-generated results be carefully checked for
feasibility.

§4.3.2 Isothermal Flash Calculation

A widely used algorithm for making two-phase flash cal-
culations is the procedure of Rachford and Rice (RR) [1],
published in 1952 for the case of an isothermal flash. They
recognized that the (2C + 6) equations constituted a nonlinear
system of algebraic equations that could not be solved directly.
They developed the following procedure that reduces the num-
ber of nonlinear equations that need to be solved to just one.
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(1) Use specified (C-1) feed mole fractions with (4-18) to
calculate the remaining feed mole fraction.

(3) Combine (4-15) and (4-16) to eliminate L and substi-
tute ¥ for V/F. This gives

z; =¥y, +x;, — Yx; (4-22)

(4) Use (4-6) to eliminate y; in (4-22) and rearrange to give
i

TR YE -1 (4-23)

(5) Use (4-6) to eliminate x; in (4-23) and rearrange to give
zK;

Vi = T+%K - 1) (4-24)

(6) Subtract summation (4-5) from summation (4-4) to
give
C

C
Z)’i— in =0
i=1

i=1

(4-25)

(7) Substitute (4-23) and (4-24) into (4-25) to eliminate y;
and x; to give

C
z(1 - K))

Y} = —— = 4-26

S ;[1+‘P(Ki—1)] ( )

(8) Equation (4-26) is a nonlinear equation in ¥ = V/F

that can be solved directly if C = 2, but must be solved

iteratively if C > 2. If two phases are to be present,
O<¥<l1.

(9) With a converged value of W, calculate V from V = WF
(10) Calculate L from (4-16), L=F -V

(11) Calculate C values of x; from (4-23) and C values of y;
from (4-24)

(12) If a heat exchanger precedes the phase separator, cal-
culate Q from (4-17)

Before applying the RR procedure, a check should be made
to determine whether the mixture is between the bubble and
dew points at the specified conditions. However, these checks
are only valid for ideal mixtures where Raoult’s law (4-13)
applies, such that K-values do not depend on the compositions
of the liquid and vapor phases.

Check 1: At Ty, and Py, if all K; > 1, only a superheated
vapor is present; if all K; < 1, only a subcooled liquid is
present and there is no need to apply the RR procedure.
Otherwise, try Check 2.

Check 2: If one or more K; are greater than 1 and one or
more K; are less than 1, calculate f{¥} from (4-26) with ¥ =
0. If f{0} > 0, the mixture is below the bubble-point temper-
ature. Alternatively, if W is set to 1 and f{1} < 0, the mixture
is above the dew-point temperature.

The single nonlinear equation (4-26) in the RR procedure is
most commonly solved by process simulators using Newton’s
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iterative numerical method. The iterations are made on ¥®,
where k is the iteration number. For the first iteration, assume
P =0.5 (ie., 50 mol% of the feed becomes vapor). Using
this value of W, f{W} is calculated from (4-26). In general,
S{¥} will not be 0 and a second iteration, and probably more
iterations, will be necessary. In general, for the k+1 iteration,
the value for P&V is calculated from the recursive relation

F1E0)
£ (o)

where the derivative, f'{®¥®}, of f{P®} with respect to ¥ is

Pt — ) (4-27)

C
I z;(1 _Ki)2
f{‘P( )} - ; [ +\.P(k)(Ki _ 1)]2

The iterations are continued until a sufficient degree of
accuracy for W is achieved. A reasonable criterion is
[Ph+D _ )|
0]
The RR procedure is illustrated in the following example.

(4-28)

< 0.0001 (4-29)

EXAMPLE 4.3 Phase Conditions of a Process Stream.

A 100-kmol /h feed consisting of 10, 20, 30, and 40 mol% of propane
(3), n-butane (4), n-pentane (5), and n-hexane (6), respectively, enters
a distillation column at 690 kPa and 93°C. Assuming the feed stream
is at phase equilibrium, what molar fraction of the feed enters as lig-
uid, and what are the equilibrium liquid and vapor compositions in
mole fractions?

Solution

At flash conditions, assume K; = 4.2, K, = 1.75, K; = 0.74, K, =
0.34, independent of compositions. Because some K-values > 1 and
some < 1, Check 2 is applied to determine if the mixture is partially
vaporized.

0.1(1 -4.2)  0.2(1 - 1.75)
+
1 1
0.3(1 -0.74)
* 1 1

{0} =

0.4(1-0.34) _ —0.128

Since f{0} is not more than zero, the mixture is above the bubble

point. Now compute f{1}:

0.1(1-42) , 0.2(1-1.75)

1+(@42-1) 14+(1.75-1)
0.3(1-0.74) = 0.4(1—-0.34)
1+0.74-1) 1+(034-1)

fl} =

=0.720

Since f{1} is not less than zero, the mixture is below the dew point.
Therefore, the mixture is partially vaporized and calculations with
the RR equations can proceed by solving (4-26), for :

. 0.1(1—-4.2) 0.2(1 — 1.75)
T14+Y@2-1)  1+¥PA75-1)
0.3(1 — 0.74) 0.4(1 — 0.34)
1+WP0.74—-1)  1+%034-1)
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Figure 4.11 Rachford—Rice function for Example 4.3.

This equation can be solved with fzero in MATLAB by defining f{ ¥}
as the function and using any initial value of ¥ between 0 and 1.
Alternatively, it is solved by Newton’s method. For an initial guess
of ¥ = (.50, the following iteration history is computed

5 Pkt _ )
(k) (k) (k) (k+1) -
ko O feey W ' o
1 0.5000 0.2515 0.6259 0.0982 0.8037
2 0.0982 —0.0209 09111 0.1211 0.2335
3 0.1211 —0.0007 0.8539 0.1219 0.0065
4 0.1219 0.0000 0.8521 0.1219 0.0000

Convergence is rapid, giving ¥ = V/F = 0.1219. The vapor flow rate
is 0.1219(100) = 12.19 kmol/h, and the liquid flow rate is (100 —
12.19) = 87.81 kmol/h. Liquid and vapor compositions from (4-23)
and (4-24) are:

x y
Propane 0.0719 0.3021
n-Butane 0.1833 0.3207
n-Pentane 0.3098 0.2293
n-Hexane 0.4350 0.1479

Total 1.0000 1.0000

A plot of f{W} as a function of ¥ is shown in Figure 4.11.

For non-ideal mixtures, when K-values are sensitive to com-
positions, especially in the liquid phase, K-values must be cal-
culated at each iteration as phase compositions change and
the RR procedure may fail to converge. In that case, process
simulators use a modified RR procedure, described in §4.5,
which can handle even higher nonideality for components in
liquid-liquid mixtures.

§4.3.3 Adiabatic, Nonadiabatic, and Percent
Vaporization (W) Flash Calculations

When the pressure of a liquid stream is reduced adiabatically
across a valve as in Figure 4.8b, an adiabatic-flash (Q = 0)

Single Equilibrium Stages and Flash Calculations

calculation determines the resulting phases, temperature, com-
positions, and flow rates for a specified downstream pressure.
The calculation can be made by applying the isothermal-flash
calculation procedure of §4.3.2 in an iterative manner. First a
guess is made of the flash temperature, T,. Then ¥, V, x, y, and
L are determined by the RR procedure. The guessed value of
Ty (equal to 7) is then checked by an energy balance (4-17)
to determine Q. If Q is not zero to an acceptable degree of
accuracy, a new value of Ty, is assumed and the RR procedure
is repeated. After the first two guesses, a plot of the calcu-
lated Q versus the assumed 7', can be made with interpolation
or extrapolation used to provide the next guess of T, This
method is tedious because it involves an inner-loop iteration on
¥ and an outer-loop iteration on 7',. The method is successful
for wide-boiling mixtures, but may fail for close-boiling mix-
tures (e.g., mixtures of isomers). In that case, it is preferable to
switch T, to the inner loop and ¥ to the outer loop. For either
case, the method is too tedious for hand calculations and is best
made with a process simulator.

The nonadiabatic flash (Q # 0) calculation is identical to
the adiabatic-flash calculation except for a non-zero specifi-
cation of Q. The percent vaporization flash can also uti-
lize the RR procedure in the following manner. From two
guesses for Ty, two values of ¥ are calculated. From a plot
of the calculated values of ¥ versus the assumed values of
Ty, interpolation or extrapolation is used to provide the next
guess of T),.

EXAMPLE 4.4 Adiabatic Flash of a Nonideal Mixture.

An equimolar mixture of methanol, ethanol, and water at 5 atm (5.066
bar) and 127°C is flashed adiabatically to 1 atm. Select an appropriate
thermodynamic property set and use a process simulator to compute
the equilibrium temperature and phase compositions. Compare the
K-values to the ideal K-values obtained from vapor pressures at equi-
librium conditions.

Solution

Using the ChemSep program with the Wilson equation for activity
coefficients, the SRK model for fugacity coefficients, the extended
Antoine equation for vapor pressure, and the excess enthalpy
equation, the following results were obtained:

Temperature = 76.2°C
Phase mole fractions and K-values

Component Vapor Liquid K-value  Ideal K-value

Methanol 0.4325  0.3123 1.385 1.555

Ethanol 0.3458  0.3307 1.046 0.916

Water 0.2217  0.3570 0.621 0.399
Total 1.0000 1.0000

In the nonideal solution, methanol is less volatile, while ethanol and
water are more volatile than they would be if the mixture were ideal.
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§4.3.4 Bubble- and Dew-Point Calculations
At the bubble point, ¥ = 0 and (4-26) becomes

A0y =D (1 -K)= D z,— Y 2K, =0
c i

However, Y z; = 1. Therefore, the bubble-point equation is
i=1

D k=1 (4-30)
i
At the dew point, ¥ = 1 and (4-26) becomes
z(1 =K)) Z;
N= Y78 NS =0
£ Z X ZK,- >z
Therefore, the dew-point equation is
Zi
L =1 4-31
2 (4-31)

For a given feed composition, z;, (4-30) or (4-31) is used to
determine 7T for a specified P or to find P for a specified 7.

The bubble- and dew-point equations are nonlinear in tem-
perature, but only moderately nonlinear in pressure, except at
high pressures. The latter is especially the case in the region
of the convergence pressure, where K-values of very light
or very heavy components change drastically with pressure,
as discussed in §2.5.2. Therefore, iterative procedures are
required to solve for bubble- and dew-point conditions unless
Raoult’s law is applicable. In that case, a direct calculation
of bubble-point pressure for a given temperature can be made
with (4-30). Bubble-point and dew-point calculations for
ideal and nonideal mixtures are readily made using process
simulators.

EXAMPLE 4.5 Bubble- and Dew-Point Calculations for
a Nonideal Mixture.

For an equimolar mixture of methanol and water at 1 atm, use a
process simulator with the Wilson equation for activity coefficients
in the modified Raoult’s law K-value to calculate the bubble- and
dew-point temperatures and compare the results with Table 4.1b and
Figure 4.3a.

Solution

Using the Aspen Plus process simulator with the Wilson property
option, the bubble point is 73.1°C and the dew point is 85.0°C. The
mole fraction of methanol in the first bubble of vapor is 0.790, while
for the first droplet of liquid it is 0.141. These values are in reasonable
agreement with Table 4.1b and Figure 4.3a.

§4.3.5 Using a Process Simulator to Estimate
Properties of Pure Components and Mixtures.

Frequently, engineers are required to obtain thermodynamic
and transport properties of pure components or mixtures.
These are readily estimated by executing a run with a flash
model in a process simulator. For example, to determine
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the thermodynamic and transport properties of an equimolar
liquid mixture of acetone and water at 0.2 MPa at the sat-
uration temperature, a percent vaporization flash is made.
Specification of the feed to the flash includes an arbitrary total
flow rate and composition. The two required specifications
for the flash model are the same pressure and the percent
vaporized. When the flash is converged, the desired properties
are those reported for the feed. For the above acetone—water
mixture, the ChemSep results are:

Pressure (MPa) 0.200000
Vapour fraction (—) 0.000000
Temperature (C) 84.4177
Enthalpy (J/kmol) —2.600E+08
Entropy (J/kmol/K) 159617
Total molar flow (kmol/h) 100.000
Total mass flow (kg/h) 3804.75
Vapour std.vol.flow (m?/s)
Liquid std.vol.flow (m?/s) 0.00127308
Mole flows (kmol/h)
Acetone 50.0000
Water 50.0000
Mole fractions (—)
Acetone 0.500000
Water 0.500000
Mass flows (kg/h)
Acetone 2904.00
Water 900.751
Mass fractions (—)
Acetone 0.763256
Water 0.236744
Combined feed fractions (—)
Acetone 1.00000
Water 1.00000
Liquid:
Mole weight (kg/kmol) 38.0475
Density (kg/m?) 770.710
Std.density (kg/m?) 830.169
Viscosity (cP) 0.212352
Heat capacity (J/kmol/K) 118158
Thermal cond. (J/s/m/K) 0.396839
Surface tension (dyne/cm) 38.9233

§4.4 TERNARY LIQUID-LIQUID SYSTEMS
AT EQUILIBRIUM

In liquid-liquid extraction, nonideal ternary mixtures undergo
phase splitting to form two liquid phases of different com-
positions. The simplest case is the single equilibrium stage
shown in Figure 4.12a, where only component B, called the
solute, has any appreciable solubility in either component
A, the carrier, or component C, the solvent. The solute
enters the equilibrium stage in the feed, F, with the carrier,
but is not present in the fresh solvent, S. In the stage, B
is extracted by the solvent C to produce the extract, E.
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Figure 4.12 Liquid-liquid extraction with ternary mixtures: (a) components A and C are mutually insoluble; (b) components A and C are

partially soluble.

The unextracted B leaves the stage with carrier A in the
raffinate, R. Neither A nor B are assumed to be soluble in
each other. Therefore, the flow rate, F, of carrier A is the
same in the feed and in the raffinate, R; and the flow rate, S,
of fresh solvent C is the same in the solvent and in the extract.
By convention, the extract is shown leaving from the top of
the stage even though it may not have the lower density.

Experimental data for liquid-liquid equilibrium are often
reported in mass fractions instead of mole fractions. To illus-
trate the calculation procedure for Case (a) in Figure 4.12 using
mass units, let F, be the mass flow rate of carrier A in the feed
equal to the mass flow rate of carrier A in the raffinate; and S be
the mass flow rate of solvent C in the entering solvent equal to
the mass flow rate of solvent C in the extract. The calculations
are facilitated if compositions are in mass ratios, X;, instead of
mass fractions. Accordingly, let X be the ratio of the mass of
solute B to the mass of carrier A in the feed (or raffinate) and
Y be the ratio of the mass of solute B to the mass of solvent C
in the extract. A mass balance on solute C is as follows, where
the superscript on the mass ratios, X denotes the stream:

(solute flow rate in the feed)
= (solute flow rate in the extract)
+ (solute flow rate in the raffinate)

X$Fy = Y9 + X$F, (4-32)

since the flow rate F, in the feed is equal to the flow rate of A
in the raffinate.

The phase equilibrium ratio for the distribution of B
between the extract and raffinate is expressed as

Yy =K}, Xy (4-33)

where K| bB is a modified form of the distribution ratio in terms
of mass ratios instead of mole fractions as in (4-7). Substituting
(4-33) into (4-32) to eliminate Y,

(F)
X = Ko la (4-34)
Fo+Kp,S

A useful parameter is the extraction factor, £, for the solute,
B, defined by
- K DBS

Fy (4-35)

Substituting (4-35) into (4-34) gives the fraction of B
unextracted:

(R)
. 1
Fraction of B unextracted = “B— = — (4-36)
F
xP 1+

Thus, large values of £ in (4-36), resulting from large values of
KIDB or of the solvent-to-carrier ratio S/F in (4-35), give large
degrees of extraction of B.

EXAMPLE 4.6 Single-Stage Extraction of Acetic Acid.

Methyl isobutyl ketone (C) is used as a solvent to remove acetic
acid (B) from a 13,500 kg/h feed of 8 wt% acetic acid in water (A),
because distillation requires vaporization of large amounts of water.
If the raffinate is to contain 1 wt% acetic acid, estimate the kg/h of
solvent needed for a single equilibrium stage if C and A are assumed
to be insoluble in each other. From experimental data in the literature,
K,’)B =0.657.

Solution

F, =0.92(13,500) = 12,420 kg/h
X§ = (13,500 — 12,420)/12,420 = 0.087
X =0.01/(1-0.01)=0.0101

From a rearrangement of (4-36),

pyai) 0.087
=B _1= -1=761
o e 0.0101

From a rearrangement of (4-35),

7.61(12,420)

Ivent fl te =S =
solvent flow rate 0657

= 144,000 kg/h

This large solvent flow rate can be reduced by using multiple stages
or a solvent with a larger distribution coefficient. Using 1-butanol as
the solvent, with KZ)B = 1.613, reduces the solvent flow rate by 50%.

§4.4.1 Equilibrium Calculations with a
Triangular Diagram

In the ternary liquid-liquid system shown in Figure 4.12b,
components A and C are partially soluble in each other, and
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component B distributes between the extract and raffinate
phases. This is the most commonly encountered case. Differ-
ent types of phase diagrams, constructed from experimental
liquid-liquid phase equilibrium data, have been devised for
using material balances to calculate equilibrium compositions
and phase amounts.

Consider the ternary system water (A)—ethylene gly-
col (B)—furfural (C) at 25°C and 101 kPa, which is well
above the bubble-point pressure. Water—ethylene glycol and
furfural-ethylene glycol are completely miscible binary pairs,
while furfural-water is a partially miscible binary pair. The
solute is ethylene glycol, and furfural is the solvent that
removes ethylene glycol from a binary mixture with water.
The furfural-rich phase is the extract, and the water-rich phase
is the raffinate.

Experimental data for the mixture are given by Conway
and Norton [2]. Saturation compositions for a single liquid
phase on the verge of splitting into two phases are listed in
Table 4.2. The first row of data gives the solubility of water
in furfural, while the last row gives the solubility of furfural
in water. Intermediate rows include the solute, ethylene gly-
col. These data are obtained by a cloud-point titration. For
example, if water is added slowly to a completely miscible and
clear 50-50 wt% mixture of furfural and ethylene glycol until
the onset of cloudiness occurs due to the formation of a sec-
ond liquid phase, the resulting wt% composition of the liquid
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Table 4.2 Equilibrium Miscibility Data in Weight Percent
for the Furfural-Ethylene Glycol-Water System at 25°C
and 101 kPa

Furfural Ethylene Glycol Water
95.0 0.0 5.0
90.3 52 45
86.1 10.0 3.9
75.1 20.0 49
66.7 27.5 5.8
49.0 41.5 9.5
44.5 44.5 11.0
343 50.5 15.2
27.5 52.5 20.0
139 47.5 38.6
11.0 40.0 49.0

9.7 30.0 60.3
8.4 15.0 76.6
7.7 0.0 92.3

saturated with water is: 44.5% furfural, 44.5% ethylene glycol,
and 11.0% water.

Several different plots are used to represent liquid—liquid
phase equilibrium composition data for ternary mixtures. One
uses equilateral triangle graph paper, which can be downloa-
ded from: http://www.waterproofpaper.com/graph-paper/. An
example is shown as Figure 4.13 for the water (A)—ethylene

Ethylene Glycol

0.9

0.8

0.1

0.2

0.3

Plait \/ WS

Solity b°“”da,1,

Furfural

Water

(C) D 09 0.8 0.7 0.6

0.5

0.4 0.3 0.2 0.1 G (A)

Mass fraction furfural

Figure 4.13 Liquid-liquid phase equilibrium for furfural-ethylene glycol-water at 25°C, 1 atm.
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glycol (B)-furfural (C) system at 25°C and a pressure of
101.3 kPa. The miscibility data of Table 4.2 are represented
by the bold miscibility boundary curve, also called the
binodal curve. Above this curve, only a single liquid phase
exists; below the curve, two liquid phases exist.

Each apex of the triangle is a pure component. Each edge is
a mixture of the two pure components at the terminal apexes
of the side. Any point located within the triangle is a ternary
mixture. In this diagram, the sum of the lengths of three per-
pendicular lines drawn from any interior point to the edges
equals the altitude of the triangle. Thus, if each of these three
lines is scaled from O to 100, the wt% of furfural in the mix-
ture at any point such as M, is simply the length of the line
perpendicular to the edge opposite the pure furfural apex. The
determination of the composition at an interior point is facil-
itated by the three sets of parallel lines, where each set is in
mass-fraction increments of 0.1 (or 10%) and is parallel to
an edge of the triangle opposite the apex of the component,
whose mass fraction is given. Thus, the point M in Figure 4.13
represents a two-phase mixture (before phase separation) con-
taining 19 wt% water, 20 wt% ethylene glycol, and 61 wt%
furfural.

Also shown in Figure 4.13 are tie lines that connect points
on the miscibility boundary curve. Each pair of points repre-
sents compositions of equilibrium phases. The tie lines are
based on experimental data from Conroy and Norton [2] given
in Table 4.3. These data were obtained by measuring compo-
sitions of different extract (furfural layer) and raffinate (water
layer) phases at equilibrium. If a mixture of 20 wt% ethylene
glycol, 19 wt% water, and 61 wt% furfural, shown as point M,
is brought to equilibrium and the resulting compositions of
the equilibrium extract and raffinate phases are measured, the
extract, point E, is found to be 10 wt% ethylene glycol, 4 wt%
water, and 86 wt% furfural; while the raffinate, point R, is
40 wt% ethylene glycol, 49 wt% water, and 11 wt% furfural.
The tie lines converge to point P, called the plait point, where
the two phases become one. Because the miscibility boundary

Table 4.3 Mutual Equilibrium (Tie-Line) Data for the
Furfural-Ethylene Glycol-Water System at 25°C and
101 kPa

Glycol in Water Layer, wt%  Glycol in Furfural Layer, wt%

41.5 41.5
50.5 325
52.5 275
51.5 20.0
47.5 15.0
40.0 10.0
30.0 7.5
20.0 6.2
15.0 52
7.3 2.5

is established by the data of Table 4.2, only ethylene glycol
compositions in the two layers at the ends of the tie lines are
listed in Table 4.3.

By Gibbs’ phase rule, (4-1), there are three degrees of
freedom for a three-component, two-liquid-phase system,
With T and P specified, the concentration of one component
in either phase suffices to define the equilibrium system. As
shown in Figure 4.13, one value for wt% ethylene glycol
on the miscibility boundary curve fixes that liquid-phase
composition and, by means of the corresponding tie line, the
composition of the other phase is fixed. Figure 4.13 can be
used to solve equilibrium-stage problems by using material
balances in conjunction with data in the diagram, as illustrated
in the following example.

EXAMPLE 4.7 Single Equilibrium-Stage Extraction
of Ethylene Glycol.

Determine (a) equilibrium compositions and (b) amounts of extract,
E, and raffinate, R, when a feed, F, of 100 g of 45 wt% ethylene
glycol (B)-55 wt% water (A) is contacted with 200 g of solvent,
S, of pure furfural (C) at 25°C and 101 kPa, using data in
Figure 4.13.

Solution

(a) The graphical construct is shown in Figure 4.14, where the
compositions of feed, F, and solvent, S, are plotted as points
and connected by a straight line. A mixing point, M, is defined
as the sum of the amounts of F and S. The composition of
that point corresponds to 45 g of B, 55 g of A, and 200 g of C,
which gives 15.0 wt% B, 18.3 wt% A, and 66.7 wt% C.

By material balance, the amount of M, is the sum of £+ R =
S + F. Furthermore, as shown, the mixing point is located
on an equilibrium tie line. Since it is unlikely that a tie line
from experimental data going through point M will already
exist, one is drawn by interpolation between the tie lines on
either side of point M. An interpolated tie line is included
in Figure 4.14 with termination points at the extract, E, at a
composition of 8.5 wt% B, 4.5 wt% A, and 87.0 wt% C; and at
the raffinate, R, at 34.0 wt% B, 56.0 wt% A, and 10.0 wt% C.

The inverse-lever-arm rule can be used with the tie line that
runs through point M to determine the amounts of E and R.
Using a ruler to measure line lengths,

E _ E _MR
F+S E+R ER

Thus, E = 0.733(100 + 200) = 220 g and R = (100 + 200) —
220 =80 g.

=0.733

(b) Alternatively, E can be calculated by combining an overall
mass balance around the extraction unit with an overall ethy-
lene glycol mass balance, using the wt% values of ethylene
glycol determined graphically in part (a).
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Furfural, S
200 g, 100% C

h Extract, E

Equilibrium

stage
|—> Raffinate, R

Feed, F
100 g, 45% B
55% A
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Ethylene Glycol
(B)

0.8 0.1

0.8 0.2

Furfural

Water

© s 0.9 0.8 0.7

Figure 4.14 Solution to Example 4.7a.

In Figure 4.13, two pairs of components are mutually sol-
uble, while one pair is only partially soluble. Ternary systems
where two pairs and even all three pairs are only partially
soluble also exist. Figure 4.15, from Francis [3] and Findlay
[4] shows examples of four cases where two pairs of compo-
nents are only partially soluble. In (a), two separate two-phase
regions are formed, while in (c), a three-phase region, RST,
exists in addition to the two separate two-phase regions. In (b),
the two separate two-phase regions merge. For a ternary mix-
ture, as temperature is reduced, phase behavior may progress
from (a) to (b) to (c). In both Figures 4.13 and 4.15, all tie
lines slope in the same direction. In some systems solutropy,
a reversal of tie-line slopes, occurs.

§4.5 MULTICOMPONENT LIQUID-LIQUID
SYSTEMS

Quaternary and higher multicomponent mixtures are encoun-
tered in extraction processes, particularly if two solvents are
used to separate two solutes. Multicomponent liquid—liquid
equilibria are complex, and there is no compact, graphical way
of representing phase-equilibria data. In addition, few sets
of experimental data are available for quaternary and higher
multicomponent mixtures. Accordingly, the computation of

0.6 0.5 0.4 0.3 0.2 0.1 (A)
Mass fraction furfural

(c)

B S B S
(b)

Figure 4.15 Additional types of ternary liquid phase equilibria:
(a) miscibility boundaries are separate; (b) miscibility boundaries
and tie-line equilibria merge; (c) tie lines do not merge and the
three-phase region RST is formed.
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single-stage, equilibrium-phase compositions is best made
with a process simulator, which uses liquid-phase activity-coef-
ficient models (e.g., NRTL, UNIQUAC, or UNIFAC) from
Chapter 2. These models predict multicomponent coefficients
from binary data and/or use group-contribution methods when
data are not available. When only two liquid phases occur
at equilibrium, process simulators use a modification of the
Rachford-Rice flash procedure of §4.3.2 for multicompo-
nent vapor-liquid equilibrium. For single-stage liquid-liquid
extraction, the following symbol transformations are made,
and extraction calculations are typically made with moles.

Vapor-Liquid Equilibria Liquid-Liquid Equilibria

Feed, F

Equilibrium vapor, V
Equilibrium liquid, L
Feed mole fractions, z;
Vapor mole fractions, y,
Liquid mole fractions, x;
K-value, K,

Y =V/F

Feed, F, + solvent, S

Equilibrium Extract, E (L")
Equilibrium Raffinate, R (L®)
Mole fractions of combined F and S
Extract mole fractions, xf-])
Raffinate mole fractions, xﬁz)
Distribution coefficient, K D,

Y = E/F

The modified Rachford—Rice algorithm is designed to han-
dle isothermal vapor—liquid or liquid-liquid equilibrium-stage
calculations when K-values depend strongly on phase compo-
sitions. For application to the liquid-liquid case, the algorithm
requires that feed and solvent flow rates and compositions be
fixed, and that the system pressure and temperature of one of
the products be specified. An initial estimate is made of the

equilibrium phase compositions, xEl) of the extract and x,(-z)
of the raffinate. These values are used to estimate values of

the two sets of liquid-phase activity-coefficients ygl) and yl@

from the NRTL, UNIQUAC, or UNIFAC models discussed in
Chapter 2. A modified Raoult’s law, (4-12), applies to each of
the two equilibrium liquid phases at near-ambient pressure. If
the equations for each phase are combined to eliminate y;, the
following expression is obtained:

M _ @ @

Yi X =V X (4'37)

Substituting (4-37) into the definition of the distribution coef-

ficient, (4-7),
2
_ v

Ky =
i (1)
Yi

(4-38)

These KDi values are then used with (4-26) to iteratively

solve for ¥ = E/(F + §), from which new values of xl@ and

x,(-]) are computed from (4-23) and (4-24) respectively. Result-

ing values of x§2) and xfl) will not usually sum to 1 for each

phase and are normalized by using equations of the form x, =
C

x;/ Y. x;, where values of x/ are the normalized values that sum
i=1
to 1. For the next iteration, normalized values replace previous

values. This outer loop is repeated until the compositions, xl@)
and x,(»l), converge.

EXAMPLE 4.8 Liquid-Liquid Equilibrium for a
Four-Component Mixture.

An azeotropic mixture of isopropanol, acetone, and water is dehy-
drated using ethyl acetate in two distillation columns. Benzene,
rather than ethyl acetate was previously used as the dehydrating
agent, but legislation has made benzene undesirable because it is
carcinogenic. The overhead vapor from the first column, at 20 psia
and 80°C with the composition listed below, is condensed and cooled
to 35°C, without significant pressure drop, resulting in the formation
of two equilibrium liquid phases. Estimate the phase flow rates in
kg/h and the equilibrium phase compositions in wt%.

Component kg/h

Isopropanol 4,250
Acetone 850
Water 2,300
Ethyl acetate 43,700

Note that from §4.3.1, N, = C +4 = 8, which is satisfied by the
specifications.

Solution

This example is solved by a process simulator. The simulator converts
mass units to mole units, makes the computations in mole units, and
converts the results to mass units. The results using the CHEMCAD
process simulator with the UNIFAC method to estimate liquid-phase
activity coefficients are as follows:

Weight Fraction
Component Organic-Rich Phase Water-Rich Phase
Isopropanol 0.0843 0.0615
Acetone 0.0169 0.0115
Water 0.0019 0.8888
Ethyl acetate 0.8969 0.0382
Flow rate, kg/h 48,617 2,483

§4.6 LIQUID-SOLID SYSTEMS

Liquid-solid separations include leaching, crystallization, and
adsorption. In leaching (solid-liquid extraction), a multicom-
ponent solid mixture is separated by contacting the solid with a
solvent that selectively dissolves some solid species. Although
this operation is similar to liquid—liquid extraction, leaching
is a more difficult operation to simulate in that diffusion in
solids is very slow compared to diffusion in liquids, making it
difficult to achieve equilibrium. Also, it is impossible to com-
pletely separate a solid phase from a liquid phase. A solids-free
liquid phase can be obtained, but the solids will always be
accompanied by some liquid. In comparison, complete separa-
tion of two liquid phases is easy to achieve by settling vessels
with draw-offs or by continuous centrifugation.
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Crystallization or precipitation of a component from a
liquid mixture is an operation in which equilibrium can be
achieved, but a sharp phase separation is again impossible.
A drying step is needed because crystals occlude liquid.

Adsorption, a third application of liquid—solid systems,
employs porous solid particles that do not undergo phase or
composition change. Instead, they selectively adsorb liquid
species on their exterior and interior surfaces. After a contact
time sufficient to approach equilibrium, adsorbed species are
desorbed and the solid adsorbent particles are regenerated. lon
exchange and chromatography are variations of adsorption.

§4.6.1 Liquid Adsorption

When a liquid contacts porous solid particles, adsorption
takes place on the external and internal solid surfaces until
equilibrium is reached. Solid adsorbents are essentially
insoluble in the liquid. The adsorbed components are called
solutes when in the liquid and adsorbates when adsorbed.
Higher concentrations of solute in the solution result in higher
adsorbate concentrations. Other component(s) of the solution
are the solvent and carrier, which are assumed not to adsorb.

No theory for predicting adsorption-equilibrium curves,
based on molecular properties of the solute and solid, is uni-
versally embraced. Laboratory measurements are necessary
to provide data for plotting isothermal equilibrium curves,
called adsorption isotherms. Figure 4.16, from Fritz and
Schuluender [5], is an equilibrium isotherm for the adsorption
of phenol from a very dilute aqueous solution onto activated
carbon at 20°C. The ordinate in millimoles of phenol adsor-
bate per gram of adsorbent is plotted against the concentration
of phenol solute in millimoles per liter of aqueous solution.
The microporous structure of activated carbon provides a high
internal surface area per unit mass of carbon, and therefore a
high capacity for adsorption. Activated carbon preferentially
adsorbs organic compounds when contacted with water con-
taining dissolved organics. Water is treated as a pure carrier,
with negligible adsorption on carbon.

As shown in Figure 4.16, as the concentration of phenol in
water increases, the equilibrium adsorption increases rapidly
at first and increases slowly as saturation is approached. When
the concentration of phenol is 1.0 mmol/L (0.001 mol/L of

mmole
gram

Adsorbate, ¢*,

| | | | | |
0 1 2 3 4 5 6 7

mmole

Equilibrium concentration, ¢, liter

Figure 4.16 Adsorption isotherm for phenol from an aqueous
solution with activated carbon at 20°C.

§4.6  Liquid-Solid Systems 103

Solid adsorbent, C,
of mass amount §

| Liquid, Q
‘B
o ) Equilibrium
Liquid mixture Solid, §
Carrier, A "8

Solute, B, of concentration cg,
of total volume amount 0

Figure 4.17 Equilibrium stage for liquid adsorption.

aqueous solution or 0.000001 mol/g of aqueous solution),
the concentration of phenol on activated carbon is 2.16 mmol /g
(0.00216 mol/g of carbon or 0.203 g phenol/g of carbon).
The extent of adsorption depends on the adsorption process
used and the adsorptivity of the carbon.

Adsorption isotherms are used to determine the amount
of adsorbent required to selectively remove solute from a
liquid. Consider the ideal, single-stage batch adsorption
process of Figure 4.17, where solid adsorbent C and a liquid
mixture of carrier A and solute B are charged to a vessel and
brought to equilibrium. Let: cg) = concentration of solute
in the feed; cy = concentration of solute in the product liquid;
g = equilibrium concentration of adsorbate on adsorbent;
QO = volume of liquid (assumed to remain constant during
adsorption); and S = mass of adsorbent particles on a solute-
free basis.

A solute material balance, assuming that the entering adsor-
bent is free of solute and that equilibrium is achieved gives

0 =cs0+qiS (4-39)

Rearrangement of (4-39) into a straight-line form with the
coordinates of Figure 4.16 gives:

qp = _%CB + CEF)%

When plotted on Figure 4.16, the slope is (—Q/S) and the inter-
ceptis CEF)(Q /S). The intersection of the material balance line
with adsorption isotherm curve is the equilibrium point. If an
equation can be fitted to the adsorption isotherm, the equilib-
rium point can be determined algebraically as in the following

example.

(4-40)

EXAMPLE 4.9 Adsorption of Phenol on Activated
Carbon.

A 1.0-L solution of 0.010 mol (10 mmoles) of phenol in water is
brought to equilibrium at 20°C with 5 g of activated carbon having
the adsorption isotherm shown in Figure 4.16. Determine the per-
cent adsorption and the equilibrium concentration of phenol on and
in the carbon by (a) a graphical method, and (b) an algebraic method.
For the latter case, the curve of Figure 4.16 is fitted closely by an
equation of the form developed by Freundlich using experimental
data for adsorption of organic solutes on charcoal:

q; = A" (4-41)
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where A and n depend on the solute, carrier, and adsorbent. Constant,
n, in the exponent is greater than 1, and A is a function of temperature.
For the phenol, water, activated carbon system at 20°C, A = 2.16 and
n = 4.35.

Solution

From the data, cg) =10mmol/L,Q=1L,andS=5g.

(a) Graphical method.
Substituting the data into (4-40),

qg=—<1)c3+10<1)=—0.2c3+2 o)
5 5

When this equation, with a slope of —0.2 and an intercept of 2 on
the ordinate, is plotted on Figure 4.16, it intersects the adsorption
isotherm curve at gf; = 1.9 mmol/g and ¢y = 0.57 mmol /L. The
% adsorption of phenol is

g —cp _ 10-0.57

D 10 = 0.94 or 94%
(b) Algebraic method.
The Freundlich equation, (4-41), is
g, = 2.16¢5*% )

Combining the solute material balance, (1) with the adsorption
isotherm, (2) gives

2.16¢%% = —0.2¢, +2 3)

Or rewriting (3) in zero form, f{cg} = 2.16¢%% + 0.2¢; —2 =0
Solving this nonlinear equation in ¢y using a nonlinear solver
such as zero in MATLAB, ¢y = 0.558 mmol/L. From (2), g, =
1.89 mmol/g. and the % adsorption is 94.4%.

§4.7 GAS-LIQUID SYSTEMS

In the vapor-liquid systems described in §4.2 and §4.3, com-
ponents in the vapor phase were all condensable at the system
temperature. At near ambient pressure, their K-values are
determined from Raoult’s law, (4-13), if the system is ideal, or
by the modified Raoult’s law, (4-12), if not. In both cases, the
K-value equation requires a value of the vapor pressure of the
component. If a component in the vapor has a critical temper-
ature below the system temperature, it is non-condensable,
its vapor pressure does not exist, and (4-13) and (4-12) do not
apply.

If a vapor includes one or more non-condensable compo-
nents, it is commonly called a gas. Non-condensable com-
ponents can dissolve, to some extent, into a liquid phase
containing other components. Equilibrium K-values of non-
condensable components cannot be calculated from (4-12)
or (4-13). Instead, at near-ambient pressure conditions,
it is common practice to apply the following version of
Henry’s law:

(4-42)

6 | | | | | | | | |

4 \ |

L NH, |
107" —

8 — —

6 —

1/H,, (1/atm)

(N2 | I
0 10 20 30 40 50 60 70 80 90 100
Temperature, °C

Figure 4.18 Henry’s law constant for solubility of gases in water.
Adapted from O.A. Hougen, K.M. Watson, and R.A. Ragatz,
Chemical Process Principles. Part I, 2nd ed., John Wiley and Sons,
New York (1954).

where H; = Henry’s law constant for non-condensable com-
ponent i, which depends mainly on the temperature and
liquid-phase composition. H; has the same units as P. It
is analogous to and replaces the term, y;; P}, in the mod-
ified Raoult’s law. Experimental data for the solubility of
13 pure gases in water are plotted in Figure 4.18 over a
temperature 0 to 100°C. The ordinate is (1/H;) in mole
fraction/atm. Unfortunately, Henry’s law is not applicable to
gases at high pressure or for non-condensable components
with a high solubility in the liquid phase, e.g., ammonia
in water. Then, experimental data at the system 7 and P
are needed.
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EXAMPLE 4.10 Absorption of SO, with Water.

200 kmol/h of feed gas, F, containing 2 mol% SO, and 98 mol% air
is contacted in a single equilibrium stage with 1,000 kmol/h of pure
water, W, at 25°C and 10 atm to absorb SO,. The total flow rates
of equilibrium products are G and L. Determine the fraction of SO,
absorbed. Neglect the absorption of air and the vaporization of water.
Assume the applicability of Henry’s law.

Solution

From Figure 4.18, the reciprocal of the Henry’s law constant for SO,
at 25°C is 2.7 x 1072 per atm. Thus, Hg, = 37 atm. At equilibrium
from (4-42),

Hg, 37
Yso, = P szo2 = Exso2 = 3.7xs0, (D)

An SO, material balance in kmol/h around the equilibrium stage,
using mole ratios is

Yso, 50,
0.02F = 0.02(200) = 4.00 = ——=—(0.98)(200) + ——=—1000
1 = ys0, 1 = Xxg0,
2

Solving (1) and (2) simultaneously for SO, mole fractions, Y50, and
X50, using solve in MATLAB, gives Yso, = 0.00855 and X50, =
0.00231.

The kmol/h of SO, in the equilibrium liquid = 0.00231(1000) =
2.31 kmol /h.

Therefore, the fraction SO, absorbed = 2.31/4.00 = 0.578.

EXAMPLE 4.11 Absorption of Ammonia from Air by
Water Using an Equilibrium Diagram.

The partial pressure of ammonia (A) in air-ammonia gas mixtures in
equilibrium with their aqueous solutions at 20°C is given in Table 4.4.
Using these data, and neglecting the vapor pressure of water and the
solubility of air in water, construct an equilibrium diagram at 101 kPa
using mole ratios Y, = mol NH,/mol air in the gas phase and X, =
mol NH;/mol H,O in the liquid phase as coordinates. Henceforth,
the subscript A is dropped. If 10 mol of feed gas of ¥ = 0.3 are con-
tacted with 10 mol of aqueous liquid solution of X = 0.1, what are
the compositions of the resulting equilibrium phases? The process is
assumed to be isothermal at 20°C and 1 atm.

Table 4.4 Partial Pressure of Ammonia over
Ammonia—Water Solutions at 20°C

NH, Partial Pressure, kPa g NH,/g H,0
4.23 0.05
9.28 0.10
15.2 0.15
22.1 0.20
30.3 0.25

Solution

Equilibrium data in Table 4.4 are recalculated in terms of mole
ratios and listed in Table 4.5. The equilibrium curve is plotted in
Figure 4.19.
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Table 4.5 Y-X Data for Ammonia—Water, 20°C

Y, mol NH,/mol Air X, mol NH;/mol H,O

0.044 0.053
0.101 0.106
0.176 0.159
0.279 0.212
0.426 0.265

Mol NH; in entering gas = 10[Y, /(1 + ¥;)] = 10(0.3/1.3) =2.3
Mol NH, in entering liquid = 10[X, /(1 + X,,)] = 10(0.1/1.1)
=091

A material balance for ammonia around the equilibrium stage
shown in the insert in Figure 4.19 is

GY, + LX, = GY, + LX, (1)

where G = moles of NH,-free air and L = moles of NH;-free H,O.
Subscript 0 refers to feeds, while 1 refers to equilibrium products.
G=10-23=7.7moland L =10 — 0.91 = 9.09 mol, as shown in
Figure 4.19.

0.5 ] A T T T T
Y= gXp + (5 X+ X)
0.4 Gas—10 mol =
_ 2.3 NH,
s 7.7 air
g 03 F . Y,=0.3 Gas Y,
) <
; $ ¥
=z A & Equilibrium
©° 0.2 N stage =
S S b
S
o1l & Liquid—10 mol Liquid
0 0.91 NH, X,
9.09 air
Xo=0:1
0 l l L0 l l
0 0.1 0.2 0.3 0.4 0.5 0.6 0.7

X mol NHz/mol H,0

Figure 4.19 Equilibrium for air—-NH,—H, O at 20°C, 1 atm, in
Example 4.11.

Solving for Y, from (1),
IL, L
Y, = —2X + (Ko + Yo) @

This is an equation of a straight line of slope (—L/G) = —9.09/7.7 =
—1.19, with an intercept of (L/G)(X,) + Y, = —(=1.19)(0.1) + 0.3 =
0.42. The intersection of this material-balance line with the equilib-
rium curve, as shown in Figure 4.19, gives the ammonia composition
of the gas and liquid leaving the stage as ¥, = 0.193 and X, = 0.19.
This result can be checked by an NH, balance, since the amount
of NH, leaving is (0.193)(7.7) + (0.19)(9.09) = 1.48 + 1.73 = 3.21,
which equals the total moles of NH, entering the stage.

§4.8 GAS-SOLID SYSTEMS

Gas—solid systems are encountered in desublimation and
gas-adsorption separations.
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§4.8.1 Desublimation

In desublimation, one or more components (solutes) in the gas
phase are condensed to form a solid phase without passing
through a liquid state. At low pressure, desublimation is gov-
erned by the solid vapor pressure of the solute. Sublimation of
the solid takes place when the partial pressure of the solute in
the gas phase is less than the vapor pressure of the solid at the
system temperature. When the partial pressure of the solute in
the gas phase exceeds the vapor pressure of the solid, desubli-
mation occurs. At phase equilibrium, the vapor pressure of the
solid is equal to its partial pressure as a solute in the gas phase.

EXAMPLE 4.12 Desublimation of Phthalic Anhydride.

Ortho-xylene is completely oxidized in the vapor phase with air to
produce phthalic anhydride, PA, in a catalytic reactor at about 370°C
and 780 torr. A large excess of air is used to keep the xylene concen-
tration below 1 mol% to avoid an explosive mixture. 8,000 Ibmol/h
of reactor-effluent gas, F, containing 67 Ibmol/h of PA and other
amounts of N,, O,, CO, CO,, and water vapor, are cooled to separate
the PA from the gas by desublimation to a solid at a total pressure
of 770 torr. If the gas is cooled to 206°F, where the vapor pres-
sure of solid PA is 1 torr, calculate the number of pounds of PA
condensed per hour as a solid, S, and the percent recovery of PA
from the gas product, G, if equilibrium is achieved.

Solution

At these conditions, only PA condenses. At equilibrium, the partial
pressure of PA in the gas equals the vapor pressure of solid PA, or
1 torr. The partial pressure of PA in the cooled gas, pp,, is given by
Dalton’s law of partial pressures:

i = PG (1)
where, nﬁ? = molar flow rate of PA in equilibrium gas.
The equilibrium gas flow rate, G, is
G = (8,000 — 67) + nfyy )
Combining (1) and (2),
i = 220 (8,000 - 67) + i |
- % [(8,000 — 67+ ni,f;)] 3)

Solving this linear equation, ng) = 10.3 Ibmol /h of PA.

The amount of PA desublimed is 67 — 10.3 = 56.7 Ibmol /h. The
percent recovery of PA is 56.7 /67 = 0.846 or 84.6%. It is noteworthy
that the PA remaining in the gas is above EPA standards, so a lower
temperature or catalytic oxidation is required. At 140°F the recovery
is almost 99%.

§4.8.2 Gas Adsorption

As with liquid mixtures, one or more gas components can be
adsorbed on the external and internal surfaces of a porous,
solid adsorbent. Data for a single solute is represented by an
adsorption isotherm of the type shown in Figure 4.16 or simi-
lar diagrams. However, when two components of a gas mixture
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Figure 4.20 Adsorption equilibrium at 25°C and 101 kPa of
propane and propylene on silica gel. [Adapted from [6] with
permission of the American Chemical Society.]

are adsorbed and the purpose is to separate them, other meth-
ods of displaying are preferred. Figure 4.20 shows the data of
Lewis et al. [6] for the adsorption of a propane (P)—propylene
(A) gas mixture on silica gel at 25°C and 101 kPa. At 25°C, a
pressure of at least 1,000 kPa would be required to initiate sep-
aration by partial condensation of a mixture of propylene and
propane. However, Figure 4.20b shows that in the presence of
silica gel, significant amounts of gas are adsorbed at 101 kPa.

Figure 4.20a is similar to a binary vapor—liquid equilibrium
plot of the type shown in Figure 4.3b. For propylene—propane
mixtures, propane is adsorbed less strongly, so its mole frac-
tion is used in Figure 4.20a. The liquid-phase mole fraction
is replaced by the mole fraction of propane in the adsorbate.
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On the ordinate axis, the vapor-phase mole fraction has
been replaced by the propane mole fraction in the gas. In an
equimolar gas-phase mixture, Figure 4.20a shows that the
adsorbate contains only 27 mol% propane. An adsorption
separation index, similar to the relative volatility used for
vapor—liquid equilibrium, is defined by

Ya/Xa

Adsorption separation index = ———2—28
(I =ya)/(1 =xy)

which for the above example is

0.50/0.27  _ 44
(1 -0.50)/0.27

This adsorption separation index is considerably larger than
the relative volatility for vapor—liquid equilibrium, defined by
(4-10), which is only about 1.13 for the propylene—propane
system. Thus, adsorption of propylene from a gas mix-
ture with propane is more thermodynamically favored than
distillation.

Figure 4.20b determines the amount of adsorbent needed.
It plots the total mmols of adsorbate per gram of adsorbent as
a function of the mole fraction, y = yp, of the propane in the
gas equilibrated with the adsorbate, on the abscissa. Dashed
tie lines connect the gas mole fractions with corresponding
liquid mole fractions of propane in the adsorbate, x = xp, on
the equilibrium curve. Using the same example, as above,
when xp = 0.27, the total mmols of adsorbate per gram of
adsorbent = 2.08. Thus, 0.48 grams adsorbent is needed per
mmol of adsorbate for an equimolar gas mixture. Inserting a
tie line in Figure 4.20b at xp = 0.27 on the equilibrium curve
connects to yp = 0.50 on the abscissa (the same value read
from the ordinate of Figure 4.20a).

EXAMPLE 4.13 Separation of Propylene—Propane by
Adsorption.

Propylene (A) and propane (P) are separated by preferential adsorp-
tion on porous silica gel (S) at 25°C and 101 kPa. Two millimoles
of a feed gas, F, of 50 mol% P and 50 mol% A are equilibrated with
silica gel at 25°C and 101 kPa. Measurements show that 1 mmol of
gas is adsorbed. If the data of Figure 4.20 apply, what is the mole
fraction of propane in the equilibrium gas and in the adsorbate, and
how many grams of silica gel are used?

Solution

The process is included in Figure 4.20a, where W = millimoles of
adsorbate, G = millimoles of gas leaving, and z, = mole fraction of
propane in the feed. The propane mole balance is

23 F = Wx, + Gy, (1

Because F =2,z, =05, W=1, and G =F — W = 1, substitution
in (1) gives 1 = x + y. This material balance line, y = 1 — x is plotted
in Figure 4.20a. It intersects the equilibrium curve at x = 0.365,y =
0.635. From Figure 4.20b, at the point x = 0.365, the equilibrium
adsorbate is 2.0 mmol adsorbate/g adsorbent. Therefore, for 1 mmol
of adsorbate, S = 1.0/2 = 0.50 g silica gel.
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§4.9 THREE-PHASE EQUILIBRIUM SYSTEMS

Although in industrial separation processes two-phase systems
predominate, three-phase systems are not uncommon. They in-
clude vapor-liquid—solid systems in pervaporation membrane
separations (separation operation 4 in Table 1.3) and evapora-
tive crystallization. Vapor-liquid—liquid systems occur when
partially condensing, partially evaporating, or distilling mix-
tures of water and organic chemicals that have limited solubil-
ity in water.

Although three-phase equilibrium calculations are based on
the same principles as two-phase systems (i.e., material bal-
ances, physical equilibrium, and, if needed, energy balances),
the number of nonlinear equations in the system increases,
making the computations more difficult and more demanding
in terms of reasonable initial guesses to initiate iterative cal-
culation procedures. These and other rigorous calculations are
best made with process simulators.

§4.9.1 Vapor-Liquid-Liquid Flash Procedure

Rigorous computer methods for treating a vapor—liquid—liquid
equilibrium system at a given temperature and pressure are
called three-phase isothermal flash algorithms. As first pre-
sented by Henley and Rosen [7], it is analogous to the iso-
thermal two-phase flash algorithm in §4.3. Their procedure,
or modifications thereof, is available in all process simulators.
Let the two liquid phases be labeled with superscripts
(1) and (2). The following material balances and two
phase-equilibrium relations apply for each component:

Fz; = Vy, + LOXY 4 1@x? (4-43)
KD =y/x" (4-44)
K =/ (+45)

A distribution coefficient relationship that can be substituted
for (4-44) or (4-45) is

Kp, = xj (4-46)

These equations are solved by a modification of the Rachford—
Rice procedure, where ¥ = V/F and &= LWALD + L@),
where ) <P <land0<E&<L 1.

By combining (4-43), (4-44), and (4-45) with

T B=0
DOTLL S

(2)

.. 1 . .
to eliminate Yy, xl(- ),and x;”’, two simultaneous nonlinear

equations in ¥ and & are obtained:

(4-47)

and
(4-48)

Z Zi(l ~ Kl{l)) =0
(1 - W)+ (1 - ¥)(1 — K K? + Wk
(4-49)

i

and

3 (1~ KUK o
E1—W)+ (1 -P)(1 - 6K VKD + wk
(4-50)

i
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Starting guesses are provided for the phase compositions, from
which the corresponding K-values are estimated. Values of
Y and & are then computed by solving nonlinear equations
(4-49) and (4-50) simultaneously using solve in MATLAB or
Newton’s method. The results are used to calculate the phase
amounts and compositions from

V=YF 4-51)
LY =gF -V) (4-52)
[D=F_v—LD (4-53)
_ Zi 4-54
T ek (- v -k P vy Y
M _ 4
e -w+ (-9 - oK /KD) + Pk
(4-55)
@ _ 4
e =KD /KD + (1= w)(1 - ) + YK
(4-56)

If the guessed compositions do not equal the calculated values,
the calculations are repeated with new guesses. The procedure
is iterated in a manner similar to the Rachford—Rice method,
until the phase compositions converge.

Three-phase-flash calculations are difficult, even by the
above procedure, because of the strong dependency of activity
coefficients in the K-values on liquid-phase compositions
when two immiscible liquid phases are present. In addition,
although the presence of three phases is assumed initially,
realistically there are five possible phase situations: (1)
V-LO-L®(2) V-LD, (3) LV-LP | (4) V, and (5) L. An
algorithm used by process simulators for determining phase
conditions is shown in Figure 4.21. Process simulators can
also perform adiabatic or nonadiabatic three-phase flashes by
also iterating on temperature until the enthalpy balance,

heF +Q = hyV + hy ( \ LV + hy () L =0 (4-57)

is satisfied. Process simulators also use the three-phase-flash
procedure for calculating phase equilibrium for two liquid
phases. It is not uncommon for three phases to form on some
trays of a distillation column if water is present with certain
organic compounds.

EXAMPLE 4.14 Three-Phase Isothermal Flash.

In a process for producing styrene from toluene and methanol, the
gaseous reactor effluent is as follows:

Component kmol/h
Hydrogen 350
Methanol 107
Water 491
Toluene 107
Ethylbenzene 141
Styrene 350

If this stream is brought to equilibrium at 38°C and 300 kPa, compute
the amounts and compositions of the phases present.

Solution

Because water, hydrocarbons, an alcohol, and a light gas are present,
the possibility of a vapor and two liquid phases exists, with methanol
distributed among all three phases. The isothermal three-phase flash
module of the CHEMCAD process simulator was used with Henry’s
law for H, and the UNIFAC method for activity coefficients for the
other components. The results were:

kmol/h

Component 1% L L
Hydrogen 349.96 0.02 0.02
Methanol 9.54 14.28 83.18
Water 7.25 8.12 475.63
Toluene 1.50 105.44 0.06
Ethylbenzene 0.76 140.20 0.04
Styrene 1.22 348.64 0.14

Totals 370.23 616.70 559.07

As expected, little H, is dissolved in either liquid. The water-rich
liquid phase, L®, contains little of the hydrocarbons, but a greater
fraction of the methanol. The organic-rich phase, LV, contains most
of the hydrocarbons, a small amount of water and a lesser fraction
of the methanol. Additional calculations at temperatures higher than
38°C and 300 kPa indicate that the organic phase condenses first,
with a dew point of 143°C, while the aqueous phase condenses with
a secondary dew point of 106°C.

Start
F, z fixed
P, T of equilibrium
phases fixed

Search for | gojution found with
three-phase
solution o< <1
0<e<t
Solution
not found
Seagchét})r Solution found with
L'V, L
solution 0<&<1
¥=1 Y= VIF
Solution
not found il
Soarch T ST
earci, for | Solution found with
V,L
solution o<v¥ <1
E=0or1
Solution
not found
Single-phase ¥ >1
solution Vapor
¥ >1
liquid

Figure 4.21 Algorithm for an isothermal three-phase flash.
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CHAPTER 4 NOMENCLATURE

Abbreviations and Acronyms

RR
OF

Rachford-Rice algorithm
objective function, below (4-14)

Latin Symbols

A
A
B

QM A

cesezzECA

Carrier for solute
constant in Freundlich equation, (4-41)

solute in liquid-liquid extraction or in liquid
adsorption

solvent for B, Figure 4.12; adsorbent, Figure 4.17
concentration of solute in liquid, Figure 4.17
extraction factor, (4-35)

moles of carrier gas (solute free); total gas leaving an
adsorption stage, Figure 4.20

K in terms of mass ratios, (4-33)

moles of liquid free of solute; molar flow of liquid
number of independent equations, (4-3)

number of phases, (4-3)

number of variables, (4-3)

total volume of liquid (in adsorption)

amount adsorbed by adsorbent at equilibrium, (4-41)
solvent

mass flow rate of solvent (identified as component C
in Figure 4.12); adsorbent in Figure 4.20; solid
adsorbent, (4-39) and Figure 4.20

SUMMARY

1.

The Gibbs’ phase rule applies to intensive variables at
equilibrium. It determines the number of independent vari-
ables that specify a system. This rule can be extended to
determine the degrees of freedom (number of allowable
specifications) for flow systems, which include extensive
variables. Intensive and extensive variables are related by
material balances, phase-equilibria data or equations, and
energy balances.

. Vapor-liquid equilibrium conditions for binary systems can

be represented by T—y—x and y—x diagrams. A measure of
the comparative ease or difficulty of separating a binary
system by partial condensation, partial evaporation, or dis-
tillation is the relative volatility.

. Minimum- or maximum-boiling azeotropes formed by

nonideal liquid mixtures are represented by the same
types of diagrams used for nonazeotropic (zeotropic)
binary mixtures. Highly nonideal liquid mixtures can form
heterogeneous azeotropes having two liquid phases.

. For multicomponent mixtures, vapor-liquid equilibrium-

phase compositions and amounts can be determined by
isothermal-flash, adiabatic-flash, partial vaporization, or

Summary 109

w mass of saturated adsorbate leaving a stage,
Figure 4.20

X mass of solute/mass of carrier (liquid phase), (4-32)
and Figure 4.20

by mass fraction of adsorbate in adsorbent: mole fraction
in liquid

Y mass of solute/mass of carrier (vapor phase),
Figure 4.20

y mole fraction of solute in the gas: mole fraction in
vapor

Greek Symbols

A parameters in Wilson equation, (2-63)

b4 V/F, (4-22)

3 LONLD + LP), (4-49)

Subscripts

A component, carrier for B

B component, solute adsorbed, absorbed, or extracted

Superscripts

F feed, (4-39)

G gas flow or gas phase

n constant in Freundlich equation, (4-41)

(1) liquid phase one

2) liquid phase two

1,1 liquid phase one, two

bubble- and dew-point calculations. For flash calculations,
process simulators should be used.

5. Liquid-liquid equilibrium conditions for ternary mixtures
can be determined graphically from triangular diagrams.
Liquid-liquid equilibrium conditions for multicomponent
mixtures of four or more components must be determined
with process simulators.

6. Solid-liquid equilibrium occurs in leaching, crystalli-
zation, and adsorption. Adsorption equilibria can be re-
presented algebraically or graphically by adsorption
isotherms.

7. Solubilities of sparingly soluble gases in liquids are well
represented by Henry’s law constant that depends on tem-
perature.

8. Solid vapor pressure determines equilibrium desublimation
conditions for gas—solid systems. Adsorption isotherms
and y—x diagrams are useful in calculations for gas mixtures
in the presence of a solid adsorbent.

9. Calculations of three-phase (vapor—liquid-liquid) equilib-
rium conditions are readily made with process simulators.
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STUDY QUESTIONS

4.1. What two types of equations or data are used for single equi-

librium stage calculations?

4.2. How do intensive and extensive variables differ?
4.3. What is meant by the number of degrees of freedom?
4.4. What are the limitations of the Gibbs’ phase rule? Can it be
extended?
4.5. When aliquid and a vapor are in physical equilibrium, why is
the vapor at its dew point and the liquid at its bubble point?
4.6. What is the difference between a homogeneous and a hetero-
geneous azeotrope?
4.7. Why do azeotropes limit the degree of separation achievable
in a distillation operation?
4.8. Whatis the difference between an isothermal flash and an adi-
abatic flash?
4.9. Why is the isothermal-flash calculation so useful?
EXERCISES
Section 4.1
4.1. Degrees-of-freedom for three-phase equilibrium.

Consider the equilibrium stage shown in Figure 4.22. Conduct a
degrees-of-freedom analysis by performing the following steps:

(a) list and count the variables,
(b) write and count the equations relating the variables,

Equilibrium liquid Exit equilibrium vapor

from another stage Ty, Py, y;
Feed vapor Il
e
Equilibrium Exit equilibrium
stage liquid phase |
Feed liquid TLI PLI xil
- T W o
L
Equilibrium vapor Exit equilibrium
from another stage liquid phase Il
TLII, PLH’ xin
0
Heat to
(+) or from (-)
the stage

Figure 4.22 Conditions for Exercise 4.1.

5. Fritz, W., and E.-U. SCHULUENDER, Chem. Eng. Sci., 29, 1279-1282
(1974).

6. LEwis, WK., E.R. GILLILAND, B. CHERTON, and W.H. HOFFMAN,
J. Am. Chem. Soc., 72, 1153-1157 (1950).

7. HENLEY, E.J., and E.M. ROSEN, Material and Energy Balance Com-
putations, John Wiley and Sons, New York, pp. 351-353 (1969).

4.10. When a binary feed is contacted with a solvent to form two
equilibrium liquid phases, which is the extract and which is
the raffinate?

4.11. Why are triangular diagrams useful for ternary liquid—liquid
equilibrium calculations? On such a diagram, what are the
miscibility boundary, plait point, and tie lines?

4.12. What is the difference between adsorbent and adsorbate?

4.13. In adsorption, why should adsorbents have a microporous
structure?

4.14. Does a solid have a vapor pressure?

4.15. What is the maximum number of phases that can exist at phys-
ical equilibrium for a given number of components?

4.16. Inarigorous vapor-liquid-liquid equilibrium calculation (the

so-called three-phase flash), is it necessary to consider all pos-
sible phase conditions, i.e., all-liquid, all-vapor, vapor-liquid,
liquid-liquid, and vapor-liquid-liquid?

(c) calculate the degrees of freedom, and

(d) list a reasonable set of design variables.

4.2. Uniqueness of three different separation operations.
Can the following problems be solved uniquely?

(a) The feed streams to an adiabatic equilibrium stage consist of lig-
uid and vapor streams of known composition, flow rate, tem-
perature, and pressure. Given the stage (outlet) temperature and
pressure, calculate the compositions and amounts of equilibrium
vapor and liquid leaving.

(b) The same as part (a), except that the stage is not adiabatic.

(¢) A vapor of known 7', P, and composition is partially condensed.
The outlet P of the condenser and the inlet cooling water T are
fixed. Calculate the cooling water required.

4.3. Degrees-of-freedom for an adiabatic, two-phase flash.
Consider an adiabatic equilibrium flash. The variables are all
as indicated in Figure 4.8 with Q = 0. (a) Determine the number
of variables. (b) Write all the independent equations that relate the
variables. (c) Determine the number of equations. (d) Determine the
number of degrees of freedom. (e) What variables would you prefer
to specify in order to solve an adiabatic-flash problem?
4.4. Degrees of freedom for a nonadiabatic, three-phase flash.
Determine the number of degrees of freedom for a nonadiabatic,
three-phase equilibrium flash.
4.5. Application of Gibbs’ phase rule.
For the seven-phase equilibrium system shown in Figure 4.1,
assume air consists of N,, O,, and argon. What is the number of
degrees of freedom? What variables might be specified?
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Section 4.2

4.6. Partial vaporization of a nonideal binary mixture.

A liquid mixture contains 25 mol% benzene and 75 mol% ethyl
alcohol. The components are miscible in all proportions. The mix-
ture is heated at a constant pressure of 1 atm from 60°C to 90°C.
Using the following 7T—y—x experimental data, determine (a) the
temperature where vaporization begins; (b) the composition of the
first bubble of vapor; (c) the composition of the residual liquid when
25 mol % has evaporated, assuming that all vapor formed is retained
in the apparatus and is in equilibrium with the residual liquid.
(d) Repeat part (c) for 90 mol% vaporized. (e) Repeat part (d) if, after
25 mol% is vaporized as in part (c), the vapor formed is removed
and an additional 35 mol% is vaporized by the same technique
used in part (c). (f) Plot temperature versus mol% vaporized for
parts (c) and (e).

T—y—x DATA FOR BENZENE-ETHYL ALCOHOL AT 1 ATM

Temperature, °C:
784 715 75 725 70 68.5 67.7 68.5 72.5 75 775 80.1
Mole percent benzene in vapor:

0 75 28 42 54 60 68 73 82

Mole percent benzene in liquid:
0 1.5 512 2231 68 8L 91 95 98 100

88 95 100

(g) Use the following vapor pressure data with Raoult’s and
Dalton’s laws to construct a 7—y—x diagram, and compare it to the
answers obtained in parts (a) and (f) with those obtained using the
experimental 7—y—x data. What are your conclusions?

VAPOR PRESSURE DATA
Vapor pressure, torr:
20 40 60 100 200 400 760
Ethanol, °C:
8 19.0 26.0 349 48.4 63.5 78.4

Benzene, °C:
-2.6 7.6 15.4 26.1 422 60.6 80.1

4.7. Steam distillation of stearic acid.

Stearic acid is steam distilled at 200°C in a direct-fired still. Steam
is introduced into the molten acid in small bubbles, and the acid in
the vapor leaving the still has a partial pressure equal to 70% of the
vapor pressure of pure stearic acid at 200°C. Plot the kg acid dis-
tilled per kg steam added as a function of total pressure from 3.3 kPa
to 101.3 kPa at 200°C. The vapor pressure of stearic acid at 200°C
is 0.40 kPa.

4.8. Equilibrium plots for benzene—toluene.

The relative volatility, «, of benzene to toluene at 1 atm is 2.5.
Construct y—x and 7—y—x diagrams for this system at 1 atm. Repeat
the construction of the y—x diagram using vapor pressure data for
benzene from Exercise 4.6 and for toluene from the table below,
with Raoult’s and Dalton’s laws. Use the diagrams to determine the
following: (a) A liquid containing 70 mol% benzene and 30 mol%
toluene is heated in a container at 1 atm until 25 mol% of the original
liquid is evaporated. Determine the temperature. The phases are
then separated mechanically, and the vapors condensed. Determine
the composition of the condensed vapor and the liquid residue.
(b) Calculate and plot the K-values as a function of temperature
at 1 atm.
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VAPOR PRESSURE OF TOLUENE

Vapor pressure, torr:

20 40 60 100 200 400 760 1,520
Temperature, °C:
184 31.8 403 51.9 69.5 89.5 110.6 136

4.9. Vapor-liquid equilibrium for heptane—toluene system.
(a) The vapor pressure of toluene is given in Exercise 4.8, and that
of n-heptane is in the table below. Construct the following plots: (a)
a y—x diagram at 1 atm using Raoult’s and Dalton’s laws; (b) a T—x
bubble-point curve at 1 atm; (c¢) a and K-values versus temperature;
and (d) repeat of part (a) using an average value of a. Then, (e) com-
pare your y—x and 7—y—x diagrams with the following experimental
data of Steinhauser and White [Ind. Eng. Chem., 41, 2912 (1949)].

VAPOR PRESSURE OF n-HEPTANE

Vapor pressure, torr:
20 40 60 100 200 400 760
Temperature, °C:

9.5 223 306 41.8 58.7 78.0 98.4 124

1,520

VAPOR-LIQUID EQUILIBRIUM DATA FOR n-HEPTANE/
TOLUENE AT 1 ATM

x, n-heptane v, n-heptane T,°C
0.025 0.048 110.75
0.129 0.205 106.80
0.354 0.454 102.95
0.497 0.577 101.35
0.843 0.864 98.90
0.940 0.948 98.50
0.994 0.993 98.35

4.10. Continuous, single-stage distillation.

Saturated-liquid feed of F =40 mol/h, containing 50 mol% A
and B, is supplied to the apparatus in Figure 4.23. The condensate is
split so that reflux/distillate = 1.

(a) If heatis supplied such that W = 30 mol/h and o = 2, as defined
below, what will be the composition of the overhead and the bot-
toms product?

_ Py s
Py ygxy

(b) If the operation is changed so that no condensate is returned to

the still pot and W = 3D, compute the product compositions.

Vapor
14

@Condenser

Still pot
Feed —>: Distillate
F Reflux D
R
Heat *
Bottoms
w

Figure 4.23 Conditions for Exercise 4.10.
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4.11. Partial vaporization of feed to a distillation column.

A fractionation tower operating at 101.3 kPa produces a distillate
of 95 mol% acetone (A), 5 mol% water, and a residue containing
1 mol% A. The feed liquid is at 125°C and 687 kPa and contains
57 mol% A. Before entering the tower, the feed passes through
an expansion valve causing it to be partially vaporized at 60°C.
From the data below, determine the molar ratio of liquid to vapor
in the feed. Enthalpy and equilibrium data are: molar latent heat of
A =29,750 kJ/kmol; molar latent heat of H,O = 42,430 kJ/kmol,
molar specific heat of A = 134 kJ/kmol-K; molar specific heat of
H,0 = 75.3 kJ/kmol-K; enthalpy of high-pressure, hot feed before
adiabatic expansion = 0; enthalpies of feed phases after expansion
are hy, = 27,200 klJ/kmol and &, = —5,270 kJ/kmol. All data except
K-values, are temperature-independent.

EQUILIBRIUM DATA FOR ACETONE-H,O AT 101.3 kPa

56.7 57.1 60.0 61.0 63.0 71.7 100
100 920 500 33.0 17.6 6.8 0
100 944 850 83.7 80.5 69.2 0

T,°C
Mol% A in liquid:
Mol% A in vapor:

4.12. Enthalpy-concentration diagram.

Using vapor pressure data from Exercises 4.6 and 4.8 and the
enthalpy data provided below (a) construct an h—y—x diagram for
the benzene—toluene system at 1 atm (101.3 kPa) based on Raoult’s
and Dalton’s laws and (b) calculate the energy required for 50 mol%
vaporization of a 30 mol% liquid solution of benzene in toluene
at saturation temperature. If the vapor is condensed, what is the
heat load on the condenser in kJ/kg of solution if the condensate is
saturated, and if it is subcooled by 10°C?

diagrams. (b) When a solution containing 40 mol% isopropanol
is slowly vaporized, what is the composition of the initial vapor?
(c) If the mixture in part (b) is heated until 75 mol% is vaporized,
what are the compositions of the equilibrium vapor and liquid?
(d) Calculate K-values and values of o at 80°C and 89°C. (¢) Com-
pare your answers in parts (a), (b), and (c) to those obtained from
T—x—y and x—y diagrams based on the following vapor pressure data
and Raoult’s and Dalton’s laws. What do you conclude?

VAPOR-LIQUID EQUILIBRIUM DATA FOR ISOPROPANOL
AND WATER AT 1 ATM

Mol% Isopropanol
T,°C Liquid Vapor
93.00 1.18 21.95
84.02 8.41 46.20
83.85 9.10 47.06
81.64 28.68 53.44
81.25 34.96 55.16
80.32 60.30 64.22
80.16 67.94 68.21
80.21 68.10 68.26
80.28 76.93 74.21
80.66 85.67 82.70
81.51 94.42 91.60

Notes: Composition of the azeotrope: x = y = 68.54%.
Boiling point of azeotrope: 80.22°C.
Boiling point of pure isopropanol: 82.5°C.

Vapor Pressures of Isopropanol and Water

Vapor pressure, torr 200 400 760
Saturated Enthalpy, kJ/kg Isopropanol, °C 53.0 67.8 82.5
Bonzene Toluene Water, °C 66.5 83 100
T,°C h, hy, h, h,
60 79 487 77 471 Section 4.3
80 116 511 114 495 4.17. Vaporization of mixtures of hexane and octane.
100 153 537 151 521 Using the y—x and T—y—x diagrams in Figure 4.4, determine the

4.13. Phase condition for a mixture of alcohols.

For a mixture of 50 mol% 1-propanol, 30 mol% 2-propanol, and
20 mol% ethanol at 5 atm, use a process simulator with the Wilson
equation for liquid-phase activity coefficients to calculate the tem-
perature in °C and the phase compositions in mol% for the follow-
ing conditions: (a) bubble point; (b) dew point; and (c) 50 mol%
vaporization.

4.14. Azeotrope of chloroform-methanol.

For the chloroform—methanol system at 1 atm, use a process sim-
ulator with the NRTL equation for liquid-phase activity coefficients
to prepare plots like those in Figure 4.6. From the plots, determine
the azeotrope composition, temperature, and type.

4.15. Azeotrope of water—formic acid.

For the water—formic acid system at 1 atm, use a process simulator
with the NRTL equation to prepare plots like those of Figure 4.7 to
determine the azeotrope composition, temperature, and type.

4.16. Partial vaporization of water—isopropanol mixture.

Vapor-liquid equilibrium data for mixtures of water and iso-
propanol at 1 atm are given below. (a) Prepare T—x—y and x—y

temperature, amounts, and compositions of the vapor and liquid
phases at 101 kPa for the following conditions with a 100 kmol
mixture of nC, (H) and nCy (C). (a) z3=0.5, ¥Y=V/F=02;
(b) zz =0.4,y, =0.6; (¢c) zy = 0.6, x. = 0.7; (d) z3, =0.5,¥ = 0;
(€) z; = 0.5,%¥ = 1.0; and (f) z; = 0.5, 7 = 200°F
4.18. Derivation of equilibrium-flash equations for a binary
mixture.

For a binary mixture of components 1 and 2, show that the phase
compositions and amounts can be computed directly from the follow-
ing reduced forms of (4-23, 24, and 26).

x=0-K)/(K, -K,)

x,=1-x

v =K K, - K)/(K, - K))

v=1-y

gV _al® — K/ -kl -1
F K -1

4.19. Equilibrium flash using a graph.
Aliquid containing 60 mol% toluene and 40 mol% benzene is con-
tinuously distilled in a single equilibrium stage at 1 atm. What percent
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of benzene in the feed leaves as vapor if 90% of the toluene entering
in the feed leaves as liquid? Assume a relative volatility of 2.3 and
obtain the solution graphically.

4.20. Flash vaporization of a benzene—toluene mixture.

Solve Exercise 4.19 with a process simulator assuming an ideal
solution. Also determine the temperature.
4.21. Equilibrium flash of seven-component mixture.

A seven-component mixture is flashed at a fixed P and 7. (a)
Using the K-values and feed composition below, make a plot of the
Rachford—Rice flash function

C
_ (1 - K)
J¥) = Z 1 +%(K, —1)

i=1
at intervals of ¥ of 0.1, and estimate the correct root of ¥. (b) An
alternative form of the flash function is

c

_ zK; _
f{ly}_z 1+ WK, —1) !

i=1

Make a plot of this equation at intervals of ¥ of 0.1 and explain why
the Rachford—Rice function is preferred.

Component Z K;
1 0.0079 16.2
2 0.1321 52
3 0.0849 2.6
4 0.2690 1.98
5 0.0589 0.91
6 0.1321 0.72
7 0.3151 0.28

4.22. Equilibrium flash of a hydrocarbon mixture.

One hundred kmol of a feed comprised of 25 mol% n-butane,
40 mol% n-pentane, and 35 mol% n-hexane is flashed at 240°F.
Using a process simulator with the RK EOS, determine the pressure
and the liquid and vapor compositions if 80% of the hexane is in the
liquid.

4.23. Equilibrium-flash vaporization of a hydrocarbon
mixture.

An equimolar mixture of ethane, propane, n-butane, and
n-pentane is subjected to flash vaporization at 150°F and 205 psia.
Using a process simulator with the RK EOS, calculate amounts and
compositions of the products? Is it possible to recover 70% of the
ethane in the vapor by a single-stage flash at other conditions without
losing more than 5% of nC, to the vapor?

4.24. Cooling of a reactor effluent with recycled liquid.

Figure 4.24 shows a system to cool reactor effluent and separate

light gases from hydrocarbons.
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The feed pressure is 500 psia and pressure drops are neglected.
The first heat exchanger cools the feed to 200°F, while the second
reduces it further to 100°F. Using a process simulator with SRK
EOS:

(a) Calculate composition and flow rate of vapor leaving the flash
drum.

(b) Does the liquid-quench flow rate influence the result? Prove your
answer analytically.

4.25. Partial condensation of a gas mixture.

The feed in Figure 4.25 is partially condensed. Calculate the
amounts and compositions of the equilibrium phases, V and L, using
a process simulator with the SRK EOS.

|4
cw
392°F, 315 psia ( j 120°F
300 psia
kmol/h
H, 72.53 L
N, 7.98
Benzene 0.13
Cyclohexane 150.00

Figure 4.25 Conditions for Exercise 4.25.

4.26. Rapid determination of phase condition.

The following stream is at 200 psia and 200°F. Without making a
flash calculation, determine if it is a subcooled liquid or a superheated
vapor, or if it is partially vaporized.

Component Ibmol/h K-value
C, 125 2.056
nC, 200 0.925
nCs 175 0.520

4.27. Determination of reflux-drum pressure.

Figure 4.26 shows the overhead system for a distillation column.
The composition of the total distillates is indicated, with 10 mol%
being vapor. Determine reflux-drum pressure if the temperature is
100°F. Use a process simulator with the RK EOS.

Vapor

Reactor
effluent

1000°F 500°F pf 200°F7q/

Ibmol/h
H, 2,000
CH, 2,000
Benzene 500

Toluene 100 Liquid

4,600 quench @

Figure 4.24 Conditions for Exercise 4.24.
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ow h
100°F

Vapor distillate

Total
distillate
\_/ Component mole fraction
C, 0.10
C 0.20
& 0.70
4 1.00

Liquid distillate

o

Figure 4.26 Conditions for Exercise 4.27.

4.28. Flash calculations for different K-value correlations.

Determine the phase condition of a stream having the following
composition at 7.2°C and 2,620 kPa. Use a process simulator with the
SRK and PR options. Does the choice of option influence the results
significantly?

Component kmol/h
N, 1.0
C, 124.0
C, 87.6
C, 161.6
nC, 176.2
nCs 58.5
nCy 33.7

4.29. Flash calculations at different values of 7 and P.

A liquid mixture consisting of 100 kmol of 60 mol% benzene,
25 mol% toluene, and 15 mol% o-xylene is flashed at 1 atm and
100°C. Assuming ideal solutions, use vapor pressure data from a
process simulator to: (a) Compute kmol amounts and mole-fraction
compositions of liquid and vapor products. (b) Repeat the calculation
at 100°C and 2 atm. (c) Repeat the calculation at 105°C and 0.1 atm.
(d) Repeat the calculation at 150°C and 1 atm.

4.30. Conditions at vapor-liquid equilibrium.

Using the Rachford—Rice flash algorithm, prove that the vapor
leaving an equilibrium flash is at its dew point and that the liquid
leaving is at its bubble point.

4.31. Bubble-point temperature of feed to a distillation column.

The feed below enters a distillation column as saturated liquid
at 1.72 MPa. Calculate the bubble-point temperature using a process
simulator.

Compound kmol/h
Ethane 1.5
Propane 10.0
n-Butane 18.5
n-Pentane 17.5
n-Hexane 3.5

4.32. Bubble- and dew-point pressures of a binary mixture.
An equimolar solution of benzene and toluene is evaporated at a
constant temperature of 90°C. What are the pressures at the beginning
and end of the vaporization? Assume an ideal solution and use the
vapor pressure curves of Figure 2.1, or use a process simulator.

4.33. Bubble point, dew point, and flash of a water-acetic acid
mixture.

The following equations are given by Sebastiani and Lacquaniti
[Chem. Eng. Sci., 22, 1155 (1967)] for the liquid-phase activity coef-
ficients of the water (W)-acetic acid (A) system.

log vy = X3[A + B(dxy, — 1) + Cxy — x,)(6xy, — D]
logy, = Xg[A + B(dxy — 3) + Clry — x,)(6xy — 5)]

64.24
A=0.1182+ =%
T T®
B=0.1735 — 127
T(K)

C =0.1081

Find the dew point and bubble point of the mixture x,, = 0.5,x, =
0.5, at 1 atm. Flash the mixture at a temperature halfway between the
dew and bubble points.

4.34. Bubble point, dew point, and flash of a mixture.

Use a process simulator with the Wilson equation to find the bub-
ble point and dew point of a mixture of 0.4 mole fraction toluene (1)
and 0.6 mole fraction n-butanol (2) at 101.3 kPa. If the same mixture
is flashed midway between the bubble and dew points and 101.3 kPa,
what fraction is vaporized, and what are the phase compositions?
4.35. Bubble point, dew point, and azeotrope of a mixture.

Use a process simulator with the Wilson equation for a solution of
amolar composition of ethyl acetate (A) of 80% and ethyl alcohol (E)
of 20% to: (a) Calculate the bubble-point temperature at 101.3 kPa
and the composition of the corresponding vapor. (b) Find the dew
point of the mixture. (c) Determine whether the mixture forms an
azeotrope? If it does, predict its temperature and composition.

4.36. Bubble point, dew point, and azeotrope of a mixture.

Use a process simulator with the Wilson equation for a solution at
107°C containing 50 mol% water (W) and 50 mol% formic acid (F)
to: (a) Compute the bubble-point pressure. (b) Compute the dew-point
pressure. (c) Determine if the mixture forms an azeotrope. If so, pre-
dict the azeotropic pressure at 107°C and the composition.

4.37. Bubble point, dew point, and equilibrium flash of a
ternary mixture.

For a mixture of 45 mol% n-hexane, 25 mol% n-heptane, and
30 mol% n-octane at 1 atm, use a process simulator to: (a) Find the
bubble- and dew-point temperatures. (b) Find the flash temperature,
compositions, and relative amounts of liquid and vapor products
if the mixture is subjected to a flash distillation at 1 atm so that
50 mol% is vaporized. (c¢) Find how much octane is taken off as
vapor if 90% of the hexane is taken off as vapor. (d) Repeat parts (a)
and (b) at 5 atm and 0.5 atm.

4.38. Vaporization of column bottoms in a partial reboiler.

In Figure 4.27, 150 kmol /h of a saturated liquid, L,, at 758 kPa of
molar composition propane 10%, n-butane 40%, and n-pentane 50%
enters the reboiler from stage 1. Use a process simulator to find the
compositions and amounts of V,, and B. What is Q,, the reboiler duty?

Stage 1

L Vs

Reboiler Or

B =50 kmol/h

Figure 4.27 Conditions for Exercise 4.38.
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4.39. Bubble point and flash temperatures for a ternary
mixture.

For a mixture with mole fractions 0.005 methane, 0.595 ethane,
and the balance n-butane at 50 psia, use a process simulator to: (a)
Find the bubble-point temperature. (b) Find the temperature that
results in 25% vaporization at this pressure and determine the liquid
and vapor compositions in mole fractions.

4.40. Heating and expansion of a hydrocarbon mixture.

In Figure 4.28, a mixture is heated and expanded before entering
a distillation column. Calculate, using a process simulator, mole per-
cent vapor and vapor and liquid mole fractions at locations indicated
by pressure specifications.

100 Ibmol/h 260°F,
150%F, 260 psia /7 O\ 250 psia P 100 psia
k}<::::¥\ Valve To distillation
Steam column
Heater
Mole
Component fraction
C, 0.03
Cs 0.20
nCy 0.37
nCs 0.35
*Ce 0.05
1.00

Figure 4.28 Conditions for Exercise 4.40.

4.41. Equilibrium vapor and liquid leaving a feed stage.

Streams entering stage F' of a distillation column are shown in
Figure 4.29. Using a process simulator, find the stage temperature
and compositions and amounts of streams V. and L. if the pressure
is 785 kPa.

F-1
Vi T Lp_;
Bubble-point feed, 160 kmol/h F
Component Mole percent v
C3 20 F+1 e Ly
nC, 40 +
nCpg 50
Composition, mol%
Stream  Total flow rate, kmol/h Cs nCy nCg
Lg_, 100 15 45 40
Vet 196 30 50 20

Figure 4.29 Conditions for Exercise 4.41.

4.42. Adiabatic flash across a valve.
The stream below is flashed adiabatically across a valve. Condi-
tions are 250°F and 500 psia upstream and 300 psia downstream. Use

Component g

C,H, 0.02
C,H, 0.03
C,H, 0.05
C;H, 0.10
iC, 0.20
nC, 0.60
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a process simulator to compute (a) phase condition upstream of the
valve; (b) temperature downstream of the valve; (c) molar fraction
vaporized downstream of the valve; and (d) mole-fraction composi-
tions of the vapor and liquid phases downstream of the valve.

4.43. Single-stage equilibrium flash of a clarified broth.

The ABE biochemical process makes acetone (A), n-butanol (B),
and ethanol (E) by an anaerobic, submerged, batch fermentation
at 30°C of corn kernels, using a strain of the bacterium Clostridia
acetobutylicum. Following fermentation, the broth is separated from
the biomass solids by centrifugation. Consider 1,838,600 L/h of
clarified broth of S.G. = 0.994, with a titer of 22.93 g/L of ABE in
the mass ratio of 3.0:7.5:1.0. A number of continuous bioseparation
schemes have been proposed, analyzed, and applied. In particular,
the selection of the first separation step needs much study because
the broth is so dilute in the bioproducts. Possibilities are single-stage
flash, distillation, liquid-liquid extraction, and pervaporation. In this
exercise, a single-stage flash is to be investigated. Convert the above
data on the clarified broth to component flow rates in kmol/h. Heat
the stream to 97°C at 101.3 kPa. Use a process simulator to run a
series of equilibrium-flash calculations using the NRTL equation for
liquid-phase activity coefficients. Note that n-butanol and ethanol
both form an azeotrope with water. Also, n-butanol may not be
completely soluble in water for all concentrations. The specifications
for each flash calculation are pressure = 101.3 kPa and V/F, the
molar vapor-to-feed ratio. A V//F is to be sought that maximizes the
ABE in the vapor while minimizing the water in the vapor. Because
the boiling point of n-butanol is greater than that of water, and
because of possible azeotrope formation and other nonideal solution
effects, a suitable V/F may not exist.

4.44. Algorithms for various flash calculations.

Given the isothermal-flash algorithm of Rachford and Rice, pro-
pose procedures for the following flash calculations, assuming that
expressions for K-values and enthalpies are available.

Given Find
hy, P v, T
hp, T y, P
hp, W T,P
vy, T hy, P
vy, P hp, T
T, P hp, y

4.45. Flash algorithm for specification of a split of one
component.

Develop a procedure, similar to the Rachford—Rice flash algo-
rithm, that is suitable for calculating the mole-fraction compositions
of the vapor and the liquid from an equilibrium flash if the pressure
and the split fraction, ; = v, /f;, for one of the components in a multi-
component feed is specified, where v, = molar flow rate of i in the
equilibrium vapor and f; = molar flow rate of i in the feed. Assume
Raoult’s law applies. Hint: Start by using material balances, and the
definition of oy, where j is the reference component (the one whose
split is given), to rewrite (4-26) so that the K-values are replaced by
o values, which are much less dependent on temperature.

4.46. Equilibrium flash for a specified split.

The mixture of benzene, toluene, and o-xylene, listed below, is
flashed at a pressure of 1 bar to achieve a split fraction, y, = v,/f;,
for toluene equal to 0.9. Using a flash model in a process simulator,
calculate the flash temperature and the component flow rates in
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kmol/h in the equilibrium vapor and liquid phases. Assume that
Raoult’s law applies.

Component Feed Rate, kmol/h

Benzene 30

Toluene 50

o-xylene 40
Section 4.4

4.47. Comparison of solvents for single-stage extraction.

A feed of 13,500 kg/h is 8 wt% acetic acid (B) in water (A).
Removal of acetic acid is to be by liquid-liquid extraction at 25°C.
The raffinate is to contain 1 wt% acetic acid. The following four
solvents, with accompanying distribution (partition) coefficients
in mass-fraction units, are candidates. Water and each solvent (C)
can be considered immiscible. For each solvent, estimate the kg/h
required if one equilibrium stage is used.

Solvent K,

Methyl acetate 1.273
Isopropyl ether 0.429
Heptadecanol 0.312
Chloroform 0.178

4.48. Liquid-liquid extraction of ethylene glycol from water by
furfural.

Forty-five kg of a solution of 30 wt% ethylene glycol in water
is to be extracted with furfural. Using Figure 4.13, calculate the
(a) minimum kg of solvent; (b) maximum kg of solvent; (c) kg of
solvent-free extract and raffinate for 45 kg solvent, and the percent-
age glycol extracted; and (d) maximum purity of glycol in the extract
and the maximum purity of water in the raffinate for one stage.

4.49. Representation of a ternary system on a triangular
diagram.

Prove that in a triangular diagram where each vertex represents a
pure component, the composition of the system at any point inside the
triangle is proportional to the length of the respective perpendicular
drawn from the point to the side of the triangle opposite the vertex in
question. Note that it is not necessary that the triangle be of a right or
equilateral type.

4.50. Liquid-liquid extraction of acetic acid from chloroform
by water.

A mixture of chloroform (CHCl,) and acetic acid at 18°C
and 1 atm (101.3 kPa) is extracted with water to recover the acid.

LIQUID-LIQUID EQUILIBRIUM DATA FOR CHCl;,-H,0-
CH,COOH AT 18°C AND 1 ATM

Heavy Phase (wt%) Light Phase (wt%)
CHCl; H,0 CH,;COOH CHCI, H,O0 CH,COOH
99.01 0.99 0.00 0.84 99.16 0.00
91.85 1.38 6.77 1.21 73.69 25.10
80.00 2.28 17.72 7.30 48.58 44.12
70.13 4.12 25.75 15.11 34.71 50.18
67.15 5.20 27.65 18.33 31.11 50.56
59.99 7.93 32.08 25.20 25.39 49.41
55.81 9.58 34.61 28.85 23.28 47.87

Forty-five kg of 35 wt% CHCI; and 65 wt% acid is treated with
22.75 kg of water at 18°C in a one-stage batch extraction. (a) What
are the compositions and masses of the raffinate and extract layers?
(b) If the raffinate layer from part (a) is extracted again with one-half
its weight of water, what are the compositions and weights of the
new layers? (c) If all the water is removed from the final raffinate
layer of part (b), what will its composition be? Solve this exercise
using the given equilibrium data to construct the type of diagram in
Figure 4.13.

4.51. Liquid-liquid extraction of acetic acid from water by
isopropyl ether.

Isopropyl ether (E) is used to separate acetic acid (A) from
water (W). The liquid-liquid equilibrium data at 25°C and 1 atm are
given below: (a) One hundred kilograms of a 30 wt% A—-W solution
is contacted with 120 kg of ether (E). What are the compositions
and weights of the resulting extract and raffinate? What would the
concentration of acid in the (ether-rich) extract be if all ether were
removed? (b) A solution of 52 kg A and 48 kg W is contacted with
40 kg of E. Calculate the extract and raffinate compositions and
quantities.

LIQUID-LIQUID EQUILIBRIUM DATA FOR
ACETIC ACID (A), WATER (W), AND
ISOPROPANOL ETHER (E) AT 25°C AND 1 ATM

Water-Rich Layer Ether-Rich Layer

Wt% A Wt% W Wt% E Wt% A Wt% W Wt% E
1.41 97.1 1.49 0.37 0.73 98.9
2.89 95.5 1.61 0.79 0.81 98.4
6.42 91.7 1.88 1.93 0.97 97.1

13.30 84.4 2.3 4.82 1.88 93.3

25.50 71.1 34 114 3.9 84.7

36.70 58.9 44 21.6 6.9 71.5

45.30 45.1 9.6 31.1 10.8 58.1

46.40 37.1 16.5 36.2 15.1 48.7

Section 4.5

4.52. Separation of paraffins from aromatics by liquid-liquid
extraction.

Diethylene glycol (DEG) is the solvent in the UDEX liquid-liquid
extraction process [H.W. GROTE, Chem. Eng. Progr, 54(8), 43
(1958)] to separate paraffins from aromatics. If 280 Ibmol/h of
42.86 mol% n-hexane, 28.57 mol% n-heptane, 17.86 mol% benzene,
and 10.71 mol% toluene is contacted with 500 Ibmol/h of 90 mol%
aqueous DEG at 325°F and 300 psia, calculate, using a process
simulator with the UNIFAC L/L method for liquid-phase activity
coefficients, the flow rates and molar compositions of the resulting
two liquid phases. Is DEG more selective for the paraffins or the
aromatics?

4.53. Liquid-liquid extraction of organic acids from water with
ethyl acetate.

A feed of 110 Ibmol/h includes 5, 3, and 2 Ibmol/h, respectively,
of formic, acetic, and propionic acids in water. If the acids are
extracted in one equilibrium stage with 100 1bmol /h of ethyl acetate
(EA), calculate, with a process simulator using the UNIFAC method,
the flow rates and compositions of the resulting liquid phases. What
is the selectivity of EA for the organic acids?
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Section 4.6

4.54. Adsorption of phenol (B) from an aqueous solution.

Repeat Example 4.9, except determine the grams of activated car-
bon needed to achieve: (a) 75% adsorption of phenol; (b) 90% adsorp-
tion of phenol; and (c) 98% adsorption of phenol.

4.55. Adsorption of a colored substance from an oil by clay
particles.

A colored substance (B) is removed from a mineral oil by adsorp-
tion with clay particles at 25°C. The original oil has a color index of
200 units/100 kg oil, while the decolorized oil must have an index of
only 20 units /100 kg oil. The following are experimental adsorption
equilibrium data measurements:

¢g, color units /100 kg oil 200 100 60 40 10
gy color units /100 kg clay 10 7.0 54 4.4 22

(a) Fit the data to the Freundlich equation. (b) Compute the kg of
clay needed to treat 500 kg of oil if one equilibrium contact is used.

Section 4.7

4.56. Absorption of acetone (A) from air by water.
Vapor-liquid equilibrium data in mole fractions for the system
acetone—air—water at 1 atm (101.3 kPa) are as follows:

y; acetone in air : 0.004 0.008 0.014 0.017 0.019 0.020
x; acetone in water :  0.002 0.004 0.006 0.008 0.010 0.012

(a) Plot the data as (1) moles acetone per mole air versus moles
acetone per mole water, (2) partial pressure of acetone versus g ace-
tone per g water, and (3) y versus x. (b) If 20 moles of gas contain-
ing 0.015 mole-fraction acetone is contacted with 15 moles of water,
what are the stream compositions? Solve graphically. Neglect water/
air partitioning.

4.57. Separation of air into O, and N, by absorption into water.

It is proposed that oxygen be separated from nitrogen by absorb-
ing and desorbing air in water. Pressures from 101.3 to 10,130 kPa
and temperatures between 0 and 100°C are to be used. (a) Devise a
scheme for the separation if the air is 79 mol% N, and 21 mol% O,.
(b) Henry’s law constants for O, and N, are given in Figure 4.18. How
many batch absorption steps would be necessary to make 90 mol%
oxygen? What yield of oxygen (based on the oxygen feed) would be
obtained?

4.58. Absorption of ammonia from nitrogen into water.

A vapor mixture of equal volumes NH; and N, is contacted at
20°C and 1 atm (760 torr) with water to absorb some of the NH;.

Partial Pressure of Grams of Dissolved

NH,; in Air, torr NH,/100 g of H,O
470 40
298 30
227 25
166 20
114 15

69.6 10

50.0 7.5
31.7 5.0
24.9 4.0
18.2 3.0
15.0 2.5

12.0 2.0
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If 14 m3 of this mixture is contacted with 10 m* of water, calculate
the % of ammonia in the gas that is absorbed. Both 7" and P are main-
tained constant. The partial pressure of NH; over water at 20°C is
given in the table above.

Section 4.8

4.59. Desublimation of phthalic anhydride from a gas.

Repeat Example 4.12 for temperatures corresponding to vapor
pressures for PA of: (a) 0.7 torr, (b) 0.4 torr, and (c¢) 0.1 torr. Plot
the percentage recovery of PA vs. solid vapor pressure for 0.1 torr to
1.0 torr.

4.60. Desublimation of anthraquinone (A) from nitrogen.

Nitrogen at 760 torr and 300°C containing 10 mol% anthraquinone
(A) is cooled to 200°C. Calculate the % desublimation of A. Vapor
pressure data for solid A are:

T,°C: 190.0 234.2 264.3 285.0
Vapor pressure, torr: 1 10 40 100

These data can be fitted to the Antoine equation (2-42) using the
first three constants.

4.61. Separation of a gas mixture by adsorption.

At 25°C and 101 kPa, 2 mol of a gas containing 35 mol% propy-
lene in propane is equilibrated with 0.1 kg of silica gel adsorbent.
Using Figure 4.20, calculate the moles and compositions of the
adsorbed and unadsorbed gas.

4.62. Separation of a gas mixture by adsorption.

Fifty mol% propylene in propane is separated with silica gel.
The products are to be 90 mol% propylene and 75 mol% propane.
If 1,000 Ib of silica gel/lbmol of feed gas is used, can the desired
separation be made in one stage? If not, what separation can be
achieved? Use Figure 4.20.

Section 4.9

4.63. Bubble point of a mixture of toluene, ethylbenzene, and
water.

A liquid of 30 mol% toluene, 40 mol% ethylbenzene, and
30 mol% water is subjected to a continuous flash distillation at
0.5 atm. Assuming that mixtures of ethylbenzene and toluene obey
Raoult’s law and that the hydrocarbons are immiscible in water and
vice versa, calculate, with a process simulator, the temperature and
composition of the vapor phase at the bubble-point temperature.
4.64. Bubble point, dew point, and 50 mol% flash for
water-n-butanol.

Water (W) and n-butanol (B) can form a three-phase system at
101 kPa. For a mixture of overall composition of 60 mol% W and
40 mol% B, use a process simulator with the UNIFAC method to esti-
mate: (a) dew-point temperature and composition of the first drop of
liquid; (b) bubble-point temperature and composition of the first bub-
ble of vapor; and (c) compositions and relative amounts of all three
phases for 50 mol% vaporization.

4.65. Isothermal flash.

Repeat Example 4.14 for a temperature of 25°C. Are the changes

significant?
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Chapter 5

Multistage Cascades and Hybrid Systems

§5.0 INSTRUCTIONAL OBJECTIVES

After completing this chapter, you should be able to:

o Explain how multiple equilibrium stages arranged in a cascade with countercurrent flow can achieve a significantly

better separation than a single equilibrium stage.

o Explain why a two-section countercurrent cascade can achieve a sharp separation between two feed components,
while a single-section cascade can only achieve a sharp recovery for a single feed component.

¢ Configure a membrane cascade to improve a membrane separation.

¢ Explain the merits and give examples of hybrid separation systems.

o Determine degrees of freedom for multistage cascades and hybrid systems.

Most often, the separation of a mixture by a single equi-
librium stage is not sufficient to achieve a desired purity and
recovery of a particular component in the feed. For example,
consider the separation of a mixture of 48.3 mol% methanol
(M) and 51.7 mol% water (W). The mixture is brought to
equilibrium at 78°C and 101.3 kPa, using flash vaporization
(separation operation 2 of Table 1.1). By calculations,
described in Chapter 4 and verified by experiment, a vapor
phase with 66.5 mol% M and a liquid phase of 30.0 mol% M
are produced, with a 69% recovery of M in the vapor phase.
To attain greater degrees of purity and percent recovery of M,
multiple equilibrium stages are required. Common configu-
rations of multiple stages in separation cascades, particularly
with countercurrent flow, are treated in this chapter. Hybrid
separation systems containing two or more different types
of separation operations are also considered because they
can sometimes save energy. The degrees of freedom analysis
of §4.3.1, for a single equilibrium stage, is extended in this
chapter to multistage cascades and hybrid systems.

§5.1 CASCADE CONFIGURATIONS

Figure 5.1 shows a countercurrent cascade configuration
widely used for continuous separations based on phase addi-
tion using a mass separating agent, as introduced in §1.4 and
shown in Table 1.2 for absorption, stripping, and liquid-liquid
extraction. In Figure 5.1, consecutive equilibrium stages are
represented by boxes numbered beginning at the feed and con-
nected by passing streams. In Table 1.2, each stage is shown
as a line immediately adjacent to the next consecutive stage.
Although four stages are shown in Figure 5.1, any number of
stages can be arranged vertically in a column. In Figure 5.1,
the feed enters at Stage 1, while the MSA enters Stage 4 at the
opposite end. The two streams flow countercurrently to each
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other, with equilibrium achieved at each stage. If the cascade
is for stripping, the feed liquid enters at the top stage, while
the stripping gas enters the bottom stage. In an absorption
cascade, the feed gas enters at the bottom and the absorbent
liquid enters at the top. If the cascade is for liquid—liquid
extraction, the feed liquid and solvent liquid enter at opposite
ends with the liquid of higher density entering at the top.

Figure 5.2 shows a three-stage crosscurrent cascade,
which, as will be shown, is not as efficient as the countercur-
rent cascade but is suited for batch processing, particularly
liquid—liquid extraction. The MSA, S, is divided into fractions
that are fed individually to each stage of the process. Each box
represents an equilibrium stage with a mixer. In Figure 5.2,
the feed, F, is added to the first stage, where it is brought
to equilibrium with a fraction of the fresh solvent, S. The
extracted feed from the first stage is then added to the second
stage, where it is again contacted with a fraction of the fresh
solvent. In this manner, the feed progresses from stage to
stage. Extracted feed, R, leaving the final stage is the raffinate
(from the French ward raffiner, which means “to refine”). The
extracts, E, leaving each stage can be processed separately or
combined to recover solvent and extracted solutes.

Cascades in Figures 5.1 and 5.2 are single-section cascades
configured and designed to achieve a desired percent recovery
of just one component, called the key component, from a feed
stream that enters at one end and leaves at the other. When it is
desired to achieve a percent purity or percent recovery of two
feed components, called key components, a two-section cas-
cade is necessary. This type of cascade, shown in Figure 5.3,
is common for (a) liquid-liquid extraction when two solvents
are used that are each selective for one of the two key com-
ponents, and (b) distillation. The horizontal lines within the
two columns in Figure 5.3 delineate consecutive equilibrium
stages.
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Figure 5.1 Countercurrent cascade of equilibrium stages for a
continuous phase-addition separation operation.

Figure 5.2 Crosscurrent cascade for batchwise liquid-liquid
extraction.

99 mol% methanol

methanol
water
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1_(

’|g>
FHIIIII ||||4§52

Py

(a) Steam
(b)

99 mol% water

Figure 5.3 Two-section cascades: (a) liquid—liquid extraction with
two solvents; (b) distillation.

§5.2 SINGLE-SECTION LIQUID-LIQUID
EXTRACTION CASCADES

In §4.4, a single-equilibrium-stage ternary liquid—liquid
extraction was considered. In this section, that treatment is
extended to multiple stages. First, consider the two-stage co-
current, crosscurrent, and countercurrent single-section
liquid-liquid extraction cascades shown in Figure 5.4, where
benzene (S) is used to extract p-dioxane (B) from water (A).
The single-stage equations derived in §4.4 can be applied to
each two-stage arrangement in Figure 5.4 to derive the overall
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degree of extraction. The derivations are extended to any
number of equilibrium stages, N.

§5.2.1 Cocurrent Cascade

In Figure 5.4a, the fraction of B exiting Stage 1 without being
extracted from the aqueous carrier, A, is from (4-36),

Q_L (5-1)
X 1+&

where the extraction factor, £ which leverages equilibrium and

operational flow rates to achieve the separation, is from (4-35),
/!

Kp,S

g=~De”

Fi (5-2)

where the distribution ratio, K’ bB, modified for mass ratios is,
from (4-33),

Yy = Kp Xg’ (5-3)

Assume that streams leaving a stage are at equilibrium. For the
second stage, a material balance for B gives

XOF, +YPs =xPF, +YPs (5-4)
with
2 2
vy = Kp, X5 (5-5)

However, if equilibrium is reached in Stage 1, no additional
extraction takes place when the two exiting streams are recon-
tacted in subsequent stages. Accordingly, a cocurrent cascade
has no merit unless required residence times are so long that
equilibrium is not achieved in a single stage and one or more
extra stages are needed to provide additional residence time.
Long residence times may be needed to achieve sufficient con-
tacting between feed and solvent, or to accommodate slow
mass transfer of solute from feed to solvent. Regardless of
the number of cocurrent equilibrium stages, N, the fraction of
unextracted B in the carrier exiting the terminal stage is

™)
Xy 1+ &

§5.2.2 Crosscurrent Cascade

For the crosscurrent cascade in Figure 5.4b, the feed pro-
gresses through each stage, beginning with Stage 1. The total
benzene solvent flow rate, S, is divided into equal fractions,
each of which is sent to a consecutive stage. The following
mass ratios are obtained for each stage in an N-stage system
by application of (4-36), where S is replaced by S§/N so that £
is replaced by E/N:

X5 /X5 =1/(1 + E/N)
x@/x\ =101 N
B /Xp /(1 +&/N) 5-7)

X5/xg ™0 = 1/(1 + g/N)
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Figure 5.4 Two-stage arrangements: (a) cocurrent cascade; (b) crosscurrent cascade; and (c) countercurrent cascade.

Combining the equations in (5-7) to eliminate intermediate-
stage variables, Xg'), the final raffinate solute mass ratio,
corresponding to the fraction of B in the feed that is not
extracted is

1
XN ) _ R 3P _

B /Xp B /Xp (1 +&/NV
In contrast to the cocurrent cascade, a crosscurrent cascade
decreases the value of X in each successive stage. For an infi-
nite number of equilibrium stages, N, (5-8) becomes

(5-8)

() / 3 (F) 1
Xg /Xy = ——= (5-9)
PR T e
Thus, even for an infinite number of stages, Xl(gR) = 1(3°°) cannot

be reduced to zero to completely extract all solute from the
feed carrier.

§5.2.3 Countercurrent Cascade

In the countercurrent arrangement in Figure 5.4c, the feed, a
carrier-rich liquid phase, initially rich in solute, passes through
the cascade countercurrently to the solvent-rich phase, which
is initially solute-poor. For a two-equilibrium-stage system,
the material-balance and equilibrium equations for solute B
for each stage are:

Stage 1: xPOFp 4+ yPs=xVF, +v{s (5-10)
Y(l)

K B (5-11)
Do = D

Stage 2: XPFy = XPF, +YYs (5-12)
2)

Y
Kb = 10 (5-13)

Combining (5-10) to (5-13) with (5-2) to eliminate Y3, Y,
and Xl(gl) gives

1
X(z) X(F) — X(R) X(F) — 5-14
B /X8 B /X l+£+ 2 ( )
Extending (5-14) to N countercurrent stages,
N £_1
R) jy(F -
XP/xd = 1/22’1:751\/“—1 (5-15)
n=0

Can a perfect extraction be achieved with a countercurrent cas-
cade? For an infinite number of equilibrium stages, the limit of
(5-15) gives two results, depending on the value of the extrac-
tion factor, E:

xx$ = o, 1<€<
XX =1-85, £<1

Thus, complete extraction can be achieved with a countercur-
rent cascade of an infinite NV if the extraction factor £ > 1. The
countercurrent arrangement is preferred for a continuous pro-
cess because, as will be shown, this arrangement results in a
higher degree of extraction for a given amount of solvent and
number of equilibrium stages.

EXAMPLE 5.1 Liquid-Liquid Extraction with Different
Cascade Arrangements.

Ethylene glycol is catalytically dehydrated to p-dioxane (a cyclic
diether) by the reaction 2HOCH,CH,HO — H,CCH,O0CH,CH, 0O +
2H, 0. Water and p-dioxane have normal boiling points of 100°C and
101.1°C, respectively, which precludes using distillation to separate
them. Liquid-liquid extraction at 25°C using benzene as a solvent is
preferable. A feed of 4,536 kg/h of a 25 wt% solution of p-dioxane
in water is to be separated continuously with 6,804 kg/h of benzene.
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Figure 5.5 Process Flow Diagram for Example 5.1.

Assume that benzene and water are mutually insoluble. Use a con-
stant, average literature value for partitioning of p-dioxane between
water and benzene. Determine the effect of the number and arrange-
ment of stages on the percent extraction of p-dioxane. The process
flow diagram is given in Figure 5.5.

Solution

Three arrangements of equilibrium stages are examined: (a) cocur-
rent, (b) crosscurrent, and (c) countercurrent. Because water and
benzene are assumed mutually insoluble, and the partitioning is
assumed constant, (5-6), (5-8), and (5-15) can be used to estimate
X{;R)/X(F), the fraction of p-dioxane not extracted, as a function of N.
From the equilibrium data of Berdt and Lynch [1], the distribution
coefficient for p-dioxane, varies from 1.0 to 1.4 as a function of
concentration. Assume a constant value of 1.2. From the given
data, S = 6,804 kg/h of benzene, F, =4,536(0.75) = 3,402 kg/h
of water, and X§’ = 0.25/0.75 = 1/3. From (5-2), the extraction
factor is £ = 1.2(6,804)/3,402 = 2.4.

Single equilibrium stage:

Cocurrent, crosscurrent, and countercurrent arrangements give iden-
tical results for a single stage. By (5-6), the fraction of p-dioxane
remaining unextracted in the raffinate is,

XO/XE = 1/(1 +2.4) = 0.294
The corresponding fractional extraction into the solvent is

1—x®/x{ = 1-0.294 = 0.706 or 70.6%

More than one equilibrium stage:

(a) Cocurrent: For any number of equilibrium stages, extraction is
still only 70.6%.

(b) Crosscurrent: For any number of equilibrium stages, (5-8)
applies. For two stages, assuming equal flow of solvent to each
stage,

XU = g

=drgpe - VA +2.4/2)* = 0.207

and extraction is 79.3%. Results for increasing values of N are in
Figure 5.6.

(c) Countercurrent: For any number of stages, (5-15) applies. For
example, for two stages,

1 1

X/ _
5 /Xs 1+E+&  1+24+242°

=0.109
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Figure 5.6 Effect of multiple equilibrium stages on extraction
efficiency.

and extraction is 89.1%. Results for other discrete values of
N are shown in Figure 5.6, where a probability-scale ordinate
is convenient because for the countercurrent case with £ > 1,
100% extraction is approached as N approaches oo. For the
crosscurrent arrangement, the maximum extraction from (5.9) is
90.9%, while for five stages, the countercurrent cascade achieves
99.2% extraction.

The single-section cascade is applied to absorption and
stripping in Chapters 6 and 10 and to liquid-liquid extraction
in Chapters 8 and 10.

§5.3 TWO-SECTION DISTILLATION
CASCADES

If the feed to a distillation column is a binary zeotropic
mixture, high purity bottoms and distillate can be achieved
as shown in Figure 5.3b for a methanol-water separation. To
illustrate how recovery of two key components, both at high
purity, can be achieved, consider the continuous distillation
of 1,000 kmol/h of a 50-50 mol% mixture of n-heptane (H)
and n-octane (O) at 101.3 kPa. The normal boiling points for
H and O are 98.4°C and 125.7°C, respectively. This mixture
is almost an ideal solution with infinite-dilution liquid-phase
activity coefficients, y;7, of 1.03 for O and 1.04 for H. The
relative volatility, oy ), varies from 2.277 at the boiling point
of H to 2.087 at the boiling point of O.

The column configuration used for the calculations is
shown in Figure 5.7. Thermodynamic properties are com-
puted with the SRK EOS, described in §2.5. The feed, F, is
a vapor-liquid mixture that has been flashed at the column
pressure of 101.3 kPa for a molar vaporization of 50%, as
described in §4.3, using the Flash2 model in Aspen Plus. The
results of a flash calculation for 1,000 kmol /h of feed mixture
is shown in the following table. The degree of separation is
minimal.
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Figure 5.7 Column configuration for distillation of heptane—octane
mixture.

Vapor Liquid Vapor Liquid
Flow Rate, Flow Rate, Mole Mole

Component kmol/h kmol/h Fraction  Fraction
n-Heptane 296.0 204.0 0.592 0.408
n-Octane 204.0 296.0 0.408 0.592
Total 500.0 500.0 1.000 1.000

In Figure 5.7, the flashed feed enters near the middle of the
column between the upper (rectifying) and lower (stripping)
sections, each consisting of, as yet, an unspecified number of
consecutive equilibrium stages. The vapor fraction of the feed
rises to the stage above and the liquid fraction flows to the stage
below. The vapor exiting the top stage in the column enters a
partial condenser that produces 500 kmol/h of a vapor dis-
tillate, D, in equilibrium with liquid reflux, R, that recirculates
back to the top stage to provide liquid to contact the vapor ris-
ing from stage-to-stage up the column. The R/D is set at 3.0,
corresponding to a reflux flow rate of 1,500 kmol/h. Stages
above the feed entry constitute the rectifying section. Increas-
ing the reflux ratio decreases the number of stages required
to achieve a given separation. More stages increases the cap-
ital cost of a column while increasing the reflux increases the
energy cost because more liquid has to be vaporized in the
reboiler. This is an optimization problem that is discussed in
Chapter 7.

The liquid exiting the bottom stage in the column enters
a partial reboiler that produces 500 kmol/h of a liquid
bottoms, B, in equilibrium with vapor boilup that flows back
to and up from the bottom stage to provide vapor to contact
the liquid flowing from stage-to-stage down the column. Each
stage in the column is assumed to be an equilibrium stage for
which the vapor exiting the stage and flowing upward to the
next stage is in physical equilibrium with the liquid exiting
the stage and flowing downward to the next stage below.
Stages below the feed entry constitute the stripping section.
It should also be noted that the partial condenser and partial
reboiler each act as equilibrium stages. Stages in the column
are adiabatic, while the condenser and reboiler are diabatic

1 Tray above

Downcomer

Tray below

Figure 5.8 Typical vapor-liquid contacting tray.

stages, with heat transfer to the system in the reboiler and
from the system in the condenser.

A typical distillation column contains a series of horizon-
tal circular trays, spaced more than 0.3 m apart. The trays are
designed for rapidly contacting upflowing vapor with down-
flowing liquid to approach vapor-liquid equilibrium in the
frothy mixture flowing across the tray. Figure 5.8 is a schematic
of the details of one type of tray. Vapor rising from the tray
below flows through perforations on the tray above into the
frothy liquid flowing across the tray. Intimate contact between
vapor and frothy liquid enhances component mass-transfer
rates. Trays are spaced sufficiently to allow exiting vapor to
disentrain from exiting liquid. Liquid leaves the tray by flow-
ing over a weir and into a downcomer that directs it onto the
tray below. For mixtures of close-boiling components, physical
equilibrium between the vapor and liquid flows leaving a tray
is closely approached. Thus, each tray may ideally correspond
to one equilibrium stage. However, the efficiency of trays for
wide-boiling mixtures can be significantly less than 100% and
more than a single tray may be needed to achieve separation
equivalent to one equilibrium stage.

A case study of five runs was made with the Aspen Plus pro-
cess simulator to study the effect of the number of equilibrium
stages on percent purity and percent recovery of n-heptane in
the distillate. Because (1) the feed was a binary mixture with
equal molar percentages of H and O; and (2) the molar split
between distillate and bottoms was equal, the overall compo-
nent material balances for the column resulted in the following
equalities:

mol% H in the distillate = mol% O in the bottoms

% recovery of H in the distillate = % recovery of O in the bottoms

The calculations were made with the Radfrac model dis-
cussed in Chapter 10. In all five simulations, the feed entered
the middle of the column, so that the number of rectifying
stages and stripping stages were equal. The following table
shows the number of equilibrium stages in the column, the
total number of equilibrium stages including the partial
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condenser and partial reboiler, and the calculated mol% purity
of H in the distillate:

Mole% Purity of

Run Column Total n-Heptane
Number Stages Stages in the Distillate
Feed Flash 1 59.2

1 0 2 66.7

2 2 4 76.8

3 8 10 91.2

4 18 20 98.2

5 28 30 99.7

Figure 5.9 is a plot of the results. The mol% purity of H
increases rapidly at first with an increasing number of stages
and then asymptotically tends to 100% when the number of
stages approaches 30. This increase in mol% purity is due to
the use of reflux and boilup to allow countercurrent flow of
vapor and liquid. In the rectifying section, the upcoming vapor
is enriched in the lighter component by contact with a liquid
that has a higher concentration of the lighter component. In the
stripping section, the lighter component is stripped out of the
downflowing liquid by the vapor originating in the reboiler,
which has a lower concentration of the lighter component.

To see more clearly the effect of countercurrent flow, con-
sider the results for the top three stages in the rectifying section
for Run 3 as shown in Figure 5.10, where temperature, flow
rate and component mole fractions are shown for four streams.
Stages 2, 3, and 4 are numbered from the top, progressing
downward, where Stage 1 is the partial condenser. Liquid
stream, L,, exiting Stage 2, and vapor stream, V,, exiting Stage
4 are not in equilibrium. Each enters Stage 3 where they are
brought into intimate contact in a froth shown in Figure 5.8.
Mass transfer of the more volatile component, H, is from the
liquid to the vapor, and for the less volatile component, O, is
from the vapor to the liquid as the concentrations tend to equi-
librium to produce streams L; and Vj that exit Stage 3. The
mole fraction of H in the up-flowing vapor is enhanced from a
mole fraction of 0.686 to 0.769, while the mole fraction of O
in the down-flowing liquid is enhanced from 0.280 to 0.392.
Temperatures on each tray are between pure boiling points
of H and O and increase at each consecutive stage moving
down the column. Liquid streams leaving a stage are at their
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Figure 5.9 Effect of number of stages on mol% product purity.
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Figure 5.10 Profiles for three stages in a distillation column
separating heptane from octane.

bubble point, while vapor streams are at their dew point.
Thus, as the up-flowing vapor becomes enriched with H, the
temperature decreases. The energy to vaporize H at a stage is
almost matched by the energy released by the condensation
of O. Energy differences are reflected in the relatively small
percentage changes in flows of the vapor and liquid streams.
Similar changes occur for other stages. The overall changes in
composition depend on the number of stages. In the limit of
an infinite number of stages, a two-section distillation cascade
could produce a distillate of pure H and a bottoms of pure O.

Two-section distillation cascades are described in depth for
binary mixtures in Chapter 7 and for multicomponent mixtures
in Chapters 9 and 10.

§5.4 MEMBRANE CASCADES

Membrane systems are typically designed to recover and puri-
fy one or more components of a gas or liquid feed by specify-
ing the required membrane area and configuration for a given
feed and operating conditions. Most often they consist of
multiple, parallel membrane units, called modules, to reduce
trans-membrane pressure along the flow path at high feed
rates. Figure 5.11a shows four modules of identical size, oper-
ating in parallel. Feed that has passed through the membrane
in each module (permeate) is combined separately from feed
retained by the membrane (retentate) to give final products.
For example, a membrane-separation system for separating
hydrogen from methane might require a membrane area of
13,000 ft2. If the largest membrane module available has
3,300 2 of membrane surface, four modules in parallel are
required. Ideally, the parallel modules function as a single unit.
Membrane modules do not function as equilibrium stages.
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Figure 5.11 Parallel units of membrane separators.

The retentate and permeate leaving a membrane module are
not in equilibrium. Instead, the retentate and permeate flow
rates and compositions are governed by differing component
mass-transfer rates through the membrane. The larger the
surface area of a membrane module for a given feed and
operating condition the more permeate and the less retentate.

To increase the fraction of a feed component recovered in
the permeate, the membrane separation is often conducted in
two or more stages, as shown in Figure 5.11b for four stages.
Only the combined retentate from each stage is fed to the next
stage. The number of modules in parallel is reduced for each
successive stage as the flow rate on the feed-retentate side of
the membrane decreases. The combined permeates for each
stage differ in composition from stage to stage. They are all
combined to give the final permeate, as shown in Figure 5.11b.
Not shown are required interstage gas compressors and/or lig-
uid pumps to move the streams from stage to stage.

Single-membrane stages are often limited in the degree of
separation and recovery achievable. It is rare to obtain a high
purity for gas membrane separations, and usually it occurs at
the expense of a low recovery. Usually neither a high purity nor
ahigh recovery can be achieved. The following table gives two
examples of the separation obtained for a single stage of gas
permeation using a commercial membrane.

Feed More Product
Molar Permeable Molar Percent
Composition Component Composition Recovery
Example I 85% H, H, 99% H, 60% of H,
15% CH, 1% N, in the feed
in the permeate
Example 2 80% CH, N, 97% CH, 57% of CH,
20% N, 3% N, in the feed

in the retentate

In the first example in the table, the permeate purity is quite
high, but the recovery is not. In the second example, the purity
of the retentate is reasonably high, but the recovery is not.
To improve purity and recovery, membrane modules are cas-
caded using recycle, similar to the use of reflux in distillation.
Shown in Figure 5.12 are three membrane-separation systems,

(b) Multiple stages

studied by Prasad et al. [2] for the production of pure nitrogen
(retentate) from air, using a membrane material that is more
permeable to oxygen. The first system is a single module. The
second system is a cascade of two stages, with permeate recy-
cle from the second to the first stage. The third system is a
cascade of three stages with permeate recycles from stage 3
to stage 2 and from stage 2 to stage 1. The two cascades are
similar to the single-section countercurrent stripping cascade
shown in Figure 5.1.

Prasad et al. [2] give the following results for the three con-
figurations in Figure 5.12:

Mol% N, % Recovery
Membrane System in Retentate of N,
Single Stage 98 45
Two Stages 99.5 48
Three Stages 99.9 50

Thus, high purities are obtained with a single-section mem-
brane cascade, but little improvement in the recovery is pro-
vided by additional stages. To obtain both high purity and high
recovery, a two-section membrane cascade is necessary, as dis-
cussed in Chapter 14.

Feed 7 Retentate
Permeate
Feed 7 3 Retentate
I J
Recycle
Permeate
Feed 7 7 3 Retentate
| | '
¥ Recycle Recycle
Permeate

Figure 5.12 Membrane cascades.
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§5.5 HYBRID SYSTEMS

Hybrid systems that add two or more different separation
operations in series have the potential for reducing energy and
raw-material costs and accomplishing difficult separations.
Table 5.1 lists some commercial hybrid systems that have
received considerable attention. Examples of applications
are included. Not listed in Table 5.1 are hybrid systems
consisting of distillation combined with extractive distillation,
azeotropic distillation, and/or liquid—liquid extraction, which
are considered in Chapter 11.

The first example in Table 5.1 combines adsorption, to pref-
erentially remove methane, with a gas permeation membrane
operation to remove nitrogen. The permeate is recycled to the
adsorption step. Figure 5.13 compares this hybrid system to
gas permeation alone and to adsorption alone. Only the hybrid
system is capable of making a sharp separation between

Table 5.1 Hybrid Systems

Hybrid System Separation Example

Adsorption—gas permeation
Simulated moving bed
adsorption—distillation
Crystallization—liquid-liquid
extraction
Distillation—adsorption
Distillation—gas permeation
Distillation—pervaporation
Gas permeation—absorption
Reverse osmosis—distillation
Reverse osmosis—evaporation
Stripper—gas permeation

Nitrogen—Methane

Metaxylene—paraxylene with
ethylbenzene eluent

Sodium carbonate—water

Ethanol—water
Propylene—propane
Ethanol—water
Dehydration of natural gas
Carboxylic acids—water
Concentration of wastewater
Recovery of ammonia and
hydrogen sulfide from sour
water

Feed Retentate
_

Membrane

Permeate
N,-rich

(a) Membrane alone
Adsorbate
CH,-rich

Feed PSA

Exhaust

(b) Adsorption alone
CH,-rich

Feed

PSA

Recycle

Membrane

N,-rich
e

(c) Adsorption-membrane hybrid

Figure 5.13 Separation of methane from nitrogen.
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Table 5.2 Typical Products for Processes in Figure 5.13

Flow Rate, Mol % Mol %
Mscth CH, N,

Feed gas 100 80 20
Membrane only:

Retentate 47.1 97 3

Permeate 52.9 65 35
PSA only:

Adsorbate 70.6 97

Exhaust 29.4 39 61
Hybrid system:

CH,-rich 81.0 97 3

N,-rich 19.0 8 92

methane and nitrogen. Products obtainable from these three
processes are compared in Table 5.2 for 100,000 scth of feed
containing 80% methane and 20% nitrogen. For all processes,
the methane-rich product contains 97 mol% methane. Only the
hybrid system gives a nitrogen-rich product of greater than
90 mol%, and a high recovery of methane (98%). The me-
thane recovery for a membrane alone is only 57%, while the
adsorber (PSA) gives 86%.

§5.6 DEGREES OF FREEDOM AND
SPECIFICATIONS FOR CASCADES

The solution to a multicomponent, multiphase, multistage
separation problem involves a large number of variables
in material-balance, energy-balance, and phase-equilibrium
equations (relationships). A sufficient number of these variables
must be specified so that the number of remaining unknown
variables equals the number of independent equations relating
the variables. This concept, referred to as a degrees-of-freedom
analysis, was presented in §4.3.1 for a single equilibrium stage.
In this section, itis extended to single- and multiple-section cas-
cades. Although the extension is for continuous, steady-state
processes, similar extensions can be made for batch and
semi-continuous processes. Process simulators apply adegrees-
of-freedom analysis to every unit operation model to prevent
users from under- or over-specifying simulations.

A standard method for finding the number of degrees of
freedom, Np,, was developed by Kwauk [3] for an element of
an operation, the entire operation, and a process that involves
two or more operations. The method involves an enumeration
of all variables, Ny, and all independent equations, N, that
relate the variables. The number of degrees of freedom is then
found from

Typically, there are intensive variables, such as pressure,
composition, and temperature; extensive variables, such
as flow rates, heat-transfer rates, and rates of shaft work;
and equipment parameters, such as number of stages. Phys-
ical properties such as enthalpy or K-values are not counted
because they are functions of intensive variables. The variables
are relatively easy to enumerate for a given operation. More
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difficult is the formulation of all independent equations for
mass and energy conservations, phase-equilibria restrictions,
process specifications, and equipment configurations.

Separation equipment consists of physically identifiable
elements: equilibrium stages, condensers, reboilers, pumps,
etc., as well as stream dividers and stream mixers. It is help-
ful to examine each element separately before considering the
complete separation operation unit.

§5.6.1 Stream Variables

A complete specification of intensive variables for a single-
phase stream consists of C mole fractions plus 7 and P, or
C + 2 variables. However, only C — 1 of the mole fractions
are independent, because the other mole fraction must satisfy
the mole-fraction constraint:

c
Z mole fractions = 1.0

i=1

Thus, only (C + 1) intensive stream variables can be specified.
This is in agreement with the Gibbs’ phase rule (4-1), which
states that, for a single-phase system, the intensive variables
are specified by C—=Np +2=C—142 = C+ 1 variables.
The total flow rate, an extensive variable, is added to this
number. Although the missing mole fraction is often treated
implicitly, it is preferable to include all mole fractions in the
list of stream variables and then to include, in the equations,
the above mole-fraction constraint, from which the missing
mole fraction is calculated. Thus, for each stream there are
(C + 3) variables. For example, for a liquid stream, the vari-
ables are liquid mole fractions x;, x,, ..... ,x; total flow rate
L; temperature T'; and pressure P.

§5.6.2 Adiabatic or Diabatic Equilibrium-
Stage Element

A common element in separation operations is an equilibrium-
stage with two entering and two exiting streams, as in
Figure 5.14. The stage may include heat transfer. The stream
variables are those associated with the four streams plus the
heat-transfer rate. Thus,

Ny =4C+3)+1=4C+13

The exiting streams Vot and Lyyr are in equilibrium, so
there are phase equilibrium equations as well as component
material balances, a total material balance, an energy balance
and mole-fraction constraints. The equations relating the Ny,
variables are:

Lin Vout

' i

Equilibrium-stage

¥ |

Lout Vin

0 <>

Figure 5.14 Equilibrium-stage element with heat addition or
removal.

Equations Number of Equations
Pressure equality, 1
PVOUT = PLOUT
Temperature equality, 1
TVOUT = TLOUT
Phase-equilibrium relationships, C

(yi)VOUT = Ki(x; )LOUT
Component material balances,
Lin()p, = VinOvy,
= LOUT(xi)LOUT + VOUT(yi)VOUT
Total material balance, 1
Ly + Vi = Loyr + Vour
Energy balance, 1

o0+ hLm L+ hvm Vin

= hLOUTLOUT + thUT Vour

Mole-fraction constraints in entering 4
and exiting streams,

c
le. ory, =1
i=1

N, =2C+7

Alternatively, C, instead of C — 1, component material bal-
ances can be written. Then, the total material balance becomes
a dependent equation that is removed for the list because it can
be obtained by summing the component material balances and
applying the mole-fraction constraint. Regardless of which
two sets of equations are used, Nj, from (5-16) becomes

Np,=@C+13)—(2C+7)=2C+6

One must now decide which variables to specify (the design
variables), leaving the remaining variables to be calculated
from the equations. Several different sets of design variables
can be specified. The following set, which is a common one,
includes a complete specification of the two streams entering
the stage, as well as the pressure of the streams leaving the
stage and the heat transfer rate.

Variable Specification Number of Variables

Component mole fractions, x;, in Ly Cc-1
Total flow rate, Ly 1
Component mole fractions, y;, in Vi C-1

Total flow rate, V| 1
Temperature and pressure of Ly 2
Temperature and pressure of V 2
Stage pressure, PVOUT 1
Heat transfer rate, Q 1

2

Specification of these 2C + 6 variables leaves the following
2C + 7 variables to be calculated from the 2C + 7 independent
equations:

(XC)LIN e )VIN s Lour, all (x; )LOUT’ TLOUT > PLOUT’ all

O )VOUT »and TVOUT
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§5.6.3 Single-Section Countercurrent
Cascade Unit

The single-section countercurrent cascade unit in Figure 5.15
contains the N adiabatic or diabatic equilibrium-stage ele-
ments from Figure 5.14. To combine elements into a unit, the
total number of design variables for the unit is obtained by
summing the variables associated with each element, (Ny/),,
followed by subtraction of the (C + 3) variables for each of
the Ny redundant interconnecting streams that arise when the
output of one element becomes the input to another. Also, if
the unit contains an unspecified number of repetitions, e.g.,
stages, an additional variable is added, one for each group of
repetitions, giving a total of N, additional variables. Thus, the
number of variables for the unit is

(N V)unit = Z

all elements, e

(Ny), = Nxr(C+3)+ N, (5-17)

The number of independent equations for the unit is obtained
by summing the values of N for the elements and then sub-
tracting the Ny redundant mole-fraction constraints, giving

Nowic= Q. (N, — Ny (5-18)
all elements, e
Applying (5-16) to the unit, gives
(ND)unit = (NV)unit - (NE)unit (5'19)
which can also be written as
(ND)unit = 2 (ND)e - NR(C + 2) + NA (5-20)

all elements, e

To determine (Np),,; for the N-stage cascade unit of
Figure 5.15, note that it consists of N adiabatic or non-adiabatic
equilibrium-stage elements with N, = 2C + 6. For N stages,
Nk =2(N —1). Ny = 1 because the unit contains an unknown
number of identical elements. Substituting these values into
(5-20) gives

(Nplunit = NQRC+6) =2(N - 1)(C+2) + 1

=2N+2C+5
Vout Liy
Stage N ~<—= Oy
V-1 Ly
Stage N-1 <= Oy
/—\_//
¢/— g
v, Ls
Stage 2 < 0,
v, L,
Stage 1 <= 0
Vin Lout

Figure 5.15 N-stage single-section countercurrent cascade unit.
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The same result is obtained using (5-17), (5-18), and (5-19).
Two features of this result should be noted: (1) The coefficient
of C is 2. This corresponds to the number of streams entering
the unit. If three streams entered the unit, the coefficient C
wouldbe 3. (2) The coefficient of N is 2 and is always this value.
It corresponds to the variables Q for heat transfer to or from the
stage and P for the pressure of the streams leaving the stage.

The N-stage single-section cascade unit of Figure 5.15
applies to absorbers, strippers, and liquid-liquid extraction
units. A common set of design variables is as follows:

Variable Specification Number of Variables

Heat-transfer rate for each stage N

(or adiabaticity)
Pressure of vapor leaving N

each stage
Stream V) variables C+2
Stream L, variables C+2
Number of stages 1

2N+2C+5

Using these specifications, the following variables are com-
puted from the equations: (xc)z, ., (Vc)vye Lours all ().
Tr oo Prour VQUT, all (")vyyp> Tvgyy and all other inter-
stage stream variables.

§5.6.4 Multiple-Section Countercurrent
Cascade Units

Multiple-section countercurrent cascade units, particularly
two-section units, are widely used to make industrial separa-
tions, e.g., distillation. They consist not only of two or more
single-section countercurrent units, but also various elements
shown in Table 5.3, including total and partial condensers;
partial reboilers; heat exchangers; pumps; compressors; equi-
librium stages where a feed, F, enters or where a vapor or liquid
sidestream, S, is withdrawn; phase separators; stream mixers;
and stream dividers. The elements in Table 5.3 can be combined
into any of a number of complex cascades by applying the given
element values of Ny, N, and Ny, to (5-17) through (5-20).
Calculations for multistage separation operations involve
solving equations (relationships) for output variables
after selecting values of design variables that satisfy the
degrees-of-freedom requirement. Two common cases are
(1) the design case, in which component recoveries and/or
purities are specified and the number of required equilibrium
stages is determined; and (2) the simulation case, in which
the number of stages is specified and component separations
are computed. The second case is less complex computation-
ally and more widely used in process simulation because the
number of stages is specified, thus predetermining the number
of equations to be solved. Table 5.4 is a summary of possible
variable specifications for each of the two cases for a number
of different separation units discussed in later chapters of this
book. For all separation units in Table 5.4, it is assumed that
inlet streams are completely specified, and that all element and
unit pressures and heat-transfer rates (except for condensers
and reboilers) are specified. Thus, only variable specifications
satisfying the remaining degrees of freedom are listed.
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Table 5.3 Degrees of Freedom for Separation Operation Elements and Units

N,,, Total Number N, Independent N, Degrees
Schematic Element or Unit Name of Variables Equations of Freedom
[ . .
(a) L 9/@; v Total boiler (reboiler) Q2C+17) (C+3) (C+4)
(b) v Q;(Z L Total condenser 2C+17) (C+3) Cc+4
[
(c) Lin 9@ ZOUT Partial (equilibrium) boiler (3C +10) 2C+6) c+4
ouT (reboiler)
d Vi —7/@’:;285; Partial (equilibrium) (3C +10) (2C +6) (C+4)
0 condenser
Vout Lin
(e) Iﬁ' Adiabatic equilibrium stage 4C +12) 2C+7) 2C+5)
Vin Lout
Vout Lin
f) 0 Equilibrium stage with 4C +13) QC+17) 2C+6)
heat transfer
Vin Lout
Vout Lin
€3] - M‘ 0 Equilibrium feed stage with (5C + 16) 2C+38) (3C+78)
W heat transfer and feed
Vin Lout
Vout Lin
(h) ) M Equilibrium stage with heat (5C+16) (BC+9) QC+17)
§ W e transfer and sidestream
Vin Lout
Vour Lin
Stage Nl<—= Oy
<—= 0Oy_1
(i) ~ ~ N-connected equilibrium (TN +2NC +2C+17) (5N +2NC +2) Q2N +2C+)5)
<— 0 stages with heat transfer
Stage 1|<—= 0,
Vin Lout
L 0
1
) \‘ :/ Stream mixer (3C +10) (C+4) (2C +6)
el
Ly
(k) b \ Z Stream divider (BC+10) 2C+5) Cc+5)
Ly —>
Ls

“Sidestream can be vapor or liquid.
bAlternatively, all streams can be vapor.
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Table 5.4 Typical Variable Specifications for Design Cases

129

Unit Operation Ny,

Variable Specification”

Case I, Component
Separations Specified

Case II, Number of
Equilibrium Stages
Specified

(a) Absorption (two 2N +2C+5

inlet streams) N

(b) Distillation (one
inlet stream, total
condenser, partial
reboiler)

2N+ C+9

Partial
reboiler

(c) Distillation (one 2N+ C+6)
inlet stream, partial
condenser, partial
reboiler, vapor
distillate only)

Partial
I condenser

> T
|
> T

(d) Liquid-liquid
extraction with two
solvents (three inlet
streams)

2N +3C+38

(e) Reboiled 2N +2C+6
absorption (two

inlet streams)

2N+ C+3
(one inlet stream)

(f) Reboiled stripping 1\
N

F——

N

Partial
reboiler

1. Recovery of one
key component

1. Condensate at
saturation temperature

2. Recovery of light-key

component

3. Recovery of heavy-key

component

4. Reflux ratio

(> minimum)

5. Optimal feed stage”

1. Recovery of light-key
component

2. Recovery of heavy-key

component

3. Reflux ratio

(> minimum)

4. Optimal feed stage”

1. Recovery of key
component 1

2. Recovery of key

component 2

1. Recovery of light-key
component

2. Recovery of heavy-key

component

3. Optimal feed stage”

1. Recovery of one key
component

2. Reboiler heat duty?

1. Number of stages

1. Condensate at
saturation temperature

2. Number of stages
above feed stage

3. Number of stages

below feed stage

4. Reflux ratio

5. Distillate flow rate

1. Number of stages
above feed stage

2. Number of stages

below feed stage

3. Reflux ratio

4. Distillate flow rate

1. Number of stages
above feed

2. Number of stages

below feed

1. Number of stages
above feed

2. Number of stages

below feed

3. Bottoms flow rate

1. Number of stages

2. Bottoms flow rate

(Continued)
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Table 5.4 (Continued)

Variable Specification”
Case II, Number of

Case I, Component Equilibrium Stages
Unit Operation N, Separations Specified Specified
(g) Distillation (one Vapor 2N+ C+9 1. Ratio of vapor 1. Ratio of vapor

inlet stream, partial

condenser, partial

reboiler, both liquid

and vapor
distillates)

(h) Extractive
distillation (two
inlet streams, total
condenser, partial
reboiler,
singlephase
condensate)

(i) Liquid-liquid
extraction (two
inlet streams)

(j) Stripping (two inlet

streams)

.
byr

N S

T

MSA®

Partial
condenser

2N +2C+12

distillate to liquid
distillate

2. Recovery of
light-key component

3. Recovery of
heavy-key
component

4. Reflux ratio
(> minimum)

5. Optimal feed stage”

1. Condensate at
saturation
temperature

2. Recovery of
light-key component

3. Recovery of
heavy-key
component

4. Reflux ratio
(> minimum)

5. Optimal feed stage”

Optimal MSA stage”

1. Recovery of one key
component

1. Recovery of one key
component

distillate to liquid
distillate

2. Number of stages

above feed stage

3. Number of stages

below feed stage

4. Reflux ratio
5. Liquid distillate

flow rate

1. Condensate at

saturation
temperature

2. Number of stages

above MSA stage

3. Number of stages

between MSA and
feed stages

4. Number of stages

below feed stage

Reflux ratio

6. Distillate flow rate

1. Number of stages

1. Number of stages
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“Does not include the following variables, which are also assumed specified: all inlet stream variables (C + 2 for each stream); all element and unit pressures;
all element and unit heat-transfer rates except for condensers and reboilers.

bQptimal stage for introduction of inlet stream corresponds to minimization of total stages.
“For case I variable specifications, MSA flow rate must be greater than minimum values for specified recoveries.
For case I variable specifications, reboiler heat duty must be greater than minimum value for specified recovery.
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EXAMPLE 5.2 Degrees of Freedom and Specifications
for a Distillation Column.

Consider the multistage distillation column in Figure 5.16, which has
one feed, one sidestream, a total condenser, a partial reboiler, and
the possibility of heat transfer to or from any stage in the column.
Determine the number of degrees of freedom and a reasonable set of
specifications.

Qc
1 //A \ 2
>t T —
= 3 ///w N
Vi 1y /\ D
J 1 I NG
/ N Y
f I
! |
\ /
\\ S+1 /
SA_"TTTIITES
2 N\
{ s 3
_:EZ__:__:__:__:T_:\
/
[ §=1 Y
\
| % >
\ /’
AN S iil _____ /
S S 9-_\
{ <~—0F
[ R
/ F-1 \\
/ \
/ \
/ \
I 4 \
! I
! I
\ 3 |
\ /
\ /
\ 2 4
\ /
N L /13
N 2 Z Or
S| - Vi
. X
12 ) b
~—" Reboiler

Figure 5.16 Distillation unit with a sidestream.

Solution

The separation unit is assembled from Table 5.3 for the circled
elements and units in Figure 5.16. The total variables are determined
by summing the variables (), for each element from Table 5.3
and subtracting redundant variables due to interconnecting flows.
Redundant mole-fraction constraints are subtracted from the sum of
independent equations for each element (NV;),. The stages are num-
bered as shown in Figure 5.16, with the partial reboiler as the first
equilibrium stage. The total condenser is not an equilibrium stage.
From Table 5.3, element variables and equations are as follows:
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Subtracting (C 4 3) redundant variables for 13 interconnecting
streams, using (5-17), with N, =0 (no unspecified repetitions),
gives

Ny ynit = 2 (Ny), —13(C+3)=7N +2NC+5C + 20

Subtracting the corresponding 13 redundant mole-fraction con-
straints, using (5-18), gives

Nt = 3, (Np), = 13 = 5N +2NC +4C +9

Therefore, from (5-19),
Np=(IN +2NC +5C +20) — (5N + 2NC +4C +9)
=2N+C+11

Note that the coefficient of C is only 1, because there is only one
feed, and, again, the coefficient of N is 2. From Table 5.4, for the
same distillation column, but without a sidestream, the number of
degrees of freedom for that unit is 2N + C + 9. Thus, the sidestream
adds two degrees of freedom. One way to rationalize this is that
the location of the sidestream adds one degree of freedom and the
total flow rate of the sidestream adds another. Similarly, the above
example can readily be modified to include a second feed stage. The
second feed adds C + 2 degrees of freedom, while another variable
must be added for the location of the second feed stage. Thus, units
(b) and (h) in Table 5.4 differ by C + 3 degrees of freedom.
A set of feasible design variable specifications is as follows:

Variable Specification Number of Variables

1. Pressure at each stage N
(including partial reboiler)
2. Pressure at reflux divider outlet 1
3. Pressure at total condenser outlet 1
4. Heat-transfer rate for each stage (N-1)
(excluding partial reboiler)
5. Heat-transfer rate for divider
6. Feed mole fractions and total feed rate
7.Feed temperature
8. Feed pressure
9. Condensate temperature
(e.g., saturated liquid)
10. Total number of stages, N
11. Feed stage location
12. Sidestream stage location
13. Sidestream total flow rate, S
14. Total distillate flow rate, D or D/F
15. Reflux flow rate, Ly, or reflux ratio, L,/D

,_,_.,_.Q,_.

—_ e = e = e

N, =N+ C+11)

Element or Unit Ny), (Ng),

Total condenser 2C+17) Cc+3)

Reflux divider (3C+10) 2C+5)

(N — S) stages [TIN=8)+2(N-=S8)C+2C+17] [S(N=8)+2(N - 8)C + 2]
Sidestream stage (5C +16) 3BC+9)

(S — 1) — F stages [7S—1-F)+2(§—1-F)C+2C+17] [5S—-1-F)+2(§—1-F)C+2]
Feed stage (5C +16) 2C +38)

(F — 1) — 1 stages [7(F —2)+2(F —2)C+2C + 7] [5(F=2)+2(F —2)C + 2]
Partial reboiler (3C +10) 2C +6)

Y (N,), = TN + 2NC + 18C + 59

Y (N,), = 5N + 2NC + 4C + 22
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In the above table, the first variable specifications are the stage
pressures. This refers to the pressure of any one of the streams exiting
the stage. The pressures of other streams leaving the same stage are
calculated from the pressure equality equation(s).

The condenser and reboiler heat duties, Q- and Qp, in
Figure 5.16, are not suitable design variables because they are
difficult to specify. A poorly specified Q- might result in a
temperature that is not realizable. Similarly, it is much easier
to calculate Qp, knowing the total flow rate and enthalpy of
the bottom stream than vice versa. Also, Qp and Q. are so
closely related that both should never be specified. Preferably,
Q. is fixed by distillate rate and reflux ratio, and Qy, is then
calculated from an overall energy balance.

Other specification proxies are possible, but the problem
of independence of variables requires careful consideration.
Distillate product rate, Q,, and Lp/D, for example, are
closely related. It should also be noted that the equations used
to model equilibrium stages are nonlinear and must be solved
by iterative numerical methods, e.g. Newton’s method as
applied in §4.3.2 to calculate an isothermal flash. If recoveries
of more than two key species are specified, the result can be
non-convergence of the computations because the specified
composition may not exist at physical equilibrium.

CHAPTER 5§ NOMENCLATURE

Abbreviations and Acronyms

scth standard cubic feet per hour

Latin Symbols

C number of components

Fy flow rate of carrier, A, in the feed, (5-2)

K}, distribution ratio based on mass ratios, (5-3)
SUMMARY

1. A cascade is a sequence of stages arranged to accomplish
a separation not achievable in a single stage.

2. Cascades are single- or multiple-sectioned and configured
in cocurrent, crosscurrent, or countercurrent arrays.

3. Calculations for single-section, multistage liquid-liquid
extraction with constant distribution coefficients and im-
miscible solvent and carrier are readily computed for
crosscurrent and countercurrent flow. The latter is more
efficient.

4. A single-section cascade can achieve a recovery of a sin-
gle key component but cannot make a split between two
key components.

5. A two-section countercurrent cascade can achieve a sharp
split between two key components. In distillation, the
top (rectifying) section purifies the light components and

N number of stages

N, number of additional variables, (5-17)
Np number of degrees of freedom, (5-16)
Ng number of independent equations, (5-16)
Np number of phases, (5-16)

Ny number of redundant variables, (5-18)
Ny number of variables, (5-16)

0 heat transfer rate

Oc condenser heat duty

Or reboiler heat duty

S liquid sidestream, Table 5.3h

S solvent flow rate on a solute-free basis, Figure 5.2
Xp mass ratio of solute to the carrier, (5-3)
Yy mass ratio of solute to the solvent, (5-3)
Script Symbols

g extraction factor, (5-2)

Subscripts

e element, Table 5.3

B solute

F feed

R raffinate, reflux

Superscripts

(1),(2) phase 1 and 2 in (5-7)

N number of stages

increases recovery from heavy components. The bottom
(stripping) section provides the opposite functions.

6. Single-section membrane cascades increase the purity of
one product and the recovery of the main component in
that product.

7. Hybrid systems may reduce energy costs and make possi-
ble separations that are otherwise difficult and/or improve
the degree of separation.

8. The number of degrees of freedom (number of speci-
fications) for a mathematical model of a cascade is the
difference between the number of variables and the num-
ber of independent equations relating those variables.
For a single-section countercurrent cascade, the recovery
of one component can be specified. For a two-section
countercurrent cascade, two recoveries can be specified.
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STUDY QUESTIONS
5.1. What is a separation cascade? What is a hybrid system?
5.2. What is the difference between a countercurrent and a cross-
current cascade?
5.3. What is the limitation of a single-section cascade? Does a
two-section cascade overcome this limitation?
5.4. Which is more efficient, a crosscurrent cascade or a counter-
current cascade?
5.5. Under what conditions can a countercurrent cascade achieve
complete liquid-liquid extraction?
5.6. Why is a two-section cascade used for distillation?
5.7. In distillation, what is meant by reflux, boilup, rectification
section, and stripping section?
EXERCISES
Section 5.1
5.1. Batchwise extraction process.

A liquid-liquid extraction process is conducted batchwise as
shown in Figure 5.17. The process begins in Vessel 1 (Original),
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queous | ;04R
Oraanic  |667A
rganic _3_3_3__8_ . tibrati :
A 33.3 A quilibration
queous 66.7 B
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) 66.7 A
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2 Organic | | |2228] 1118 e
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Figure 5.17 Liquid-liquid extraction process for Exercise 5.1.
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3. Kwauk, M., AIChE J., 2, 240-248 (1956).

5.8.  Why are membrane stages not equilibrium stages?
5.9. Under what conditions is a membrane cascade of multiple
stages in series necessary?

5.10. Why are hybrid systems often considered?

5.11. Give an example of a hybrid system that involves recycle.

5.12.  When solving a separation problem, are the number and kind
of specifications obvious? If not, how can the required number
of specifications be determined?

5.13. Can the degrees of freedom be determined for a hybrid sys-

tem? If so, what is the easiest way to do it?

where 100 mg each of solutes A and B are dissolved in 100 mL of
water. After adding 100 mL of an organic solvent that is more selec-
tive for A than B, the distribution of A and B becomes that shown
for Equilibration 1 with Vessel 1. The organic-rich phase is trans-
ferred to Vessel 2 (Transfer), leaving the water-rich phase in Vessel 1
(Transfer). The water and the organic are immiscible. Next, 100 mL
of water is added to Vessel 2, resulting in the phase distribution shown
for Vessel 2 (Equilibration 2). Also, 100 mL of organic is added to
Vessel 1 to give the phase distribution shown for Vessel 1 (Equili-
bration 2). The batch process is continued by adding Vessel 3 and
then 4 to obtain the results shown. (a) Study Figure 5.17 and then
draw a corresponding cascade diagram, labeled in a manner similar
to Figure 5.2. (b) Is the process cocurrent, countercurrent, or cross-
current? (c) Compare the separation with that for a batch equilibrium
step. (d) How could the cascade be modified to make it countercur-
rent? [See O. Post and L.C. Craig, Anal. Chem., 35, 641 (1963).]

5.2. Two-stage membrane cascade.

Nitrogen is removed from a gas mixture with methane by gas per-
meation (see Table 1.3) using a glassy polymer membrane that is
selective for nitrogen. However, the desired degree of separation can-
not be achieved in one stage. Draw sketches of two different two-stage
membrane cascades that might be used.

Section 5.2

5.3. Batch extraction of acetic acid.

An aqueous acetic acid solution containing 6.0 mol/L of acid
is extracted with chloroform at 25°C to recover the acid (B) from
chloroform-insoluble impurities in the water. The water (A) and
chloroform (C) are immiscible. If 10 L of solution are to be extracted
at 25°C, calculate the percent extraction of acid obtained with 10 L
of chloroform under the following conditions: (a) the entire quantity
of solvent in a single batch extraction; (b) three batch extractions
with one-third of the solvent in each batch; (c¢) three batch extractions
with 5 L of solvent in the first, 3 L in the second, and 2 L in the third
batch.

Assume the distribution coefficient for the acid = K’ 5?5 = (cp)e/
(cg)p = 2.8, where (cg) = concentration of acid in chloroform and
(cg), = concentration of acid in water, both in mol/L.
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5.4. Extraction of uranyl nitrate.

A 20 wt% solution of uranyl nitrate (UN) in water is to be treated
with tributyl phosphate (TBP) to remove 90% of the urany] nitrate in
batchwise equilibrium contacts. Assuming water and TBP are mutu-
ally insoluble, how much TBP is required for 100 g of solution if, at
equilibrium, (g UN/g TBP) = 5.5(g UN/g H,O) and (a) all the TBP
is used at once in one stage; (b) half is used in each of two consec-
utive stages; (c) two countercurrent stages are used; (d) an infinite
number of crosscurrent stages is used; and (e) an infinite number of
countercurrent stages is used?

5.5. Extraction of uranyl nitrate.

The uranyl nitrate (UN) in 2 kg of a 20 wt% aqueous solution is
extracted with 500 g of tributyl phosphate. Using the equilibrium data
in Exercise 5.4, calculate and compare the percent recoveries for the
following alternative procedures: (a) a single-stage batch extraction;
(b) three batch extractions with one-third of the total solvent used
in each batch (solvent is withdrawn after contacting the entire UN
phase); (c) a two-stage cocurrent extraction; (d) a three-stage coun-
tercurrent extraction; (e) an infinite-stage countercurrent extraction;
and (f) an infinite-stage crosscurrent extraction.

5.6. Extraction of dioxane.

One thousand kg of a 30 wt% dioxane in water solution is to be
treated with benzene at 25°C to remove 95% of the dioxane. The ben-
zene is dioxane-free, and the equilibrium data of Example 5.1 applies.
Calculate the solvent requirements for (a) a single batch extraction;
(b) two crosscurrent stages using equal amounts of benzene; (c) two
countercurrent stages; (d) an infinite number of crosscurrent stages;
and (e) an infinite number of countercurrent stages.

5.7. Extraction of benzoic acid.

Chloroform is used to extract benzoic acid from wastewater efflu-
ent. The benzoic acid is present at a concentration of 0.05 mol/L
in the effluent, which is discharged at 1,000 L/h. The distribution
coefficient for benzoic acid is ¢! = K}ic"', where K}I = 4.2, ¢'= molar
concentration of solute in solvent, and ¢""= molar concentration of
solute in water. Chloroform and water may be assumed immiscible.
If 500 L /h of chloroform is to be used, compare the fraction benzoic
acid removed in (a) a single equilibrium contact; (b) three cross-
current contacts with equal portions of chloroform; and (c) three
countercurrent contacts.

5.8. Extraction of benzoic acid.

Repeat Example 5.1 with a solvent for £ = 0.90. Display your
results in a plot like Figure 5.6. Does countercurrent flow still have
a marked advantage over crosscurrent flow? Is it desirable to choose
the solvent and solvent rate so that £ > 1? Explain.

5.9. Extraction of citric acid from a broth.

A clarified broth from fermentation of sucrose using Aspergillus
niger consists of 16.94 wt% citric acid, 82.69 wt% water, and
0.37 wt% other solutes. To recover citric acid, the broth would
normally be treated first with calcium hydroxide to neutralize the
acid and precipitate it as calcium citrate, and then with sulfuric acid
to convert calcium citrate back to citric acid. To avoid the need for
calcium hydroxide and sulfuric acid, U.S. Patent 4,251,671 describes
a solvent-extraction process using N,N-diethyldodecanamide, which
is insoluble in water and has a density of 0.847 g/cm’. In a
typical experiment at 30°C, 50 g of 20 wt% citric acid and 80 wt%
water was contacted with 0.85 g of amide. The resulting organic
phase, assumed to be in equilibrium with the aqueous phase, con-
tained 6.39 wt% citric acid and 2.97 wt% water. Determine (a) the
partition (distribution) coefficients for citric acid and water, and
(b) the solvent flow rate in kg/h needed to extract 98% of the citric

acid in 1,300 kg/h of broth using five countercurrent, equilibrium
stages, with the partition coefficients from part (a), but ignoring the
solubility of water in the organic phase. In addition, (c) propose a
series of subsequent stages to produce near-pure citric acid crystals.
In part (b), how serious would it be to ignore the solubility of water
in the organic phase?

5.10. Extraction of citric acid from a broth.

A clarified broth of 1,300 kg/h from the fermentation of sucrose
using Aspergillus niger consists of 16.94 wt% citric acid, 82.69 wt%
water, and 0.37 wt% other solutes. To avoid the need for calcium
hydroxide and sulfuric acid in recovering citric acid from clarified
broths, U.S. Patent 5,426,220 describes a solvent-extraction process
using a mixed solvent of 56% tridodecyl lauryl amine, 6% octanol,
and 38% aromatics-free kerosene, which is insoluble in water. In
one experiment at 50°C, 570 g/min of 17 wt% citric acid in a
fermentation liquor from pure carbohydrates was contacted in five
countercurrent stages with 740 g/min of the mixed solvent. The
result was 98.4% extraction of citric acid. Determine (a) the average
partition (distribution) coefficient for citric acid from the experi-
mental data, and (b) the solvent flow rate in kg/h needed to extract
98% of the citric acid in 1,300 kg/h of clarified broth using three
countercurrent, equilibrium stages, with the partition coefficient from
part (a).

Section 5.6

5.11. Degrees of freedom for reboiler and condenser.

Verify the values given in Table 5.3 for N\, N, and N, for a partial
reboiler and a total condenser.
5.12. Degrees of freedom for mixer and divider.

Verify the values given in Table 5.3 for Ny, N, and N, for a stream
mixer and a stream divider.

5.13. Specifications for a distillation column.

Maleic anhydride with 10% benzoic acid is a by-product of the
manufacture of phthalic anhydride. The mixture is to be distilled in a
column with a total condenser and a partial reboiler at a pressure of
13.2 kPa with a reflux ratio of 1.2 times the minimum value to give
a product of 99.5 mol% maleic anhydride and a bottoms of 0.5 mol%
anhydride. Is this problem completely specified?

5.14. Degrees of freedom for distillation.

Verify N/, for the following unit operations in Table 5.4: (b), (¢),
and (g). How would N,, change if two feeds were used?
5.15. Degrees of freedom for absorber and stripper.

Verify N, for unit operations (e) and (f) in Table 5.4. How would
N, change if a vapor sidestream were pulled off some stage located
between the feed stage and the bottom stage?

5.16. Degrees of freedom for extractive distillation.

Verify N, for unit operation (%) in Table 5.4. How would N,
change if a liquid sidestream was added to a stage that was located
between the feed stage and Stage 2?

5.17. Design variables for distillation.

The following are not listed as design variables for the distillation
operations in Table 5.4: (a) condenser heat duty; (b) stage temper-
ature; (c) intermediate-stage vapor rate; and (d) reboiler heat load.
Under what conditions might these become design variables? If so,
which variables listed in Table 5.4 could be eliminated?

5.18. Degrees of freedom for condenser change.

For distillation, show that if a total condenser is replaced by a
partial condenser, the number of degrees of freedom is reduced by 3,
provided the distillate is removed solely as a vapor.



5.19. Replacement of a reboiler with live steam.

Unit operation (b) in Table 5.4 is heated by injecting steam into the
bottom plate of the column, instead of by a reboiler, for the separation
of ethanol and water. Assuming a fixed feed, an adiabatic operation,
1 atm, and a product alcohol concentration: (a) What is the total num-
ber of design variables for the general configuration? (b) How many
design variables are needed to complete the design? Which variables

do you recommend?
5.20. Degrees-of-freedom for a distillation column.

(a) For the distillation column shown in Figure 5.18, determine
the number of independent design variables. (b) It is suggested that
a feed of 30% A, 20% B, and 50% C, all in moles, at 37.8°C and
689 kPa, be processed in the unit of Figure 5.18, with 15 plates in a
3-m-diameter column, which operates at vapor velocities of 0.3 m/s
and an L/V of 1.2. The pressure drop per plate is 373 Pa, and the

condenser is cooled by plant water at 15.6°C.

Condenser

Divider —= D

| S

Divider Total
reboiler

B

Figure 5.18 Conditions for Exercise 5.20.

The product specifications in terms of the concentration of A in
the distillate and C in the bottoms have been set by the process depart-
ment, and the plant manager has asked you to specify a feed rate for
the column. Write a memorandum to the plant manager pointing out

why you can’t do this and suggest alternatives.
5.21. Degrees of freedom for multistage evaporation.

Calculate the number of degrees of freedom for the mixed-feed,
triple-effect evaporator system shown in Figure 5.19. Assume that
the steam and all drain streams are at saturated conditions and that the
feed is an aqueous solution of a dissolved organic solid. Also, assume
all overhead streams are pure steam. If this evaporator system is used
to concentrate a feed containing 2 wt% dissolved organic to a product
with 25 wt% dissolved organic, using 689-kPa saturated steam, cal-
culate the number of unspecified design variables and suggest likely

©

E candidates. Assume perfect insulation against heat loss.
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Figure 5.19 Conditions for Exercise 5.21.
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5.22. Degrees of freedom for a reboiled stripper.

A reboiled stripper, shown in Figure 5.20, is to be designed. Deter-
mine (a) the number of variables; (b) the number of equations relating
the variables; and (c) the number of degrees of freedom. Also indicate
(d) which additional variables, if any, need to be specified.

Overhead

141.1

C, 154.7
Cs 56.0
Ce 33.3

Figure 5.20 Conditions for Exercise 5.22.

5.23. Degrees of freedom of a thermally coupled distillation
system.

The thermally coupled distillation system in Figure 5.21 separates
a mixture of three components. Determine (a) the number of vari-
ables; (b) the number of equations relating the variables; and (c) the
number of degrees of freedom. Also propose (d) a reasonable set of

design variables.
Total
condenser
M

Product 1
Vapor
. |
Liquid
Feed Liquid
Product 2
1 Vapor
Liquid
2
Partial
reboiler
Product 3

Figure 5.21 Conditions for Exercise 5.23.

5.24. Adding a pasteurization section to distillation column.
When feed to a distillation column contains impurities that are
much more volatile than the desired distillate, it is possible to separate
the volatile impurities from the distillate by removing the distillate
as a liquid sidestream from a stage several stages below the top.



Process Engineering Channel

@ProcessEng

136  Chapter 5 Multistage Cascades and Hybrid Systems

(N 3
Pasteurizing

section M

Volatile impurities

LI — > Distillate

Feed

Bottoms

Figure 5.22 Conditions for Exercise 5.24.

As shown in Figure 5.22, this additional section of stages from M to
N is referred to as a pasteurizing section. (a) Determine the number
of degrees of freedom for the unit. (b) Determine a reasonable set of
design variables.

5.25. Degrees of freedom for a two-column system.

A system for separating a feed into three products is shown in
Figure 5.23. Determine (a) the number of variables; (b) the number
of equations relating the variables; and (c) the number of degrees of
freedom. Also propose (d) a reasonable set of design variables.

\70{ Total

condenser

N o Product 1
Valve
s | A
| M
Feed F 2 Part_ial
reboiler
2
Product 2
Partial
reboiler

T

Figure 5.23 Conditions for Exercise 5.25.

\F%/Product 3

Cooler

5.26. Design variables for an extractive distillation.

Figure 5.24 shows a system for separating a binary mixture by
extractive distillation, followed by ordinary distillation for recovery
and recycle of the solvent. Are the design variables shown sufficient to
specity the problem completely? If not, what additional design vari-
ables(s) should be selected?

5.27. Design variables for a three-product distillation column.

A single distillation column for separating a three-component
mixture into three products is shown in Figure 5.25. Are the design
variables shown sufficient to specify the problem completely? If not,
what additional design variable(s) would you select?

Essentially
cw 1 atm pressure
throughout
system
Benzene
product 35 Makeup o
henol
501 300 S
kmol/h  kmol/h 1 atm
30 15 Cyclohexane
500 product
200
1-atm kmol/h kmol/h
bubble-point cw 10
liquid g>
kmol/h Ph |
eno
Cyclohexane 55 2
Benzene 45 2 recycle
Steam
]
Steam
Figure 5.24 Conditions for Exercise 5.26.
cw
140 kPa
40 99.95 mol% benzene
200°C Val
1,140 kPa alve
<t 20
kmol/h
Benzene  261.5 87.2 kg mol/h
Toluene 84.6 10 1% of benzene in the feed
Biphenyl 5.1 0 Z
2 204 kPa

Figure 5.25 Conditions for Exercise 5.27.

5.28. Degrees of freedom for the last column in a three-column
sequence.

Table 1.5 includes the material balance for column C3 in
Figure 1.10. The key components are i-C,H,, and n-C,H,,. Note
that the distillate (Stream 6) contains zero percent iCs and there is
less than 3.2% iC, in the bottoms. This column is to be shut down
for maintenance and repair. The plan is to use temporary storage and
a smaller spare column containing 12 trays, a total condenser, reflux
splitter, and a partial reboiler to supply current customers. In similar
applications, this column had a tray efficiency of 85%, so assume it
has 11 equilibrium stages. including the reboiler. The condenser has
a maximum capacity of 700 Ibmol/h of condensate. Management
has asked you to provide a report as to what to expect if the feed to
the current column is transferred to the smaller column. Table 1.5
lists the product specifications. It has been suggested that an attempt
to meet the specifications can be made by varying the reflux ratio
and/or amount of distillate. Perform a degrees of freedom analysis
to determine if this approach is valid.



Chapter 6

Absorption and Stripping

§6.0 INSTRUCTIONAL OBJECTIVES

After completing this chapter, you should be able to:

Explain the differences among physical absorption, chemical absorption, and stripping.

Explain why absorbers are best operated at high pressure and low temperature, whereas strippers are best operated
at low pressure and high temperature.

Compare three different types of trays with respect to cost and efficiency.

Explain the difference between random and structured packing and cite examples of each.

Derive the operating-line equation used in graphical methods, starting with a component material balance.
Calculate the minimum mass-separating agent (MSA) flow rate to achieve a specified key-component recovery.
Determine algebraically or graphically, by stepping off stages, the required number of equilibrium stages in a coun-
tercurrent cascade.

Define and explain the significance of absorption and stripping factors.

Estimate component recoveries in a single-section, countercurrent cascade, using the Kremser group method.
Define overall stage efficiency and explain why efficiencies are low for absorbers and moderate for strippers.
Explain two mechanisms by which a trayed column can flood.

Estimate column diameter for a trayed column.

Differentiate between overall tray efficiency and individual tray efficiencies based on the Murphree vapor tray
efficiency.

For a packed column, define the height equivalent to a theoretical (equilibrium) stage (plate or tray), referred to as the
HETS or HETP. Explain how the HETS and the number of equilibrium stages differ, respectively, from the height of
a transfer unit (HTU) and the number of transfer units (NTU).
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o Explain the differences between the loading point and flooding point in a packed column.
o Estimate packed height, packed-column diameter, and pressure drop across the packing.
e Understand how design procedures for strippers and absorbers need modification if chemical reactions between

solutes and solvents occur.

Absorption uses a liquid to (1) selectively remove compo-
nents from a gas mixture; (2) remove impurities, contaminants,
pollutants, or catalyst poisons; and (3) recover valuable chem-
icals. The species of interest in the gas mixture may include
all components present in the gas, only the component(s) not
absorbed, or only the component(s) absorbed. The species
transferred to the liquid absorbent are called solutes. When
the solutes have been absorbed, they are called absorbates.

In stripping (desorption), a liquid mixture is brought
into contact with a gas that selectively removes components
by mass transfer from the liquid to the gas phase. Strippers
are frequently coupled with absorbers to permit the recovery
and recycling of the absorbent. When water is used as the
absorbent, it is common to separate the water from the solute
by distillation rather than by stripping.

Industrial Example

Figure 6.1 shows an absorption operation, including stream
flow rates, compositions, temperature, and pressure. The feed
gas is air containing water vapor and acetone vapor. It comes
from a dryer in which water and acetone are evaporated from
solid cellulose acetate fibers. The 30-tray (equivalent to 12.5
equilibrium stages) countercurrent absorber is designed to
remove 99.5% of the acetone from the feed gas. Scrubbed
gas exiting the absorber contains only 143 parts per mil-
lion (ppm) by weight of acetone. It can be recycled to the
dryer, although a small amount must be purged through a
pollution-control device to prevent argon buildup. Acetone is
the main species absorbed, along with minor amounts of O,
and N,. Water present as vapor in the feed gas and as liquid in
the entering absorbent is absorbed and stripped, respectively.
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Exit gas
25°C
90 kPa
Liquid absorbent kmol/h
25°C Argon 6.9
101.3 kPa 0, 144.291
1 N, 535.983
kmol/h Water 22.0

Water 1943 Acetone 0.05

Feed gas
25°C
101.3 kPa 30
kmol/h Exit liquid
Argon 6.9 25°C
0, 144.3 101.3 kPa
N, 536.0
Water 5.0 kmol/h
Acetone 10.3 0, 0.009
N, 0.017

Water 1,926.0
Acetone 10.25

Figure 6.1 Industrial absorption process.

In this example, the net effect is that water is stripped because
more water appears in the exit gas than in the feed gas.

The exit gas is almost saturated with water vapor, and the
exit liquid is almost saturated with air. As shown in §6.4, the
amount of each component absorbed depends on the number
of equilibrium stages and the component’s absorption factor,
;= L/K.V. For Figure 6.1, K-values and absorption factors
based on inlet flow rates are

Component #,=L/KV K-value
Water 89.2 0.031
Acetone 1.38 2.0

Oxygen 0.00006 45,000
Nitrogen 0.00003 90,000
Argon 0.00008 35,000
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For acetone, the K-value is obtained from (4) in Table
2.2, the modified Raoult’s law, K = yP*/P, with y = 6.7 for
acetone in water at 25°C and 101.3 kPa, as determined from
the Wilson model in §2.7.1. For oxygen and nitrogen, the
K-values are from (6) in Table 2.2, Henry’s law, K = H/P,
using constants from Figure 4.18 at 25°C. For water, the
K-value is from (3) in Table 2.2, Raoult’s law, K = PS/P,
because the mole fraction of water is close to 1. For argon, the
Henry’s law constant is from the International Critical Tables
of Numerical Data, Physics, Chemistry and Technology [1].

For absorption and stripping, design procedures are well
developed and commercial processes are common. Table 6.1
lists representative applications. Environmental standards for
the removal of pollutants have greatly increased the use of gas
absorbers.

When water or hydrocarbon oils are used as absorbents
and no significant chemical reactions occur between the

absorbent and the solute, the process is referred to as physical
absorption. When aqueous NaOH is used as the absorbent
for an acid gas, absorption is accompanied by a rapid and
irreversible reaction in the liquid. This is chemical absorp-
tion or reactive absorption. More complex examples are the
processes for absorbing CO, and H,S with aqueous solutions
of monoethanolamine (MEA) and diethanolamine (DEA),
during which there is a more desirable reversible chemical
reaction in the liquid. Chemical reactions can increase the rate
of absorption and solvent-absorption capacity and convert a
hazardous chemical to an inert compound.

Design procedures for trayed and packed columns for
absorption and stripping operations are described in this
chapter. Trayed columns are presented in §6.5 and 6.6,
while packed columns are covered in §6.7, 6.8, and 6.9.
Equilibrium-based and rate-based (mass-transfer) models,
using both graphical and algebraic procedures, for physi-
cal absorption and stripping of mainly dilute mixtures are
described. The methods also apply to reactive absorption with
irreversible and complete chemical reactions of solutes with
solvents. Calculations for concentrated mixtures and reactive
absorption with reversible chemical reactions are best made
with process simulators, as discussed in Chapters 10 and 12.

§6.1 EQUIPMENT FOR VAPOR-LIQUID
SEPARATIONS

Methods for designing and analyzing absorption, stripping,
and distillation depend on the type of equipment used for
contacting vapor and liquid phases. When multiple stages are
required, phase contacting is mostly carried out in equipment
of the type shown in Figure 6.2. The most common devices are
cylindrical, vertical columns containing trays or packing. Less
common are spray towers, bubble columns, and centrifugal
contactors.

§6.1.1 Trayed Columns

A trayed tower is a vertical, cylindrical pressure vessel in
which vapor and liquid, flowing countercurrently, are con-
tacted on trays (plates) that provide intimate contact of liquid
with vapor in a froth to promote rapid mass transfer. Phase
disengagement occurs above the froth and below the tray
above. An example of a tray is shown in Figure 6.3. Liquid
flows across each tray, over an outlet weir, and into a down-
comer, which takes the liquid by gravity to the tray below.
Gas flows upward through openings in each tray, bubbling
through the liquid on the tray to produce a froth.

When vapor flows through the holes in the tray, any of five
two-phase-flow regimes shown in Figure 6.4 may occur alone,
or in combination, as discussed by Lockett [2], In the spray
regime, the gas phase is continuous. Jets of vapor rise from
the tray openings through the liquid on the tray, entraining and
spraying some of the liquid into the space between trays. This
regime occurs for low weir heights (low liquid depths) at high
gas rates. The most common and favored regime is the froth



Process Engineering Channel

@ProcessEng

§6.1  Equipment for Vapor-Liquid Separations 139

Table 6.1 Representative Commercial Applications of Absorption

Solute Absorbent Type of Absorption
Acetone Water Physical
Acrylonitrile Water Physical

Ammonia Water Physical

Ethanol Water Physical
Formaldehyde Water Physical
Hydrochloric acid Water Physical
Hydrofluoric acid Water Physical

Sulfur dioxide Water Physical

Sulfur trioxide Water Physical

Benzene and toluene Hydrocarbon oil Physical

Butadiene Hydrocarbon oil Physical

Butanes and propane Hydrocarbon oil Physical
Naphthalene Hydrocarbon oil Physical

Carbon dioxide Aq. NaOH Irreversible chemical
Hydrochloric acid Aq. NaOH Irreversible chemical
Hydrocyanic acid Aq. NaOH Irreversible chemical
Hydrofluoric acid Aq. NaOH Irreversible chemical
Hydrogen sulfide Aq. NaOH Irreversible chemical
Chlorine Water Reversible chemical
Carbon monoxide Aq. cuprous ammonium salts Reversible chemical
CO, and H,S Aq. monoethanolamine (MEA) or diethanolamine (DEA) Reversible chemical
CO, and H,S Diethyleneglycol (DEG) or triethyleneglycol (TEG) Reversible chemical

Nitrogen oxides Water

Reversible chemical

regime, in which both liquid-continuous and gas-continuous
dispersions can coexist. The gas passes through the froth in
the form of jets or a series of bubbles. For low gas rates, the
bubble regime occurs, in which the liquid is fairly quiescent
and bubbles rise in swarms. At high liquid rates, small gas
bubbles may be undesirably emulsified. If bubble coalescence
is hindered, undesirable foam forms. Ideally, the liquid carries
no vapor bubbles (occlusion) to the tray below, the vapor
carries no liquid droplets (entrainment) to the tray above,
and there is no weeping of liquid through the holes in the tray.
With good contacting, equilibrium between the exiting vapor
and liquid phases is approached on each tray, unless the liquid
is very viscous.

Figure 6.5 shows typical tray openings for vapor passage:
(a) perforations, (b) valves, and (c) bubble caps. The simplest
is the sieve or perforated tray with holes, usually 1/8 to
1/2-inch in diameter. A valve tray has openings commonly
from 1 to 2 inches in diameter. Each hole is fitted with a valve
consisting of a cap that overlaps the hole, with legs or a cage
to limit vertical rise, while maintaining the valve cap in a
horizontal orientation. Without vapor flow, each valve covers
the hole. As the vapor rate increases, the valve rises, providing
a larger and larger opening through which the vapor can flow
to create a froth.

A bubble-cap tray consists of a cap, 3 to 6 inches in diam-
eter, mounted over and above a concentric riser, 2 to 3 inches
in diameter. The cap has rectangular or triangular slots cut
around its periphery. The vapor flows up through the tray
opening into the riser, turns around, and passes out through

the slots and into the liquid, forming a froth. An 11-ft-diameter
tray might have 5,000 3/16-inch-diameter perforations, 1,000
2-inch-diameter valve caps, or 500 4-inch-diameter bubble
caps. As shown in Figure 6.5(d), trays more than 3 ft in
diameter may have removable panels in the center to allow
plant operators to climb up the inside of the columns for
periodic cleaning and maintenance.

Improvements are constantly being made to increase the
efficiency and throughput of sieve and valve trays. Recent
changes have increased tray efficiency by several percent
and capacity by more than 20%. Sloley [41] discusses these
changes in detail. They include: (1) sloping or stepping the
downcomer to make the downcomer area smaller at the
bottom than at the top, in order to increase the active flow
area; (2) vapor flow through the tray section beneath the
downcomer, in addition to the normal flow area through the
cap; (3) use of staggered, louvered downcomer floor plates to
impart horizontal flow to liquid exiting the downcomer, thus
enhancing the vapor flow beneath; (4) elimination of vapor
impingement from adjacent valves by using bidirectional
fixed valves; (5) use of multiple downcomers that terminate
in the active vapor space of the tray below, providing very
long outlet weirs leading to low crest heights and lower froth
heights; (6) directional slotting of sieve trays to impart a hori-
zontal component to the vapor, enhancing the plug flow of the
liquid across the tray and eliminating dead areas; and (7) use
of mini-valves and fixed valves to achieve higher efficiencies.
Typical high-performance trays include SUPERFRAC™ and
ULTRA-FRAC™ produced by Koch-Glitsch.
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Figure 6.2 Industrial equipment for absorption and stripping:
(a) trayed tower; (b) packed column; (c) spray tower; (d) bubble
column; (e) centrifugal contactor.

Table 6.2 compares the cost, pressure drop, mass-transfer
efficiency, vapor capacity, and flexibility of conventional tray
types. Operational flexibility is reported in terms of turndown
ratio (ratio of maximum-to-minimum vapor flow capacity).
At the limiting, flooding vapor velocity, liquid-droplet entrain-
ment becomes excessive, causing the liquid flow to exceed the
downcomer capacity, thus pushing liquid up the column. At
too low a vapor rate, liquid weeping through the tray open-
ings or vapor pulsation becomes excessive. Low cost makes
sieve trays preferable unless operational flexibility in through-
put is required, in which case valve trays are best. Bubble-cap
trays, predominant in pre-1950 installations, are now rarely
specified, but may be preferred when liquid holdup must be
controlled to provide residence time for a chemical reaction or
when weeping must be prevented.

oY
Tray above
{ o Trev

[<—— Length of

liquid flow path, Z;

Downcomer

Gas apron~—_|
flow

Tray below

Tray diameter, Dy

Figure 6.3 Vapor-liquid contact on a tray. [Adapted from B.F.
Smith, Design of Equilibrium Stage Processes, McGraw-Hill,
New York (1963).]
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Figure 6.4 Possible vapor-liquid flow regimes for a contacting tray.

Table 6.2 Comparison of Tray Types

Sieve Valve Bubble-Cap

Trays Trays Trays
Relative cost 1.0 1.2 2.0
Pressure drop Lowest Intermediate Highest
Efficiency Lowest Highest Highest
Vapor capacity Highest  Highest Lowest
Typical turndown ratio 2 4 5

§6.1.2 Packed Columns

A packed column, shown schematically in Figure 6.6, is a
vertical, cylindrical vessel containing one or more sections of
packing over whose surface the liquid flows downward as a
film on the packing and walls, or as droplets between packing
elements. Feed gas enters at the bottom, passes through a vapor
distributor, and flows upward through the wetted packing, thus
contacting the liquid and passing out the top. Liquid enters at
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Figure 6.5 Three types of tray openings for the passage of vapor up into the liquid: (a) perforation; (b) valve cap; (c) bubble cap; (d) tray with

valve caps.

the top into a liquid distributor, flows downward through the
packed sections, and leaves at the bottom. Figure 6.6 depicts
sections containing random packings and structured pack-
ings. Each packed section is contained between a support
plate, which holds the packing, and a bed limiter or hold-down
grid, which prevents packing movement. A liquid redistributor
ensures uniform distribution of liquid over the cross-sectional
area of the column as it enters a packed section. If the packed
height between redistributors is more than about 20 ft or 6 m,
liquid may channel downward near the wall, where resistance
is the lowest, while gas flows up the center of the column. Chan-
neling significantly reduces vapor-liquid contact and increases
the height equivalent to a theoretical plate (HETP). Some
industrial columns contain packed sections as well as trays,
as depicted in the bottom third of Figure 6.6.

Commercial packing materials include (1) random
(dumped) packings, some of which are shown in Figure 6.7;
(2) structured packings of crimped layers of mesh or corru-
gated sheets, as shown in Figure 6.8; and (3) grid packings
that have an open-lattice structure. Grid packings are mainly
for heat transfer and washing applications and are not
considered here.

Random packings have evolved through four generations
of design. Raschig rings and Berl saddles appeared between
1895 and 1950 in ceramic, plastic, metal, and carbon forms,
but these packings now see limited use. Metal and plastic
Pall rings and ceramic Intalox saddles were introduced in the
1950s to improve capacity, mass-transfer rates, and column
pressure drop as compared to Raschig rings and Berl saddles.
Metal Intalox IMTP® and ceramic, metal, and plastic Cascade
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Figure 6.6 Details of internals in a column with packing and trays.

Mini—Rings® (CMR) emerged in the 1970s, reducing friction
and improving mass transfer. In 1995, open “through-flow
design” packings such as Raschig Super-Rings® from Raschig-
Jaeger, and Intalox® Ultra® from Koch-Glitsch were launched.
These designs provide more surface area for mass transfer, ease
of flow through the packing with even higher flow capacity and
lower pressure drop through the column.

Many random packings are available in nominal diameters
ranging from less than 1 to 3.5 inches. Nominal packing
size should be less than one-eighth of the column diameter
to minimize liquid channeling. Increased packing diameter
decreases pressure drop at the expense of decreased mass-
transfer efficiency, resulting in an optimal packing size for
a given situation. Packings that feature an open, undulating
geometry that promotes uniform wetting with recurrent
turbulence promotion are an exception. For those packings,
mass-transfer efficiency does not decrease as packing diameter
increases, and larger packing height is possible between liquid
redistributors.

Metal packings are more expensive, but provide superior
strength and good wettability. Ceramic packings have superior

=

Ceramic Raschig rings

Metal Pall® ring

&

Metal Intalox® IMTP

.

Metal Raschig
Super-Ring®

¥

Ceramic Berl saddle

<

Ceramic Intalox® saddle

i

Metal Cascade
Mini-Ring®(CMR)

&

Metal Intalox®
Ultra™

Figure 6.7 Four generations of random packings.

wettability and are used in corrosive environments at elevated
temperatures. Plastic packings are inexpensive and have su-
fficient strength, but may have poor wettability at low liquid
rates.

Typical structured packings cover four generations of
design evolution. The first, called Panapak, was reported
by R.C. Schofield of Pan American Refining Corporation
in 1950. It is fabricated from thin metal strips to form a
honeycomb. Multiple layers are tacked together. Although
it is still available, Panapak never gained popularity because
of liquid maldistribution. Representative structured packings
of generations 2 to 4 are shown in Figure 6.8. By the early
1960s, the second generation of structured packings, includ-
ing Goodloe®of Koch-Glitsch LP and Sulzer wire gauze® of
Sulzer Chemtech Ltd., began to gain favor for high vacuum
service because of their very low pressure drop. These pack-
ings are made of multiple strands of thin wire, knitted together
and crimped and coiled or layered. In 1977 a third generation
appeared, typified by Mellapak® from Sulzer Chemtech
Ltd., Flexipac® from Koch-Glitsch LP, and Raschig-Pak® of
Raschig GMBH. These packings are fabricated from thin,
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corrugated and crimped sheets of metal, stacked parallel to
each other into elements. Because they exhibit high capacity,
high mass-transfer rates, and low pressure drop at a low cost,
they have become very popular for vacuum service and tower
revamps. The fourth generation was introduced in 1997 with
MellapakPlus®, Flexipac HC®, and Raschig Super-Pak®.
These are geometric modifications of the corrugated-sheet
packings, designed to direct the vapor to a more vertical
orientation and to achieve a smoother vapor flow as it changes
directions between sections. Widely used structured packings
are available in metals, ceramics, carbon, and plastics.

In Table 6.3, packings are compared using the factors pre-
viously considered for trays. The differences between random
and structured packings are greater than the differences among
the three types of trays in Table 6.2.

§6.1.3 Choice between Trays and Packing

For contacting vapor and liquid streams for absorption,
stripping, and distillation, the designer must choose between
a trayed column and a packed column. Random packing is
favored when the column diameter is less than 2 ft and the
packed height is less than 20 ft. Packed columns are favored
for (1) corrosive services that tend to use ceramic or plastic
materials rather than metals, particularly welded column
internals; (2) services that produce foaming too severe for
the use of trays; (3) vacuum operations and other services for
which pressure drop must be low; and (4) services that benefit
from low liquid holdup in the column. Otherwise, trayed
towers, which can be designed more reliably, are preferred.
Although structured packings are expensive, they are the best

Table 6.3 Comparison of Types of Packing

Random

Raschig Rings ~ “Through  Structured

and Saddles Flow”
Relative cost Low Moderate  High
Pressure drop Moderate Low Very low
Efficiency Moderate High Very high
Vapor capacity Fairly high High High
Typical turndown ratio 2 2 2
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Figure 6.8 Typical structured packings
of the last three of four generations.
Reproduced with permission of Sulzer
Chemtech Ltd.

MellapakPlus®

choice for installations when pressure drop is a factor or for
replacing existing trays (retrofitting) when a higher capacity or
degree of separation is required. Trayed towers are preferred
when liquid velocities are low, whereas columns with random
packings are best for high liquid velocities. Use of structured
packing should be avoided at pressures above 200 psi and
liquid flow rates above 10 gpm/ft> (Kister [33]). Turbulent
liquid flow is desirable if mass transfer is limiting in the liquid
phase, and a continuous, turbulent gas flow is desirable if mass
transfer is limiting in the gas phase. Usually, the (continuous)
gas phase is mass-transfer-limiting in packed columns and
the (continuous) liquid phase is mass-transfer-limiting in tray
columns.

§6.2 GENERAL DESIGN CONSIDERATIONS

Absorber and stripper design or analysis requires considera-
tion of the following factors:

1. Entering feed gas (or liquid) flow rate, composition, 7,
and P

2. Desired degree of recovery of one or more solutes
3. Choice of absorbent (or stripping agent)

4. Column operating P and 7', and allowable gas pressure
drop

5. Minimum absorbent (or stripping agent) flow rate and
actual absorbent (or stripping agent) flow rate

6. Heat effects and need for cooling (or heating)
7. Number of equilibrium stages and stage efficiency
8. Type of absorber (or stripper) equipment (trays or
packing)
9. Need for liquid redistributors if packing is used
10. Height of absorber (or stripper)
11. Diameter of absorber (or stripper)

The ideal absorbent has (a) a high solubility for solute(s);
(b) a low volatility to reduce loss; (c) stability and inertness;
(d) low corrosiveness; (e) low viscosity and high diffusivity;
(f) low foaming proclivities; (g) low toxicity and flamma-
bility; (h) availability, if possible, within the process; and
(i) low cost. The most widely used absorbents are water,



Process Engineering Channel

@ProcessEng

144 Chapter 6  Absorption and Stripping

hydrocarbon oils, and aqueous solutions of acids and bases.
The most common stripping agents are steam, air, inert gases,
and hydrocarbon gases.

Absorber operating pressure should be high and temper-
ature low in order to minimize stage requirements and/or
absorbent flow rate, and to lower the equipment volume requi-
red to accommodate the gas flow. Unfortunately, both com-
pression and refrigeration of a gas are expensive. Therefore,
most absorbers are operated at feed-gas pressure, which may
be greater than ambient pressure, and at ambient temperature,
which can be achieved by cooling the feed gas and absorbent
with cooling water, unless one or both streams already exist
at an ambient or subambient temperature.

Operating pressure should be low and temperature high for
a stripper to minimize stage requirements and stripping agent
flow rate. However, because the maintenance of a vacuum is
expensive, and steam jet exhausts are polluting, strippers are
commonly operated at a pressure just above ambient. A high
temperature can be used, but it should not be so high as to cause
vaporization or undesirable chemical reactions. The possibil-
ity of phase changes occurring can be checked by bubble-point
and dew-point calculations.

For a given feed-gas (or liquid) flow rate, extent of solute
absorption (or stripping), operating P and 7, and absorbent
(or stripping agent) composition, a minimum absorbent
(stripping agent) flow rate exists that corresponds to an infi-
nite number of countercurrent equilibrium contacts between
phases. In every design problem, a trade-off exists between
the number of equilibrium stages and the absorbent (or
stripping agent) flow rate, which must be greater than the
minimum. The following sections describe graphical and
analytical methods for computing the minimum flow rate
and this trade-off for mixtures that are dilute in solute(s).
For this essentially isothermal case, the energy balance can
be ignored. As discussed in Chapters 10 and 11, the use of
process simulators is preferred for concentrated mixtures, for
which multicomponent phase equilibrium and mass-transfer
effects are complex and an energy balance is necessary.

§6.3 GRAPHICAL METHOD FOR
TRAYED TOWERS

For absorption in the countercurrent-flow, trayed tower shown
in Figure 6.9a, stages are conventionally numbered from
the top, where the absorbent enters, to the bottom. For the
stripper in Figure 6.9b, stages are numbered from the bottom,
where the stripping agent enters, to the top. Phase equilibrium
is assumed between the vapor and liquid leaving each tray.
Assume for an absorber that only one solute transfers. Let:

L' = molar flow rate of solute-free absorbent

V' = molar flow rate of solute-free gas (carrier gas)

X = mole ratio of solute to solute-free absorbent in the
liquid

Y = mole ratio of solute to solute-free gas in the vapor

1 (bottom)

Y
n
]
N
Y1 V' * | Xy L’
(a)
Xny1o L' Yy V'
N
2 (top)
3
3 &
L Y S N
n IS )
9 $
1 <) $
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Yo, V' & | Xy, L' X

(b)

Figure 6.9 Continuous, steady-state operation in a countercurrent
cascade with equilibrium stages: (a) absorber; (b) stripper.

With these definitions, the values of L' and V’ remain con-
stant throughout the tower because only solute undergoes mass
transfer between phases.

§6.3.1 Equilibrium Curves for the Solute
For the solute at any stage n, the K-value is

K, == T/04T) ©1)
X X,/(1+X,)
where Y =y/(1 —y)and X = x/(1 — x).

Figure 6.9 shows representative equilibrium X-Y plots.
In general, the equilibrium curve will not be a straight line,
but it will pass through the origin. If the solute undergoes an
irreversible liquid-phase chemical reaction with the solvent to
make a nonvolatile product, the equilibrium curve will be a
straight line of zero slope, passing through the origin. For a
pure stripping agent, the operating line extends to Y = 0 and
for a pure absorbent, it goes through X = 0.

§6.3.2 Operating Lines (from Solute Material
Balances)

In Figure 6.9, the entering and leaving solute compositions and
solute-free flow rates are paired. For the absorber, the pairs at
the top are (X, L’) and (Y;, V') and the pairs at the bottom
are (Yy,,, V') and (Xy,L"). For the stripper, (X, L") and
(Yy, V') are at the top, and (¥, V') and (X,, L) are at the
bottom. These terminal pairs relate to intermediate pairs for
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passing streams between stages by solute material balances
for the envelopes shown in Figure 6.9. Solute material bal-
ances are written around one end of the tower and an arbitrary
intermediate equilibrium stage, n.

For the absorber, the total solute flow rate into the enve-
lope equals the total solute flow rate out of the envelope in
Figure 6.9a:

X' +Y,,V =x,L'+Y,V (6-2)
Solving for ¥, |,
Yo =X, L' /V) + Y = Xo(L'/ V') (6-3)
Similarly for the stripper in Figure 6.9b,
Xl + YV =XL'+Y,V (6-4)
Solving for Y,,,
Yy =X (L' V) + Y, = X, (L V) (6-5)

Equations (6-3) and (6-5) are the operating lines plotted
in Figure 6.9. The terminal points represent conditions at the
top and bottom of the tower. For absorbers, the operating
line is above the equilibrium line because, for a given solute
concentration, X, in the liquid, the solute concentration, Y,
in the gas is always greater than the equilibrium value, thus
providing a mass-transfer driving force for absorption. For
strippers, operating lines lie below equilibrium lines, thus
enabling desorption. In Figure 6.9, operating lines are straight
with a slope of L' /V'.

§6.3.3 Minimum Absorbent Flow Rate
(for oo Stages)

Operating lines for four different solute-free absorbent flow
rates, L', are shown in Figure 6.10 for a fixed solute-free gas
feed rate, V'. In each case, the solute concentration in the exit-
ing gas, Y|, is the same. Therefore, each operating line passes
through the terminal point, (¥}, X)), at the top of the column.
To achieve the desired value of Y, for given Yy, X,, and
V’, the solute-free absorbent flow rate L' must be between
an co absorbent flow with L'/V’ = oo, as represented by oper-
ating line 1, and a minimum absorbent rate (corresponding
to oo stages), L., as represented by operating line 4, with
the equilibrium curve and operating line intersecting at Yy ;.
Intermediate operating lines 2 and 3, correspond to 2 and 1.5
times L/ ;,, respectively. The solute concentration in the outlet
liquid, Xy, depends on L'. Using a solute material balance over
the entire absorber, (6-2) with n = N gives

Xol' + Yy V' = XL + Y,V (6-6)

which rearranges to

- V,(YN+1 -

L= 6-7
(X, — Xo) (6-7)

Note that the operating line can terminate at the equilibrium
line as in operating line 4 of Figure 6.10, but cannot cross it
because that would be a violation of the second law of thermo-
dynamics.
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Figure 6.10 Range of operating lines for an absorber.

The minimum absorbent flow rate, L], corresponds to a

value of X (leaving the bottom of the tower) in equilibrium
with Yy, the solute concentration in the feed gas. Note that
it takes an infinite number of stages for this equilibrium to be
achieved. An expression for L, of an absorber can be derived
from (6-7) as follows. For stage N, (6-1) for the minimum
absorbent rate becomes

ko = Yva/(L+Yyy)
T X/ Xy

Solving (6-8) for X, and substituting the result into (6-7) gives

L. = V,(YN+1 -1
M Yy / [V (Ky — 1) + Ky} = X

For dilute solutes, where ¥ ~ y and X = x, (6-9) approaches

(6-8)

(6-9)

’ — -
Lun =V’ | jpey (6-10)
Ky °
If, for the entering liquid, X, = 0, (6-10) approaches
L]i, = V'K (fraction solute absorbed) (6-11)

Equation (6-11) confirms that L], increases with increas-
ing V’, K, and fraction of solute absorbed.
In practice, the absorbent flow rate is some multiple of L! . ,

typically from 1.1 to 2. In Figure 6.10, operating lines 2 and 3
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=

Figure 6.11 Vapor-liquid stream relationships: (a) operating line
(passing streams); (b) equilibrium curve (leaving streams).

(b)

correspond to 2.0 and 1.5 times L/, , respectively. As the oper-

ating line moves from 1 to 4, the number of stages required
increases from zero to infinity. Thus, a trade-off exists between
L’ and N, and an optimal L’ exists.

A similar derivation of V] ;,, for the stripper of Figure 6.9,
is analogous to (6-11):

In practice, stripping factors, defined by S = KV/L, are
optimal at about 1.4.

§6.3.4 Number of Equilibrium Stages

As shown in Figure 6.11a, the operating line relates the solute
concentration in the vapor passing upward between two stages
to the solute concentration in the liquid passing downward
between the same two stages. Figure 6.11b illustrates that the
equilibrium curve relates the solute concentration in the vapor
leaving an equilibrium stage to the solute concentration in the
liquid leaving the same stage. This suggests starting at the top
of the absorber (at the bottom of the Y—X diagram) and moving
to the bottom of the absorber (at the top of the Y—X diagram) by
constructing a staircase that alternates between the operating
line and the equilibrium curve, as in Figure 6.12a.

Moving up the staircase, steps off the number of stages
required for a given solute-free absorbent flow rate correspon-
ding to the slope of the operating line, which in Figure 6.12a
is (L'/V") = 1.5(L];,/V"). Starting at the point (¥;,X,) on

Ll
y . .
Vinin = K—(fractlon solute stripped) (6-12)
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Figure 6.12 Graphical determination of the
number of equilibrium stages for (a) absorber and
(b) stripper.
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the operating line, a horizontal move is made to the right to
(Y}, X,) on the equilibrium curve. From there, a vertical move
is made to (Y,,X;) on the operating line. The staircase is
climbed until the terminal point (Y, ;,X,) on the operating
line is reached. This point corresponds to the passing streams
at the bottom end of the column. As shown in Figure 6.12a,
the stages are counted at the points on the equilibrium curve.
In this case, N =3. As the operating-line slope L'/V’ is
increased, fewer equilibrium stages are required. As L' /V’ is
decreased, more stages are required until L] .. /V’ is reached,
at which the operating line and the equilibrium curve intersect
at a pinch point located on the horizontal line for Yy ;. At
L} .., an infinite number of stages is required. Operating line
4 in Figure 6.10 shows a pinch point at (Yy,,Xy). If L'/V’
is reduced below L/ /V’ the specified extent of absorption
cannot be achieved.

The stages required for stripping a solute are deter-
mined analogously to absorption. An illustration is shown in
Figure 6.12b. For given specifications of Y, Xy, and the
extent of stripping of the solute, X;, V.., is determined from
the slope of the operating line that passes through the points
(Yy, X)) and (Yy, Xy, ;). The operating line in Figure 6.12b
is for: V! = 1.5V ;. or a slope of (L'/V') = (L' /V}u.)/1.5.
In Figure 6.12, the number of equilibrium stages for both the
absorber and stripper is exactly 3. Ordinarily, the result is
some fraction above an integer number, and the result is usu-
ally rounded to the next highest integer to ensure achievement

of the desired composition.

EXAMPLE 6.1 Recovery of Ethyl Alcohol.

In a bioprocess, molasses is fermented to produce a liquor containing
ethyl alcohol. A CO,-rich vapor with a small amount of ethyl alco-
hol is evolved. The alcohol is recovered by absorption with water
in a sieve-tray tower. Determine the number of equilibrium stages
required for countercurrent flow of liquid and gas, assuming isother-
mal, isobaric conditions and absorption of ethanol only.

Entering gas is 180 kmol/h, 98% CO, and 2% ethyl alcohol,
30°C, 110 kPa.

Entering liquid absorbent is 100% water, 30°C, 110 kPa.
Required recovery (absorption) of ethyl alcohol is 97%.

Solution

From §5.6 for a single-section, countercurrent cascade, the number
of degrees of freedom is 2N + 2C + 5. All stages operate adiabati-
cally at a pressure of approximately 110 kPa, thus fixing 2N design
variables. The entering gas is completely specified by C + 2 vari-
ables. The entering liquid flow rate is not specified; thus, only C + 1
variables are specified for the entering liquid. The recovery of ethyl
alcohol is a specified variable; thus, the total degrees of freedom
taken by the specification are 2N + 2C + 4. This leaves one addi-
tional specification to be made: the entering liquid absorbent flow
rate at 1.5 times the minimum value.

Note that the above degrees-of-freedom analysis assumes an
energy balance for each stage. The energy balances are assumed to
result in isothermal operation at 30°C. For dilute ethyl alcohol, the
K-value is determined from a modified Raoult’s law, K = yP*/P.
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The ethanol vapor pressure at 30°C is 10.5 kPa, and from infinite
dilution in water data at 30°C, the liquid-phase activity coefficient of
ethyl alcohol is 6. Thus, K = (6)(10.5)/110 = 0.57. The minimum
solute-free absorbent rate is given by (6-11), where the solute-free
gas rate, V', is (0.98)(180) = 176.4 kmol/h. Thus, the minimum
absorbent rate for 97.5% recovery is

L. = (176.4)(0.57)(0.97) = 97.5 kmol /h
The solute-free absorbent rate at 50% above the minimum is
L' =1.5(97.5) = 146.2 kmol /h
The alcohol recovery of 97% corresponds to
(0.97)(0.02)(180) = 3.49 kmol/h
The amount of ethyl alcohol remaining in the exiting gas is
(1.00 — 0.97)(0.02)(180) = 0.11 kmol/h

Alcohol mole ratios at both ends of the operating line are as follows:

0.11
top of the col X,=0, Y, =———=0.0
op of the co umn{ =0, ¥, 1764 006}
0.11+3.49
bott f the col Yy, = ——=—— =0.0204,
ottom of the co umn{ o 764
3.49
= —— =0.0239
N 146.2 }

The equation for the operating line from (6-3), with X, = 0, is

Yy = (@)XN + 0.0006 = 0.829X,, + 0.0006 @)
176.4
This is a dilute system. From (6-1), the equilibrium curve, using

K =0.57,is
_Y/(1+7Y)

057X
T 1+043X

Solving for Y,
£ 6)

For the coordinates to cover the entire column, the necessary range
of X for a plot of Y versus X is 0 to almost 0.025. From the Y-X
equation, (2), the following values are obtained:

Y X
0.00000 0.000
0.00284 0.005
0.00569 0.010
0.00850 0.015
0.01130 0.020
0.01410 0.025

For this dilute ethyl alcohol system, the maximum error in ¥ is 1.0%,
if Y is taken simply as ¥ = KX = 0.57X. The equilibrium curve in
Figure 6.13 is plotted using the Y—X data. It is almost a straight
line. The operating line drawn through the terminal points (Y, X))
and (Y, ,,,Xy) is straight. The equilibrium stages are stepped off as
shown, starting at the top stage (¥;,X,) located in the plot near the
lower left corner. The required number of equilibrium stages, N, for
97% absorption of ethyl alcohol is between 6 and 7, at about 6.1.
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Figure 6.13 Graphical determination of number of equilibrium stages for an absorber.

§6.4 KREMSER GROUP METHOD FOR
MULTICOMPONENT ABSORPTION AND
STRIPPING

The graphical method of §6.3 for determining N has educa-
tional value because a graph provides a visual insight into
the phenomena involved. However, the graphical method
becomes tedious when the following occurs: (1) problem
specifications fix the number of stages rather than the percent
recovery of solute, (2) more than one solute is absorbed or
stripped, (3) the location of the equilibrium curve is unknown
because the optimal operating 7 and P have not been estab-
lished, and (4) very low or very high concentrations of solute
force the construction to the corners of the diagram so that
multiple Y—X diagrams of varying scales are needed to achieve
accuracy. When the graphical method is unsuitable, the ana-
Iytical method of Kremser is useful for obtaining results
that can be used to initialize rigorous methods in process
simulators.

Kremser [30] introduced a group method that relates the
number of equilibrium stages to the recovery of one key
component in a single-section, countercurrent cascade used
for multicomponent absorption or stripping. The procedure is
called a group method because it only provides an overall
treatment of the group of stages in the cascade. The procedure
does not consider detailed changes in temperature, pressure,
phase compositions, and flow rates from stage to stage. The
treatment here is similar to that of Edmister [31].

Consider a countercurrent absorber of N adiabatic, equilib-
rium stages, as shown in Figure 6.14a, with stages numbered
from top to bottom. The absorbent is pure, and component
molar flow rates are v; and /;. In the vapor and liquid phases,
respectively. The following derivation applies to any com-
ponent in the vapor feed. Mole fractions are y and x, and
total molar flow rates are V and L. A material balance around

the top, including stages 1 through N — 1, for any absorbed
species is as follows, with the subscript for species, i, dropped
for convenience:

VN =V1 +lN—l (6_13)
where
v=yV (6-14)
and
[ =xL (6-15)
with [, = 0 for an entering absorbent free of solute.
The equilibrium K-value at stage N is
yn = Kyxy (6-16)
Combining (6-14), (6-15), and (6-16), vy, becomes
vy = Iy (6-17)
N -
Ly/(KyVy)
Entering liquid Exiting Exiting
(absorbent) vapor Entering liquid vapor
Lo, Iy ¢ | Vi, vy Lyss Iy ¢ | Vi vy
1 N
2 N-1
3 N-2
<D <D
> ) >
N-2 3
N-1 2
N 1
1 Exiting Entering vapor Exiting
Entering vapor liquid (stripping agent) liquid
Vet Ve Ly ly Vo vo Ly 1y
(a) (b)

Figure 6.14 Countercurrent cascades of N adiabatic stages:
(a) absorber; (b) stripper.
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An absorption factor #, which is analogous to the extrac-
tion factor £, for a given stage and component is defined by

L
= 6-18
A KV (6-18)
Combining (6-17) and (6-18) gives
Iy
=N 6-19
= (6-19)
Substituting (6-19) into (6-13),
Iy = (-1 +v)Ay (6-20)

The component flow rate, ly_,, is eliminated by succes-
sive substitution using material balances around successively
smaller sections of the top of the cascade. For stages 1 through
N-2,

Inoy = Uyy + vy (6-21)
Substituting (6-21) into (6-20),
lN = lN—2’4N—1’4N +V1(/4N +’4N—1’4N) (6—22)

Continuing to the top stage, where [; = v, expands (6-22) to

lN = Vl (/41/42/43 c '/‘4]\/ +/42/43 . '/4N
tAy Ayt Ay (6-23)

Combining (6-23) with the overall component balance,

In=vyy1 =W (6-24)
gives
Vi 1
= (6-25)
Vvt A Ay A Ay
+A Ayt A+
or (6-25) may be rewritten as
Vi = Vg (6-26)
where, ¢, is the absorption recovery fraction,
1
ba (6-27)

T A A, A A Ay
+A Ay A+
In the Kremser method, an average, effective absorption fac-

tor, #,, for each component replaces the separate absorption
factors for each stage, simplifying (6-27) into

1
= -1 =
A+ AT AT+ A+

When multiplied and divided by (4, — 1), (6-28) reduces to
the Kremser equation:

ba (6-28)

#

Oy = Ni%ll = fraction of species not absorbed | (6-29)
Nl

Because each component has a different #,, ¢, is also com-
ponent specific. Figure 6.15 from Edmister [31] is a plot of
(6-29) with a probability scale for ¢, a logarithmic scale for

#,,and N as a parameter. By specifying any two of these three

quantities, the third can be determined from the plot. Kremser
first developed this plot, using linear coordinates [30].

Next, consider the stripper shown in Figure 6.14b. Assume
the components stripped from the liquid are not present in
the entering vapor, and ignore absorption of the stripping
agent. Stages are numbered from bottom to top. The pertinent
stripping equations are derived in a manner analogous to the
absorber equations. The results are

L = lybs (6-30)
where
5 -1 fraction of i ipped | (6-31
bg = T raction of species not strippe (6-31)
and
S= % = }4 = stripping factor (6-32)

Figure 6.15 also applies to (6-31). As shown in Figure 6.16,
absorbers are frequently coupled with strippers or distillation
columns to permit the recovery and recycling of absorbent.
Because the stripping action is not perfect, recycled absorbent
contains species present in the vapor feed. Up-flowing vapor
strips these species, as well as others in the makeup absorbent.
A more general absorber equation for handling this situation
is obtained by combining (6-26) for absorption with a form
of (6-30) for stripping species from the entering liquid. For a
species that appears only in the entering liquid of an absorber,
with stages numbered from top to bottom, as in Figure 6.14a,
(6-30) becomes

Iy = lybs (6-33)

or, because [, = v| + I,
v = lo(1 = by)

Finally, for a component appearing in both entering vapor and
entering liquid, a material balance is obtained by adding (6-26)
and (6-34), giving

(6-34)

Vi = Vg Ga + lo(1 = by) (6-35)

which applies to each component in the entering vapor. The
analogous equation to (6-35) for a component appearing in
both entering vapor and entering liquid of a stripper is

L= lysids +vo (1 —dy)

In order to use (6-29) and (6-31) with Figure 6.15, effective
values of absorption and stripping factors, 4, and S,, are
needed. For preliminary calculations prior to rigorous calcu-
lations with a process simulator, as described in Chapter 10,
molar L and V flow rates may be taken as entering values.
As shown in Chapter 2, K-values depend mainly on 7, P,

(6-36)
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Figure 6.16 Various coupling schemes for absorbent recovery: (a) use of steam or inert gas stripper; (b) use of reboiled stripper; (c) use of

distillation.

and liquid-phase composition. At near-ambient pressure, for
dilute mixtures, some common expressions are

K; = Pj/P (Raoult’s law) (6-37)
K; =y P} /P (modified Raoult’s law) (6-38)
K; = H;/P (Henry’s law) (6-39)
K; = P} /x]P (solubility) (6-40)

Raoult’s law is for ideal solutions involving solutes at
subcritical temperatures. The modified Raoult’s law is useful
for nonideal solutions for which activity coefficients are
known at or near infinite dilution. For solutes at supercritical
temperatures, the use of Henry’s law may be preferable.
For sparingly soluble solutes at subcritical temperatures,
(6-40) is preferred when solubility data xj are available. This
expression is derived by considering a three-phase system
that consists of an ideal vapor containing the solute, carrier
vapor, and solvent; a pure or near-pure solute as liquid (1);
and a solvent liquid (2) with dissolved solute. In that case, for
solute 7 at equilibrium between the two liquid phases,

Process Engineering Channel

2
(D), (1) 2),,2)
L Xi Yip =X YiL
A
8 But, 1 2
Q)

o xlg)zl,yiLzl,xl(»)
D@ Therefore,

(1) .

Yio & 1/x;

From (6-38),
K =y 'Pi/P = P/(x}P)

For moderate to high pressures, vapor fugacity coefficients
must be included, as in (2-27).

The plot of the Kremser equation in Figure 6.15 shows a
strong dependence for the effect of the number of equilibrium
stages, N, (referred to as theoretical plates in Figure 6.15) on
the fraction not absorbed, ¢4, for a given absorption factor, 4.
Components with high absorption factors (i.e., greater than
the optimal value of 1.4) show a rapidly decreasing fraction
not absorbed for an increasing number of stages. These are
components that are easily absorbed, as indicated by their
low K-values. As the absorption factor decreases below 1.4,
the effect of an increase in the number of stages diminishes
rapidly. Below an absorption factor of 0.5, there is little effect
on the fraction not absorbed above 3 or 4 stages. These are
components that are difficult to absorb, as evidenced by their
high K-values. In this region, the maximum value of the
fraction that can be absorbed is equal to the absorption factor.
That is, (1- Gy )max = ##. Because the Kremser plot for absorp-
tion is also applicable for stripping, the above analysis applies
equally to strippers. This plot of an approximate analytical
solution relates the state of a system, K = K{T, P, x;,y;}, and
the operability (L,V) and geometry (N) of corresponding
equipment to performance (¢) in a way that is intuitive and
useful to guide design and operation of a separation system.
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EXAMPLE 6.2 Recovery of Ethyl Alcohol Using
the Kremser Equation.

Repeat Example 6.1 for the recovery of ethyl alcohol from CO, by
absorption in water, using the Kremser method. Assume the absorber
operates at 30°C and 110 kPa. The total entering gas flow rate is
180 kmol/h with 2 mol% ethanol. The absorbent is pure water. The
specified recovery of ethanol is 97%. From Example 6.1, the K-value
for ethanol is 0.57. Assuming an entering absorbent flow rate of 1.5
times the minimum, determine the following:

(a) The number of equilibrium stages required
(b) The fraction of the entering water stripped into the gas

(¢) The fraction of the entering CO, absorbed by the water

Solution

To calculate the number of equilibrium stages, (6-29) is used with
ethanol as the key component. The ethanol absorption factor, 4, is
calculated using V = 180 kmol/h, K = 0.57,and L = 1.5 L, . To find
L, ;,,notethat,if # < 1.0atL ; (i.e.,N=co),then (6-29) reduces

to an analog of (6-11):
L,.,=KV(l-4¢,) (1)

Using (1), with ¢, = (1 —0.97) = 0.03, L, = 0.57(180)(1 — 0.03)
= 99.5 kmol/h. This value is close to 97.5 kmol/h, which was
determined in Example 6.1. The corresponding A4 . =99.5/
[(0.57)(180)] = 0.97. The actual absorbent rate=L=15L_ =
1.5(99.5) = 149 kmol /h.

(a) To find N from (6-29), compute 4, = 149/[(0.57)(180)] = 1.45,
which is close to the optimal value. From (6-29),

A 1 145 -1

b, =0.03 = A T 1457

(@)

Equation (2) is a nonlinear equation in N. Using MATLAB with
fsolve, N = 6.46. This compares to slightly more than 6 stages,
as determined graphically in Example 6.1

(b) For water, use a Raoult’s law K-value with a water vapor pressure
at 30°C = 4.24 kPa. Therefore, from (6-37), K =4.24/110 =
0.0385. From (6-32), S, for water = 0.0385(180)/149 = 0.0465.
From (6-31), with N = 6.46, using ethanol as the key com-

. . S -1
ponent, the fraction of water not stripped = W =
% =0.962, and the fraction of entering water
0.0385" -1

stripped = 1 — 0.962 = 0.038.

(¢) For CO, absorption into water, use the Henry’s law K-value from
(6-39), with HC02 = 1900 atm = 195000 kPa from Figure 4.18.
From (6-39), K for CO, =295000/110 = 1770, and from (6-18),
A4, =149/[1770(180)] = 0.00047. From (6-29),

A,-1 000047 -1
AT 10000479 — 1

= ¢, = fraction of CO, not absorbed

= 0.9995

Therefore, the fraction of CO, absorbed = 1 — 0.9995 = 0.0005.

EXAMPLE 6.3 Absorption of Hydrocarbons
by Oil.

In Figure 6.17, the higher-molecular-weight components, normal
butane (C,), and normal pentane (Cy) in hydrocarbon gas are
removed by absorption at 400 psia with a high-molecular-weight
hydrocarbon oil that is equivalent to normal decane. Trace amounts
of each component appear in the entering oil. Estimate the exit vapor
and liquid flow rates and compositions via the Kremser method,
using estimated component absorption and stripping factors from the
entering values of L and V, with the component K-values estimated
with a process simulator, based on an average entering temperature
of (90 + 105)/2 = 97.5°F.

Solution

From (6-18), A4, =L/K)V =165/[K,(800)] = 0.206/K;. From
(6-32), S,=1/4#,=485K; and N =6 -equilibrium stages.
Figure 6.17 shows N = 6. From §2.11, the Lee-Kesler-Plocker
method is preferred for K-values because of the wide boiling range
of the combined vapor feed and liquid absorbent. The K-values
were estimated by using Aspen Plus to flash the combined feed and
absorbent at 97.5°F and 400 psia. The resulting values are listed in
the table below. Values of ¢, and ¢ are from (6-29) and (6-31), or
from the Kremser-equation plot in Figure 6.15. The values of (v;), in
the exit vapor are from (6-35). The values of (/,),, in the exit liquid,
are computed from an overall component material balance using
Figure 6.14a:

(l,')s = (l,')() + (Vi)7 - (V,‘)l (1)
Lean gas
Vi
Absorbent oil /J\
Ty = 90°F 1
los
Ibmol/h
n-Butane (C,) 0.05
phEmEn ity 07 400 psia (2.76 MPa)
Oil 164.17 throughout
Ly = 165.00
Feed gas
7, = 105°F EIS

v, i i
Ibmél/h \l'/ R'CLhGO"
160.0

Methane (C4)
Ethane (C,) 370.0
Propane (Cs) 240.0
n-Butane (C,) 25.0
n-Pentane (Cg) 5.0
Vv, =800.0

Figure 6.17 Specifications for the absorber in Example 6.3.

The computations, made with a spreadsheet, produce the following
results:
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Component K @97.5°F and 400 psia A (N bg v /8
(@ 7.19 0.0287 — 0.971 — 155.41 4.59
C, 1.73 0.119 = 0.881 = 325.97 44.03
C, 0.604 0.341 — 0.659 — 158.24 81.76
nC, 0.223 0.924 1.082 0.179 0.111 4.52 20.53
nCs 0.0883 2.33 0.429 0.0035 0.573 0.35 5.43
Oil 0.00080 — 0.00039 — 0.9996 0.064 164.106
644.554 320.446

The results indicate that approximately 80% of butane and pentane in the entering gas is absorbed. Less than 0.1% of the

absorbent oil is stripped.

EXAMPLE 6.4 Stripping Volatile Organic Compounds
from Wastewater.

Okoniewski [3] studied the use of air to strip volatile organic com-
pounds (VOCs) from wastewater. At 70°F and 15 psia, 500 gpm of
wastewater were stripped with 3,400 scfm of air (60°F and 1 atm)
in a 20-plate tower. The wastewater contained three pollutants in the
amounts shown in the following table. Included are properties from
the 1966 Technical Data Book—Petroleum Refining of the American
Petroleum Institute. For all compounds, the organic concentrations
are less than their solubility values, so only one liquid phase exists.

Concentration Solubility Vapor
in the in Water at Pressure
Organic Wastewater, 70°F, mole at 70°F,
Compound mg/L fraction psia
Benzene 150 0.00040 1.53
Toluene 50 0.00012 0.449
Ethylbenzene 20 0.000035 0.149

It is required that 99.9% of the total VOCs must be stripped. The
plate efficiency of the tower is estimated to be from 5% to 20%, so
the number of equilibrium stages in the tower is from 1 to 4. Plot
the percentage of stripping for each organic compound in this range
of equilibrium stages. Under what conditions will the desired degree
of stripping be achieved? What do you suggest be done with the
exiting air?

Solution

Because the wastewater is dilute in the VOCs, the Kremser equation
is applied independently to each organic chemical. The absorption
of air by water and the stripping of water by air are ignored. The
stripping factor for each compound is S; = K;V/L, where V and L
are taken at entering conditions. K-values are estimated from (6-40)
using the given solubility data:

K, = P/xP 6))

where
V = 3,400(60)/(379 scf/Ibmol at 60°F and 1 atm)
or 538 Ibmol/h, and
L =500(60)(8.33 1b/gal)/(18.02 1b/Ibmol) or 13,870 Ibmol /h

The applicable K-values and stripping factors are shown in the fol-
lowing table:

Component K at 70°F, 15 psia s

Benzene 255 9.89
Toluene 249 9.66
Ethylbenzene 284 11.02

A spreadsheet program using the following modification of (6-31) to
give the fraction stripped.

Fraction stripped = 1 — Sf“ _1 = 'zNN = _f ?2)
Percent Stripped
Component 1 Stage 2 Stages 3 Stages 4 Stages
Benzene 90.82 99.08 99.91 99.99
Toluene 90.62 99.04 99.90 99.99
Ethylbenzene 91.68 99.25 99.93 99.99

The results are sensitive to the number of stages, as shown in
Figure 6.18, demonstrating that about 90% of the absorption occurs
in just one stage. To achieve 99.9% removal of the VOCs, three stages
are needed. This corresponds to 15% stage efficiency in the 20-tray
tower.

The exiting air must be processed to destroy the VOCs, particu-
larly the carcinogen benzene [4]. The amount stripped is

(500 gpm)(60 min/h)(3.785 liters/gal)(150 mg/liters)
= 17,030,000 mg/h or 37.5 Ib/h.

If benzene is valued at $0.65/lb, the annual value is almost
$200,000. This would not justify a recovery technique such as
carbon adsorption. It is thus preferable to destroy the VOCs by
incineration. For example, the air can be sent to an on-site utility
boiler, a waste-heat boiler, or a catalytic incinerator.

The amount of air is arbitrarily given as 3,400 scfm. To complete
the design procedure, various air rates should be investigated and
column-efficiency calculations made, as discussed in §6.5.
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Figure 6.18 Results of Example 6.4 for stripping VOCs from water
with air.

§6.5 STAGE EFFICIENCY AND COLUMN
HEIGHT FOR TRAYED COLUMNS

Unless temperatures change significantly from stage to
stage, it can be reasonably assumed that vapor and liquid
phases leaving a tray in a tower are at the same tempera-
ture. The assumption of phase composition equilibrium at
each tray is not reasonable, however. For streams leaving a
tray, vapor-phase mole fractions are not related exactly to
liquid-phase mole fractions by thermodynamic K-values. To
determine the actual number of required trays in a trayed col-
umn, the number of equilibrium stages must be adjusted with
an overall stage efficiency, or efficiencies must be estimated
for each tray.

Stage efficiency concepts are applicable when phases are
contacted and then separated—that is, when discrete stages
and interfaces are identified as in trayed columns. This is
not the case for packed columns. For these, the efficiency is
embedded into equipment- and system-dependent parameters,
such as the HETP or HETS (height of packing equivalent to a
theoretical stage), as discussed in §6.7.

§6.5.1 Overall Stage Efficiency

A simple approach suitable for preliminary design and eval-
uation of an existing column is to apply an overall stage
efficiency, defined by Lewis [5] as

E() = Nt/Na (6'41)

where E,, is the fractional overall stage efficiency, usually less
than 1.0; NV, is the calculated number of theoretical stages; and
N, is the actual number of trays required. Based on the results
of extensive research conducted over a period of more than
70 years, the overall stage efficiency has been found to be a

complex function of (a) the geometry and design of the trays,
(b) the flow rates and flow paths of vapor and liquid streams,
and (c) the compositions and properties of vapor and liquid
streams.

For well-designed trays and for flow rates near the col-
umn capacity limit discussed in §6.6, E, depends mainly
on the physical properties of the vapor and liquid streams.
Values of E, can be predicted or selected by four methods:
(1) comparison with performance data from similar columns,
(2) use of empirical efficiency equations derived from data on
industrial columns, (3) use of semitheoretical models based
on mass-transfer rates, and (4) scale-up from laboratory or
pilot-plant columns. The next four subsections discuss the
methods for absorbers and strippers. These same methods are
applied to distillation in Chapter 7. Suggested correlations of
mass-transfer coefficients for trayed towers are deferred to
§6.6, following the discussion of tray capacity. A final sub-
section presents a method for estimating column height based
on the number of equilibrium stages, stage efficiency, and tray
spacing. Some of the methods discussed form the basis for
the column-sizing calculations used in process simulators.

§6.5.2 Tray Efficiencies from Column
Performance Data

Performance data from industrial absorption and stripping
trayed columns generally include feed and product flow
rates and compositions, pressures and temperatures at the
bottom and top of the column, details of the tray design,
column diameter, tray spacing, average liquid viscosity, and
computed overall tray efficiency with respect to one or more
components. From these data, particularly if the system is
dilute with respect to the solute(s), the graphical or algebraic
methods described in §6.3 and 6.4 can estimate the number
of equilibrium stages, N,. Then, knowing N,, (6-41) can be
applied to determine the overall stage efficiency, E,. Values
for absorbers and strippers are typically low, especially for
absorption, for which E, is often less than 50%, especially if
the absorbent is a hydrocarbon oil.

Drickamer and Bradford [6] computed the overall stage
efficiencies for five hydrocarbon absorbers and strippers with
column diameters ranging from 4 to 5 ft and equipped with
bubble-cap trays. The overall stage efficiencies for the key
component, n-butane in absorbers and n-heptane in strip-
pers, varied from 10.4% to 57%, primarily depending on the
molar-average liquid viscosity, which is a key factor for liquid
mass-transfer rates.

Individual component overall efficiencies differ because
of differences in component physical properties. The data of
Jackson and Sherwood [7] for a 9-ft-diameter hydrocarbon
absorber equipped with 19 bubble-cap trays on 30-inch tray
spacing, operating at 92 psia and 60°F, is summarized in
Table 6.4 from O’Connell [8]. Values of E, vary from 10.3%
for ethylene, the most-volatile species, to 33.8% for butylene,
the least-volatile species. The molar-average liquid viscosity
was 1.90 cP (centipoise).
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Table 6.4 Effect of Species on Overall Stage Efficiency

Overall
Component Stage Efficiency, %
Ethylene 10.3
Ethane 14.9
Propylene 25.5
Propane 26.8
Butylene 33.8

Source: H.E. O’Connell [8].

A more dramatic effect of absorbent species solubility on
overall stage efficiency was observed by Walter and Sherwood
[9], using laboratory bubble-cap tray columns ranging from
2 to 18 inches in diameter. Stage efficiencies varied over a
range from less than 1% to 69%. Comparing data for the water
absorption of NHj; (a very soluble gas) and CO, (a slightly sol-
uble gas), they found a lower stage efficiency for CO,, with its
low gas solubility (high K-value), and a high stage efficiency
for NHj;, with its high gas solubility (low K-value). Thus, both
solubility (or K-value) and liquid-phase viscosity are impor-
tant variables that affect stage efficiency.

§6.5.3 Empirical Correlations for
Tray Efficiency

From 20 sets of performance data from industrial absorbers
and strippers, Drickamer and Bradford [6] correlated key
component overall stage efficiency with just the molar aver-
age viscosity of the rich oil (liquid leaving an absorber or
liquid entering a stripper) over a viscosity range of 0.19 to
1.58 cP at the column temperature. The empirical equation

E,=192-5781log . 02 <y, <1.6cP  (6-42)

where E, is in percent and p is in cP, fits the data with an
average deviation of 10.3%. Equation (6-42) should not be
used for non-hydrocarbon liquids and is restricted to the
viscosity range of the data.

Mass-transfer theory predicts that, when the solubility
or volatility of species being absorbed or stripped covers a
wide range, the relative importance of liquid-phase and gas-
phase mass-transfer resistances shifts. O’Connell [8] found
that the Drickamer—Bradford correlation, (6-42), was inade-
quate when species cover a wide solubility or K-value range.
O’Connell obtained a more general correlation by using a
parameter that includes not only liquid viscosity, but also
liquid density and a Henry’s law constant. Edmister [10] and
Lockhart et al. [11] suggested slight modifications to the
O’Connell correlation, shown in Figure 6.19, to permit its use
with K-values (instead of Henry’s law constants). The correlat-
ing parameter, K;M; |\, /p;, suggested by Edmister and shown
in Figure 6.19, uses M;, liquid average molecular weight in
g/mol; p;, liquid viscosity in cP; and p;, liquid density in
Ib/ft>. The data cover the following range of conditions:
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10 =

K; = K-value of a species being
1+ absorbed or stripped

M; = Molecular weight of the liquid
W, = Viscosity of the liquid, cP

p, = Density of the liquid, Ib/ft3

Overall stage efficiency, %
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Figure 6.19 O’Connell correlation for plate efficiency of absorbers
and strippers.

Column diameter: 2 inches to 9 ft

Average pressure: 14.7 to 485 psia
Average temperature: 60 to 138°F
Liquid viscosity: 0.22t0 21.5¢cP
Overall stage efficiency: 0.65 to 69%

The following empirical equation by O’Connell [8] corre-
lates most of the data in Figure 6.19 to within about a 15%
deviation for water and hydrocarbon systems:

log E, = 1.597 - 0.199 [10g <%>]
L

2
—0.0896 [10g <M )]
Pr

(6-43)

where E,, is in percent and other variables have the units shown
in Figure 6.19.

The data for Figure 6.19 are mostly for columns having
a liquid flow-path length across the tray, shown as z; in
Figure 6.3, from 2 to 3 ft. Theory and data show higher effi-
ciencies for longer flow paths. For short liquid flow paths, the
liquid flowing across the tray is usually completely mixed. For
longer flow paths, the equivalent of two or more successive,
completely mixed liquid zones exists. The result is a greater
average driving force for mass transfer, leading to a higher
stage efficiency—even greater than 100% in some distillation
operations! A column with a 10-ft liquid flow path may
have an efficiency 25% greater than that predicted by (6-43).
However, at high liquid rates, long liquid-path lengths are
undesirable because they lead to excessive liquid (hydraulic)
gradients. When the height of a liquid on a tray is appreciably
higher on the inflow side than at the overflow weir, vapor may
prefer to enter the tray in the latter region, leading to nonuni-
form bubbling. Multipass trays, shown in Figure 6.20a, are
used to prevent excessive hydraulic gradients. Estimates of the
required number of flow paths can be made with Figure 6.20b,
which suggests that a 10-foot-diameter column with a liquid
flow rate of 1,000 gpm should use a three-pass tray.
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EXAMPLE 6.6 Back-Calculation of Tray Efficiency

Tray for a Refinery Absorber.

The following table provides performance data for a trayed absorber
in a Texas petroleum refinery, as reported by Drickamer and Bradford
[6]. Based on these data, back-calculate the overall stage efficiency
for n-butane and compare the result with the Drickamer—Bradford
correlation (6-42). Lean oil and rich gas enter the tower, and rich oil
Tra and lean gas leave the tower.
y
Jj+1

Performance Data

Number of plates 16
Plate spacing, inches 24
20 — Tower diameter, ft 4
- " Tower pressure, psig 79
Q & Lean oil temperature, °F 102
g 15 & 8 Qq,‘? Rich oil temperature, °F 126
;__; of 2 /8 Rich gas temperature, °F 108
g 10 Lean gas temperature, °F 108
2 Lean oil rate, Ibmol/h 368
c Rich oil rate, Ibmol/h 525.4
S 5 Region of Rich gas rate, Ibmol/h 946
] unsatisfactory operation Lean gas rate, Ibmol/h 786.9
0 | | | Lean oil molecular weight, g/mol 250
0 2000 4000 6000 Lean oil viscosity at 116°F, cP 1.4
Liquid flow rate, gal/min Lean oil gravity, API 21

(b)

Figure 6.20 Estimation of the number of required liquid flow

passes. (a) Multipass trays (2, 3, 4 passes). (b) Flow pass selection.
[Based on figure from Koch Flexitray Design Manual, Bulletin 960, Component Rich Gas Lean Gas Rich Oil  Lean Oil
Koch Engineering Co., Inc., Wichita, KS (1960).]

Stream Compositions, Mol %

C, 47.30 55.90 1.33

G, 8.80 9.80 1.16

Cy 5.20 5.14 1.66
EXAMPLE 6.5 Prediction of Tray Efficiency for Acetone G, 22.60 21.65 8.19
Absorber. Cq 3.80 2.34 3.33

nC, 7.40 4.45 6.66
Use the O’Connell correlation of Figure 6.19 and (6-43) to estimate nCs 3.00 0.72 4.01
the percent tray efficiency of the acetone absorber of the industrial nCq 1.90 3.42
example near the beginning of this chapter and the number of actual 0il absorbent 70.24 100
trays required. Totals 100.00 100.00 100.00 100
Solution Solution
From Figure 6.19, the correlation parameter is KM, 1, / p;. with the First, check the consistency of the plant data by examining the overall
units in the figure. Because the liquid is dilute in acetone, use the material balance and the material balance for each component. From
properties of pure water at 25°C: the above stream compositions, it is apparent that the compositions

have been normalized to total 100%. The overall material balance is
p, =0.997 g/em>= 62.2 Ib/ft’, p, = 0.89 cP, M, = 18 g/mol
Total flow into tower = 368 + 946 = 1,314 Ibmol/h, and

©
[
C
@©
e
o
(®)]
£ Take the K-value for acetone as 2.0. Total flow from tower = 525.4 + 786.9 = 1,312.3 Ibmol/h
—_
()
8 Therefore, KMk, _ 2(18)(0-89)10 0.52 These totals agree to within 0.13%, which is excellent agreement.
o) E’ Pr (62.2) The component material balance for the oil absorbent is
c . .
Using (6-43), tray effi = E = 0.444 or 44.4% .
w & sing (6-43) tray efficiency = £, or ‘ total oil in = 368 lbmol/h and
8 8 From (6-41), if the number of equilibrium stages = N, = 12.5, the total oil out = (0.7024)(525.4) = 369 Ibmol/h
8 o actual number of trays needed = N, = N,/E, = 12.5/0.444 = 28.2.
o D@-) The number of trays in the industrial example is 30. The number of  These two totals agree to within 0.3%. Again, this is excellent agree-
o

trays in industrial columns is sometimes specified in multiples of 5. ment. Component material balances give the following results:



Ibmol/h

Component Lean Gas Rich Oil Total Out Total In
€ 439.9 7.0 446.9 447.5
G 77.1 6.1 83.2 83.2
& 404 8.7 49.1 49.2
G 170.4 43.0 2134 213.8
Ca 18.4 17.5 359 359
nC, 35.0 35.0 70.0 70.0
nCs 5.7 21.1 26.8 28.4
nCy 0.0 18.0 18.0 18.0

786.9 156.4 943.3 946.0

Again, there is excellent agreement, except for a difference of 6% for
n-pentane. Plant data are not always so consistent.

For the back-calculation of stage efficiency from performance
data, the Kremser equation is used to compute the number of equili-
brium stages required for the measured absorption of n-butane:

Fraction of nC, absorbed = % =0.50
From (6-29),
#,—1

To calculate the number of equilibrium stages, N, using Eq. (1), the
absorption factor, A#, for n-butane must be estimated from L/KV.

Because L and V vary greatly through the column, arithmetic aver-
ages of entering and leaving streams are appropriate:

L = average liquid rate = (S0 eD oL = 446.7 Ibmol /h, and
V = average vapor rate = w = 866.5 Ibmol/h

The average tower temperature = (102 + 126+ 108 + 108)/4 =
I11°F. Also assume that the given viscosity of the lean oil at
116°F equals the viscosity of the rich oil at 111°F; in other words,
p=14cP.

If ambient pressure = 14.7 psia, tower pressure = 79 + 14.7 =
93.7 psia. Using Raoult’s law as an approximation for butane at
93.7 psia and 111°F gives K, = 0.7. Thus,

446.7

= 078665 ~ 70

Therefore, from Eq. (1),

0.736"*' —0.736
050= —"—+—— 2
0.736™*" — 1 @
Using fzero in MATLAB to solve (2) gives N = N, = 1.45. The per-
formance data shows that N, = 16. From (6-41),
E = e =0.091 or 9.1%
¢ 16
Equation (6-22) is applicable to n-butane because it is about 50%
absorbed and is one of the key components. Other possible key com-
ponents are butenes and n-pentane.
From the Drickamer equation (6-42),
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§6.5.4 Semitheoretical Models: Murphree
Efficiencies

Tray efficiency models, in order of increasing complexity, have
been proposed by Holland [12], Murphree [13], Hausen [14],
and Standart [15]. All four models assume that the vapor and
liquid streams entering each tray are of uniform composition.
The Murphree vapor efficiency, which is the oldest and most
widely used, is derived with the additional assumptions of
(1) a uniform liquid composition on the tray equal to that
leaving the tray and (2) a plug flow of the vapor passing up
through the liquid, as shown in Figure 6.21. The development
presented is applicable to trayed columns for distillation, as
well as for absorption and stripping.
For species i, let

n = mass-transfer rate for absorption from gas to liquid
K = overall gas mass-transfer coefficient based on a
partial-pressure driving force
a = vapor-liquid interfacial area per volume of combined
gas and liquid holdup (froth or dispersion) on the tray
A, = active bubbling area of the tray (total cross-sectional
area minus liquid downcomer areas)
Z; = height of combined gas and liquid tray holdup
y; = bulk mole fraction of iin the vapor rising up through
the liquid on the tray
yi = vapor mole fraction of i in equilibrium with the com-

pletely mixed liquid mole fraction of i on the tray

A
Aq b Aq
—_—
Liquid
flow
Downcomer Actlvea?:abbl|ng Downcomer
bringing liquid taking liquid
to tray ~_ to next tray
below
yi,n
Xin-1
Tray n

Yin+1

E,=192-57.8 log(1.4) = 10.8% Figure 6.21 Schematic top and side views of tray for derivation of

Murphree vapor-tray efficiency.
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The bulk vapor mole fraction, y;, changes as the vapor
passes up through the liquid on the tray. The differential rate
of mass transfer for a differential height of holdup on the
tray is

dn; = Kga (y; — yi)PA, de (6-44)

where, using the two-film theory of mass transfer from §3.7,

K includes both gas- and liquid-phase resistances to mass

transfer, so that

1 | Hy;
+ "

(6-45)

For (6-45),
ks = individual mass-transfer coefficient for the gas phase
based on a partial-pressure driving force

k; = individual mass-transfer coefficient for the liquid
phase based on a concentration driving force

H; = Henry’s law coefficient for component i. From (6-39),
v; = liquid molar volume

By material balance, assuming a negligible change in the vapor

flow rate, V, across the stage,

where V = the molar gas flow rate up through the tray liquid.
Combining (6-45) and (6-46) to eliminate dn;, separating
variables, and converting to integral form lead to

Zf yi,n .
Ab/ KGVanZf = / *dyl = Nog
0 ) ion Vi

yi,n+]

(6-47)

where a second subscript to denote the tray number, , is added
to the vapor mole fraction. The vapor enters tray nas y; ., and
exits as y; . This equation defines N, which is the number
of overall gas-phase mass-transfer units.

The values of K, a, P, and V vary somewhat as the gas
flows up through the liquid on the tray, but if they, as well as
yi, are taken to be constant, (6-47) can be integrated to give

— KGaPZf =1 <yi,n+] _yzn>
0G = =1n "
(V/Ap) Yion = Yion
Rearranging (6-48), in terms of the fractional approach of

Yi.nt1 O Y; ,» which is in equilibrium with liquid mole fraction,
X; , defines the fractional Murphree vapor efficiency as

(6-48)

Eyy = Mli‘y =1 — ¢ Noc (6-49)
Yiont1 = Yin
where
Nog = —In(1 — Eyy) (6-50)

If measurements give y; ,,; =0.64, and y; , = 0.61, and
phase-equilibrium data yields yl* » = 0.60, then, from (6-49),

Eyy = (0.64 —0.61)/(0.64 — 0.60) = 0.75
or a 75% approach to equilibrium. From (6-50),
Nog = —In(1 —0.75) = 1.386

The Murphree vapor efficiency does not include exit-
ing stream temperatures. However, it does imply that the
completely mixed liquid phase is at its bubble point, so the
equilibrium vapor-phase mole fraction, y;,,, can be obtained.

For multicomponent mixtures, values of E,;, are compo-
nent-dependent and vary from tray to tray, but at each tray,
the number of independent values of E,;, is one less than the
number of components. The dependent value of £y, is deter-
mined by forcing Z y; = L. It is thus possible that a negative
value of E,;, can result for a component in a multicompo-
nent mixture. Such negative efficiencies are possible because
of mass-transfer coupling among concentration gradients in a
multicomponent mixture, as discussed in Chapter 12. For a
binary mixture, values of E,;, are always positive and equal
for the two components.

The tray liquid will only satisfy the complete-mixing
assumption of (6-49) if it travels a short distance across the
tray. For the more general case of incomplete liquid mixing, a
local Murphree vapor-point efficiency is defined by assum-
ing that liquid composition varies across a tray, but is uniform
in the vertical direction. Thus, for species i on tray n, at some
horizontal distance from the downcomer, as in Figure 6.22,

_ Yipt1 T Yin

. (6-51)
Yin+1 = Vin

EOV

Because x; varies across a tray, y;* and y; also vary. How-
ever, the exiting vapor is then assumed to mix to produce a
uniform y; , before entering the tray above. Because Ey)y, is a
more fundamental quantity than E,,,, E, serves as the basis
for semitheoretical estimates of tray E,;, and overall column
efficiency. Correlations of experimental data for mass transfer
on trays and their application to the estimation of E), is pre-
sented in Chapter 7 in §7.4.3. With E,,, known, the Murphree
vapor efficiency, E;;y, can be calculated using equations from
the development.

Lewis [16] integrated E,, over a tray to obtain E;;, for
several cases. For complete mixing of liquid on the tray
(uniform x; ),

Eyy = Eoy (6-52)

For plug flow of liquid across a tray, with no mixing of
liquid or diffusion in the horizontal direction, Lewis derived

(6-53a)

Eyy = % (e"Fov — 1)

Figure 6.22 Schematic of tray for Murphree vapor-point efficiency.
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where

A=mV/L (6-53b)

and m = dy/dx, the slope of the equilibrium line for a species,
using the expression y = mx + b. If b is taken as zero, then m
is the K-value, and for the key component, &,

A=K\V/L=1/4,

If A4, the key-component absorption factor, has the optimal or
typical value of 1.4, A = 0.71.

Suppose the measured or predicted point efficiency is
Eyy =0.25. From (6-53a), E,;, = 1.4[exp(0.71 X 0.25) —
1] = 0.27, which is only 9% higher than E,,,. However, if
Eoy = 0.9, Eyy is 1.25, which is 39% higher. This surprising
result is due to the liquid concentration gradient across the
length of the tray, which allows the vapor to contact a liquid
having an average concentration of species k that is appre-
ciably lower than the concentration of k in the liquid leaving
the tray.

Equations (6-52) and (6-53) represent extremes between
complete mixing and no mixing. Gerster et al. [17] developed

Eyy/Eoy

AEoy
(a)
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a more realistic, but more complex, model that accounts for
partial liquid mixing:

% _ 1 —exp [—(n +Npe)]
EOV (n+NPe){1+ [(n+NPe)/n]}
exp(n) — 1
n {1+ [n/(n+Ne)|}

1/2
_ e [(HMEOV) _1]
=7 N
Pe

Eyv/Eoy is plotted as a function of AE,, from 1 to 10 in
Figure 6.23b, with a reduced range of AE,, from 0 to 3 in
Figure 6.23a. The parameter is a Peclet number for mass trans-
fer, Np,, listed as Np, , in Table 3.9. For this case, it is based
on the ratio of the velocity of liquid flowing across the tray to
the eddy diffusivity, and it is defined by

(6-54a)

where

(6-54b)

Npe = Z,u/ Dy, (6-55)

EMV/EOV

AEoy
(b)

Figure 6.23 (a) Effect of longitudinal mixing on Murphree vapor-tray efficiency. (b) Expanded range for effect of longitudinal mixing on

Murphree vapor-tray efficiency.
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where, Z; = liquid flow path length across the tray, as shown
in Figure 6.3; Dy = eddy diffusivity in the liquid flow direc-
tion; and u = mean liquid velocity across the tray. When
Np, =0, complete liquid mixing is achieved, and (6-52)
holds. When Np, = oo, diffusion across the tray does not
occur, and (6-53) holds. From evaluation of experimental
measurements of Dy in bubble-cap and sieve-plate columns
[18 to 21] Np, increases from 10 for a 2-ft-diameter column
to 30 for a single-pass 6-ft-diameter column.

Lewis [16] showed that, for straight, but not necessarily
parallel, equilibrium and operating lines, the overall stage effi-
ciency is related to the Murphree vapor efficiency by

_ log[l + Epy (L= 1]

E
log A

o

(6-56)

When the two lines are straight and parallel, A = 1, and (6-56)
becomes E, = Ej;,. Also, when E;;, = 1, E, = 1 regardless
of the value of A.

§6.5.5 Tray Efficiencies by Scale-up of Data
with the Oldershaw Column

When vapor—liquid equilibrium data are unavailable, particu-
larly if the system is highly nonideal with possible formation
of azeotropes, tray requirements and the feasibility of achiev-
ing the desired separation must be verified by laboratory tests.
A useful apparatus is the small glass or metal sieve-plate
column with center-to-side downcomers developed by Old-
ershaw [22] and shown in Figure 6.24. Oldershaw columns
are typically 1 to 2 inches in diameter and can be assembled
with almost any number of sieve plates, which contain 0.035-
to 0.043-inch holes with a hole area of approximately 10%.
A detailed study by Fair, Null, and Bolles [23] presents the
overall tray efficiencies of Oldershaw columns operated over
a pressure range of 3 to 165 psia. The data are in conservative
agreement with data obtained from sieve-tray, pilot-plant,
and industrial-size columns ranging in size from 1.5 to 4 ft
in diameter, when operated in the range of 40% to 90% of
flooding, as described in §6.6. It may be assumed that similar
agreement might be realized for absorption and stripping.
The small-diameter Oldershaw column achieves essentially
complete mixing of the liquid on each tray, thus permitting

A
/@:

Downcomer —_|

Perforated
plate

Column wall —

Figure 6.24 Oldershaw column.

the measurement of a Murphree vapor-point efficiency, Ey,
from (6-51). Somewhat larger efficiencies may be observed
in much-larger-diameter columns, due to incomplete liquid
mixing, as described in §6.5.4, resulting in a higher Murphree
tray efficiency, Ej;,, and, therefore, higher overall plate
efficiency, E,,.

Fair et al. [23] recommend a scale-up procedure using data
from an Oldershaw column: (1) Determine the flooding point,
as described in §6.6. (2) Establish operation at about 60% of
flooding. (3) Run the system to find a combination of plates
and flow rates that gives the desired degree of separation.
(4) Assume the commercial column will require the same
number of plates for the same ratio of L to V.

If reliable vapor—liquid equilibrium data are available, they
can be used with the Oldershaw data to determine the overall
column efficiency, E,. Then (6-56) and Figure 6.23 are used
to estimate the average point efficiency. For commercial-size
columns, the Murphree vapor efficiency can be determined
from the Oldershaw column point efficiency, using Figure 6.23,
which corrects for incomplete liquid mixing. In general, the
tray efficiency of commercial columns is higher than for the
Oldershaw column at the same percentage of flooding.

EXAMPLE 6.7 Murphree Efficiencies.

Assume that the absorber column diameter from Example 6.1 is 3 ft.
If the overall stage efficiency, E , is 30% for the absorption of ethyl
alcohol, estimate the average Murphree vapor efficiency, E,,,,, and
the possible range of the Murphree vapor-point efficiency, £, .

Solution

For Example 6.1, the system is dilute in ethyl alcohol, the main
component undergoing mass transfer. Therefore, the equilibrium and
operating lines are essentially straight, and (6-56) is applied. From
the data of Example 6.1, A= KV/L =0.57(180)/151.5 = 0.68.
Solving (6-56) for E,,,,, using E, = 0.30, gives

Eyy = (Mo —1) /(A —1)= (068" — 1) /(0.68 — 1) = 0.34

For a 3-ft-diameter column, the degree of liquid mixing is probably
between complete mixing and plug flow. From (6-52) for the former
case, E,, = E,;;, = 0.34. From a rearrangement of (6-53a) for the
latter case, E,, = In (l + MMV) /A =1In[1 + 0.68(0.34)] /0.68 =
0.31. Therefore, E,,, lies in the range of 31% to 34%. The differences
between E , E,,,,, and E,,, for this example are quite small.

§6.5.6 Column Height

The number of trays, N,, and the tray spacing determine the
height of a column between the top tray and bottom tray. The
total column height is estimated by adding another 4 ft above
the top tray for removal of entrained liquid and 10 ft below
the bottom tray for bottoms liquid surge capacity. If the height
is greater than 250 ft, two or more columns arranged in series
may be preferable to a single column. However, a column at
the Shell Chemical Company complex in Deer Park, Texas,
stands 338 ft tall [Chem. Eng., 84 (26), 84 (1977)].
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§6.6 FLOODING, COLUMN DIAMETER, AND
TRAY LAYOUT FOR TRAYED COLUMNS

When trays are designed properly: (1) Vapor flows only up
through the open regions of the tray outside the downcomers.
(2) Liquid flows from tray to tray only through downcomers.
(3) Liquid neither weeps through the tray perforations nor
is carried by the vapor as entrainment to the tray above.
(4) Vapor is neither carried (occluded) downward by the
liquid in the downcomer nor allowed to bubble up through the
liquid in the downcomer. Tray layout design determines tray
diameter and division of total tray cross-sectional area, Ay,
into bubbling area, A,, and liquid downcomer area, A, both
from the tray above and to the tray below. In Figure 6.20a,
the downcomer area, A;, from the tray above is bounded
by dashed lines and the column perimeter. The downcomer
area, A,, to the tray below is shaded grey and bounded by
solid lines and the column perimeter. Tray bubbling area, A,
lies between these downcomer areas, and arrows in the tray
bubbling area show the direction of liquid flow. When the
tray layout is fixed, the vapor pressure drop and mass-transfer
coefficients can be estimated.

§6.6.1 Flooding and Tray Diameter

Figure 6.25 is a representative plot showing the stable oper-
ating limits for a sieve-tray column in terms of vapor and
liquid flow rates. Four limits are shown: (1) excessive liquid
entrainment at low liquid rates, (2) entrainment (jet) flood-
ing at high vapor rates, (3) downcomer (choke) flooding at
high liquid rates, and (4) weeping of liquid to the tray below at
low vapor rates. As the vapor rate decreases, weeping becomes
excessive until all of the liquid on the tray dumps onto the
tray below. Entrainment flooding results in a spray, as shown
in Figure 6.4a, at low liquid rates, but it progresses to a froth,
as shown in Figure 6.4b, as the liquid rate is increased. In the
absence of significant entrainment, downcomer flooding takes
place at high liquid rates when liquid backup occurs, because
the downcomer cross-sectional area, A ;, cannot accommodate
the liquid flow. When the aerated liquid backup exceeds the
tray spacing, flooding occurs. Typically, downcomer flooding
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Figure 6.25 Limits of stable operation in a trayed tower.
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Figure 6.26 Forces acting on a suspended liquid droplet.

is only critical at high pressures, and it rarely dominates if
the downcomer cross-sectional area is at least 10% of total
column cross-sectional area and if tray spacing is at least
24 inches. The usual design limit is entrainment flooding, par-
ticularly at low to moderate pressures. Entrainment flooding
is caused by excessive carry-up of liquid, at the molar rate e,
by vapor entrainment to the tray above. At incipient flooding,
(e+L)>> L and the downcomer cross-sectional area is
inadequate for the excessive liquid load (e + L). Entrainment
recycles liquid upward, increasing the downcomer load and
eventually causing column flooding. Entrainment rate, e,
should be kept below 10% of L.

For well-designed trays, column diameter is determined by
entrainment flooding by the carry-up of suspended droplets
by rising vapor or the throw-up of liquid by vapor jets at tray
perforations, valves, or bubble-cap slots. Souders and Brown
[24] correlated entrainment flooding data by assuming that the
carry-up of droplets controls entrainment. At low vapor veloc-
ity, a droplet settles out; at high vapor velocity, it is entrained.
Atincipient vapor entrainment velocity (flooding velocity), uy,
the droplet is suspended such that the vector sum of the gravi-
tational, buoyant, and drag forces, F, shown in Figure 6.26, is
zero. Thus,

2F=0=Fg—Fb—Fd (6-57)

Each term on the RHS of (6-57) can be written in terms of
droplet diameter, d,, as shown in Figure 6.26:
nd’ nd> nd3\ u?

PL<6P>8_PV< 6P>g—CD<4p> Efpv=0 (6-58)

where Cj, is the drag coefficient. Solving (6-58) for the flood-
ing velocity yields

1/2 1/2
w = 4d,g PL— Py
/ 3Cp Py

Souders and Brown simplified (6-59) to

3 172
Py

(6-59)

(6-60)
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where the parameter, C, in ft/s is determined from flooding
data for commercial-size columns, rather than from measuring
droplet diameters at flooding. Existing entrainment flooding
data covered column pressure from 10 mm Hg to 465 psia,
plate spacing from 12 to 30 inches, and liquid surface tension
from 9 to 60 dyne/cm. Parameter C increases with surface
tension, which increases with dp. Surface tension influences C
because it is a measure of the energy required to break liquid
into droplets. Parameter C also increases with tray spacing,
because greater spacing allows more time for droplets to
agglomerate to a larger d,,, which increases settling rate.

Fair [25] improved the Souders—Brown correlation to
produce the general correlation of Figure 6.27, which is
applicable to commercial columns with bubble-cap and sieve
trays. Fair uses a flooding velocity based on a net vapor flow
area, A,. For a single-pass tray, such as the one shown in
Figure 6.21, the net vapor flow area between trays is equal
to the total inside column cross-sectional area minus the
cross-sectional area blocked by one downcomer; in other
words, A — A,. The flooding-factor parameter, C, in units of
ft/s, in Figure 6.27 depends on tray spacing and the abscissa
ratio Fyy, = (LM, /VM,) (py/p;)*>, which is a kinetic-energy
ratio first used by Sherwood, Shipley, and Holloway [26] to
correlate packed-column flooding data. Note that LM; and
VM, are the mass liquid and vapor flow rates, respectively.
The value of C in (6-60) is obtained from Figure 6.27 by
correcting Cj. for surface tension, foaming tendency, and the
ratio of vapor hole area A, to tray active area A ,, according to
the empirical relationship

C=FgrFpFy Cp (6-61)

where
Fp = surface-tension factor = (¢/ 20)%2
Fp = foaming factor
Fyy =10forA,/A, >0.10 and 5(A,/A,) + 0.5
for 0.06 <A,/A, <0.1,and
o = liquid surface tension in dyne/cm
For nonfoaming systems, F'; = 1.0, but for many absorbers, it

is 0.75 or less. A, is the area open to vapor as it penetrates
the liquid on a tray. This area is the total cap slot area for
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Figure 6.27 Entrainment flooding factor of Fair in a trayed tower.
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Figure 6.28 Comparison of flooding correlation with data for valve
trays.

bubble-cap trays, the perforated area for sieve trays, and the
full valve opening through which vapor enters the tray hori-
zontally for valve trays.

Figure 6.27 estimates Cp conservatively, especially for
valve trays. This is shown in Figure 6.28, which compares
the entrainment-flooding data of Fractionation Research Inc.
(FRI) [27, 28] for a 4-ft-diameter column equipped with
Koch-Glitsch type A-1 and V-1 valve trays, at 24-inch spac-
ing, to the correlation in Figure 6.27, which is shown as a
solid line.

Column (tower) diameter, D, is based on a fraction, f, of
flooding velocity, u;, calculated from (6-60), using C from
(6-61), based on Cp from Figure 6.27. By the continuity
equation, molar vapor flow rate = design velocity (fuy) X flow
area X molar density:

V= (fud A (6-62)
\4

where A = total column cross-sectional area = tD2 /4. Com-
bining this result with (6-62) gives

D = 4V My, -
T fufn (1 —Ad/A) py

Typically, the fraction of flooding, f, is taken to be 0.80.
Oliver [29] suggests that A;/A can be estimated from F;y,
in Figure 6.27 by

(6-63)

0.1, Fpy <0.1

A -0.

Xf’: 0.1+%, 0.1 <F,, <10
0.2, Fy>1.0

Column diameter is calculated for both top and bottom
trays, with the larger of the two used for the entire column,
unless the two diameters differ appreciably, in which case the
column is swaged. Because of the need for internal access to
columns with trays, a packed column, discussed in §6.7, is
generally used if the diameter from (6-63) is less than 2 ft.

To use Figure 6.27, tray spacing must be selected. As
spacing is increased, the column height increases, but the
column diameter is reduced because higher velocities are
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tolerated. A 24-inch spacing allows for ease of maintenance,
and, as a result, it is common. A smaller spacing is desirable
for small-diameter columns with a large number of trays, and
larger spacing is used for large columns with few trays.

As shown in Figure 6.25, a minimum vapor rate exists,
below which liquid weeps through tray perforations, open-
ings, or risers instead of flowing completely across the active
area into the downcomer. Below this minimum, liquid—vapor
contact is reduced, causing tray efficiency to decline. The
ratio of vapor rate at flooding to the minimum vapor rate is
the turndown ratio, which is approximately 5 for bubble-cap
trays, 4 for valve trays, but only 2 for sieve trays. Thus, valve
trays are preferable to sieve trays for operating flexibility.

When vapor and liquid flow rates change appreciably,
column diameter, tray spacing, or hole area can be varied
to reduce column cost and ensure stable operation at high
efficiency. Tray-spacing variation is common for sieve trays
because of their low turndown ratio.

EXAMPLE 6.8 Diameter of Column for Ethanol
Absorption.

Use the Fair correlation to estimate the diameter of the ethanol
absorption column of Example 6.1. Assume a 24-inch tray spacing,
a foaming factor of 0.9, and a fraction of flooding of 0.8. The surface
tension is 70 dynes/cm.

Solution

Because tower conditions are almost the same at the top and bottom,
the column diameter is determined only at the bottom, where gas rate
is highest. From Example 6.1,

T =30°C
P =110kPa
V = 180 kmol/h
L =151.5+43.5 =155.0 kmol/h
M, =0.98(44) + 0.02(46) = 44
_ 151.5(18) +3.5(46) _

M, = =222 — 186
t 155

_PM _ (110)44)
Pv=RT T (8314)303)
p, = (0.986)(1,000) = 986 kg/m’

~ (155)(18.6)(1.92

0.5
= —Z2) =0.016
By (180)44 \ 986 )

= 1.92 kg/m’

For tray spacing = 24 inches, Figure 6.27 gives

Cp =038 ft/s,
c 0.2 70 0.2
Fg = —) =(—) = 1.285,F, = 0.
5T (20 20 85,Fp =090
Because F;, < 0.1,A,/A=0.1,and F,;, = 1.0
From (6-61),

C = 1.285(0.90)(1.0)(0.38) = 0.44 ft/s
From (6-60),

0.5
986 — 1.92) = 10 ft/s

uf=0.44< =

From (6-63), using SI units and time in seconds, the column diam-
eter is

0.5

4 (180/3,600) (44.0) =0.82m

br= (0.80)(10/3.28)(3.14)(1 — 0.1)(1.92)
=268 ft

§6.6.2 High-Performance Trays

Since the 1990s, high-performance trays have been retrofitted
and newly installed in many industrial columns. Changes
to conventional sieve and valve trays have led to capacity
increases of more than 20% of that predicted by Figure 6.27
for sieve and valve trays. Tray efficiencies have also been
increased somewhat.

As shown by Stupin and Kister [42], an ultimate super-
ficial vapor velocity, independent of tray design and tray
spacing, exists for a countercurrent-flow contactor in which
vapor velocity exceeds the settling velocity of droplets. Their
formula, based on FRI data, uses the following form of (6-60):

(6-64)

where uy . is the superficial vapor velocity in m/s, based
on the column cross-sectional area. The superficial vapor
velocity is defined as the velocity the vapor would have if it
filled the column’s cross-sectional area. The ultimate capacity
parameter, Cy ,, in m/s, is independent of the superficial
liquid velocity, Ly in m/s, below a critical value, but above
that value, it decreases with increasing Lg. Cy ), i8 given by
the smaller of C; and C,, both of which are in m/s:

(&

0.25
C, = 0.445(1 —F)< > —14Lg, and  (6-65)

PL = Py

0.25
C, =0.356(1 — F)< ° > (6-66)
PL — Pv

where !
F = (6-67)

172
1+1.4<7"L‘pv>
Py

pisin kg/m?, and o is the surface tension in dynes/cm.

EXAMPLE 6.9 Ultimate Superficial Vapor Velocity for
Ethanol Absorber.

For the ethanol absorber in Example 6.1, estimate the ultimate vapor
superficial velocity. Use the data from Example 6.8.

Solution

From (6.67),
1

F= = 0.0306

_ 1/2
1_'_1.4(986 1.92)
1.92
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Assume C, is smaller than C,. From (6-66),

70

0.25
0 Vo017
986—1.92) OISy

C, =0.356(1 — 0.0306)(
From (6-64),

986 — 1.92

1/2
= ) =4.03m/s = 13.22 ft/s

Now, check to see if C, is smaller than C,. To apply (6-65) for C,, the
value of Ly is required. This is related to the value of the superficial
vapor velocity, u,,, as follows:

_, PvIM, - (1.92)(155)(18.6)
STV, VM, Y (986)(180) (44.0)

= 0.000709 u,

With this expression for Lg, (6-65) becomes

70
986 — 1.92
= 0.223 — 0.000993 u,, m/s

0.25
C, = 0.445(1 — 0.0306)( ) — 1.4(0.0007.9)u,

If C, is the smaller, then, using (6-64),

_ 12
1y = (0.223 = 0.000993 uV’ul‘)<w)

= 5.05 = 0.0225 uy

Solving with uy, , = 4.94 m/s yields C; = 0.223 — 0.000993(4.94)
= 0.218 m/s. Thus, C, is the smaller value, and uy, ,, = 4.03 m/s =
13.22 ft/s. This ultimate velocity is 32% higher than the flooding
velocity computed by the Fair correlation in Example 6.8.

§6.6.3 Tray Layout

When the tray diameter is known, the tray layout can be
created. The layout consists of the selection of tray type (sieve
or valve); the number of liquid passes across the tray, as illus-
trated in Figure 6.20; the tray spacing; the downcomer area;
the downcomer weir height at the top; and the downcomer
clearance at the bottom. These parameters are determined so
as to keep both weeping and entrainment below 10% of the lig-
uid flow rate. Equivalent clear-liquid height in the downcomer
should not exceed 50% of the tray spacing at low to moderate
pressures and should be less than 35% at high pressures. Tray
pressure drop should be approximately 0.05 psi (0.35 kPa)
for vacuum operation and no more than 0.15 psi (1.07 kPa)
at high pressures. Weir loading should not be greater than
8 gpm/inch of weir length. For sieve trays, the percent hole
area and hole diameter must be selected. For valve trays, the
type of valve and valve spacing are needed. Preliminary tray
layout calculations are best made with a process simulator, as
described in the following example. Final design layouts are
best carried out in cooperation with tray vendors.

EXAMPLE 6.10 Tray Layout for Ethanol
Absorber.

Use the CHEMCAD simulator to design a tray for the ethanol
absorber in Example 6.8.

Solution

Because only a small amount of ethanol is absorbed, all trays in the
column have close to the same loadings and compositions of vapor
and liquid. The following tray specifications are used with the flow
rates and compositions given in Example 6.8.

Input Data:

Tray type: Koch-Glitch A valve Flexitray (formerly Glitsch
V-1 ballast tray)

Tray spacing: 24 inches

% Entrainment flooding: 70%

% Hole area (based on tray active area): 15%

Simulation Results:

Weir height: 2.0 inches

Downcomer clearance height at bottom: 1.75 inches
The following results are obtained:
Tower diameter: 36 inches

No. of liquid passes: 1

Weir length: 18.3 inches

Liquid flow path length: 31 inches
Downcomer area: 31 in

% Active area: 93.9%

Number of A valves: 78

Tray pressure drop: 0.158 psi (1.09 kPa)
Downcomer backup: 6.7 inches

Weir loading: 0.65 gpm/inch

§6.7 RATE-BASED METHOD FOR
PACKED COLUMNS

Packed columns are continuous, differential-contacting
devices that do not have physically distinguishable, discrete
stages. Thus, packed columns are better described by mass-
transfer models than by equilibrium-stage concepts. However,
in practice, packed-tower performance is often presented on
the basis of equivalent equilibrium stages using a packed-
height equivalent to a theoretical stage, the HETP or HETS,
and defined by the equation

HETP — pellcked helght. . _lr
number of equivalent equilibrium stages N,
(6-68)

The HETP concept has no theoretical basis. Accordingly,
although HETP values can be related to mass-transfer coef-
ficients, such values are best obtained by back-calculation
from (6-68), using experimental data. To illustrate the HETP
concept, consider Example 6.1, which involves the recovery of
ethyl alcohol from a CO,-rich vapor by absorption with water.
From Example 6.2, the required N, is 6.46. If experience
shows that the use of 1.5-inch metal Pall rings will produce an
average HETP of 2.25 ft, then the packed height from (6-68) is
l; = (HETP)N, = 2.25(6.46) = 13.7 ft. If metal Intalox IMTP
#40 random packing has an HETP = 2.0 ft, then [, = 12.9 ft.
With Mellapak 250Y sheet-metal structured packing, the
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HETP might be 1.2 ft, giving I/ = 7.75 ft. Usually, the lower
the HETP, the more expensive and complex the packing.

It is preferable to determine the packed height from theo-
retically based methods involving mass-transfer coefficients.
Consider the countercurrent-flow packed columns of packed
height /; shown in Figure 6.29. For packed absorbers and strip-
pers, operating-line equations analogous to those in §6.3.2 can
be derived. Thus, for the absorber in Figure 6.29a, a molar
material balance for the solute, around the upper envelope of

packed height, /, gives
xinLin + yVl = .XL[ + youtvout (6'69)

or, solving for y, assuming dilute solutions such that V, =

Vi = Vout = Vand Ll = Lin = Lout =L,
L L
y=x(3)+vou= () (6-70)
Similarly, for the stripper in Figure 6.29b,
L L
y:x(v>+yin—xout(v) (6-71)

In (6-69) to (6-71), mole fractions y and x represent bulk
compositions of the gas and liquid in contact at any vertical
location in the packing. For the case of absorption, with solute
mass transfer from the gas to the liquid stream, the two-film
theory of Chapter 3, illustrated in Figure 6.30, applies. A con-
centration gradient exists in each thin film. At the interface
between the two phases, physical equilibrium exists. Thus, as
with trayed towers, an operating line and an equilibrium line
are of great importance for packed towers.

For a given problem specification, the location of the two
lines is independent of whether the tower is trayed or packed.
Thus, the method for determining the minimum absorbent lig-
uid or stripping vapor flow rates in a packed column is identical
to that for trayed towers, as presented in §6.3 and illustrated in
Figure 6.10.

The rate of mass transfer for absorption or stripping can
be expressed in terms of mass-transfer coefficients for each
phase. Coefficients, k, based on a unit area for mass transfer
could be used, but the area for interfacial mass transfer in a
packed bed is difficult to determine. Accordingly, as with mass

L

out

Xout Yout

(a) (b)

Figure 6.29 Packed columns with countercurrent flow:
(a) absorber; (b) stripper.

§6.7 Rate-Based Method for Packed Columns 165
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Figure 6.30 Interface properties in terms of bulk properties.

transfer in the froth of a trayed tower, it is common to use
volumetric mass-transfer coefficients, ka, where the vari-
able a represents the interfacial area for mass transfer between
phases per unit volume of packed bed. At steady state, in the
absence of chemical reactions, the rate of solute mass trans-
fer through the gas-phase film must equal the rate through the
liquid film. If the system is dilute in solute, unimolecular diffu-
sion (UMD) is approximated by the equations for equimolar
counter-diffusion (EMD) discussed in Chapter 3. The solute
mass-transfer rate per unit volume of packed bed, r, is written
in terms of mole-fraction driving forces in each phase (or in
terms of a partial-pressure driving force in the gas phase and
a concentration driving force in the liquid), as in Figure 6.30.
Using mole fractions for absorption, with the subscript I to
denote the phase interface, the solute mass-transfer rate is

r=kya(y — y) = ka(x; — x) (6-72)

where kya is the volumetric mass-transfer coefficient for the
gas phase and k a is the volumetric mass-transfer coefficient
for the liquid phase. It is assumed that the interface offers
no resistance to mass transfer. Thus, at the interface, phase
equilibrium exists between y; and x;. The composition at the
interface depends on the ratio k.a/k,a because (6-72) can be
rearranged to form

yon o _ka (6-73)
X =Xy kya

Thus, as shown in Figure 6.31, a straight line of slope
—k.a/ kya, drawn from the operating line at the bulk compo-
sition point (y, x), intersects the equilibrium curve at (yp, xy).
The slope —k,a/ kya determines the relative resistances of
the two phases to mass transfer. In Figure 6.31, the distance
AE is the gas-phase driving force (y — y;), while AF is the
liquid-phase driving force (x; — x). If the resistance in the gas
phase is very low, y; is approximately equal to y. Then, the
resistance resides entirely in the liquid phase. This occurs in
the absorption of a slightly soluble solute in the liquid phase
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Mole fraction of solute in gas, y

Mole fraction of solute in liquid, x

Figure 6.31 Interface composition in terms of the ratio of
mass-transfer coefficients.

(a solute with a high K-value, e.g., CO,) and is referred to as a
liquid-film controlling process. Alternatively, if the resistance
in the liquid phase is very low, x; is nearly equal to x. This
occurs in the absorption of a very soluble solute in the liquid
phase (a solute with a low K-value, e.g., NH;) and is referred
to as a gas-film controlling process. It is important to know
which of the two resistances is controlling, so that its rate of
mass transfer can be increased by promoting turbulence and/or
increasing the dispersion of the controlling phase.

The composition at the interface between two phases is
difficult to measure, so overall volumetric mass-transfer coef-
ficients are defined in terms of overall driving forces between
the two phases. Using mole fractions,

r=Kya(y -y*) = K,a(x" - x) (6-74)

where K a and K, a are the overall volumetric mass-transfer
coefficients, and, as shown in Figure 6.31 and previously
discussed in §3.7, y* is the fictitious vapor mole fraction in
equilibrium with the bulk liquid mole fraction, x, and x* is
the fictitious liquid mole fraction in equilibrium with the bulk
vapor mole fraction, y. By combining (6-72) to (6-74), overall
coefficients can be expressed in terms of separate phase
coefficients:

L1 1 (ny
— =+ — | 6-75
K ko * k.a < Xp—Xx > ( )
and 1 _ + 1 (X =x 6-76
Ka ka ka\y-—y ( )

In Figure 6.31, for dilute solutions, when the equilibrium
curve is a nearly straight line through the origin,

-y _ED
Al = =K 6-77
xy—x BE ( )
* _
and Vion _ CF_1 (6-78)

y-y FB K
where K is the K-value for the solute. Combining (6-75) with
(6-77), and (6-76) with (6-78), gives

1 1

— = (6-79)
Kya kya

LS
k.a

and ! ! {
—_— = — 6-80
Ka ka + Kkya ( )

Column packed height is determined from the overall
gas-phase coefficient, K,a, when the liquid has a strong
affinity for the solute, so that the resistance to mass transfer is
mostly in the gas phase. This is analogous to a trayed tower,
for which the tray-efficiency analysis is commonly based on
Kpga or Nyg. In the countercurrent-flow absorption column
in Figure 6.32 for a dilute system, a differential material
balance for a solute being absorbed in a differential height of
packing dl gives

=Vdy = Kya(y —y")Azdl (6-81)

where A is the inside cross-sectional area of the tower. In
integral form, with nearly constant factors placed outside the
integral, (6-81) becomes

KaA; [ K, aA;l Vin
\a T/ dl:sz i* (6-82)
4 0 4 Yout y=-y
Solving for the packed height,
V Yin dy
Ir = / (6-83)
! KyaAT Yout y= y*

Chilton and Colburn [43] suggested that the RHS of (6-83) be
written as the product of two terms:

(6-84)
where \%
H,- = 6-85
06 KaAr ( )
d Yin
o Nog = / b (6-86)
Yout y- y*

Comparing (6-84) to (6-68) shows that H,; is analogous to
HETP, just as N,; is analogous to N,.

H,; is the overall height of a (gas) transfer unit (HTU).
Experimental data show that HTU varies less with V than does

Vout Lin
Yout Xin

Cross-sectional
area, A,

T

y+dy x+dx I

Vin Loul
Yin Xout

Figure 6.32 Differential contact in a countercurrent-flow, packed
absorption column.
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Kya. The smaller the HTU, the more efficient the contacting.
Ny is the overall number of (gas) transfer units (NTU). It
represents the overall change in solute mole fraction divided
by the average mole-fraction driving force. The larger the
NTU, the greater the time or area of contact required.

Equation (6-86) was integrated by Colburn [44], who used
a linear equilibrium, y*= Kx, to eliminate y* and a linear,
solute material-balance operating line, (6-70), to eliminate
x, yielding

/yln dy _ /ym dy

R vou L= KV/L)y + yo(KV/L) = K x;,
(6-87)

Letting L/(KV) = A4, the absorption factor, and integrating

(6-87) gives
— ln{ [(’4_ 1)/’4] [(yin - Kxin)I(yout -K

xi)| + (1/A4)}

0¢ (A - 1)/A4
(6-88)

Using (6-88) and (6-85), the packed height, I, can be
determined from (6-84). However, (6-88) is a very sensitive
calculation when # < 0.9.

Table 6.5 Alternative Mass-Transfer Coefficient Groupings

§6.7 Rate-Based Method for Packed Columns 167

NTU (Ny) and HTU (H ;) are not equal to the number
of equilibrium stages, N,, and HETP, respectively, unless
the operating and equilibrium lines are straight and parallel.
Otherwise, NTU is greater than or less than »,, as shown in
Figure 6.33, for the case of absorption. When the operating
and equilibrium lines are straight but not parallel,

~ In(1/4) ]
HETP = Hog ™ (6-89)
and ln(l In(1/A4)
Nog =N, 6-90
Sy (6-90)

Although most applications of HTU and NTU are based on
(6-84) to (6-86) and (6-88), alternative groupings have been
used, depending on the driving force for mass transfer and
whether the resistance to mass transfer is mostly in the gas
or the liquid to which H,; and N,; apply. These groupings
are summarized in Table 6.5. This table includes driving forces
based on partial pressures, p; mole ratios, X, Y; concentrations,
¢; and mole fractions, x, y. For later reference, Table 6.5 also
provides groupings for UMD when solute concentration is not
dilute.

Height of a Transfer Unit, HTU

Number of a Transfer Unit, NTU

EM Diffusion® EM Diffusion
or Dilute or Dilute
Driving Force Symbol UM Diffusion UM Diftusion Symbol UM Diffusion UM Diffusion
\% \% dy (1 = y) mdy
1. (y —y*) H - N, / — M-
o K,aS Kla(l = y); S o6 o=y (I =»0-y)
% % dp P = p)mdy
2.(p—p*) H B e E— N, — M
w=r e KogaPs Kopga(l = y) S o6 p-p" (P=p)Xp—-p*)
%4 Va dy dy
3.Y-Y* H N,
( ) 0G K,aS K,aS 06 (Y =Y*) Y =YY%
\% \% dy (1- )’)LMdy
4.0y —yp H e T N, / i
! ¢ k,aS Ka(l = VS G G- TS
\% % dp (P —P)LMdp
5.(p —pp H T S N, — M=
' ¢ kgaP$ ka(P = p) S ¢ ) P —p)p—p)
L L dx (1- x)LM
6. (x* — H - N,
o =) oL K.aS Kla(l —x), S oL @ —x) / (1 -0 —x)
7.(c"=¢) Hy, L ] L Ny, / (b /M, = Oy
La(p,/M;)S Koralp, /My — Oy mS (c*=o¢) (p./M; —o)(c* =)
L L dx 1706
8. (X*—-X H N,
( ) oL KyaS KaS oL X* = X) X* = X)
9. (- x) H, L L N, dx / (1 = x) ydx
k.aS ka(l —x) S (o —x) (I =X —x)
10. (¢; —¢) H, L ,; N, (pL/M), = ©) mdc
kpa(p, /M)S kpa(p, /M, = o) S (CI - C) (p./M;, = c)e; = C)

4 The substitution K|, = K;yBLM or its equivalent can be made.
“In columns 3 and 4 of the table, S = A,
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(a)
Figure 6.33 Relationship between NTU and the number of theoretical stages N,: (a) NTU = N,; (b) NTU > N,; (c) NTU < N,.

In the above development, gas and liquid mass-transfer
coefficients are based on a mole-fraction driving force. How-
ever, other driving forces are often used for packed columns,
including partial pressure and mole ratio for a gas, and con-
centration and mole ratio for a liquid. In those cases, (6-72)
for the rate of component mass transfer, r, in moles per unit
time per volume of packed bed, is written in terms of these
other driving forces as

r= kya(y =) = kgalp — pp) = ky(Y = Yy)
for the gas phase, and
r=kualx;—x) =kpalc; — ¢) = ky(X; — X)

for the liquid phase.

Occasionally, a concentration driving force is also used for the
gas phase, with the same k; symbol. When a concentration
driving force is used for either the gas or the liquid, the units
for the mass-transfer coefficient are length per unit time.

It is frequently necessary to convert a mass-transfer coef-
ficient based on one driving force to another coefficient based
on a different driving force. Table 3.12 provides the rela-
tionships among the different coefficients. A partial-pressure
driving force is common for the gas phase, with k; being the
symbol for the mass-transfer coefficient. A molar concentra-
tion driving force is common for the liquid phase, with k;
being the symbol for the mass-transfer coefficient.

In the three examples that follow, the first and second
demonstrate processes for which the gas phase resistance is
dominant, and the third deals with a system for which both
gas and liquid resistances exist.

EXAMPLE 6.11 Height of an Ethanol Absorber.

Repeat Example 6.1 for a tower packed with 1.5-inch metal Pall rings.
If H,; = 2.0 ft, compute the required packed height.

Solution

From Example 6.1, V =180 kmol/h, L= 151.5kmol/h, y, =
0.020, x;, = 0.0, and K = 0.57. For 97% recovery of ethyl alcohol
by material balance,

(0.03)(0.02)(180)

= = 0.000612
ou = 180 — (0.97)(0.02)(180)
L __Bls .y,
KV~ (0.57)(180)
Y o 0020 _ 5 6o

You  0.000612

From (6-88),

_ In{[(1.477 — 1)/1.4771(32.68) + (1/1.477)}
- (1.477 — 1)/1.477

= 7.5 transfer units

NOG

The packed height, from (6-84), is [, = 2.0(7.5) = 15 ft. N, was
determined in Example 6.1 to be 6.1. The 7.5 for N, is greater than
N, because the operating-line slope, L/V, is greater than the slope of
the equilibrium line, K, so that Figure 6.33b applies.

EXAMPLE 6.12 Absorption of SO, in a Packed Column.

Air containing 1.6% SO, by volume is scrubbed with pure water
in a packed column that is 1.5 m? in cross-sectional area and 3.5 m
in packed height. Entering gas and liquid flow rates are 0.062 and
2.2 kmol/s, respectively. If the outlet mole fraction of SO, in the gas
is 0.004 and the column temperature is near-ambient, with Ko, =
40, calculate (a) N,,; for the absorption of SO,, (b) H,; in meters,
and (c) K, a for SO, in kmol/m3-s-(Ay).

Solution

(a) The operating line is straight because the system is dilute in SO,.

L 22

= = = =2 _089
KV ~ (40)(0.062)
¥y, = 0016, y,, =0.004, x, =00

From (6-88), we know that

_ In{[(0.89 — 1)/0.89](0.016,/0.004) + (1/0.89)}
B (0.89 — 1)/0.89

NOG
=3.75

(b) I, = 3.5 m. From (6-84), H,,, = /N, = 3.5/3.75 = 0.93 m.

(¢) V =0.062kmol/s, A; = 1.5 m*. From (6-85), K.a = V/H,;A;
= 0.062/[(0.93)(1.5)] = 0.044 kmol/m?3-s-(Ay).

EXAMPLE 6.13 Absorption of Ethylene Oxide.

A gaseous reactor effluent of 2 mol% ethylene oxide in an inert gas
is scrubbed with water at 30°C and 20 atm. The gas feed rate is
2,500 Ibmol/h, and the entering water rate is 3,500 lbmol/h. The
column diameter is 4 ft, and the column is packed in two 12-ft-high
sections with 1.5-inch metal Pall rings. A liquid redistributor is
located between the packed sections. At column conditions, the
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K-value for ethylene oxide is 0.85, and the estimated values of kya

and k_a are 200 Ibmol /h-ft*-Ay and 165 Ibmol/h-ft*-Ax. Calculate:
(a) K.a and (b) H ;.

Solution
(a) From (6-79),

1 1
Ka=4 Jk,a@) + (K/k,a) — (1/200) + (0.85/165)

= 98.5 Ibmol /h-ft*-Ay

(b) A, =3.14(4)%/4 = 12.6 ft?

From (6-85), Hy; = V/K aA; = 2,500/[(98.5)(12.6)] = 2.02 ft.
In this example, both gas- and liquid-phase resistances are impor-
tant. The value of H ,; can also be computed from values of H
and H, , using equations in Table 6.5:

Hg =V/kaA; =2500/[(200)(12.6)] = 1.0 ft, and

H, =L/k.aA; =3,500/[(165)(12.6)] = 1.68ft
Substituting these two expressions and (6-85) into (6-79) yields
the following relationship for H,,; in terms of H; and H, :

Hog =Hg =H, /4

#=L/KV =3,500/[(0.85)(2,500)] = 1.65, and
H,; =10 +168/1.65=2.02 ft

(6-91)

§6.8 PACKED-COLUMN LIQUID HOLDUP,
DIAMETER, FLOODING, PRESSURE DROP,
AND MASS-TRANSFER EFFICIENCY

The values of volumetric mass-transfer coefficients and HTUs
depend on gas and liquid velocities. These, in turn, depend on
gas and liquid flow rates and column diameter. The estimation
of column diameter for a given system, packing, and oper-
ating conditions requires the consideration of liquid holdup,
loading, flooding, and pressure drop. In this section, the corre-
lations for these characteristics stem from the extensive work
of Billet and co-workers [35, 37, 38, 39, 45, 47]. In their cor-
relations, the symbol a is the specific packing area (packing
surface area per unit volume of packed bed) and not the area
for interfacial mass transfer between phases per unit volume of
packed bed used in §6.7, as defined in (6-72). Instead, in this
section, Billet and co-workers use the symbol Appy for interfa-
cial mass transfer area.

§6.8.1 Liquid Holdup

Figures 6.34 and 6.35 present data taken from Billet [45], and
shown by Stichlmair, Bravo, and Fair [46], for pressure drop
in the packed bed of an air-water system at 20°C and 1 bar.
The 1.5-m-high column is 0.15 m in diameter and packed
with 25-mm metal Bialecki rings (similar to Pall rings in
Figure 6.7). Figure 6.34 is a plot of specific pressure drop
(pressure drop per unit height), AP/I, in meters of water per
meters of packed height versus the superficial gas velocity,

0.3 T T |
0.2 — u; =80 m/h ]
% 0.1 —
g'g - € =0.94 .
S 0.06 |- D;=015m ]
(]
£2 oo0al lp=15m  _|
w @©
w o
o 5 Air/water
o
:_jg 0.02 P =1 bar —
R T =20°C
26
w3 | |
c 0.01 B ]
0.006 |~ —
0.004 — —]
0.003
0.2 04 0.6 1.0 2 4

Superficial gas velocity, uy, m/s

Figure 6.34 Specific pressure drop for dry and irrigated 25-mm
metal Bialecki rings.

[From R. Billet, Packed Column Analysis and Design, Ruhr-University
Bochum (1989) with permission.]

-1
3x10 LN L N L DO B
) Flooding line ~~ n
Loading line
E 80 S M ]
(\E 60 N
—1 |
£ x0 s £=094 ]
lg 8 X 4 () =X X_V'\ D, =0.15m |
2 6 _ N Ip=15m—|
= 20 = —X ]
El 4 \ Air/water _|
= 10 o P =1bar
O —
£ 3 \ T =20°C
3 |
& 2¢— 1, =5m/h
28 S //
1%1072 L T N B I 1
0.1 0.2 04 060810 15 2 3

Superficial gas velocity, uy, m/s

Figure 6.35 Specific liquid holdup for irrigated 25-mm metal
Bialecki rings.

[From R. Billet, Packed Column Analysis and Design, Ruhr-University
Bochum (1989) with permission.]

uy, in m/s, with a parameter of superficial liquid velocity,
u;, in m/h. Superficial velocity is a term applied to flows
in towers, pipes, ducts, and similar structures that may not
contain obstructions such as packings. It is the velocity that
one of the phases would have if it were the only one flowing
and if there were no obstructions (e.g., packing) for a given
cross-sectional area. The superficial velocity of a phase is
equal to the phase volumetric flow rate divided by the cross-
sectional area.

EXAMPLE 6.14 Superficial Velocities in a Packed Bed.

Calculate the superficial liquid and gas velocities for ethanol absorp-
tion from CO, into water, as described in Example 6.2, assuming
the use of a 3-ft-diameter column packed with 50-mm ceramic Pall
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rings. Use a process simulator to obtain molecular weights and
densities.

Solution

The calculations apply at the top of the packed column.
From Example 6.2, we determine the following values:

L =149 kmol/h,V = 180 — 3.5 + 5.7 = 182.2 kmol/h
Molecular weights: M; = 18.02, M, = 43.2

Densities at column conditions: p, = 995 kg/m?,
py = 1.919 kg/m’

Volumetric flow rates: O, = 149(18.02)/995 = 2.70 m?/h,

Q, = 182.2(43.2)/1.919 = 4,100 m*/h = 1.14 m*/s

Column inside cross-sectional area = 3.14(3)%/4 = A,
= 7.065 ft* = 0.656 m’

Superficial velocities: u, = Q, /A; = 2.70/0.656 = 4.12 m/h,
u, =Q,/A; =1.14/0.656 = 1.74 m/s

The actual velocities are much higher because the ceramic Pall rings
occupy approximately 25% of the bed volume and both the liquid and
vapor are flowing through the column. A method discussed below for
estimating the liquid holdup in the column allows the actual velocities
to be calculated.

In Figure 6.34, the lowest curve corresponds to zero liquid
flow. Over a 10-fold range of superficial air velocity, pressure
drop is proportional to velocity to the 1.86 power. At increas-
ing liquid flows, the gas-phase pressure drop for a given
velocity increases. Below a limiting gas velocity, the curve
for each liquid velocity is a straight line parallel to the dry
pressure-drop curve. In this region, the specific liquid holdup
(liquid holdup per unit volume of bed) in the packing for a
given liquid velocity remains constant, as seen in Figure 6.35.
For a liquid velocity of 40 m/h, the specific liquid holdup is
0.08 m3/m? of packed bed (8% of the packed volume is lig-
uid), until a superficial gas velocity of 1.0 m/s is reached. The
packing of 25-mm metal Bialecki rings has a packed-column
void fraction, €, of 0.94 (i.e., the rings occupy only 6% of
the packed volume). With a liquid holdup of 8%, the volume
available for gas flow is 100 — 6 — 8 = 0.86 or 86% of the
packed bed volume. From Figure 6.35, as the superficial water
velocity is increased from 0 to 40 m/h at a constant superficial
gas velocity of 1.0 m/s, the specific gas pressure drop rises
from 0.0155 to 0.031 m water/m packed height.

The upper superficial gas velocity limit for a constant liquid
holdup is the loading point. Below this point, the gas phase is
the continuous phase, and liquid trickles down over the sur-
face of the packing, without being influenced by the gas flow.
The liquid holdup depends only on the liquid flow. Above the
loading point, gas begins to hinder the downward flow of lig-
uid, and liquid holdup begins to load the bed, replacing gas
and causing a sharp pressure-drop increase. Finally, the gas
reaches a velocity at which the liquid is continuous across the

top of the packing and the column is flooded. At the flooding
point, the gas drag force is sufficient to entrain all of the liquid.
Both loading and flooding lines are shown as dashed lines in
Figure 6.35.

In the loading region, column operation is unstable. Typ-
ically, the superficial gas velocity at the loading point is
approximately 70% of that at the flooding point. Although a
packed column can operate in the loading region, a packed
column is best designed for operation at or below the loading
point, in the preloading region.

A dimensionless expression for specific liquid holdup,
h;, in the preloading region was developed by Billet and
Schultes [39, 45], using a database of over 3,500 data points
for more than 50 test systems and over 70 types of random
and structured packings. The liquid holdup depends on pack-
ing characteristics, as well as liquid viscosity, density, and
superficial velocity. It does not depend on the superficial gas
velocity, and it can be expressed as

(6-92)

where

inertial force _ u; p;
viscous force  ap,

Nge, = liquid Reynolds number =

(6-93)
. . 2
Np;, = liquid Froude number = 1n'ert1'al force = a
L gravitational force g
(6-94)

and the ratio of the specific hydraulic area of the packing
(hydraulic area per unit volume of packed bed), a,,, to the
specific surface area of the packing (area per unit volume of
packed bed), a, is given by

ap/a = C,NR Nyl for Nge,< 5,and  (6-95)
ap/a =085 C,NR2 Np;., for Nge,> 5 (6-96)

Values of a;,/a > 1 are possible because of droplets and jet
flow in addition to the rivulets that cover the packing sur-
face [40].

Table 6.6 lists the values of @ and C), together with pack-
ing void fraction, €, and other constants for both random and
structured packings. At low liquid velocities, liquid holdup is
low, and it is possible that some of the packing is dry, caus-
ing packing efficiency to decrease dramatically, particularly
for aqueous systems with high surface tension. For adequate
wetting, liquid distributors and redistributors must be used,
and superficial liquid velocities should exceed the following
values:

Type of Packing Material up ., m/s
Ceramic 0.00015
Oxidized or etched metal 0.0003
Bright metal 0.0009
Plastic 0.0012
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EXAMPLE 6.15 Liquid Holdup for Two Packings.

An absorber uses an oil absorbent with a kinematic viscosity, p/p,
three times that of water at 20°C. The superficial liquid veloc-
ity is 0.01 m/s, which assures good wetting. The superficial gas
velocity is in the preloading region. Two packings are considered:
(1) randomly packed metal 1.5-inch Cascade Mini-Rings (CMR) and
(2) metal Mellapak 250Y structured packing. Estimate the specific
liquid holdup for each.

Solution

From Table 6.6,
Packing a,m?/m? € @
1.5-inch CMR 174.9 0.974 0.935
Mellapak 250Y 250.0 0.970 0.554

At 20°C for water, the kinematic viscosity, p/p, is 1 X 107°m?/s.
Therefore, for the oil, pi/p = 3 X 107° m?/s. From (6-93) and (6-94),

0.01 (0.01)%a

R = 35100 " Fr 98

These equations yield the following values:

Packing Nge, Ng,,
CMR 19.1 0.00178
Mellapak 13.3 0.00255

Use (6-96) for both packings, because Nge, > 5. For the CMR,
a,/a = (0.85)(0.935)(19.1)°%(0.00178)"! = 0.882
For Mellapak,
a,/a = 0.85(0.554)(13.3)"%(0.00255)*'° = 0.495
From (6-92) for CMR,

By = (120.00178
19.1

From (6-92) for Mellapak,

1/3
) (0.882)2/3 = 0.0955 m*/m’

0.00255

1/3
hy = (12 ) (0.495)*/% = 0.0826 m’/m’

For the CMR random packing, the void fraction available for gas
flow is reduced by the liquid holdup from & = 0.974 to (0.974 —
0.0955) = 0.879 m?*/m>. For Mellapak, the reduction is from
0.970 to (0.970 — 0.0826) = 0.887 m*/m>.

§6.8.2 Pressure Drop, Flooding, and
Column Diameter

Liquid holdup, column diameter, and pressure drop in random
packed beds are closely related. The diameter must be such
that flooding is avoided and pressure drop is not excessive

[below 2 inches of water (equivalent to 0.072 psi)/ft of packed
height]. For stable operation, the preloading region is pre-
ferred, and the loading region should be avoided. Also, the
nominal packing diameter must not be greater than one-eighth
of the diameter of the column. Otherwise, poor distribution of
liquid and vapor flows can occur.

Flooding data for packed columns were first correlated by
Sherwood et al. [26], who used a liquid-to-gas kinetic-energy

ratio, 0s
= (iars) (50)
w=\yvu
1% PL

The superficial gas velocity at flooding, u,, was embedded
in a dimensionless capacity factor, (u?a/ge’), by considering
the square of the actual gas velocity, u3/e*; a hydraulic radius,
ry = ¢€/a, (i.e., the flow volume divided by the surface area of
the packing); and the gravitational constant, g. The capacity
factor was further multiplied by (py/p;)u®2. The result-
ing plot of (uya/ge’)(py/p)n vs. Fpy correlated flooding
data over two orders of magnitude of F;, for first-generation
packings.

In 1954, Leva [48] used experimental data on Raschig-ring
and Berl-saddle packings to extend the work of Sherwood et al.
[26] by adding lines of constant pressure drop. To improve
accuracy, the group a/e* was replaced by a packing factor, Fp,
which was back-calculated from experimental pressure-drop
data. The resulting chart became known as the generalized
pressure-drop correlation (GPDC). A further revision of
the correlation was published by Leva [49] in 1992. Leva’s
GPDC predicts a specific pressure drop at flooding greater
than 1.5 inches H,O/ft of packed height. However, modern
random packings are found to flood at lower pressure drops,
causing more recent GPDC charts to drop the flooding curve.
Also, predicted pressure drops with GPDC charts are not
accurate enough for structured packings.

It is now common to use two generalized pressure-drop
charts—one for random packings and one for structured pack-
ings. Two such charts from Strigle [32] and Kister and Gill
[33] are shown in Figures 6.36 and 6.37. The abscissa in both
charts is F;y, given by (6-97). The empirical ordinate in both
charts is a modified empirical capacity factor given by

0.5
Fo=u F0.5< Py ) 0:05
P b -y -

with p; and py, in the same units, uy, in ft/s, Fp in ft™!, and
the kinematic viscosity, v;, in centistokes. Values of Fp are
included in Table 6.6.

For modern random and structured packings with pack-
ing factors, Fp, between 9 and 60 ft'l, Kister and Gill [50]
show that the specific pressure drop at flooding is less than
2 inches H,O/ft, as given by the simple empirical correlation

(6-97)

(6-98)

APgooq = 0.115Fp7 (6-99)

with APy 4 in inches H,O/ft of packed height and Fp in ft™".
For packings with F» =9, at the limit of the applicability of
(6-99), the predicted specific pressure drop at flooding is only
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Figure 6.36 Generalized correlation for specific pressure drop for towers with random packing.
[Reproduced from [32] with permission from Gulf Publishing Company]
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Figure 6.37 Generalized correlation for specific pressure drop for towers with structured packing.
[Reproduced from [56] with permission from the Institution of Chemical Engineers]
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0.54 inches of H,O/ft of packing. Equation (6-99) is applica-
ble to all packings with exception of first-generation ceramic
Raschig rings and Berl saddles, which have values of APy 4 1in
inches H,O/ft ranging from 2.5 for larger sizes to 4 for smaller
sizes.

An approximate method for estimating specific pressure
drop and packed diameter for packings other than Raschig
rings and Berl saddles is as follows:

1. Select a random packing or a structured packing and
select its packing factor in Table 6.6.

2. Calculate APy, from (6-99).

3. Calculate F;, from (6-97).

4. For random packings, read F~ from Figure 6.36 for ran-
dom packings or Figure 6.37 for structured packings.

5. Calculate the superficial vapor velocity from (6-98).
This is the estimated flooding velocity, uy;.

6. Select a fraction of flooding, f, from 50 to 70% of the
estimated flooding velocity.

7. Calculate the inside diameter of the packed tower from
the following modification of (6-63):

0.5
= [ 4VMy ] (6-100)

fugmpy

8. Calculate F- using uy = fuyy, and for Fyy, read off the
specific pressure drop from Figure 6.36 or 6.37.

Theoretical models for pressure drop are presented by
Stichlmair et al. [46], who used a particle model, and Billet
and Schultes [35, 39], who used a channel model. Both extend
equations for dry-bed pressure drop to account for the effect of
liquid holdup. Billet and Schultes [39] include predictions of
superficial vapor velocity at the loading point, which is useful
for predicting column diameter for operation at the loading
point or some fraction of it. These models are included in
some of the process simulators.

EXAMPLE 6.16 Flooding, Diameter, and Pressure Drop
for an NH; Absorber.

Two hundred lbmol/h of air containing 5 mol% NH, enters a col-
umn packed with No. 2 Raschig Super Rings at 20°C and 1 atm, so
that 90% of the ammonia is scrubbed by a countercurrent flow of
15,000 1b/h of water. Estimate the superficial gas flooding velocity,
the column’s inside diameter for operation at 70% of flooding, and
the pressure drop per foot of packing.

Solution

Calculations are made for the bottom of the column, where the super-
ficial gas velocity is highest.
For the inlet gas,
M, =0.95(29) 4+ 0.05(17) = 28.4, V =200 Ibmol/h.
py =PM, /RT = (1)(28.4)/[(0.730)(293)(1.8)]

=0.0738 Ib/ft

For the exiting liquid,
NH, absorbed = 0.90(0.05)(200)(17) = 153 1b/h or 9.0 Ibmol /h
Water rate (assumed constant) = 15,000 Ib/h or 834 Ibmol/h
Mole fraction of ammonia = 9/(834 +9) = 0.0106

M, = 0.0106(17) + (0.9893)(18) = 17.9
L =9 + 834 = 8431bmol/h

From Table 6.6, F,, for No. 2 Raschig Super Rings is 15. From
(6-99), APy = 0.115F27 = 0.115(15)%7 = 0.766 inches H, O/ft of
packed height.

Letp, = 62.4 Ib/ft’,p, = 1.0 cP,and v, = 1.0 centistokes. From
(6-97),

_(843)(17.9) (0.0738

0.5
= =0.091
B 200)28.4) \ 62.4 )

From Figure 6.36 for random packings, F. = 1.28
Using (6-98),

Fe

Uyp = 0 05
FOAS ( \%4 > VO.OS
r Pr — Py t

= .28 =9.64 ft/s

1 4.90‘5< 0.0738 )0-510405

62.4 —0.0738
Assume a fraction of flooding f = 0.70. Design superficial vapor
velocity = 0.7(9.64) = 6.75 ft/s, so that

[4vm, ]O'Sz[ 4(200/3600) (28.4)

0.5
= ] =20ft
fuy mpy 0.7(9.64)(3.14)(0.0738)

From (6-100), F. is directly proportional to the superficial vapor
velocity. Therefore, F. at the design velocity = 1.28(0.7) = 0.90.
From Figure 6.36, AP = 0.60 inches H,O/ft packed height.

§6.8.3 Mass-Transfer Efficiency

Packed-column mass-transfer efficiency is characterized by
HETP, HTUs, and volumetric mass-transfer coefficients.
Although the HETP concept lacks a theoretical basis, its sim-
plicity, coupled with the relative ease of making equilibrium-
stage calculations, has made it a widely used method for
estimating packed height. In the preloading region, with good
distribution of vapor and liquid, HETP values depend mainly
on the packing type and its size, Dp, liquid viscosity, and
surface tension. For preliminary estimates, the following
relations, taken from Kister [33], can be used.

1. Pall rings and similar high-efficiency random packings
with low-viscosity liquids:
HETP, ft = 1.5Dp (in inches) (6-101)

2. Structured packings at low-to-moderate pressure with
low-viscosity liquids:
HETP, ft = 100/a (in ft¥/ft) +4/12  (6-102)
3. Absorption with viscous liquid:

HETP = 5 to 6 ft
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4. Vacuum service:

HETP, ft = 1.5D; (in inches) +0.5 (6-103)

5. High-pressure service (> 200 psia):
HETP for structured packings may be greater than pre-
dicted by (6-102).

6. Small-diameter towers, D, < 2 ft:
HETP (in ft) = Dy (in ft), but not less than 1 ft

In general, lower values of HETP are achieved with
smaller-size random packings, particularly in small-diameter
columns, as well as for through-flow random packings and
structured packings with large values of a, which is the
packing surface area per packed volume.

Vendors of tower packings often display experimental val-
ues of HETP at a constant ratio of L/V as a function of a
superficial-vapor-velocity F-factor, F'y, defined by

Fy = uy(py)®? (6-104)

where Fy, has units of (m/s)(kg/m*)%>. When liquid and
vapor flows are distributed uniformly over the tower cross
section in the preloading region, the experimental HETP data
exhibit the characteristics shown in Figure 6.38. Point B is
the loading point, below which, in the preloading region, the
HETP remains relatively constant until point A is reached,
after which maldistribution of flow causes a rapid rise in
HETP. As the loading region is entered to the right of B, the
HETP sometimes drops because of increased liquid holdup,
but it then rises rapidly as entrainment increases and flood-
ing is approached at point C. In the preloading region, the
turndown ratio corresponds to (Fy)g/(Fy)a-

Mass-transfer data for packed columns are usually corre-
lated in terms of volumetric mass-transfer coefficients and
HTUs, rather than in terms of HETPs. Because the data come
from experiments in which either the liquid- or gas-phase
mass-transfer resistance is negligible, the dominant resistance
can be correlated independently. For applications where both
resistances are important, they are added to obtain the overall

HETP
Preloading
region

FV= Uy (pv)O,S

Figure 6.38 Typical variation of HETP with gas capacity factor in
packed towers.

resistance, according to the two-film theory discussed in §3.7.
This theory assumes equilibrium at the interface of the vapor
and liquid phases (i.e., the absence of mass-transfer resistance
at the interface).

Equations (6-72) and (6-79) define the overall gas-phase
coefficient in terms of the individual volumetric mass-transfer
coefficients and the mass-transfer rates in terms of mole-
fraction driving forces and the vapor-liquid K-value. In
(6-79), the term on the LHS is the overall mass-transfer
resistance. The two terms on the RHS from left-to-right are
the gas-phase mass-transfer resistance and the liquid-phase
mass-transfer resistance, respectively Often, one of the two
phase resistances is significantly larger than the other, and the
larger resistance is the controlling one.

Mass-transfer rates can also be expressed in terms of
liquid-phase concentrations and gas-phase partial pressure:

r=kga(p — py) = kpa(c; — ¢) = Kga(p — p*)

For gas partial pressure and liquid concentration driving
forces, it is convenient to relate them by Henry’s law, (6-39),
where y; = H;x;/P. Replacing y; with p;/P and x; with
cv; = cM; /p;, and then dropping the component i subscript,
gives the modified Henry’s law,

(6-105)

p=H<ML>c=H’c (6-106)
P
At the equilibrium interface between the two phases,

pI = H,CI (6'107)
Let

pf=Hc (6-108)
Then, (6-105) can be converted to

!/
! ! + L (6-109)

Kga - kG—a kra

Other formulations for the mass-transfer coefficient are given
in Table 6.5, with the most common units as follows:

American
SI Units Engineering Units
r mol/m3-s Ibmol/ft3-h
k., k.a, Ka Ka  mol/m’-s Ibmol/ft3-h
kga, K;a mol/m3-s-kPa Ibmol/ft>-h-atm
kya, K;a 7! h™!

As shown in Table 6.5, mass-transfer coefficients are
directly related to HTUs, which have the advantages of
(1) only one dimension (length), (2) variation with column
conditions less than mass-transfer coefficients, and (3) a
relationship to an easily understood geometrical quantity,
height per equilibrium stage. Definitions of individual and
overall HTUs are included in Table 6.5 for the dilute solute
case. Substituting these into (6-79) gives

(HTU); = Hy; = Hg + (KV/L)H, (6-110)
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40 Curve | Packing | Height | G | 7,°C | Solute —| 400
- |e| A 0.5in. saddles | 15.3in. | 100 | 23-26 | 0, ]
A B 1.0 in. saddles | 17.0 in. | 230 | 23-26 0,
20 |o| ¢ |15in saddles |22.0in.| 230 [23-24| 0, {200
G = Gas mass velocity, Ib/h-ft? -
£
g
e MO0 100 5
= r 1 =
= - ] £
z B N °
z L4 ] g
L Y k=
04 — 40 2"
0.2 — — 20
A Figure 6.39 Effect of liquid rate on
01 C Ll . Ll | | 10 absorption of O, from air into water.
200 400 1,000 4,000 10,000 20,000 40,000 [Reproduced from [36] with permission of the
Water mass velocity, Ib/h-ft? American Institute of Chemical Engineers]
Alternatively, (6-110) can be written for H, : Hiflow ring, ceramic,
CO,-air/water, 1 bar, 293 K
(HTU);, =Hy, =H; +H;/(KV/L) (6-111) 30 N S B s e

In the absorption or stripping of low-solubility gases (e.g.,
0,, N,, CO, and CO,), the solute K-value or Henry’s law
constant, H', in (6-107), is large, making the liquid-phase
resistance in (6-109) to (6-111) large. Then, the gas-phase
resistance is negligible, and the rate of mass transfer is
liquid-phase-controlled. Such data are used to study the
effect of variables on volumetric liquid-phase mass-transfer
coefficients and HTUs. Figure 6.39 shows data for three
different-size Berl-saddle packings for stripping O, from
water by air, in a 20-inch-I.D. column operating in the
preloading region, as reported in a study by Sherwood and
Holloway [36]. The rate of mass-transfer is controlled by
the liquid phase. The effect of liquid velocity on k;a is
pronounced, with k;a increasing by the 0.75 power of the
liquid mass velocity, u; p. Gas velocity has no effect on k;a in
the preloading region. Figure 6.39 also contains data plotted
in terms of H,;, where

ML

= L= 6-112
t prk aAr ( )

Figure 6.39 shows clearly that H; = (HTU); does not depend
as strongly on liquid mass velocity as k; a does.

Another liquid-phase mass-transfer-controlled system is
CO,—air-H, 0. Measurements for Pall rings and Hiflow rings,
reported by Billet [45], are shown in Figure 6.40. For the
same system, Figure 6.41 shows the effect of gas velocity
on k; a in terms of the F-factor at a constant liquid rate. Up
to an Fy-factor of about 1.8 m™'/2-s~!-kg!/2, which is in the
preloading region, no effect of gas velocity is observed. Above
the loading limit, k; a increases with gas velocity because the
larger liquid holdup increases interfacial area for mass

20 mm
—F,=0.85 m’”z—s”—kgW

N
o

d
o
I

-
o

50 mm
F,=0.55 m_1/2—s'1—kg”2 ]

Volumetric liquid-phase

[¢]

mass-transfer coefficient, k;a, s

3 |

1 15 2

3

4

6

10

15

Liquid load, u; x 103, m3/m2-s

Figure 6.40 Effect of liquid load on liquid-phase mass transfer of
CO,.

[From R. Billet, Packed Column Analysis and Design, Ruhr-University
Bochum (1989) with permission.]

CO,-air/water, 1 bar

® 50-mm Hiflow ring, plastic, 294 K

0¥ O 50-mm Pall ring, plastic, 299 K
L)
£ T T T T T
5 Q- C u; =16 m*/m*-h
3 C'w 15 ‘
=5 % _
L% % | °
5] § » & [ ] hd o o
£+ - = o
3% 10 T I | |
>° © 0.4 0.6 08 1 1.5

€

Gas capacity factor Fy, m‘1/2—s'1—kg”2

Figure 6.41 Effect of gas rate on liquid-phase mass transfer of
CO,.

[From R. Billet, Packed Column Analysis and Design, Ruhr-University
Bochum (1989) with permission.]



Process Engineering Channel

@ProcessEng

178 Chapter 6  Absorption and Stripping

transfer. Although not illustrated in Figures 6.39 to 6.41, a
major liquid-phase factor is the solute diffusivity in water, D; .
Data in the preloading region can usually be correlated by an
empirical expression, which includes the liquid velocity and
diffusivity:

k a = C,D¥>u!! (6-113)
where n varies from 0.6 to 0.95, with 0.75 being a typical value.
The exponent on the diffusivity is consistent with the penetra-
tion theory presented in §3.6.2.

A convenient system for studying gas-phase-controlled
mass transfer is NH;—air-H,O. The low K-value and high
solubility of NH; in H,O make the last terms in (6-79),
(6-109), and (6-110) negligible, so that gas-phase resistance
controls the rate of mass transfer. Figures 6.42 and 6.43 show
a greater effect of vapor velocity compared to liquid loading.
In Figure 6.42, the mass-transfer coefficient is proportional
to the 0.75 power of F,, and in Figure 6.43, the coefficient is
proportional to only the 0.25 power of the liquid loading. The
small effect of liquid loading is due to increases in holdup and
interfacial area.

For a given packing, the experimental data on ka for differ-
ent systems in the preloading region is correlated satisfactorily
with an empirical relation of the form

kga = C,DYSTF (6-114)

%X 50-mm Hiflow ring
5= 0 50-mm Pall ring

Volumetric gas-phase
mass-transfer coefficient,
kg a, s

u =417 x 103 m3/m?2-s

2 [ | | |

0.4 0.6 1 2 3
Gas capacity factor Fy, m'1/2—s'1—kg1/2

Figure 6.42 Effect of gas rate on gas-phase mass transfer of NH,.
[From R. Billet, Packed Column Analysis and Design, Ruhr-University
Bochum (1989) with permission.]
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Figure 6.43 Effect of liquid rate on gas-phase mass transfer of
NH;.

[From R. Billet, Packed Column Analysis and Design, Ruhr-University
Bochum (1989) with permission.]

where Dy; is the gas diffusivity of the solute and m’ and n’ have
been observed by different investigators to vary from 0.65 to
0.85 and from 0.25 to 0.5, respectively, with a typical value for
m’ being 0.8.

The measurement and correlation of gas- and liquid-phase
mass-transfer coefficients and HTUs, as well as volumet-
ric interfacial surface area for mass transfer, are important
requirements for modern packed-tower design methods. Since
the early investigations of Sherwood and coworkers in 1940,
13 correlations for random packings and 9 correlations for
structured packings have been presented in the literature, as
reviewed by Wang, Yuan, and Yu [34]. These are largely based
on the application of the two-film and penetration theories
in Chapter 3. In some cases, the values of k; and k; are
reported separately from a, and, in others, the combinations
kga and k;a are used. The development of such correlations
for packed columns is difficult because, as shown by Billet
[37], the values of mass-transfer coefficients are significantly
affected by the technique used to pack the column and the
number of liquid feed-distribution points across the column,
which must be more than 25 points.

The Billet and Schultes correlations [39] are widely
accepted and included in process simulators. They [38] mea-
sured and correlated mass-transfer coefficients and specific
surface area for more than 30 different chemical systems in
columns with diameters ranging from 2.4 inches to 4.6 ft,
packed with more than 60 different types and sizes of random
and structured packings, including third-generation Hiflow
rings and fourth-generation Raschig Super-Rings. Their
semitheoretical mass-transfer theory assumes that the effec-
tive void space of the packing is equivalent to a multiplicity
of vertical flow channels, wherein the gas flows upward,
countercurrent to the liquid trickling down along the channel
walls, with continual remixing of the liquid at points of
packing contact. The penetration theory is used for mass
transfer in both phases and uniform distribution of gas and
liquid flows is assumed.

Their correlating equations for the mass-transfer coeffi-
cients include factors for the operating conditions, physical
properties, and liquid holdup. Two packing-specific constants,
C; and Cy, included in Table 6.6, correct for the actual flow
paths.

The systems studied by Billet and Schultes include those
for which mass-transfer resistance resides mainly in the liquid
phase or mainly in the gas phase. The volumetric mass-transfer
coefficient for the liquid phase is defined by

r = (kap,)(cy, = cp) (6-115)

where a,,, is the specific interfacial area (area per unit volume
of packed bed) for mass transfer between phases. From the

penetration theory,
k, = 2(D, [ut,)'/? (6-116)

where f; = the time of exposure of the liquid film before
remixing. Billet and Schultes assume that this time is based
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on a length of travel equal to the hydraulic diameter of the
packing, resulting in

where the hydraulic diameter dy; = 4e/a and A, is the specific
liquid holdup. Their theoretical equation, in the form of an
HTU expression, is

u _ \/E< 4hye >1/2uL

DLauL a

= 6-118
kLaph 2 ( )

H L
ph

After modification to include the constant C;, which appears
in Table 6.6 and was back-calculated for each packing to fit
the data, the final predictive equation of Billet and Schultes is

1/6 1/2
H, = i(i) e\ u (a (6-119)
C, \12 D;au; a \a,,
An analogous equation has been developed by Billet and

Schultes for the gas phase, where the time of exposure of the
gas between periods of mixing is determined empirically:

1 4 - 1/
Ho= (o= )" (55) (e )™ (N, )%

< tya > (6-120)
DGaph
where Cy, is included to fit the experimental data,
Uypy
Ng.. = VY and 6-121
Rev aIJV an ( )
Hy
=V 6-122
v pyDg ( )

Equations (6-119) and (6-120) contain a term, Ay /a, the
ratio of the phase interface area to the packing surface area,
which, from Billet and Schultes [39], is not the same as the
hydraulic area ratio, a;, /a, given by (6-95) and (6-96). Instead,
they give the following correlation:

Dpn - -02 0.75 -045
% = 1.5(ad))™'/? (Nre,1) (Nwe,n)  (Ner, 1)
(6-123)
where d;, = packing hydraulic diameter = 48 (6-124)
a

and the following liquid-phase dimensionless groups use the
packing hydraulic diameter as the characteristic length:

Reynolds number = Ng,, ; = urdypy (6-125)
' B
urp,d
Weber number = Ny, ; = —LFL"h (6-126)
’ c
W2
Froude number = N, , = —L (6-127)
Tgdy

After calculating H; and H; from (6-119) and (6-120), the
overall HTU value, H, is obtained from (6-110), N; is
obtained as described in §6.7, and the packed height is from
(6-84).

EXAMPLE 6.17 Packed Height from Mass-Transfer
Theory.

For the absorption of ethyl alcohol from CO, with water, as con-
sidered in Example 6.1, a 2.5-ft-1.D. tower, packed with 1.5-inch
metal Pall-like rings, is used. It is estimated that the tower will oper-
ate in the preloading region with a pressure drop of approximately
1.5-inches H,O/ft of packed height. From Example 6.11, N,,; = 7.5.
Estimate H;, H, , H,,;, HETP, and the required packed height in feet,
using the following estimates of flow conditions and physical prop-
erties at the bottom of the packing:

Vapor Liquid
Flow rate, 1b/h 17,480 6, 140
Molecular weight 44.05 18.7
Density, 1b/ft3 0.121 61.5
Viscosity, cP 0.0145 0.63
Surface tension, dynes/cm — 101
Diffusivity of ethanol, m?/s 7.75 x 107° 1.82x 107°
Kinematic viscosity, m?/s 0.75 x 1073 0.64 x 1076

Solution

Cross-sectional area of tower = (3.14)(2.5)%/4 = 4.91 ft?

Volumetric liquid flow rate = 6,140/61.5 = 99.8 ft*/h

u, = superficial liquid velocity = 99.8/[(4.91)(3,600)]
= 0.0056 ft/s or 0.0017 m/s

For this section of the tower, u; > u; .., but the velocity is on the
low side.

u,, = superficial gas velocity = 17,480/[(0.121)(4.91)(3,600)]
=8.17 ft/s =2.49 m/s

The packing characteristics for the 1.5-inch metal Pall-like rings
are as follows (somewhat different from values for Pall rings in
Table 6.6):

a=149.6 m¥m?, e=0.952

C,~07, C,=1227, C,=0341

Estimation of specific liquid holdup, 4, :

From (6-93),
- 0.0017 _
Re; (064 X 10_6)(1496)
From (6-94),
N = (000172(149.6) _ 4 41\ 105
Frp, = 9.8 o
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From (6-96),

0.10

I = 0.85(0.7)(17.8)°% (4.41 x 107°) """ = 0.45
a

a, = 0.45(149.6) = 67.3 m*/m’
From (6-92),

12 (441 x 107%)1"°
h o= Q (0.45)*°=0.0182 m*/m?
z 178

Estimation of H, :

First compute a,, /a, the ratio of phase interface area to packing sur-
face area.

From (6-124),

d, =422 _ 00255 m
149.6

From (6-125),

_ (0.0017)(0.0255)

= (0eax 10y 077

Rep

From (6-126),

_ (0.0017)2[(61.5)(16.02)](0.0255) _
Nye,, = D =0.000719

From (6-127),

2
S D) P [

Fr = (9.807)(0.0255)
From (6-123),

9en _ 1.5(149.6)71/2(0.0255)"/2(67.7)7%2
a

(0.000719)%73(1.156 x 107)70% = 0.242

From (6-119), using consistent SI units,

(4)(0.0182)(0.952) v

" L<i>1/6
L= 127\ 12 (1.82 % 1077) (149.6)(0.0017)
(W) (L) =031 m= 101 ft
149.6 / \0.242

Estimation of H ;:

From (6-121),

Nie, = 2:49/[(149.6) (0.75 x 107°)| = 2,220
From (6-122),
N, = 0.75x 107°/7.75 x 10~°= 0.968
From (6-120), using consistent SI units,

1

"o 4)(0.952)]"*
¢ 0341

_ 12| (
(0.952 — 0.0128) [(149.6)4

(2.49)

2220)7/40.968)7 13 | —— =
(@220 ) 7.75 x 107°(0.242)

=1.03m or 3.37 ft

Estimation of H ;:
From Example 6.1, the K-value for ethyl alcohol = 0.57,
V =17,480/44.05 = 397 1bmol /h,

L = 6,140/18.7 = 328 Ibmol /h,
and 1/4=KV/L=(0.57)(397)/328 = 0.69

From (6-110),
H,; =3.37+0.69(1.01) = 4.07 ft

The mass-transfer resistance in the liquid phase is less than the gas
phase, but not negligible.

Estimation of Packed Height:

From (6-89),
I, =4.07(7.5) = 30.5 ft

Estimation of HETP:

From (6-89), for straight operating and equilibrium lines, with

A=1/0.69 =145,

HETP = 4.07 [( n({0E)

OO | = 4.86f
1—1.45)/1.45] soft

§6.9 REACTIVE (CHEMICAL) ABSORPTION

In physical absorption, no significant chemical reactions
occur between the solute being absorbed from the gas and
the absorbent. Common absorbents in physical absorption,
as listed in Table 6.1, are water and hydrocarbon oils. Often,
the absorption step is followed by stripping or distillation to
recover the solute and recycle the absorbent.

Often, especially when the solute is an acid gas, it is more
efficient to use chemical absorption. Acid gases include CO,,
H,S, N,0, SO,, SO3, HCI, and HCN, for which a chemical
reaction with the absorbent occurs in the liquid phase. If the
absorbent is an aqueous solution of a strong base, such as
NaOH or KOH, ionic reactions occur that are irreversible and
either fast or instantaneous. For example, if the solute is CO,
and the absorbent is aqueous sodium hydroxide, the overall
reaction is

where the salt, Na,COs, is soluble in water. The liquid leaving
the absorber may require further treatment.

Acid gases, particularly CO, and H,S, are also removed
by aqueous amine solutions, including monoethanolamine
(MEA), diethanolamine (DEA), diethyleneglycol (DEG),
and triethyleneglycol (TEG), with slower, but reversible,
chemical reactions occurring in the liquid phase. In this case,
the reactions are reversed downstream of the absorber in a
subsequent operation to enable the recovery of the acid gases
and the recycling of the aqueous amine absorbent.

For both types of chemical absorption, fast chemical
reactions increase the rate of absorption by reducing the
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mass-transfer resistance of the liquid phase, increasing the
absorption capacity of the solvent used in the absorbent, and
increasing the selectivity for certain components of the gas. In
some cases, a hazardous chemical is converted to a safe one.

Of increasing industrial importance is the need for carbon
capture, or the disposal of CO, after it has been absorbed and
recovered, in cases where it is not further processed for use
by the food, oil, or chemical industries. Carbon capture and
sequestration is the process of recovering CO, from flue gases
in large power-generating plants or other industrial sources
and then transporting it to and depositing it in an underground
geological formation, from which it cannot escape. The goal
is to eliminate the release of large amounts of CO, into the
atmosphere.

Gas-liquid reactions in absorbers are treated in a number
of books, including Astarita [51], Danckwerts [52], Sher-
wood, Pigford, and Wilke [53], Shah [54], and Doraiswamy
and Sharma [55]. In this subsection, the subject of reac-
tive absorption is introduced by considering an irreversible
reaction occurring mainly in the liquid film adjacent to the
two-phase interface in a packed tower. This subject can be
extended to more difficult cases involving reversible reactions
by the methods in Chapter 12, using process simulators.

Assume the gas fed to an absorber contains component A,
which is soluble in the countercurrently flowing nonvolatile
absorbent. Except for A, the feed gas is insoluble in the
absorbent. The absorbent includes component B, which reacts
irreversibly with A to produce nonvolatile products that are
soluble in the absorbent by the reaction

A + bB — soluble products

Composition profiles for A and B in the fluid films for three
cases are shown in the vicinity of the gas—liquid interface, I,
in Figure 6.44, where the driving forces for mass transfer are
taken as partial pressure in the gas phase and molar concentra-
tions in the liquid phase. In all three cases, the amount of B is
in excess of that required for complete reaction of A. Physical
equilibrium is assumed at the gas—liquid interface I.

In Case (a), the reaction between A and B is infinitely slow,
so no reaction occurs anywhere in the absorber. The absorption
is only physical, and the rate of absorption of A depends only
on the mass-transfer resistances in the gas and liquid phases.
The rate of absorption, in terms of resistances, is obtained by
combining (6-105), (6-108), and (6-109) to give the following
equation, where all terms without a component subscript apply
to component A:

p—H'c
1 H
kga  kia

r =

(6-128)

The first term in the denominator is the mass-transfer resis-
tance in the gas phase, and the second is the resistance in the
liquid phase. If A is very soluble in the liquid phase, the rate of
absorption is controlled by the gas phase; otherwise, the liquid
phase controls.

At the other extreme is Case (b). The chemical reaction
between A and B is instantaneous at the phase interface.
Accordingly, the partial pressure and concentration of A at
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Figure 6.44 Absorption with chemical reaction: (a) Infinitely slow
reaction; (b) Instantaneous reaction; (c¢) Intermediate reaction rate.

the phase interface is zero. The only resistance to the rate of
mass transfer of A to the liquid phase is in the gas phase, as
given by the following modification of (6-128):

r= p_; 0 = kgap

kga

(6-129)

In Case (c), the reaction occurs at an intermediate rate, both
in the liquid film, adjacent to the phase interface, and in the
bulk liquid in the presence of excess B. The rate of mass trans-
fer of A depends on the resistances in the two phases and the
rate of the chemical reaction. If it is assumed that the reac-
tion is a pseudo first-order reaction in B, (6-128) is modified,
according to the treatment by Hatta, as described by Sherwood
et al. [53], to give

r=— Hé’ 7 (6-130)
+

kca = kpaE " keghy
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where the mass-transfer resistance in the gas phase is
unchanged, but the mass-transfer resistance in the liquid phase
is enhanced by the chemical reaction occurring in the liquid
film according to an enhancement factor, E, which is > 1. As
shown in Figure 6.45, the enhancement factor is a function
of the Hatta number, Ny;,, where Nj, is the ratio of the max-
imum possible chemical conversion in the liquid film to the
maximum mass-transfer rate through the film. For the pseudo
first-order reaction, where k is the reaction rate constant,

_ (DAkCB)O'5

NHa k
L

(6-131)
The enhancement factor is also a function of the parameter E;,
which is the enhancement factor for an instantaneous chemical
reaction, as given by

DgcgH'

E =1+
bD spy

(6-132)
The third term in the denominator of (6-130) accounts for the
pseudo first-order reaction in B that occurs in the bulk liquid,
where £; is the fractional volumetric liquid holdup.

For Case (c¢), if the chemical reaction is fast, and occurs
only in the liquid film, and if the concentration of B drops to
zero at the phase interface, I, the third term in the denominator
of (6-130) is omitted.

As shown in Figure 6.45, the enhancement factor, E, attains
very large values (more than one order of magnitude increase)
at large values of the Hatta modulus and E;. In cases where
the solute is only slightly soluble in the absorbent, the rate
of absorption into a nonreacting absorbent is controlling and
low. However, if the solute reacts with a component in the
absorbent, the enhancement can be so large that the much
lower resistance of the gas phase becomes controlling, with
the result that the rate of absorption is much higher. If the
reaction is instantaneous, the only resistance is that of the gas
phase. For a case of the absorption of CO,, Sherwood et al.
[53] show that the overall mass-transfer coefficient, K, for

10° Iy
1,000/
500 7
- L |
o2 Parameter is E; /{0'6
Z
100
-
—~—150
E LA
7/ L 20,
T 10,
10 T
= 5,
-
pump— 2'
T 1
1 _—_
0.1 1 10 107 10°
NHa

Figure 6.45 Enhancement factor for absorption with chemical
reaction.

absorption in 2-N KOH is 76 times greater than for absorption
in water.

When the chemical reaction is instantaneous at the phase
interface, the required number of equivalent stages or the
number of transfer units decreases. Because the concentration
and partial pressure of the solute become zero, the equilibrium
curve is a horizontal line at an ordinate value of zero:

NOG=/pindp=1n])in
Pout p Pout

(6-133)

For a 10-fold decrease, the partial pressure of the solute Ny; =
2.3. For a 100-fold decrease, Ny; = 4.6.

CHAPTER 6 NOMENCLATURE
Abbreviations and Acronyms

GPDC  generalized pressure drop correlation, §6.8.2

Latin Symbols

A,A;  column inside cross-sectional area, (6-81)

A,, A, active bubbling area on a tray, (6-44)

Ay downcomer area, Figure 6.21

A, hole area of a sieve tray; hydraulic area per unit
volume of packed bed, (6-95)

A, net vapor flow area, equal to A — A, for a
single-pass tray

a vapor-liquid interfacial area per volume of
combined gas and liquid holdup (froth or
dispersion) on the tray, (6-44); surface area of
packing per unit volume of packed bed, (6-95)

Ay interfacial area per unit volume of packed bed,
(6-115)

C flooding parameter, (6-61)

Cr flooding factor parameter, (6-61)

C, packing parameter to calculate liquid holdup,
Table 6.6

C packing factor to calculate H;, Table 6.6

Cy packing factor to calculate H;, Table 6.6

Cy.  ultimate capacity factor, (6-64)

dy packing hydraulic diameter, (6-117)
Dy eddy diffusivity, (6-55)
D, solute diffusivity, (6-113)

D, packing diameter, (6-101)

E enhancement factor, (6-135) and Figure 6.44

E; enhancement factor for an instantaneous reaction,
(6-137)

E, overall stage efficiency, (6-41)

F sum of gravity F,, buoyant F;, and drag F, forces,
(6-57)

F gas capacity factor, (6-67)

F¢ modified empirical capacity factor, (6-98)
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Fr foaming factor, (6-61)

Fya ratio of hole area to active tray area, (6-61)
Fry kinetic energy ratio, Figures 6.27, 6.36, 6.37
Fp packing factor, Table 6.6

Fgr surface tension factor (6-61)

Fy superficial-vapor-velocity F-factor, (6-104)

f fraction of flooding velocity, (6-62)

H modified Henry’s law, (6-106)

hy volumetric liquid holdup per unit volume of packed
bed, (6-92)

K’ overall mass-transfer coefficient corrected for bulk
flow, Table 6.5

L liquid molar flow rate, solute-free, Table 6.5

Lg superficial liquid velocity, (6-65)

Iy packed height, (6-68)

m slope of the equilibrium line, below (6-53b)

Ny, Hatta number, (6-131)

N, actual number of trays required, (6-41)

N, number of theoretical stages, (6-41)

APgq,oq Ppressure drop per unit of height at flooding, (6-99)

r rate of mass transfer per volume of packed bed,
(6-72)

Iy hydraulic radius, flow volume per unit of packing
surface area, equal to d; /4, below (6-97)

1 remixing time in penetration theory, (6-116)

uy volumetric liquid flow rate per unit of column

cross-sectional area, Figure 6.42
ug, uyy  vapor flooding velocity, (6-59)

SUMMARY

1. A liquid can selectively absorb components from a gas.
A gas can selectively desorb or strip components from a
liquid.

2. The fraction of a component that can be absorbed or
stripped depends on the number of equilibrium stages
and the absorption factor, # = L/(KV), or the stripping
factor, S = KV /L, respectively.

3. Towers with sieve or valve trays, or with random or struc-
tured packings, are most often used for absorption and
stripping.

4. Absorbers are most effective at high pressure and low tem-
perature. The reverse is true for strippers. However, the
high costs of gas compression, refrigeration, and vacuum
often preclude operation at the most thermodynamically
favorable conditions.

5. For a given gas flow, composition, degree of absorption,
choice of absorbent, and operating T and P, there is a min-
imum absorbent flow rate, given by (6-9) to (6-11), that
corresponds to an infinite number of stages. A rate of 1.5
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uy,,  ultimate superficial vapor velocity in a trayed
column, (6-64)

%4 vapor molar flow rate, solute free, Table 6.5

x;° mole fraction solubility of solute, (6-40)

Z height of combined gas and liquid holdup, (6-44)

Z length of liquid flow path across a tray, (6-55)

Script Symbols

# absorption factor of a component = L/KV, (6-18)

s stripping factor of a component = 1/4# = KV /L,
(6-32)

Greek Symbols

€ packed column void fraction, Table 6.6

A mV /L, (6-53b)

by fraction of a species not absorbed, (6-29)

bg fraction of a species not stripped, (6-31)

Subscripts

k key component, below (6-53a)

e effective average for all components, (6-29)

Superscripts

* composition in equilibrium with bulk phase

times the minimum typically leads to a reasonable number
of stages. A similar criterion, (6-12), holds for a stripper.

6. The equilibrium stages and flow rates for an absorber
or stripper can be determined from the equilibrium line,
(6-1), and an operating line, (6-3) or (6-5), using graphi-
cal, algebraic, or numerical methods. Graphical methods,
as shown in Figure 6.12, offer visual insight into the
stage-by-stage changes in the compositions of the gas
and liquid streams and the effects of those changes on the
variables.

7. Estimates of overall stage efficiency for absorbers, defined
by (6-41), can be made with the correlations of Drickamer
and Bradford (6-42), O’Connell (6-43), and Figure 6.19.
More accurate procedures involve the use of a labora-
tory Oldershaw column or semitheoretical equations to
determine a Murphree vapor-point efficiency, (6-51). The
Murphree vapor-tray efficiency is obtained from (6-52)
to (6-54) and Figure 6.23. The overall efficiency is from
(6-56).
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8. Tray diameter is determined from (6-63), based on the
entrainment flooding considerations shown in Figure 6.27.

9. Packed-column height is determined using HETP, (6-68),
or H,gN o from (6-84), with the latter having a more the-
oretical basis in the two-film theory of mass transfer. For
straight equilibrium and operating lines, HETP is related
to Hy; by (6-89), and the number of stages to N,; by
(6-90).

In the preloading region, liquid holdup in a packed col-
umn is independent of vapor velocity and is determined
from (6-92). The loading point is typically 70% of the
flooding point, and most packed columns are designed
to operate in the preloading region from 50% to 70%
of flooding. The pressure drop at the flooding point is

10
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STUDY QUESTIONS

6.1. Whatis the difference between physical absorption and chem-
ical (reactive) absorption?

6.2. What is the difference between an equilibrium-based and a
rate-based calculation method?

6.3. What is a trayed column? What is a packed tower?

6.4. What are the three most common types of openings in trays
for the passage of vapor? Which of the three is rarely specified
for new installations?

6.5. In a trayed tower, what is meant by flooding and weeping?
What are the two types of flooding, and which is more

common?

6.6. What is the difference between random and structured
packings?

6.7. For what conditions is a packed column favored over a trayed
tower?

6.8. In general, why should the operating pressure be high and the
operating temperature be low for an absorber, and the opposite
for a stripper?

6.9. For a given recovery of a key component in an absorber or
stripper, does a minimum absorbent or stripping-agent flow
rate exist for a tower or column with an infinite number of
equilibrium stages?

6.10. What is the difference between an operating line and an equi-
librium curve?

6.11. What is a reasonable value for the optimal absorption factor
when designing an absorber? Does that same value apply to
the optimal stripping factor when designing a stripper?

EXERCISES

Section 6.1

6.1. Stripping in an absorber and absorption in a stripper.

In absorption, the absorbent is stripped to an extent that depends
on its K-value. In stripping, the stripping agent is absorbed to an
extent that depends on its K-value. Figure 6.1 shows that both absorp-
tion and stripping occur. Which occurs to the greatest extent in terms
of kmol/h? Should the operation be called an absorber or a stripper?
Why?

6.2. Advances in packing.

Prior to 1950, two types of commercial random packings were in
common use: Raschig rings and Berl saddles. Since 1950, many new
random packings have appeared. What advantages do these newer
ones have? By what advances in design and fabrication were achieve-
ments made? Why were structured packings introduced?

6.3. Bubble-cap trays.

Bubble-cap trays were widely used in towers prior to the 1950s.
Today, sieve and valve trays are favored. However, bubble-cap trays
are still specified for operations that require very high turndown
ratios or appreciable liquid residence time. What characteristics of
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54. SHaAH, Y.T., Gas-Liquid-Solid Reactor Design, McGraw-Hill, New York
(1979).

55. Doraiswamy, L.K., and SHARMA, M.M., Heterogeneous Reactions,
Vol. 2, John Wiley and Sons, New York (1984).

56. Kister, H.Z., and D.R. GIiLL, IChemE Symp. Series, 128, A109-123
(1992).

6.12. When stepping off stages on an Y-X plot for an absorber or
a stripper, does the process start and stop with the operating
line or the equilibrium curve?

6.13. What is the Kremser method? To what type of separation
operations is it applicable? What are major assumptions of
the method?

6.14. What is an absorption factor? What is a stripping factor?

6.15. Can the Kremser method be used to determine the required
number of equilibrium stages?

6.16. Why do longer liquid flow paths across a tray give higher stage
efficiencies?

6.17. What is the difference between the Murphree tray and point
efficiencies?

6.18. What is meant by turndown ratio? What type of tray has the
best turndown ratio? Which tray has the worst?

6.19. Why is the liquid holdup in a packed tower so important?

6.20. What is HETP? Does it have a theoretical basis? If not, why
is it so widely used?

6.21. Why are there so many different kinds of mass-transfer coef-
ficients? How can they be distinguished?

6.22. What is the difference between the loading point and the
flooding point in a packed column?

6.23. In reactive absorption, what are the differences in the conse-
quences of irreversible and reversible reactions?

bubble-cap trays make it possible for them to operate satisfactorily
at low vapor and liquid rates?

Section 6.2

6.4. Selection of an absorbent.
In Example 6.6, a lean oil of 250 MW is used as the absorbent.
Consideration is being given to the selection of a new absorbent.
Available streams are:

Rate, gpm  Density, Ib/gal MW
Css 115 5.24 72
Light oil 36 6.0 130
Medium oil 215 6.2 180

Which would you choose? Why? Which are unacceptable?
6.5. Stripping of VOCs with air.
Volatile organic compounds (VOCs) can be removed from water
effluents by stripping with steam or air. Alternatively, the VOCs can
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be removed by carbon adsorption. The U.S. Environmental Protection
Agency (EPA) identified air stripping as the best available technology
(BAT) for this purpose. What are the advantages and disadvantages
of air stripping compared to steam stripping or carbon adsorption?
6.6. Best operating conditions for absorbers and strippers.
Prove by equations why absorbers are most efficiently operated at
high P and low T, whereas strippers are best operated at low P and
high 7. Also prove, by equations, why a trade-off exists between the
number of stages and the flow rate of the separating agent.

Section 6.3

6.7. Absorption of CO, from air.

The exit gas from an alcohol fermenter consists of an air—-CO,
mixture containing 10 mol% CO, that is to be absorbed in a 5.0-N
solution of triethanolamine, containing 0.04 mol CO, per mol of
amine solution. Assume that the column operates isothermally at
25°C, the exit liquid contains 78.4% of the CO, in the feed gas to
the absorber, and absorption is carried out in a six-theoretical-plate
column. Then use the equilibrium data below to calculate (a) exit-gas
composition and (b) moles of amine solution required per mole of
feed gas.

Equilibrium Data
Y 0.003 0.008 0.015 0.023 0.032 0.043
X 0.01 0.02 0.03 0.04 0.05 0.06
Y 0.055 0.068 0.083 0.099 0.12
X 0.07 0.08 0.09 0.10 0.11
Y = moles CO,/mole air; X = moles CO,/mole amine solution

6.8. Absorption of acetone from air.
Ninety-five percent of the acetone vapor in an 85 vol% air stream
is to be absorbed by countercurrent contact with pure water in a
valve-tray column with an expected overall tray efficiency of 50%.
The column will operate at 20°C and 101 kPa. Equilibrium data for
acetone—water at these conditions are as follows:

Acetone in water, mol% 3.30 720 11.7 17.1
Acetone partial pressure in air, torr  30.00 62.80 854 103.0

Calculate (a) the minimum value of L' / V', the ratio mol H,O/mol air;
(b) the total number of equilibrium stages using a value of
L' /V' of 1.25 times the minimum; and (c) the concentration of
acetone in the exit water.

From Table 5.3 for N connected equilibrium stages, there are 2N +
2C + 5 degrees of freedom. The following values are specified in this
problem:

Stage pressures (101 kPa) N
Stage temperatures (20°C) N

Feed stream composition Cc-1
Water stream composition c-1
Feed stream, 7, P 2
Water stream, 7, P 2
Acetone recovery 1
L/V 1
2N+2C+4

One more specification is needed. Take the gas feed rate at
100 kmol /h.

6.9. Absorber-stripper system.

A solvent-recovery plant consists of an absorber followed by a
stripper, with both being trayed columns. Ninety percent of ben-
zene (B) in the inlet gas stream, which contains 0.06 mol B/mol
B-free gas, is recovered in the absorber. The oil entering the top
of the absorber contains 0.01 mol B/mol pure oil. In the exiting
liquid, X = 0.19 mol B/mol pure oil. The operating temperature is
77°F (25°C).

Superheated steam is used in the stripper to remove benzene from
the benzene-rich oil at 110°C. Concentrations of benzene in the oil =
0.19 and 0.01, in mole ratios, at inlet and outlet, respectively. The oil
(pure)-to—steam (benzene-free) flow rate ratio = 2.0. Vapors are con-
densed, separated, and removed. The additional data are MW oil =
200, MW benzene = 78, and MW gas = 32. The benzene equilibrium
data are provided in the following table:

Equilibrium Data at Column Pressures

X in Oil Y in Gas, 25°C Y in Steam, 110°C
0 0 0

0.04 0.011 0.10

0.08 0.0215 0.21

0.12 0.032 0.33

0.16 0.042 0.47

0.20 0.0515 0.62

0.24 0.060 0.795

0.28 0.068 1.05

Calculate (a) the molar ratio of B-free oil to B-free gas in the absorber;
(b) the number of theoretical plates for the absorber; and (c) the min-
imum steam flow rate required to remove benzene from 1 mol of oil
under given terminal conditions, assuming the stripper has an infinite
number of trays.

6.10. Steam stripping of benzene from oil.

A straw oil used to absorb benzene (B) from coke-oven gas is to
be steam-stripped in a sieve-plate column at 1 atm to recover B. Equi-
librium at the operating temperature is approximated by Henry’s law
in the form py = Hxg. It is known that, when the oil phase contains
10 mol% B, its partial pressure is 5.07 kPa. The oil is assumed to be
nonvolatile, and it enters containing 8 mol% B, 75% of which is to
be recovered. The steam leaving is 3 mol% B. (a) How many equilib-
rium stages are required? (b) How many moles of steam are required
per 100 mol of feed? (c) If the benzene recovery is increased to 85%
using the same steam rate, how many equilibrium stages are required?

Section 6.4

6.11. Multicomponent, multistage absorption.

Consider the hydrocarbon gas absorption of Example 6.3, with
specifications shown in Figure 6.17. (a) Repeat the calculations
of Example 6.3 for N = 1, 3, 10, and 30 stages. Plot the percent
absorption of each of the five hydrocarbons and the total feed gas,
as well as percent stripping of the oil versus the number of stages
N. Discuss your results. (b) Solve Example 6.3 for an absorbent
flow rate of 330 Ibmol/h and three theoretical stages. Compare your
results to those of Example 6.3. What is the effect of trading stages
for absorbent?

6.12. Minimum absorbent flow.

Estimate the minimum absorbent flow rate required for the sepa-
ration in Example 6.3, assuming the key component is propane, with
an exit flow rate in the vapor measured at 155.4 Ibmol/h.
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6.13. Isothermal, multistage absorption.

Solve Example 6.3 with the addition of a heat exchanger at each
stage, so as to maintain isothermal operation of the absorber at
(a) 125°F and (b) 150°F. What is the effect of temperature on absorp-
tion in this range of temperature? K-values at these temperatures are
as follows, compared to those at 97.5°F:

K-values at 400 psia
Component T=97.5F T=125°F T = 150°F
C, 6.65 8.0 8.8
C, 1.64 2.0 2.4
(ON 0.584 0.73 0.90
nC, 0.195 0.26 0.34
nCs 0.0713 0.098 0.135
Oil 0.0001 0.0002 0.0003

6.14. Multicomponent, multistage absorption.

One million lbmol/day of a gas of the composition below is
absorbed by n-heptane at —30°F and 550 psia in an absorber with 10
theoretical stages, so as to absorb 50% of the ethane. Calculate the
required flow rate of absorbent and the distribution, in lbmol/h, of all
components between the exiting gas and liquid.

Mole Percent K-value @ —30°F

Component in Feed Gas and 550 psia
C, 94.9 2.85

C, 42 0.36

(ON 0.7 0.066
nC, 0.1 0.017
nCs 0.1 0.004

6.15. Multistage stripper.

A stripper at 50 psia with three equilibrium stages strips
1,000 kmol/h of liquid, at 300°F, with the following molar compo-
sition: 0.03%C,, 0.22% C,, 1.82%C,, 4.47% nC,, 8.59% nCs, and
84.87% nC,,. The stripping agent is 1,000 kmol/h of superheated
steam at 300°F and 50 psia. Use the Kremser equation to estimate
the compositions and flow rates of the stripped liquid and exiting
rich gas. Assume that no steam is absorbed. Calculate the dew-point
temperature of the exiting gas at 50 psia. If it is above 300°F, what
can be done?

Component K-values are as follows:

Component K
C, 60
C, 28

C, 14
nC, 6.5
nCs 3.5
nC,, 0.20

6.16. Stripping of VOCs from groundwater with air.
Groundwater, at a rate of 1,500 gpm and containing three volatile
organic compounds (VOCs), is to be stripped with air in a trayed
tower to produce drinking water that will meet U.S. Environmental
Protection Agency (EPA) standards. Relevant data are given below.
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Determine the minimum air flow rate in scfm (60°F, 1 atm) and the
number of equilibrium stages required if an air flow rate of twice the
minimum is used, and the tower operates at 25°C and 1 atm. Deter-
mine the composition in parts per million (ppm) for each VOC in the
resulting drinking water.

Concentration, ppm

Max. for

Ground-  Drinking
Component K-value water water
1,2-Dichloroethane (DCA) 60 85 0.005
Trichloroethylene (TCE) 650 120 0.005
1,1,1-Trichloroethane (TCA) 275 145 0.200

Note: ppm = parts per million by weight.

6.17. Stripping of SO, and butadienes with N,.

SO, and butadienes (B3 and B2) are stripped with nitrogen from
the liquid stream shown in Figure 6.46, so that the butadiene sul-
fone (BS) product contains less than 0.05 mol% SO, and less than
0.5 mol% butadienes. Estimate the flow rate of nitrogen, N,, and the
equilibrium stages required. At 70°C, K-values for SO,, B2, B3, and
BS are 6.95, 3.01, 4.53, and 0.016, respectively.

Rich gas
Vy

Feed liquid
70°C (158°F)

i

lN+1'

Ibmol/h

SO, 10.0
1,3-Butadiene (B3) 8.0
1,2-Butadiene (B2) 2.0
Butadiene Sulfone (BS)  100.0
Ly,1 =120.0

1

30 psia (207 kPa)

Stripped liquid
T

<0.05 mol% SO,
<0.5 mol% (B3 + B2)

Gas stripping agent
Pure N,

70°C (158°F)

Figure 6.46 Data for Exercise 6.17.

6.18. Trade-off between stages and pressure for absorption.

Determine by the Kremser method the separation that can be
achieved for the absorption operation indicated in Figure 6.47 for
the following conditions: (a) six equilibrium stages and 75 psia
operating pressure, (b) three stages and 150 psia, (c) six stages
and 150 psia. Assume an average temperature of 90°F and use the
K-values below. What do you conclude about a trade-off between
pressure and stages?

Component K-value at 75 psia K-value at 150 psia
C, 29 14.0

C, 6.5 35

C, 1.95 1.05

nC, 0.61 0.33

nCg 0.19 0.105

nC, 0.0011 0.00055




Process Engineering Channel

@ProcessEng

188 Chapter 6  Absorption and Stripping

/_? Lean gas

90°F
Ibmol/h
nCyp 500
Absorber
90°F
Ibmol/h
C 1,660
C, 168 Rich oil
Cs 96
nCy 52
nCs 24
2,000

Figure 6.47 Data for Exercise 6.18.

6.19. Absorption of a hydrocarbon gas.

One thousand kmol/h of rich gas at 70°F with 25% C,, 15%C,,
25%C,, 20%nC,, and 15%nCs by moles is to be absorbed by
500 kmol/h of nC,, at 90°F in an absorber operating at 4 atm. Cal-
culate, by the Kremser method, the percent absorption of each com-
ponent for 4, 10, and 30 theoretical stages. What do you conclude?
Use the following K-values:

Component K-value
C, 38

C, 7.6

C, 2.25
nC, 0.64
nCs 0.195
nCy, 0.0014

6.20. Absorption of acetone with water.

One mol/s of acetone in 10 mol/s air is fed into an absorber where
95% of the acetone is to be absorbed by water. Assume the absorber
operates isothermally at 300 K and isobarically at 10 bar. At 300 K,
vapor pressures for water and acetone are 0.035 and 0.33 bars,
respectively. For an absorption factor of 1.4 for acetone, calculate
the number of equilibrium stages and a complete material balance,
taking into account stripping of water, assuming ideal solutions. Is
the assumption of ideal solutions reasonable? Prove your response
by calculations with a process simulator.

6.21. Stripping of VOCs from wastewater.

A wastewater stream containing benzene and ethylbenzene enters
the top of a stripper at 0.0475 m3/s, where 99.9+ wt% of the VOCs
at 15°C are to be removed with air entering the bottom at 2.41 m?/s,
15°C, and 103 kPa. For these conditions, the ideal-gas law is applica-
ble and a modified Raoult’s law, K; = P{/x{P, can be used to estimate
the K-values of the VOCs, as in Example 6.4. Neglecting the stripping
of water and the absorption of air, calculate the number of equilibrium
stages required using the following data:

Concentration Solubility in Vapor
Organic in the Water at 15°C,  Pressure at
Compound Wastewater, mg/L.  mole fraction 15°C, kPa
Benzene 150 0.00041 7.85
Ethylbenzene 20 0.000032 0.693

Section 6.5

6.22. Comparison of measured overall stage efficiency with
correlations.

Using the data from Example 6.6, back-calculate E, for propane
and compare the result with estimates from the Drickamer—Bradford
and O’Connell correlations. Use 2.0 for the K-value of propane, a
liquid density of 57.9 Ib/ft*, and an average liquid MW of 250.

6.23. Production of 95% H, by absorption of HCs from a refin-
ery gas.

Fuel cell automotive systems are being considered that will
require hydrogen of 95% purity. A refinery stream of 800,000 scfm
(at 32°F, 1 atm), containing 72.5% H,, 25% CH,, and 2.5% C,H, is
available. To convert this gas to the required purity, oil absorption,
activated charcoal adsorption, and membrane separation are being
considered. For oil absorption, an available n-octane stream can be
used as the absorbent. Because the 95% H, must be delivered at not
less than 375 psia, the absorber will operate at 400 psia and 100°F.
If at least 80% of the hydrogen fed to the absorber is to leave in the
exit gas, determine the following: (a) the minimum absorbent rate
in gpm; (b) the absorbent rate if 1.5 times the minimum amount is
used; (c) the number of theoretical stages; (d) the stage efficiency
for each of the three species in the feed gas, using the O’Connell
correlation; (e) the number of trays actually required; and (f) the exit
gas composition, accounting for octane stripping. For part (g) of the
exercise, if the lost octane in part (f) is not recovered, estimate its
value if the process operates 7,900 h/year and the octane is valued at
$1.00/gal. Would the use of octane preclude use of this hydrogen in
fuel cells? Obtain the necessary properties from a process simulator.
6.24. Scale-up of absorber using Oldershaw-column data.

The absorber of Examples 6.1 and 6.7 is being scaled up by a
factor of 15, so a column with an 11.5-ft-diameter will be needed.
Because of the 30% efficiency for the original tray, a new design has
been developed and tested in an Oldershaw column. The resulting
Murphree vapor-point efficiency, E,,,,, for the new tray design for this
system is 55%. Estimate E,,,, and E . To estimate the length of the
liquid flow path, Z, , use Figure 6.20. Assume that u/D, = 6 ft!.

Section 6.6

6.25. Diameter of a valve-tray column.

Figure 6.48 shows the conditions at the bottom tray of a reboiled
stripper. If valve trays are used with 24-inch tray spacing, estimate
the column diameter for 80% of flooding.

546.2 Ibmol/h v, mol%
6.192 cfs
C, 0.0006
Cs 0.4817
nC,  60.2573
nCg  32.5874
nCg 6.6730
| Bottom tray | 230.5°F
[ 1 150 psia
x, mol%
C, 0.0001
C; 01448 1 1 31bmorh
nCs  43.0599
nCq  17.6563

Figure 6.48 Data for Exercise 6.25.
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6.26. Flooding velocity and diameter of a valve tray.
Determine the flooding velocity and column diameter at the top
tray of a valve-tray absorber, using the following data:

Pressure 400 psia
Temperature 128°F
Vapor rate 530 Ibmol/h
Vapor MW 26.6

Vapor density 1.924 1b/fe?
Liquid rate 889 Ibmol/h
Liquid MW 109

Liquid density 41.1 b/
Liquid surface tension 18.4 dyne/cm
Foaming factor 0.75

Tray spacing 24 inch
Fraction flooding 0.85

6.27. Sieve-tray column design.

For Exercise 6.23, if an octane absorbent flow rate of 40,000 gpm
is used in a sieve-tray column with 24-inch tray spacing, determine,
for an 0.80 foaming factor and 0.70 fraction flooding, the column
diameter based on conditions near the bottom of the column.

6.28. Trayed-column absorber design.

Repeat the calculations of Example 6.8 for a column diameter cor-
responding to 40% of flooding.

6.29. Trayed column for acetone absorption.

For the acetone absorber of Figure 6.1, estimate the column diam-
eter for a 0.85 foaming factor and a 0.75 fraction flooding, if sieve
trays are used.

6.30. Design of a VOC stripper.

A VOC stripper is to be designed for the flow conditions and sep-
aration of Example 6.4, with wastewater and air flow rates twice as
high. Determine (a) the number of equilibrium stages required and
(b) the column diameter for sieve trays.

Section 6.7

6.31. Absorption of SO, in a packed column.

Air containing 1.6 vol% SO, is scrubbed at 1 atm with pure
water in a packed column of 1.5-m? cross-sectional area and 3.5-m
height, packed with No. 2 plastic Super Intalox saddles. The total
gas flow rate is 0.062 kmol/s, the liquid flow rate is 2.2 kmol/s,
and the outlet-gas SO, concentration is y = 0.004. At the column
temperature, the equilibrium relationship is y* = 40x. (a) What
is L/L_,,? (b) Calculate N,; and compare your answer to that
for the number of theoretical stages required. (c) Determine H
and the HETP from the operating data. (d) Calculate K;a from
the data based on a partial-pressure driving force, as in Item 2 of
Table 6.5.

6.32. Absorption of SO, in a packed tower.

An SO,—air mixture is scrubbed with water in a packed tower
at 20°C and 1 atm. Solute-free water enters the top at 1,000 Ib/h
and is well distributed over the packing. The liquor leaving contains
0.6 1b SO, /100 1b of solute-free water. The partial pressure of SO,
in the gas leaving is 23 torr. The mole ratio of water to air is 25. The
necessary equilibrium data are tabulated below. (a) What percent of
the SO, in the entering gases is absorbed in the tower? (b) During
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operation, it was found that rate coefficients k, and k; remained sub-
stantially constant throughout the tower at

k, = 1.3 ft/h, and
k, = 0.195 Ibmol /h-ft*-atm
At a point in the tower where the liquid concentration is 0.001 Ibmol

SO, per lbmol of water, what is the liquid concentration at the
gas—liquid interface in Ibmol /ft*? The solution density is 1 gm/cm?.

Solubility of SO, in H,O at 20°C

Ib SO, Partial Pressure of

100 1b H,O SO, in Air, torr
0.02 0.5
0.05 1.2
0.10 3.2
0.15 5.8
0.20 8.5
0.30 14.1
0.50 26.0
0.70 39.0
1.0 59

6.33. Stripping of benzene from wastewater in a packed
column.

Wastewater at 600 gpm, containing 10 ppm (by weight) of ben-
zene, is to be stripped with air in a packed column, operating at 25°C
and 2 atm, to produce water containing 0.005 ppm of benzene. The
packing is 2-inch polypropylene Flexirings. The vapor pressure of
benzene at 25°C is 95.2 torr. The solubility of benzene in water at
25°C1is 0.180 g/100g. An expert in VOC stripping with air suggests
the use of 1,000 scfm of air (60°F, 1 atm). At these conditions, for
benzene,

k,a=0.067 s™' and k;a =0.80 s~

Determine: (a) the minimum air-stripping rate in scfm (Is it less than
the rate suggested by the expert? If not, use 1.4 times your mini-
mum value.); (b) the stripping factor based on the air rate suggested
by the expert; (c) the number of transfer units, N,;; (d) the overall
mass-transfer coefficient, K ;a, in units of mol/m?-s-kPa and s™', and
which phase controls mass transfer; and (e) the volume of packing

in m?.

Section 6.8

6.34. Scrubbing of GeCl, with caustic in a packed column.
Germanium tetrachloride (GeCl,) and silicon tetrachloride
(SiCl,) are used in the production of optical fibers. Both chlorides
are oxidized at high temperature and converted to glass-like particles.
Because the GeCl, oxidation is incomplete, the unreacted GeCl,
is scrubbed from its air carrier with 0.071 kg/s of a dilute caustic
solution in a packed column operating at 25°C and 1 atm. The dis-
solved GeCl, has essentially no vapor pressure, and mass transfer is
controlled by the gas phase. Thus, the equilibrium curve is a straight
line of zero slope. Why? The entering gas is 23,850 kg/day of air
containing 288 kg/day of GeCl,. The air also contains 540 kg/day
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of Cl,, which, when dissolved, will also have no vapor pressure. The
two liquid-phase reactions are as follows:

GeCl, + 50H™ — HGeOj +4CI™ + 2H,0
Cl, +20H™ - CIO™ +CI” + H,0

Ninety-nine percent of both GeCl, and Cl, must be absorbed in
a 2-ft-diameter column packed to a height of 10 ft with 1/2-inch
ceramic Raschig rings. The column is to operate at 75% of flooding.
For the packing, € =0.63, F, =580 ft™!, and Dp =0.01774 m.
The gas-phase mass-transfer coefficients for GeCl, and Cl,, from
empirical equations and properties, are given by

Ka=ka

k DV —~0.36
y _ P -2/3
(V/Ap) — 1.195[p (1 —e,,)] ")

e,—e—h,
h, =0.03591(L/)**!

_14.69(808V"/p'/2)y
- (Lo
n=0.01114L" +0.148

where A, = column cross-sectional area in m?*;  k, = kmol/m?-s;
V = molar gas rate in kmol/s; D, = equivalent packing diameter in
m; p = gas viscosity in kg/m-s; p = gas density in kg/m?; Ny, =
Schmidt number = p/pD;; D, = molecular diffusivity of compo-
nent i in the gas in m?/s; a = interfacial area for mass transfer in
m?/m® of packing; L' = liquid mass velocity in kg/m?-s; and V' =
gas mass velocity in kg/m?-s. For the two diffusing species, assume

D, = 0.000006m%/s
D¢, = 0.000013m%/s

(a) Determine the required packed height in feet based on the
controlling species (GeCl, or Cl,). Is the 10 ft of packing adequate?
(b) Determine the percent absorption of GeCl, and Cl, based on the
available 10 ft of packing. If the 10 ft of packing is not sufficient,
select an alternative packing that is adequate.

6.35. Stripping of VOCs in a packed column.

For the VOC-stripping task of Exercise 6.33, the expert has
suggested a tower diameter of 0.80 m with a pressure drop of
500 N/m?-m of packed height (0.612 inch H,0/ft). Verify the
information from the expert by estimating (a) the fraction of flooding
using the GPDC chart of Figure 6.36, with F, = 24 ft*/ft*; (b) the
pressure drop at flooding; and (c) the pressure drop at the operating
conditions of Exercise 6.33, using the GPDC chart.

6.36. Mass-transfer coefficients for a packed stripper.

For the VOC stripper of Exercise 6.33, the expert suggested cer-
tain mass-transfer coefficients. Check these by using the correlations
of Billet and Schultes, assuming that 2-inch plastic Flexiring packing
has the characteristics of 2-inch plastic Pall rings.

6.37. Scrubbing of NH, with water in a packed column.

A 2 mol% NH;-in-air mixture at 68°F and 1 atm is scrubbed with
water in a tower packed with 1.5-inch ceramic Berl saddles. The inlet
water mass velocity is 2,400 Ib /h—ftz, and the inlet gas mass velocity
is 240 1b/h-ft>. The gas solubility follows Henry’s law, p = Hx,
where p is the partial pressure of ammonia, x is the mole fraction of
ammonia in the liquid, and H = 2.7 atm/mole fraction. (a) Calculate
the packed height for 90% NH, absorption. (b) Calculate the mini-
mum water mass velocity in 1b/h-ft* for absorbing 98% of the NH,.
(c) The use of 1.5-inch ceramic Hiflow rings rather than Berl sad-
dles has been suggested. What changes would this cause in Ka,
maximum liquid rate, K, a, column height, column diameter, H ,;,
and N,;?

6.38. Absorption of CO, into caustic in a packed column.

Your company, for a carbon-credit exchange program, is consid-
ering a packed column to absorb CO, from air into a dilute-caustic
solution. The air contains 3 mol% CO,, and a 97% absorption of
CO, is mandated. The air-flow rate is 5,000 ft’/minute at 60°F and
1 atm. It may be assumed that the equilibrium curve is Y*= 1.75X,
where Y and X are mole ratios of CO, to CO,-free carrier gas and
liquid, respectively. A column diameter of 2.5 ft with 2-inch Intalox
saddle packing is assumed for the initial design estimates. Also
assume that caustic solution has the properties of water. Calculate
(a) the minimum caustic solution-to-air molar flow rate ratio; (b)
the maximum possible concentration of CO, in the caustic solution;
(c) the number of theoretical stages at L/V = 1.4 times the minimum;
(d) the caustic solution rate; (e) the pressure drop per foot of column
height (what does this result suggest?); (f) the overall number of gas
transfer units N,;; and (g) the height of packing, using a K;a of
2.5 Ibmol /h-ft>-atm. Ts this a reasonable way to get carbon credits?
6.39. Number of transfer units for an absorber.

A gas stream contains 80 mol% of inerts with a MW of 29 and
20 mol% of propane (MW = 44). An absorber is to be designed to
recover 95% of the propane with an HC oil having an average MW
of 300. The absorber will be a column with structured packing.
The entering-gas mass velocity at the bottom will be 5,000 1b/h-ft.
The liquid absorbent will enter the top at a mass velocity of
20,000 Ib/h-ft>. Equilibrium data for propane at the operating
conditions of the column are as follows:

X 0.1 0.2 0.3 0.4 0.5
y* 0.008 0.028 0.06 0.12 0.2

Determine the number of overall gas transfer units, N;.
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Chapter 7

Distillation of Binary Mixtures

§7.0 INSTRUCTIONAL OBJECTIVES

After completing this chapter, you should be able to:

o Explain the need in distillation for a condenser to produce reflux and a reboiler to produce boilup.
o Determine the five construction lines of the McCabe-Thiele method using material balances and vapor-liquid equi-

librium relations.

¢ Distinguish among five possible phase conditions of the feed.
o Apply the McCabe-Thiele method for determining minimum reflux ratio, minimum equilibrium stages, number of
stages for a specified reflux ratio greater than minimum, and optimal feed-stage location, given the required split

between the two feed components.

o Use a Murphree vapor-stage efficiency to determine the number of actual trays from the number of equilibrium stages.
e Determine the diameter of a trayed tower and the size of the reflux drum.
e Determine packed height and diameter of a packed column for distillation.

In distillation (fractionation), one or more feed mixtures
of two or more components are separated into two or more
products, including, and often limited to, an overhead distil-
late and a bottoms product, whose compositions differ from
that of the feed(s). Most often, the feed(s) is (are) a liquid or a
vapor—liquid mixture. The bottoms product is almost always
a liquid, while the distillate may be a liquid, a vapor, or a
mixture of the two. The separation requires that (1) a second
phase be formed so that both liquid and vapor are present and
can make contact while flowing countercurrently to each other
in a trayed or packed column; (2) components have different
volatilities so that they partition between phases to different
extents; and (3) the two phases are separable by gravity or
mechanical means. Distillation differs from absorption and
stripping in that the second fluid phase is created by thermal
means (vaporization and condensation) rather than by intro-
duction of a second phase (mass-separating agent) that may
contain an additional component or components not present
in the feed mixture(s).

According to Forbes [1], distillation dates back to at least
the 1st century A.D. By the 11th century, batch distillation
was used in Italy to produce alcoholic beverages. The liquid
feed was placed in a heated vessel, causing part of the lig-
uid to evaporate. The vapor passed out of the vessel into a
water-cooled condenser and dripped into a product receiver.
The word distillation is derived from the Latin word destillare,
which means “dripping.” By the 16th century, it was known
that the extent of separation could be improved by providing
multiple vapor liquid contacts (stages) in a so-called Recti-
ficatorium. The term rectification is derived from the Latin
words recte facere, meaning “‘to improve.” Today, almost pure
products are obtained by continuous, multistage contacting.

Multistage distillation is the most widely used industrial
method for separating chemical mixtures, despite the fact that
it can be very energy intensive, especially when the relative
volatility, a, (2-20), of the key components is low (< 1.50).
A recent survey by Pete Sharpe of Emerson Process Experts
[http://www.emersonprocessxperts.com/2010/04/reducing_
distil/# U6NG3_ldXAy] reported that more than 40,000
distillation columns are operating in the United States. They
account for 40 to 60% of the energy consumed in the chemical
and petroleum refining industries, 19% of the energy used
by U.S. manufacturers, and 6% of the total U.S. energy con-
sumption. In petroleum refineries, distillation separates crude
oil into petroleum fractions, light hydrocarbons, and organic
petrochemicals. In the chemical industry, organic alcohols,
acids, ketones, etc., are recovered and purified.

The fundamentals of distillation are best understood by the
study of continuous binary distillation, the separation of a
two-component mixture. The more general and mathemati-
cally complex cases of continuous multicomponent distillation
are covered in Chapters 9 to 12. Batch distillation is described
in Chapter 13.

Industrial Example

Figure 7.1 shows a binary distillation for the separation of
620 Ibmol/h of a mixture of 46 mol% benzene (the more
volatile component) from 54 mol% toluene. The purpose
of the 25-sieve-tray column, with a condenser, reflux drum,
and reboiler, is to separate the feed into a liquid distillate of
99 mol% benzene and a liquid bottoms product of 98 mol%
toluene. The column operates at near-ambient pressure, where
benzene and toluene form near-ideal mixtures with a relative
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Total condenser

11,820,000 Btu/h
cw

Reflux drum )18 psia

Reflux

Distillate
1 Q) ©)
623 Ibmol/h 99 mol% benzene
189°F
Feed 10
bubble-point 555
liquid, 55 psia 5 5-ft diameter,
psia 13 ) '
620 lbmol/h < 24-in.-tray-spacing
i t
46 mol% benzene |-{>< 16 sieve trays
54 mol% toluene
25
Boilup
708 Ibmol/h
cw = cooling water rgggglaelr
Stm = steam 10,030,000
Btu/h
2 20.5 psia

Stm Bottoms

98 mol% toluene
251°F

Figure 7.1 Continuous distillation of a binary mixture of benzene
and toluene.

volatility, a, in the range from 2.26 at the bottom tray to 2.52
at the top tray, as determined from Raoult’s law, (2-28). The
reflux ratio (reflux flow rate to distillate flow rate) is 2.215.
This is about 30% higher than the minimum ratio needed to
achieve the required separation.

The feed is a saturated (bubble-point) liquid at 55 psia.
When flashed adiabatically across the feed valve to the

Table 7.1 Representative Commercial Binary Distillation Operations

feed-tray pressure of 19.25 psia, 23.4 mol% of the feed is
vaporized. A total condenser is used to obtain saturated
liquid reflux and liquid distillate at 189°F and 18 psia. The
condenser heat is 11,820,000 Btu/h. At the bottom of the
column, a partial reboiler is used to produce vapor boilup
and a saturated liquid bottoms product. The reboiler duty is
10,030,000 Btu/h, which is close to the condenser duty.

The inside diameter of the column in Figure 7.1 is a
constant 5 ft. At the top, this corresponds to 84% of flooding,
while at the bottom, 81%. The column is provided with three
alternative feed locations. For the design conditions, the opti-
mal feed entry is between trays 12 and 13. Should the
feed composition or product specifications change, one of
the other feed trays could become optimal.

Columns similar to that in Figure 7.1 have been built for
diameters up to at least 30 ft. With a 24-inch tray spacing,
the number of trays in a single column is usually no greater
than 150. In many locations, wind loading becomes a limiting
factor in the construction of tall columns. For the sharp sep-
aration of a binary mixture with an a < 1.05, distillation can
require many hundreds of trays, so a more efficient separation
technique should be sought. Even when distillation is the most
economical separation technique, its efficiency, as defined in
§2.12, can be less than 10%.

In Figure 1.8, distillation is the most mature of all sep-
aration operations. Design and operation procedures are
well established (see Kister [3, 4]). Only when vapor—liquid
equilibrium, azeotrope formation, or other data are uncer-
tain is a laboratory and/or pilot-plant study necessary prior
to the design of a commercial unit. Table 7.1, taken par-
tially from Mix et al. [2], lists representative, industrial, and

Average Relative Number of Typical Operating Pressure, Reflux-to-Minimum-Reflux

Binary Mixture Volatility Trays psia Ratio
o0-Xylene/m-xylene 1.17 130 15 1.12
Isopentane/n-pentane 1.30 120 30 1.20
Isobutane/n-butane 1.35 100 100 1.15
Ethylbenzene/styrene 1.38 34 1 1.71

Propylene/propane 1.40 138 280 1.06
Methanol/ethanol 1.44 75 15 1.20
Water/acetic acid 1.83 40 15 1.35
Ethylene/ethane 1.87 73 230 1.07
Toluene/ethylbenzene 2.15 28 15 1.20
Propane/1,3-butadiene 2.18 40 120 1.13
Ethanol azeotrope/water 2.21 60 15 1.35
Isopropanol/water 2.23 12 15 1.28
Benzene/toluene 3.09 34 15 1.15
Methanol/water 327 60 45 1.31

Cumene/phenol 3.76 38 1 1.21

Benzene/ethylbenzene 6.79 20 15 1.14
HCN/water 11.20 15 50 1.36
Ethylene oxide/water 12.68 50 50 1.19
Formaldehyde/methanol 16.70 23 50 1.17
Water/ethylene glycol 81.20 16 4 1.20
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continuous binary distillations in decreasing order of diffi-
culty of separation. Included are average values of relative
volatility, number of trays, typical column operating pressure,
and reflux-to-minimum-reflux ratio. Although the data in
Table 7.1 refer to trayed towers, distillation is also carried out
in packed columns.

Equilibrium-stage calculations for trayed columns and
rate-based calculations for packed columns for continuous
binary distillation are covered in this chapter. Column sizing
procedures presented in Chapter 6 for absorbers and strippers
are applicable here to binary distillation and to multicompo-
nent distillation as well. Methods for estimating tray efficiency
are also covered in this chapter and are applicable to both
binary and multicomponent distillation.

§7.1 EQUIPMENT AND DESIGN
CONSIDERATIONS

Types of trays and packings for distillation are identical to
those used in absorption and stripping, as shown in Figures
6.2, 6.5, 6.7, and 6.8 and compared in Tables 6.2 and 6.3.

§7.1.1 Design and Analysis Factors

The following factors that influence the design or analysis of
a binary-distillation operation are:

1. Feed flow rate, composition, temperature, pressure,
and phase
2. Desired degree of component separation

3. Operating pressure (which must be below the critical
pressure of the mixture)

4. Pressure drop, particularly for vacuum operation
5. Reflux ratio

6. Number of equilibrium stages and stage efficiency or
HETP

7. Type of condenser (total, partial, or mixed)
8. Degrees of liquid reflux subcooling
9. Type of reboiler (partial or total)
10. Type of trays or packing
11. Column height
12. Feed-entry stage
13. Column diameter
14. Column internals and materials of construction

15. Heat lability and
components

chemical reactivity of feed

16. Corrosion and materials of construction

17. Toxicity and flammability

§7.1.2 Initial Considerations of Design Factors

Temperature and phase of the feed are determined at the
feed-tray pressure by an adiabatic-flash calculation across the
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feed valve. As the feed vapor fraction increases, the required
reflux rate increases, but the boilup rate decreases.

As column operating pressure is increased, temperatures in
the column increase in a manner similar to a vapor-pressure
plot. The operating pressure at the top of the column should
correspond to a saturated distillate temperature that is some-
what higher (e.g., 10 to 50°F) than the supply temperature of
the cooling water to the overhead condenser. However, if this
pressure approaches the critical pressure of the more volatile
component, then a lower pressure must be used and a refrig-
erant is required as coolant. For example, in Table 7.1, the
separation of ethylene/ethane is conducted at 230 psia, giving
a column top temperature of —40°F. Therefore, a refrigerant
is required to condense the overhead. Water at 80°F for the
condenser cannot be used at any column operating pressure
because the critical temperature of ethylene is 48.6°F (282 K).

If the estimated column pressure is less than atmospheric,
the operating pressure at the top is often set just above atmo-
spheric to avoid vacuum operation, unless the temperature at
the bottom of the column is limited by decomposition, poly-
merization, excessive corrosion, or other chemical reactions.
In that case, vacuum operation is necessary. For example, in
Table 7.1, vacuum operation is required for the separation
of ethylbenzene from styrene to maintain a temperature low
enough to prevent styrene polymerization in the reboiler.

For given (1) feed, (2) desired degree of separation, and
(3) operating pressure, a minimum reflux ratio (reflux rate to
distillate rate) exists that corresponds to an infinite number of
theoretical stages. This is similar to the minimum absorbent to
feed flow rate in absorption as described in §6.2. A minimum
number of theoretical stages exist that correspond to an infi-
nite reflux ratio. The design trade-off is between the number of
stages and the reflux ratio. A graphical method for determining
the data needed to establish this trade-off and to determine the
optimal feed-stage location is developed in the next section.

§7.2 McCABE-THIELE GRAPHICAL METHOD
FOR TRAYED TOWERS

Figure 7.2 shows a column containing the equivalent of N equi-
librium stages, a total condenser, and a partial reboiler. Feed
enters the column at an intermediate stage. The overhead vapor
leaving the top stage is totally condensed and sent to a reflux
drum from which a liquid distillate is withdrawn and a liquid
reflux is returned to the top stage. In the partial reboiler, lig-
uid from the bottom stage is partially vaporized to give vapor
boilup that is returned to the bottom stage. The remaining lig-
uid is withdrawn as the bottoms product.

By means of multiple countercurrent stages arranged in a
two-section cascade with reflux and boilup, as discussed in
§5.3, a sharp separation between the two feed components is
possible unless an azeotrope exists, in which case one of the
two products will approach the azeotropic composition.

The feed, which contains a more volatile (light) component
(the light key, LK), and a less volatile (heavy) component
(the heavy key, HK), enters the column at feed stage f. At
feed-stage pressure, the feed of LK mole fraction z; may be
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Total condenser

Overhead vapor

Reflux drum

1 Reflux Distillate

Top stage

Light-key
L mole fraction = x,
Rectifying
section
stages
Feed
Light-key
mole fraction = z,.

Feed stage

Stripping
section
stages

Bottom
stage

Boilup

Partial
reboiler

Bottoms
Light-key
mole fraction = x,

Figure 7.2 Distillation column with a total condenser and partial
reboiler.

liquid, vapor, or a mixture of the two. The LK mole fraction is
Xp in the distillate and xp in the bottoms product. Mole frac-
tions of the HK are (1 — zz), (1 — xp), and (1 — xp) in the feed,
distillate, and bottoms, respectively.

The goal of distillation is to produce a distillate rich in
the LK (i.e., an xj, approaching 1.0) and a bottoms product
rich in the HK (i.e., x5z approaching 0.0). Whether the sepa-
ration is achievable depends on a, , of the two components
(LK =1 and HK = 2), where

If the two components form ideal solutions and follow the
ideal-gas law in the vapor phase, Raoult’s law (2-28) applies,
giving

K,=Pi/P and K,=P5/P

and from (7-1), the relative volatility is given by the ratio
of vapor pressures, o, , = P{/P3, and is a function only of
temperature. As discussed in §4.2, as the temperature (and
therefore the pressure) increases, o , decreases. At the mix-
ture convergence pressure (e.g., see §2.5.2 and Figure 2.2),
@, = 1.0, and separation cannot be achieved at this or a
higher pressure.

The relative volatility in terms of equilibrium vapor and lig-
uid mole fractions from the K-value expressed as K; = y;/x;
(2-18) for a binary mixture is

, = yi/% _nld=x)
o/ -y

a (7-2)

Solving (7-2) for y,,
o 2 Xy

T l4x (0, 1) (7-3)

Y1
For components with close boiling points, the temperature
change over the column is small and «; , is almost constant.
Figure 7.3 shows a vapor-liquid equilibrium curve for the
benzene—toluene system for 1 atm, at which pure benzene
and pure toluene boil at 176 and 231°F, respectively. These
two components are not close boiling and can be separated by
distillation. Using (7-3) with experimental x—y data, o varies
from 2.6 at the bottom of the column to 2.35 at the top.
Equilibrium curves for some average values of «; , are
shown in Figure 7.4. The higher the average value of a, the
easier the desired separation. Average values of o in Table 7.1
range from 1.17 to 81.2.
In 1925, McCabe and Thiele [5] published a graph-
ical method for combining the equilibrium curve with
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Figure 7.3 Equilibrium curve for benzene—toluene at 1 atm.
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0 0.2 0.4 0.6 0.8 1
Mole fraction of component 1 in the liquid, x

Figure 7.4 Vapor-liquid equilibrium curves for constant values of
relative volatility.
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material-balance operating lines to estimate, for a binary-feed
mixture and selected column pressure, the number of equi-
librium stages and reflux required for a specified split of the
feed components. The method is an extension of the graphical
staircase procedure used for absorbers and strippers described
in §6.3.4.

Although computer-aided methods discussed in Chapter 10
are more accurate and rapidly applied, the graphical McCabe—
Thiele method greatly facilitates visualization of the funda-
mentals of multistage distillation, including the effects of
specifications such as reflux, feed condition, and feed-stage
location. The effort required to learn and apply the method
is well justified. Furthermore, as discussed in §5.6.4, the
McCabe-Thiele method is representative of the design case.
It determines, for a specified separation, the minimum reflux
ratio, the minimum number of equilibrium stages, the number
of stages for a given reflux ratio, and the optimal feed-stage
location. Computer-aided methods are representative of the
simulation case. They calculate the separation achieved for
a fixed number of equilibrium stages, reflux, feed condition,
and feed-stage location. Thus, when a distillation column
is to be designed to separate a binary mixture, it is useful
to apply the McCabe-Thiele method prior to and during
computer-aided calculations with a process simulator. The
ChemSep program allows the user to produce McCabe—-Thiele
plots of computer-produced simulations to facilitate changes
to simulation specifications that lead to a desired design.

Typical input specifications and results (outputs) from the
McCabe-Thiele construction for a single-feed, two-product
distillation are summarized in Table 7.2, where it is required
that, for the lighter component, xz < z < xp. The distillate
can be a liquid from a total condenser, as shown in Figure 7.2,
or a vapor from a partial condenser. The feed-phase condition
must be known at column pressure, which is assumed to be
uniform throughout the column. The type of condenser and
reboiler must be specified, as well as the ratio of reflux to min-
imum reflux. From the specification of x;, and xj for the LK,
distillate and bottoms rates, D and B, are fixed by material bal-
ances, as follows:

By overall material balance for the LK,

Fz. =xpD +x5B (7-4)
By overall total material balance,
F=D+B (7-5)

Combine (7-4) and (7-5) to eliminate B and solve for D,
D=F <ZF . )
Xp — Xp

B=F-D

(7-6)

and
(7-1

The graphical McCabe-Thiele construct determines (1) N,
the number of equilibrium stages; (2) N, the minimum num-
ber of equilibrium stages; (3) Ry = Liin/D, the minimum
reflux ratio; and (4) the optimal feed-stage location. The
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Table 7.2 Specifications and Results for the McCabe—Thiele
Method for Binary Distillation

Specifications

F Total feed rate

Zp Mole fraction of LK in the feed

P Column operating pressure (assumed uniform

throughout the column)
Phase condition of the feed at column pressure
Vapor-liquid equilibrium curve for the binary
mixture at column pressure

Type of overhead condenser (total or partial)
Type of reboiler (usually partial)

Xp Mole fraction of LK in the distillate

Xg Mole fraction of LK in the bottoms

R/R .. Ratio of reflux to minimum reflux

Results

D Distillate flow rate

B Bottoms flow rate

Noin Minimum number of equilibrium stages

R Minimum reflux ratio, L . /D

R Reflux ratio, L/D

Vg Boilup ratio, V/B

N Number of equilibrium stages

Optimal feed-stage location
Vapor and liquid compositions leaving each stage

remaining variables listed under Results, and the heating and
cooling requirements, can then be calculated.

As shown in Figure 7.5, the McCabe-Thiele method
includes five construction lines on a plot of y vs. x for the LK.
The lines are (1) a 45° reference line; (2) an equilibrium
curve; (3) an operating line for the rectifying section; (4) an
operating line for the stripping section; and (5) a feed line,

1.0
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Figure 7.5 Construction lines for McCabe—Thiele graphical
method.
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called the q-line, for the phase or thermal condition of the
feed. Typical lines are shown in Figure 7.5, where the ranges
of y and x are from O to 1. The equilibrium line is obtained
from experimental data or calculated from an applicable EOS
or g© method described in Chapter 2. Equations for the lines
(3) to (5) are derived next.

§7.2.1 Rectifying-Section Operating Line

Figure 7.2 shows that the rectifying section extends from the
top stage, 1, to just above the feed stage, f. Consider a top
portion of the rectifying stages, including the total condenser,
as shown by the envelope in Figure 7.6a. A material balance
for the LK over the envelope for the total condenser and stages
1 to n is as follows, where y and x refer, respectively, to LK
vapor and liquid mole fractions. The subscripts on V, L, y, and
x refer to the stages from which the streams leave.

V,

n+1Vn+1 = Lnxn + DXD (7'8)

Solving (7-8) for y,,; gives the equation for the rectifying-
section operating line:

L D
Yn+1 = % " Xn + Vv XD (7‘9)

n+1 n+1
This equation relates LK compositions y, ., and x, of passing
streams V, | and L,, respectively.

Equation (7-9) is the locus of LK mole fractions of all pass-
ing streams between stages in the rectifying section. To be
plotted as a straight line, y = mx + b, L and V must not vary
from stage to stage in the rectifying section. This is the case if:

1. The two components have equal and constant molar
enthalpies of vaporization (latent heats).

2. Component sensible-enthalpy changes (CpAT) and
heat of mixing are negligible compared to latent heat
changes.

Total
condenser

Mole fraction of light key in the vapor, y

(a)

Figure 7.6 McCabe-Thiele operating line for the rectifying section.

Y1

Y2

Ve

D_{
R+1

3. The column is insulated, so heat loss is negligible.

4. Column pressure is uniform (no pressure drop).

These are the McCabe-Thiele assumptions leading to
the condition of constant molar overflow in the rectifying
section, where total molar flow rates remain constant as
liquid overflows each weir from one stage to the next. Since
a total material balance for the rectifying-section envelope in
Figure 7.6a gives V, | = L, + D, if L is constant, then V is
also constant for a fixed D. Rewriting (7-9) as in Figure 7.5,

y= £x + Qx
vivP
Thus, the slope of the operating line in the rectifying section is
aconstant L/V,with V > L, giving L/V < 1, as in Figure 7.6b.

For constant molar overflow in the rectifying and stripping
sections, only material balances and an equilibrium curve are
required. Energy balances are needed only to determine con-
denser and reboiler duties, after completing a McCabe—Thiele
calculation, as discussed in §7.3.5.

Liquid entering stage 1 at the top is the external reflux rate,
L, and its ratio to the distillate rate, L, /D, is the reflux ratio R.
Because of constant molar overflow, R = L/D is a constant in
the rectifying section. Since V = L + D, the slope of the oper-
ating line is readily related to the reflux ratio:

(7-10)

L L L/D R
== = = (7-11)
V. L+D L/D+D/D R+1
Similarly,
b__ b __ 1 (7-12)

V L+D R+1

Combining (7-10) to (7-12) produces the most useful form of
the rectifying-section operating line:

S (. S U (LN
YE\R+1 R+1)™P

(7-13)

3
2
3
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5
L_ R
@ Slope = —= ——
Iy Pe= V=R
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)C5 X1 XO=XD

Mole fraction of light key in the liquid, x
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If for a total condenser, R and x;, are specified, (7-13) plots
as a straight line in Figure 7.6b, with an intersection at y = x,
on the 45° line where y = x. The slope of the line is L/V =
R/(R + 1), and the intersection is at y = x5, /(R + 1) for x = 0.

In Figure 7.6b, the equilibrium stages are stepped off as in
§6.3.4 for absorption. Starting from point (y; = xp, x5 = xp)
on the operating line and the 45° line, a horizontal line is drawn
to the left until it intersects the equilibrium curve at (y;, x;),
the compositions of the equilibrium phases leaving the top
stage. A vertical line is dropped from (y;, x;) until it intersects
the operating line at (y,, x;), the compositions of the passing
streams between stages 1 and 2. Horizontal- and vertical-line
constructions are continued, stage-by-stage, down the rectify-
ing section to give a staircase construction, which is arbitrarily
terminated in Figure 7.6b at stage 5. The optimal termination
stage is considered in §7.2.3.

§7.2.2 Stripping-Section Operating Line

The stripping section extends from the bottom stage to the feed
stage. Figure 7.7a shows an envelope around a bottom portion
of equilibrium stripping stages. Included is a partial reboiler
and stages from N to m + 1, below the feed entry. An envelope
material balance is,

Lx,, = Vy,.1 +Bxg (7-14)
Solving fory,,, 1,
L B
Ym+1 = ‘:/xm - ﬁxB (7-15)
or _
L B
y=55T 578 (7-16)

where L and V are total molar flow rates in the stripping
section (which will be different from L and V in the recti-
fying section because of feed addition). They are subject to
the same constant-molar-overflow assumption used in the
rectifying section and they are not subscripted. The slope of

Partial
reboiler

(a)

Figure 7.7 McCabe-Thiele operating line for the stripping section.

Mole fraction of light key in the vapor, y
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this stripping-section operating line for the compositions of
passing steams is L/V. Because L >V, L/V > 1, as seen in
Figure 7.7b. This is the inverse of the slope of the rectifying-
section operating line.

Vapor, V, leaving the partial reboiler is assumed to be in
equilibrium with the liquid bottoms product, B, making the
partial reboiler equivalent to one equilibrium stage. The vapor
rate leaving the reboiler is the boilup, V., = V, and its ratio
to the bottoms product rate, V; = V| /B, is the boilup ratio.
With the constant-molar-overflow assumption, Vj is constant
in the stripping section. Since L = V + B,

L_V+B_Vp+l (7-17)
VoV Vs
Similarly,
B 1
= = 7-18
7V (7-18)

Combining (7-16) to (7-18), the stripping-section operating-

line equation is:
[ Vp+1 1
= (%) ()

If values of V and xp are known, (7-19) can be plotted as a
straight line with an intersection at y = xz on the 45° line and
a slope of L/V = (Vz + 1)/Vj as in Figure 7.7b. The stages
are stepped off, in a manner similar to that for the rectifying
section construct, starting from the bottom at the intersection
of the operating line and the 45° line (y = xp, x = xp). A verti-
cal line is drawn upward from that point to an intersection with
the equilibrium curve at (y = yz, x = xg), which represents
the vapor and liquid leaving the partial reboiler. From that
point, the staircase is constructed by drawing horizontal and
then vertical lines between the operating line and equilibrium
curve, as in Figure 7.7b, where the staircase is arbitrarily ter-
minated at stage m. The next consideration is the intersection
of the two operating lines. This is determined by the selection
of the feed stage.

(7-19)

o\-“\'e
i\
Q\i‘\\“
)
m 0\\0
m+ 1 N
Ym+1
L Vg1l
Slope = L=’
\4 Vg
N
YN
VB .
Reboiler
Xp AN *m

Mole fraction of light key in the liquid, x

(b)
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§7.2.3 Feed-Stage Considerations—the g-Line

When drawing operating lines for the rectifying and stripping
sections, xj, and x5 can be selected independently; however, R
and Vj are not independent of each other but are related by the
feed phase condition.

Figure 7.8 shows five possible feed conditions, where the
feed (whose pressure must be, at least, incrementally higher
than the column pressure) has been flashed adiabatically to
the column pressure at the feed-stage location, In (a), the feed
is a bubble-point liquid that adds to the reflux, L, from the
stage above, to give L = L + F. In (b), the feed is a dew-point
vapor that adds to the boilup, V, coming from the stage below,
to give V=V + F. For the partially vaporized feed in (d),
F=Ly+Vp, L=L+LgandV =V + V. In (c), the feed
is a subcooled liquid that causes some of the boilup, V, to
condense, giving L > L+ F and V < V. In (e), the feed is a
superheated vapor that causes a portion of the reflux, L, to
vaporize, givingL < Land V >V + F.

Cases (a), (b), and (d) of Figure 7.8, cover well-defined
feed conditions from a saturated liquid to a saturated vapor,
the boilup V is related to the reflux L by the material balance

Alternatively, the reflux rate can be obtained from the boilup
rate by

L=V+B-L; (7-22)

Although distillations can be specified by reflux ratio, R, or
boilup ratio, Vp, by tradition R or R/R,,;, is used because the
distillate is often the more important product.

Cases (c) and (e) in Figure 7.8 are more difficult because
Vi and R cannot be related by simple material balances. An
energy balance is necessary to convert sensible enthalpy of
subcooling or superheating into heat of vaporization. This is
conveniently done by defining a parameter, ¢, equal to the ratio
of the increase in molar liquid rate across the feed stage to the

molar feed rate: _
_L-L

— 7-23
4="7 (7-23)
or by material balance around the feed stage,
V-V
=14+ — 7-24
q 7 (7-24)

Values of g for the five feed conditions of Figure 7.8 are

Feed Condition q
V=L+D-Vg (7-20) Subcooled liquid > 1
. . R . Bubble-point liquid 1
and the boilup ratio, V, = V/B, is . . . .
p B / Partially vaporized L, /F =1 — molar fraction vaporized
L+D-Vg Dew-point vapor 0
Vg = B (7-21) Superheated vapor <0
V=V+F VeV
L (—‘A — A
L v=V p L :
A ' i
1 [ 1
F \( E F i z (\{'
> I I
i : i
1 f 1
oo | W
_ v ! oL
L=L+F I=L V IsL+r Y
(a) (b) (c)
V>V+F
V=V+ Vi I A A A
— [
A H
L v : 1
i : ! i
1 1 [
i— VF/: : l' :
—\- o F—=q=-="1
: ]
L;l l ' ‘ E Figure 7.8 Possible feed conditions:
1 . . . .
1 ! (a) bubble-point liquid; (b) dew-point vapor;
L=L+L, V I<l 7 (c) subcooled liquid;
(d) partially vaporized;
(d) (e) (e) superheated vapor.
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For subcooled liquids and superheated vapors, a more gen-
eral definition of ¢ is:

(hF )sal’d vapor temperature (hF )feed temperature

(7-25)

(hF )sat’d vapor temperature (hF )sat’d liquid temperature

In words, g = enthalpy change to bring the feed to a dew-point
vapor divided by enthalpy of vaporization of the feed (dew-
point vapor minus bubble-point liquid); that is:

For a subcooled liquid feed, (7-25) becomes

AHY® + Cp (T, = Ty)

q= N (7-26)
For a superheated vapor feed, (7-20) becomes
Cp (T;—Tp)
N I (7-27)

where Cp, and Cp , are molar heat capacities of the liquid and
vapor; AHY? is the molar enthalpy change from the bubble
point to the dew point; and 7}, T, and T, are, respectively,
feed, dew-point, and bubble-point temperatures of the feed at
column operating pressure.

Instead of using (7-19) to locate the stripping-section oper-
ating line on the McCabe-Thiele diagram, a g-line can be used
as shown in Figure 7.5. One point of this line is where the
rectifying- and stripping-section operating lines intersect. It is
derived by combining (7-10) with (7-16) to give

y(V = V)= (L—-L)x+ Dxp + Bxg (7-28)

However, overall, Dxpy + Bxy = Fzp (7-29)

and a total material balance around the feed stage gives
F+V+L=V+L (7-30)
Combining (7-28) to (7-30) with (7-23) gives the g-line

equation
_ q _ Ja
' <q—1>x <q—1>

which is located on the McCabe-Thiele diagram of Figure 7.5
by noting that when x = z, (7-31) reduces to the point y =
zp = x, which lies on the 45° line. From (7-31), the g-line
slope is ¢/(g — 1). In Figure 7.5, the g-line is constructed for
a partially vaporized feed, where 0 < ¢ < 1 and —o0 < [¢/
(g — )] < 0. Following placement of the rectifying-section
operating line and the g-line, the stripping-section operating
line is located by drawing a line from the point (y = xz, x = xp)
on the 45° line to and through the intersection of the g-line
and rectifying-section operating line, as in Figure 7.5. The
point of intersection lies somewhere between the equilibrium
curve and the 45° line.

As g changes from > 1 (subcooled liquid) to < O (super-
heated vapor), the g-line slope, ¢/(g — 1), changes from pos-
itive to negative and back to positive, as shown in Figure 7.9.
For a saturated-liquid feed, the g-line is vertical; for a saturated
vapor, the g-line is horizontal.

(7-31)
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Figure 7.9 Effect of feed condition on the slope of the g-line.

§7.2.4 Number of Equilibrium Stages
and Feed-Stage Location

Following construction of the equilibrium curve, the 45° line,
the two operating lines, and the g-line, all shown in Figure 7.5,
the equilibrium stages required, as well as the location of the
feed stage, are determined by stepping off stages from the top
down or from the bottom up. An exact integer number of stages
is rare; usually fractions of stages arise. Normally the staircase
is stepped off from the top and continued to the bottom, start-
ing from the point (y = x,, x = xp)) on the 45° line, as shown
in Figure 7.10a for a partially vaporized feed. In that figure,
point P is the intersection of the g-line with the two operating
lines. The feed-stage location is the transfer point for step-
ping off stages between the rectifying-section operating line
and the equilibrium curve to stepping off stages between the
stripping-section operating line and the equilibrium curve.

The smallest (optimal) number of total equilibrium stages
occurs when the transfer is made at the first opportunity
after a horizontal line of the staircase passes over point P.
In Figure 7.10a, the feed stage is stage 3 from the top and a
fortuitous total of exactly five stages is required (four in the
column plus a partial reboiler).

In Figure 7.10b, the transfer is delayed and the feed stage
is stage 5. But now a total of about 6.4 stages is required. The
stepping off of stages in the rectifying section could be con-
tinued indefinitely, finally approaching, but never reaching, a
feed stage at point, K, where the total number of equilibrium
stages = 0.

In Figure 7.10c, the transfer is made early, at feed stage 2,
resulting again in more stages than the optimal number of five.
If the stepping off of stages had started from the partial reboiler
and proceeded upward, the staircase in the stripping section
could have been continued indefinitely, approaching, but never
reaching, point R.

When using a process simulator to make calculations of a
binary distillation, the required specification of the feed-stage
location is difficult. A McCabe-Thiele plot of the results will
clearly show if the feed stage specified is optimal. If not, it can
be changed and the simulation rerun.
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Figure 7.10 Optimal and non-optimal locations of feed stage: (a) optimal feed-stage location; (b) feed-stage location below optimal stage;

(c) feed-stage location above optimal stage.

§7.2.5 Limiting Conditions

For a given set of specifications (Table 7.2), a reflux ratio
can be selected anywhere from the minimum, R_;,, to an
infinite value (total reflux), where all overhead vapor is
condensed and returned to the top stage (thus, neither distil-
late nor bottoms is withdrawn). As shown in Figure 7.11b,
minimum reflux corresponds to the need for co stages, while
in Figure 7.11a the infinite reflux ratio corresponds to the
minimum number of stages. The McCabe—Thiele method can
determine the two limits, N;, and R,;,. Then, for a practical

min
operation, N;, <N < coand R ;, <R < c0.

min

N,

mins
As the reflux ratio increases, the rectifying-section operating-
line slope, given by (7-11), increases from L/V <1 to a
limiting value of L/V = 1. Correspondingly, as the boilup

Minimum Number of Equilibrium Stages

ratio increases, the stripping-section operating-line slope,
given by (7-17), decreases from L/V > 1 to a limiting value of
L/V = 1. At this limiting condition, shown in Figure 7.12 for
a two-stage column, both the rectifying- and stripping-section
operating lines coincide with the 45° line, and neither the
feed composition, zp, nor the g-line influences the stair-
case construction. This is total reflux because when L =V,
D =B =0. The total condensed overhead is returned as
reflux. The liquid leaving the bottom stage is totally vaporized
in the reboiler and returned as boilup.

If both distillate and bottoms flow rates are zero, the feed
to the column is zero, which is consistent with the lack of
influence of the feed condition. A distillation column can
be operated at total reflux to measure tray efficiency experi-
mentally because a steady-state operating condition is readily
achieved. Figure 7.12 demonstrates that at total reflux, the
operating lines are located as far away as possible from the
equilibrium curve, resulting in minimum stages.
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Figure 7.11 Limiting conditions for distillation: (a) total reflux, minimum stages; (b) minimum reflux, infinite stages; (c) perfect separation

for nonazeotropic (zeotropic) system.
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Figure 7.12 Construction for minimum stages at total reflux.

R,y Minimum Reflux Ratio

As the reflux ratio decreases from the limiting case of total
reflux, the intersection of the two operating lines and the g-line
moves away from the 45° line and toward the equilibrium
curve, thus requiring more equilibrium stages for a given LK
and HK split. Finally, a limiting condition is reached, if the
feed is a nearly ideal mixture, when the intersection of the two
operating lines with the g-line is at point P on the 